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Summary
The topic of this Ph.D. project is to convert lignin, a by-product from a 2nd generation bio-ethanol
plant, into a marine diesel fuel by fast pyrolysis followed with catalytic upgrading of the pyrolysis
vapor. Lignin, a major component of lignocellulosic biomass, is underutilized in the 2 nd
generation bio-ethanol plants. Shipping industry on the other hand is looking for clean
alternative fuels in order to meet stricter fuel quality and emission standards. To convert lignin
into a renewable marine diesel fuel will both accelerate the development of modern bio-refinery
and transfer the marine sector into a sustainable future.
Fast pyrolysis is a process in which biomass is rapidly heated up to 450-600°C in the absence
of oxygen. Under these conditions, biomass is converted into pyrolysis vapors, permanent
gases and solid char. The pyrolysis vapors are then condensed into a liquid product, often
called bio-oil or pyrolysis oil. Up to 75 wt.% yield of bio-oil, can be obtained from fast pyrolysis of
woody biomasses. An intermediate pyrolysis temperature (500-550°C), a short gas residence
time (<2 seconds) and a fast heating rate are important to achieve a high yield of bio-oil.
Various fast pyrolysis reactor configurations have been developed. The new Pyrolysis
Centrifuge Reactor (PCR) setup is an ablative type fast pyrolysis reactor developed in the
CHEC research group and it is the second version of the PCR concept. The new designed PCR
uses arch shaped blades attached to a cylindrical core to provide a mechanical force on the
biomass particles pressing them towards the reactor wall to obtain a high heat transfer. The
new PCR achieves a higher degree of conversion of wood than the old one. Thermogravimetric
analysis showed that wood particles processed by the new PCR were more devolatized
compared to the old one. Using the new PCR, 69.5 wt%daf yield of bio-oil from fast pyrolysis of
wood was obtained using 550°C pyrolysis temperature and 0.7 second gas residence time.
Direct usage of bio-oil produced from fast pyrolysis is limited by its poor qualities, such as poor
stability and high acidity, due to its high oxygen content. A subsequent upgrading step, typically
including a catalyst, is essential to remove the oxygen and transform the bio-oil into a liquid
product which is compatible with engine fuels. The new PCR setup was then further modified in
order to make it possible to conduct experiments with direct catalytic upgrading of the pyrolysis
vapour before condensation. A hot gas filter and a fixed-bed catalytic reactor were mounted to
the setup. Due to a lot of fine char particles produced from the new PCR setup, it demanded a
more efficient char separation. A hot gas filter with 1 μm pore size was used and the filter
temperature was optimized to be 300ᵒC, as a compromise of the condensation of bio-oil at low
filter temperature and cracking at high filter temperature. Lignin was pyrolyzed in the new
modified PCR process without a catalyst, and it was possible to convert lignin into a bio-oil and
obtained 45 wt.%daf bio-oil yield (27.6 wt.%daf organic liquid yield) using 500°C pyrolysis
temperature and 1.8 seconds gas residence time.
HZSM-5 zeolite was investigated for zeolite upgrading of lignin pyrolysis vapor. By passing the
lignin pyrolysis vapour over a HZSM-5 catalyst, the production of aromatics, such as benzene
and toluene increased. The effect of the catalyst temperature on the HZSM-5 upgrading of lignin
pyrolysis vapor was investigated. The results showed that a high catalyst temperature (600ᵒC)
was required in order to produce oxygen free aromatics. At a catalyst temperature of 600ᵒC, an
organic liquid product, which contains 70 wt.% oxygen free aromatics (mainly benzene and
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toluene), was obtained. However, the yield of the organic liquid was reduced from 27.6 wt.% daf
without catalyst to 5.7 wt.%daf (600ᵒC catalyst temperature). The energy recovery in the liquid
organics was 8.7% (600ᵒC catalyst temperature), compared to 33.0% energy recovery in the
organic liquid from the non-catalytic run. The oxygen is rejected from the pyrolysis vapor mainly
in the form of H2O and CO when using the HZSM-5 zeolite, which is less optimal compared to if
CO2 was the product. The organic liquid fraction, obtained from the 600ᵒC catalyst temperature
experiment, has a low oxygen content of 4.0 wt.%, compared to 23.4 wt.% oxygen content in
the untreated organic liquid.
MoO3 was investigated for atmospheric pressure hydrodeoxygenation of lignin and wood fast
pyrolysis vapors. MoO3 shows great potential as an atmospheric hydrodeoxygenation catalyst,
as it selectively converted bio-oil model compounds, acetone and guaiacol, into corresponding
hydrocarbons. The influences of the catalyst temperature and concentration of H 2 on the
hydrodeoxygenation of the pyrolysis vapors were investigated. The level of hydrodeoxygenation
was not significant at temperatures below 400ᵒC. At 450ᵒC catalyst temperature and 93 vol.%
concentration of hydrogen, the wood derived pyrolysis vapor was more active towards cracking,
forming light gas species and only to a limited degree forming the desired hydrodeoxygenated
hydrocarbons. The upgraded organic liquid from wood at 450ᵒC mainly consisted of
hydrocarbons with a low yield of 4.6 wt.%daf. The lignin pyrolysis vapor was more resistant to
cracking and yielded 16 wt.%daf organic liquid, while achieving 52% of deoxygenation at 450ᵒC
catalyst temperature under 89 vol.% concentration of H2 in the gas phase. The corresponding
energy recovery is 23.5%. Compared to untreated bio-oil the upgraded lignin organic liquid
showed improved compatibility with hydrocarbons, and was miscible with a toluene/heptane
mixture. The spent catalyst showed two courses for deactivation, reduction of MoO 3 into MoO2
and coke formation. The experiments conducted at high catalyst temperatures,  450ᵒC,
experienced severe reduction of MoO3 to MoO2. The yields of coke relative to fed biomass were
in the range of 3-4 wt.%daf for lignin and 5-6 wt.%daf for wood.
This work is one of relatively few studies where direct upgrading of pyrolysis vapor at
atmospheric pressure has been tested. The knowledge learned from how catalysts function
under real pyrolysis vapor condition in a bench scale continuous process provides valuable
feedbacks to the catalyst development. The mass balances and energy recoveries also provide
useful inputs to techno-economic analysis of biofuel production using fast pyrolysis based
technology. A great deal of effort still remains before the technology can be upscaled, which is
necessary in order to produce a suitable amount of bio-oil for marine diesel engine operation.
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Resumé
Dette Ph.d.-projekt omhandler omdannelsen af lignin, et restprodukt fra et 2. generations bioethanolanlæg, til et maritimt dieselbrændstof, ved hurtig pyrolyse efterfulgt af katalytisk
opgradering af pyrolysedampene. Lignin udgør en betydelig bestanddel af lignocellulosisk
biomasse, og bliver ikke udnyttet til fulde i 2. generations bio-ethanolanlæggene.
Skibsindustrien, på den anden side, søger efter rene alternative brændsler, for at imødegå
strengere krav til brændstofskvalitet og udledning. Omdannelsen af lignin til et vedvarende
maritimt dieselbrændstof vil både accelerere udviklingen af det moderne bio-raffinaderi, samt
føre den maritime sektor ind i en bæredygtig fremtid.
Hurtig pyrolyse er en proces, hvorved biomasse opvarmes hurtigt til 450-600°C uden
tilstedeværelse af ilt. Under disse betingelser omdannes biomasse til pyrolysedampe,
permanente gasser og fast koks. Pyrolysedampene kondenseres herefter til et væskeformigt
produkt, ofte kaldet bio-olie eller pyrolyseolie. Op til 75 vægt% udbytte af bio-olie kan opnås ved
hurtig pyrolyse af træholdige biomasser. En mellemstor pyrolysetemperatur (500-550°C), en
kort opholdstid for gassen (<2 sekunder) og en hurtig opvarmningshastighed er vigtig for at
opnå et højt udbytte af bio-olie. Forskellige konfigurationer af en hurtigpyrolysereaktor er blevet
udviklet. Den nye Pyrolyse Centrifuge Reaktor (PCR) opstilling er en ablativ type
hurtigpyrolysereaktor udviklet i forskningsgruppen CHEC, og det er den anden version af PCRkonceptet. Den nydesignede PCR bruger bueformede klinger monteret på en cylindrisk kerne
for at udøve mekanisk kraft på biomassepartiklerne, hvilket presser dem ud mod reaktorvæggen
for at opnå en hurtig varmeoverførsel. Den nye PCR giver højere grad af omdannelse af træ
end den gamle. Termogravimetrisk analyse viste at træpartikler behandlet i den nye PCR er
mere devolatilisererede sammenlignet med den gamle. Ved brug af den nye PCR blev 69,5
vægt%taf bio-olieudbytte opnået ved hurtig pyrolyse af træ ved en temperatur på 550°C og en
gasopholdstid på 0,7 sekunder.
Direkte brug af bio-olie produceret ved hurtig pyrolyse er begrænset af dets ringe kvaliteter,
såsom ringe stabilitet og høje syretal på grund af det høje iltindhold. Et efterfølgende
opgraderingstrin, typiskved brug af en katalysator, er essentielt for at fjerne ilten og omdanne
bio-olien til et væskeprodukt der er kompatibelt med motorbrændstoffer. Den nye PCR-opstilling
blev yderligere modificeret for at gøre det muligt udføre eksperimenter med direkte katalytisk
opgradering af pyrolysedampene før kondensation. Et varmt gasfilter og en fixed-bed katalytisk
reaktor blev fastmonteret på opstillingen. På grund af dannelsen af mange fine kokspartikler i
den nye PCR-opstilling var en mere effektiv koksseparation påkrævet. Et varmt gasfilter med 1
μm porestørrelse blev benyttet og filtertemperaturen blev optimeret til at være 300°C, som et
kompromis mellem kondensation af bio-olie ved lav filtertemperatur og cracking ved høj
filtertemperatur. Lignin blev pyrolyseret i den nye modificerede PCR-proces uden brug af
katalysator, og det var muligt at omdanne lignin til en bio-olie og opnå 45 vægt%taf bioolieudbytte (27,6 vægt%taf organisk væskeudbytte) ved en temperatur på 550°C og en
gasopholdstid på 1,8 sekunder.
HZSM-5 zeolit blev undersøgt til brug ved opgradering af lignin-pyrolysedampe. Ved at lede
lignin-pyrolysedampe over en HZSM-5 katalysator blev dannelsen af aromater, såsom benzen
og toluen, forøget. Effekten af katalysatortemperaturen på HZSM-5 opgradering af lignin-
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pyrolysedampe blev undersøgt. Resultaterne viste, at en høj katalysatortemperatur (600°C) var
nødvendig for at producere iltfrie aromater. Ved en katalysatortemperatur på 600°C blev der
dannet et organisk væskeprodukt, som indeholder 70 vægt% iltfrie aromater (hovedsageligt
benzen og toluen). Det organiske væskeudbytte blev dog reduceret fra 27,6 vægt% taf uden brug
af katalysator til 5,7 vægt%taf (600°C katalysatortemperatur). Genindvindingen af energi i den
organise væskefase var 8,7% (600°C katalysatortemperatur), sammenlignet med en
energigenindvinding på 33% i den organiske væske fase uden brug af katalysator. Ilten fjernes
typisk fra pyrolysedampe i form af H2O og CO når der bruges HZSM-5 zeolit, hvilket er mindre
optimalt sammenlignet med, hvis CO2 er produktet. Den organiske væskefraktion opnået ved
eksperimentet med en katalysatortemperatur på 600°C har et lavt iltindhold på 4,0 vægt%
sammenlignet med et iltindhold på 23,4 vægt% i den ubehandlede organiske væske.
MoO3 blev undersøgt til brug ved hydrodeoxygenering ved atmosfærisk tryk af dampene fra
hurtig pyrolyse af lignin og træ. MoO 3 viser stort potentiale som en atmosfærisk
hydrodeoxygeneringskatalysator, eftersom den selektivt omdanner bio-olie modelkomponenter,
acetone og guaiacol, til deres tilsvarende kulbrinter. Indflydelsen af katalysatortemperaturen og
koncentrationen af H2 på hydrodeoxygeneringen af pyrolysedampene blev undersøgt. Graden
af hydrodeoxygenering var ikke signifikant ved temperaturer under 400°C. Ved 450°C
katalysatortemperatur og 93 vol% af hydrogen blev pyrolysedampene fra træ i øget grad
cracket, dannede lette gasspecier og kun i begrænset omfang dannedes de ønskede
hydrodeoxygenerede kulbrinter. Den opgraderede organiske væske fra træ ved 450°C bestod
hovedsageligt af kulbrinter med et lavt udbytte på 4,6 vægt% taf. Lignin pyrolysedampene var
mere modstandsdygtige overfor cracking og gav et organisk væskeudbytte på 16 vægt% taf
samtidig med at opnå en deoxygenering på 52% ved en katalysatortemperatur på 450°C og 89
vol% H2 i gasfasen. Genindvindingen af energi var 23,5%. Sammenlignet med ubehandlet bioolie viste den opgraderede organiske lignin-væske øget kompatibilitet med kulbrinter og var
blandbar med en toluen/heptan blanding. Den benyttede katalysator viste to veje for
deaktivering, reduktion af MoO3 til MoO2 og koksdannelse. Eksperimenterne udført ved høje
katalysatortemperaturer,  450°C, viste en svær grad af reduktion til MoO 2. Koksudbytterne
relativt til fødestrømmen af biomasse lå i intervallet 3-4 vægt%taf for lignin og 5-6 vægt%taf for
træ.
Dette arbejde er et af relativt få studier, hvor direkte opgradering af pyrolysedampe ved
atmosfærisk tryk er blevet testet. Den viden der opnås fra, hvordan katalysatorer opfører sig
under rigtige pyrolyse-betingelser i en bench-skala kontinuert proces, giver værdifuld feedback
til katalysatorudviklingen. Massebalancerne og energigenindvindingerne giver også brugbare
inputs til techno-økonomiske analyser for produktion af biobrændsel ved brug af hurtig
pyrolyseteknolig. En del anstrengelser kræves stadig før teknologien kan opskaleres, hvilket er
nødvendigt for at kunne producere en brugbar mængde bio-olie til drift af en marinedieselmotor.
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1. Introduction
Ship transportation using diesel engines is considered as one of the most fuel-efficient methods
for transport of products globally.1 However, the sulphur emissions from the ships using bunker
oil are a significant contribution to the global sulphur emissions. 2-4 The atmospheric lifetimes for
SO2 and sulphate were estimated to be 1 day and 3.8 days, respectively.5 This implies that the
highest concentrations of sulphur are close to the emission sources, such as near the coastline
with high density of ship lanes. Emission controls have been established to minimize the
pollutions from the ships. The controls are stricter inside the Emission Control Areas (EACs),
which includes the Baltic Sea area, the North Sea area, the North American area and the United
States Caribbean Sea area. The fuel oil sulphur limit is 0.1 wt.% after the 1st January 2015 in
the ECAs and 0.5 wt.% outside the ECAs after the 1 st January 2020.6 To substitute bunker oil
with a cleaner fuel, especially in the ECAs, two petroleum products, namely marine gas oil and
marine diesel oil, can be used.
As concerns about climate change and finite fossil fuel reserve continue to intensify,
environmentally friendly biofuels attract interests for using as a fuel oil for marine diesel engine
as well.7,8 Fast pyrolysis of biomass is one of the possible conversion methods to obtain a liquid
biofuel, often called bio-oil or pyrolysis oil. More than 100 different types of biomasses, including
lignin, have been tested using the fast pyrolysis technology. 9 Lignin is the second most
abundant biomass component found in nature.10 The lignin production is estimated to be 50
million tons/year from pulp and paper industry. 11 This number will increase with the
development of new biomass conversion processes, such as 2 nd generation bio-ethanol
production, where lignin production is a by-product. The U.S. Energy Security and
Independence Act of 2007 mandates the development of 79 billion liters of 2 nd generation
biofuels annually by 2022. If this number is met by 2 nd generation bio-ethanol, it was estimated
that 62 million tons lignin by-product would be produced annually.12,13 Hence the potential of
lignin as a renewable source for chemicals and fuels is expected to increase in the future.
Currently vast majority of the lignin, about 99%, is burned as a low value solid fuel. 14 To convert
lignin into value added fuels and chemicals will certainly benefit the development of modern biorefinery.
The topic of this Ph.D. project is to convert lignin into a marine diesel fuel by fast pyrolysis
followed with catalytic upgrading of the pyrolysis vapor. Over the past 30 years, fast pyrolysis
technology has been well developed. A bench scale ablative type fast pyrolysis reactor, namely
Pyrolysis Centrifuge Reactor (PCR), was developed in the CHEC research group. A second
version of the PCR was also built based on the old version with some improvements. However,
direct usage of bio-oil produced from fast pyrolysis is limited due to its high oxygen content. A
subsequent upgrading step, typically including a catalyst, is essential to remove the oxygen and
transform the bio-oil into a liquid product which is compatible with engine fuels. The new PCR
setup was further modified in order to conduct experiments with direct catalytic upgrading of the
pyrolysis vapour before condensation. The focus of the work is experimental investigation of
catalysts using the new modified PCR-catalytic upgrading setup under atmospheric pressure.
The two most promising catalytic upgrading approaches are zeolite upgrading and
hydrodeoxygenation. HZSM-5 is chosen as a catalyst for zeolite upgrading of lignin pyrolysis
vapor, as it is reported as one of the best zeolite catalysts for bio-oil upgrading.15-23 MoO3 is
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chosen as a catalyst for hydrodeoxygenation of lignin and wood pyrolysis vapors at atmospheric
pressure, because high yield of hydrocarbons from lignin fast pyrolysis followed with
hydrodeoxygenation by MoO3 at a low H2 pressure has been reported using a micro scale bath
wise setup.24
Chapter 2 gives an overview of fast pyrolysis technology and the state of art of catalytic
upgrading of pyrolysis vapor under atmospheric pressure. Chapter 3 describes the new and the
old PCR setups, outlines the modifications of the new PCR setup, and introduces the materials
and characterization techniques used for the experimental work. Chapter 4 is the results and
discussions of the performance of the new PCR setup compared to the old one, as well as the
effect of hot gas filter on the product yields. Chapter 5 and 6 are the results and discussions of
catalytic upgrading of pyrolysis vapor by two catalysts, HZSM-5 and MoO3. Chapter 7 is
conclusions and suggestions for future work.
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2. Literature review
2.1 Introduction
Lignocellulosic biomass, such as wood, straw and agricultural waste, can be converted to more
valuable energy forms by thermochemical or biochemical based process. Lignocellulosic
biomass mainly consists of three polymeric components: cellulose, hemicellulose and lignin.
Biochemical based processes use mild conditions to convert cellulosic and hemicellulosic
portions of the lignocellulosic biomass into desired hydrocarbons, such as bioethanol,
biobutanol and butene oligomers.25,26 Thermochemical based processes, such as gasification
and fast pyrolysis, convert the entire lignocellulosic biomass at a high temperature into a syngas
or a mixture of oxygenated hydrocarbons (known as bio-oil or pyrolysis oil). The syngas can be
further converted into liquid hydrocarbon fuels by Fischer–Tropsch reactions. Pyrolysis oil can
be further upgraded into deoxygenated hydrocarbons by a catalytic system. Techno-economic
analysis shows that fast pyrolysis of biomass followed by hydroprocessing requires the lowest
capital and operating cost to produce transportation fuels compared to either gasification based
or biochemical based processes.27 Serrano-Ruiz et al.25 also concluded that fast pyrolysis of
biomass followed by catalytic upgrading appeared to be a promising conversion route due to a
high liquid yield and relative process simplicity, after they reviewed various catalytic routes for
producing biomass derived liquid hydrocarbons. Over the past 30 years, fast pyrolysis
technology has been well developed. Companies, such as Envergent and BTL, have
commercialized the fast pyrolysis technology using reactors such as circulating fluidized bed
reactor or rotating cone reactor.
While advances have been made for the fast pyrolysis step, most researches are now focusing
on catalytic upgrading of bio-oil. The essential goal for catalytic upgrading is to produce
petroleum like products, or alternatively a petroleum compatible liquid, which can be fitted into
existing multi-trillion dollar refinery infrastructure. The two most common catalytic upgrading
approaches are zeolite upgrading and hydrodeoxygenation (HDO). Zeolite upgrading produces
mainly BTX products (benzene, toluene and xylenes) and olefins without the requirement of
hydrogen or high pressure. Hydrodeoxygenation of bio-oil produces saturated hydrocarbons at
typically high pressure and in the presence of hydrogen. Other mild approaches aiming at
removing specific functional groups to obtain a stabilized bio-oil, such as ketonization of
carboxylic acids, were also explored in the literature. 28 Alternatively, an indirect approach,
steam reforming, can be applied to bio-oil to produce synthesis gas. By gas to liquid techniques,
such as Fischer–Tropsch synthesis or catalytic conversion to methanol, liquid fuels can then be
produced from the synthesis gas.
Most reviews of bio-oil upgrading are focusing on zeolite upgrading at atmospheric pressure
and hydrodeoxygenation of bio-oil at a high pressure.9,29-33 In this review, we will focus on
catalytic upgrading of bio-oil under atmospheric pressure, which is no longer limited to zeolite
upgrading due to the developments of new catalyst materials. For instance new catalysts were
found to be active for hydrodeoxygenation of bio-oil at atmospheric pressure, 34 or ketonization
of acidic acid to produce a stabilized bio-oil.35 In this Chapter, we will shortly discuss the fast
pyrolysis principles, bio-oil compositions and properties. Then comparisons of four different
catalytic upgrading configurations are discussed. Finally, we present the works that have been
done on atmospheric catalytic upgrading of bio-oil using porous materials and atmospheric
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HDO catalysts in the aim of producing deoxygenated hydrocarbons, in addition catalytic
stabilization of the bio-oil to remove acidic compounds is also covered.

2.2 Fast pyrolysis of biomass
2.2.1 Fast pyrolysis principles
Pyrolysis is thermal decomposition of the biomass in the absence of oxygen leading to the
formation of char, gas and liquid products. By controlling the pyrolysis temperature, heating rate
and gas residence time, biomass can be converted into mainly gas, liquid or solid product, as
shown in Table 2.1. Specifically, fast pyrolysis produces mainly a liquid product, often called
bio-oil or pyrolysis oil, by using a short gas residence time (< 2 seconds), high heating rate and
moderate temperature (~ 500ᵒC). Up to 75 wt% bio-oil yield can be achieved on a dry-feed
basis from woody biomasses.9
Table 2.1: Typical product yields by weight and dry basis obtained from different modes of pyrolysis of wood.9
Mode

Temperature

Gas residence time

Liquid

Solid

Gas

Fast

500°C

~ 1 sec

75%

12% char

13%

Intermediate

500°C

~ 10-30 sec

50%

25% char

25%

Carbonisation(slow)

400°C

days

30%

35% char

35%

Torrefaction(slow)

290°C

10-60 min

0%

80% solid

20%

To achieve an optimum liquid yield from fast pyrolysis, the temperature needs to be controlled
carefully at typically 500-550ᵒC.9,36-39 At a higher temperature, secondary reactions crack
pyrolysis vapor into permeant gases, and at a lower temperature, the biomass is not sufficiently
converted leaving a high yield of solid residue. 39 A fast heating rate and a high heat transfer rate
are desired because it can minimize the exposure of biomass to low temperatures which favour
the formation of solid char. It was reported that the char yield of cellulose decreased from 20
wt.% to 2 wt.%, when the heating rate increased from 300 ᵒC/s to 1500 ᵒC/s.40 Similarly, the char
yield decreased by 9% points when increasing the heating rate from 5 ᵒC/min to 700 ᵒC/min for
fast pyrolysis of pistachio shells. 41 A short gas residence time of the pyrolysis vapour minimizes
the time available for secondary reactions like cracking or re-polymerization of the pyrolysis
vapour. Most woody biomasses give maximum liquid yields with a vapour residence time less
than 1 second.42 By increasing the gas residence time from 0.8 second to 4 seconds, the yield
of lignin bio-oil (dry) decreased from 31.2% to 17.8%, because of secondary cracking
reactions.37 Pressure also plays a role during fast pyrolysis. Fast pyrolysis of lignin typically
gives about 50-55 wt.% yield of bio-oil at atmospheric pressure.43,44 Under deep vacuum
pressure, 0.7 mbar, Zhou et al.45 obtained a high yield of bio-oil, up to 90 wt.%, from lignin using
a vacuum wire-mesh reactor at 450ᵒC.
More than 100 different types of biomasses have been investigated as feedstocks for
production of bio-oil via fast pyrolysis.9 Different yields of bio-oil were obtained from fast
pyrolysis of different feedstock types. Trinh et al.44 studied four biomasses, including wood,
straw, lignin, and macroalgae, as potential feedstocks for fast pyrolysis. They found that the
highest yield of bio-oil (68 wt.%daf) was obtained from wood. Biomasses with a high alkali ash
content, such as straw and macroalgae, and biomasses with a high lignin content gave lower
yield of bio-oil compared to wood.44,46 Alkali ash, such as Na and K, promotes char
formation.9,47,48 Jensen et al.49 found that the char yield was doubled by adding 2 wt.% KCl to a
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water washed wheat straw. The alkali ash has a more significant effect on cellulose and
hemicellulose portions of the biomass than lignin during fast pyrolysis. Cellulose, hemicellulose
and lignin are three main biomass building blocks and they will be discussed more in the next
section. Cellulose and hemicellulose with 1-5 wt.% of NaCl and KCl additives resulted in 2 times
higher char yield than without additives.50,51 For fast pyrolysis of lignin, it was found that 1 wt.%
of NaCl, KCl, MgCl2, and CaCl2 had no or little effects on product yields.52 However lignin even
with less ash content is known to produce a significant amount of char (about 30 wt.%) and a
low amount of bio-oil, typically about 50-55 wt.% either using a batch micro scale or continuous
bench scale pyrolysis apparatuses. 43,44,52 As comparisons to lignin, cellulose produces as high
as 88 wt.% bio-oil and about 5 wt.% char using a micro scale pyrolyzer, 50 while hemicellulose
produces about 50 wt.% bio-oil and about 10 wt.% char using a micro scale pyrolyzer.51
Biomass drying and size reduction are two main pre-treatment steps. The biomass used for fast
pyrolysis is often dried to less than 10% moisture content in order to minimize the water content
of the bio-oil, which will lower the heating value and may even cause phase separation. The
size of the biomass particle is also critical. The smaller the size is, the less time the particle is
exposed to a low temperature, which favours the formation of solid products. As biomass has a
low thermal conductivity, the biomass particle size is recommended to be less than 3 mm in
order to achieve a uniform heating up during fast pyrolysis.9 The pretreated biomass then is
ready to be converted by fast pyrolysis. A typical fast pyrolysis process includes a fast pyrolysis
reactor, separation of the solids, quenching and collection of the liquid products, as shown in
Figure 2.1. Char should be separated as soon as possible. It acts as an undesired catalyst
contributing to the secondary cracking of vapor products. 9 A cyclone is commonly used to
remove char. However, some fine char particles always penetrate through the cyclone and will
eventually be collected in the bio-oil. To capture the fine char particles, hot gas filtration has
been proved successful in continuous bench scale fast pyrolysis apparatuses. 53,54 After the char
is separated, quenching, i.e. contacting with cooled liquid, is typically used to condense the
condensable vapor and aerosols into the liquid bio-oil. Temperature still needs to be controlled
carefully in order to avoid blockage from differential condensation of heavy ends. Also,
collection of the light ends of the bio-oil is important to increase the bio-oil yield as well as
reduce the liquid viscosity.

Figure 2.1: A simplified block diagram of a typical fast pyrolysis setup.

The pyrolysis reactor is the core equipment of the fast pyrolysis process. Several fast pyrolysis
reactor configurations are available, and they are mainly 1) bubbling fluidized bed reactors, 2)
circulating fluidized bed reactors, and 3) ablative type pyrolysis reactors. Right now, only the
bubbling fluidized bed and circulating fluid bed reactors show commercial attractiveness. 32,55
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Bubbling fluidized beds show good performance in biomass fast pyrolysis. A high yield of bio-oil,
70-75 wt.%, can be obtained from woody biomasses. 42 It is necessary to maintain a short gas
residence time using shallow bed depths or high gas flow rates. 32,55 Such a reactor can be
found at universities and is also in commercial operations. 32 To scale up fluidized bed reactor,
temperature and concentration gradients with increasing height to diameter ratio need to be
considered.32 Circulating fluid beds (CFB) have similar features to bubbling fluidized bed except
that the residence time of char is almost the same as the gas residence time. 32,56 The rotating
cone reactor can be considered as similar to a CFB, except that the sand and biomass are
transported by centrifugal force of the rotating cone. 55 Commercial fast pyrolysis operations
using CFB and rotating cone can be found as well. 32 In ablative type reactors, biomass is
pressed against a heated surface, such as a reactor wall, to obtain a fast heating rate, which
makes the heat supply to the reactor wall a rate limiting step, rather than the heat supply to the
biomass.32,55,56 A key design factor is considered to be reactor surface area, when scaling up
the ablative type reactors.32,55 The ablative type reactors were suitable for mobile fast pyrolysis
units, due to several advantages, such as horizontal arrangement, flexibility in biomass particle
size, and compact design. For instance, PyTec built an ablative unit with 6 tons per day capacity
and fitted it into a 40 ft container.57 High bio-oil yield, ~70 wt.%, can also be obtained from fast
pyrolysis of woody biomasses using ablative type reactors. 44 Other reactor configurations, such
as entrained flow reactors, vacuum pyrolyzers, screw and augur reactors have also been
developed. However, the slow heating rate leads to a lower bio-oil yield, <55 wt.%, from fast
pyrolysis of woody biomass in an entrained flow reactor or a vacuum pyrolyzer. 9 Due to a long
gas residence time, 5-30 seconds, screw and augur type reactors also give a low yield of bio-oil,
<56 wt.% from fast pyrolysis of woody biomasses. 58

2.2.2 Bio-oil compositions
Bio-oil is composed of different oxygenates derived from the three main biomass building
blocks, cellulose, hemicellulose and lignin, which accounts for 40-50 wt.%, 25-35 wt.% and
about 27 wt.% of lignocellulose, respectively. 59,60 Cellulose is a linear polysaccharides,
consisting of d-glucose molecules bound together by β-1,4-glycoside linkages, and
hemicellulose is an amorphous and heterogeneous group of branched polysaccharides
(copolymer of any of the monomers glucose, galactose, mannose, xylose, arabinose, and
glucuronic acid), and lignin is a highly complex three-dimensional polymer of different
phenylpropane units bound together by ether and carbon–carbon bounds.60 Figure 2.2 shows
the proposed structure of cellulose, hemicellulose and lignin, as well as their main fast pyrolysis
products.
The product from cellulose fast pyrolysis can be divided into three categories: 1) low molecular
weight compounds, e.g. formic acid and acidic acid; 2) furan/pyran ring derivatives; 3) anhydro
sugars, e.g. levoglucosan. The most abundant cellulose derived bio-oil compound was found to
be levoglucosan, with a yield of 50-59 wt.% obtained from a micro scale pyrolysis apparatus.61,62
It was found that levoglucosan is a relatively stable compound under typical fast pyrolysis
condition.62 The levoglucosan formation from cellulose fast pyrolysis involves only few reactions
for glycosidic bond cleavage and anhydro-bridge formation.40,62-64 It was also proposed that after
glycosidic bond cleavage, ring opening, dehydration and furan ring closure lead to furan
production.65
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Similar to cellulose, hemicellulose fast pyrolysis gives the final liquid products classified to three
main categories: 1) low molecular weight compounds, e.g. formic acid, acidic acid, and
acetaldehyde; 2) furan/pyran ring derivatives, e.g. 2-methylfuran and 2-furaldehyde; 3) anhydro
sugars, e.g. anhydro xylopyranose.51 The main products of pyrolysis of switchgrass derived
hemicellulose were CO2 (18 wt.%), formic acid (11 wt.%) and dianhydro xyloses (7 wt.%),
obtained from a micro scale pyrolysis apparatus.51 It was suggested that the glycosidic linkage
was cleaved first and followed by dehydration to form dianhydro xyloses from hemicellulose. 51
Significant amount of CO2 and formic acid were formed through decarboxylation of glucuronic
acid groups.51
Lignin fast pyrolysis gives the final liquid products which can be classified into two primary
categories: 1) low molecular weight compounds, e.g. acetic acid; 2) phenolic compounds.52
Pyrolysis of lignin or β-O-4 oligomeric lignin model compound using a micro scale pyrolysis
apparatus showed that the main phenolic compounds were monomers. 52,66 By studying fast
pyrolysis of β-O-4 oligomeric lignin model compound, it has been proposed that bonds, such as
Cβ-O, Cα-Cβ, would first break down and initiate the free radical reactions. 66,67 Secondary
reactions, like H-abstraction, double bound formation, rearrangement, isomerization and
concerted reaction, diversify the products.66
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Figure 2.2: Structures of cellulose, hemicellulose and lignin, and examples of the main products formed from
fast pyrolysis of these compounds. The proposed cellulose hemicellulose and lignin structures are adapted
from Wang et al. 17
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Figure 2.3 shows the compositions of bio-oil derived from cellulose, hemicellulose, and lignin on
weight basis. The final compositions of bio-oil derived from a whole biomass will be affected by
operating conditions and biomass composition, e.g. cellulose, hemicellulose and lignin content.
It is worth to mention that most studies on bio-oil compositions were using a micro scale
pyrolysis apparatus subjected to a GC system for identifying the bio-oil compounds. Bench
scale reactor systems, such as fluidized bed reactors, usually give longer gas residence time
than micro scale pyrolysis systems, and hence it will produce more secondary products, such as
gas species, small oxygenates and oligomers.52,61 Oligomers are mainly derived from lignin, but
can also be derived from cellulose. 68 These oligomers can either be ejected through reactive
boiling ejection,69 or formed through secondary reactions.52,61 However, less char is typically
produced from the bench scale reactor system, because of the fast heating rate of the biomass
particles, while the micro scale pyrolysis apparatus usually is subjected to a slow heating
ramp.62 Pyrolysis temperature also changes the bio-oil compositions. Typically more small
oxygenates will be produced at a higher pyrolysis temperature. Patwardhan et al.50 observed a
decrease of levoglucosan yield from 59 wt.% at 500ᵒC to 48 wt.% at 600ᵒC and an increase
yield of formic acid from 9 wt.% to 28 wt.% from fast pyrolysis of cellulose in a micro scale
pyrolyzer. Fast pyrolysis of hemicellulose was also found producing 16 wt.% formic acid at
600ᵒC, compared to 5 wt.% yield at 350ᵒC.51 Similarly, the yield of acetic acid from lignin fast
pyrolysis also increased with increasing pyrolysis temperature from 300ᵒC to 700ᵒC.52 A high
temperature also promotes demethoxylation reactions during lignin fast pyrolysis, which
resulted in decreasing the yield of methoxy-substituted phenolic compounds.52,70,71 However,
the oxygen content of the bio-oil (dry) remained reasonably constant at the pyrolysis
temperature from 400ᵒC to 580ᵒC.39,72

Figure 2.3: Chemical composition of bio-oil from cellulose, hemicellulose and lignin. The graph is adapted from
Ruddy et al.73

2.2.3 Bio-oil properties
Wood and lignin bio-oil characteristics are contrasted to heavy fuel oil in Table 2.2. Bio-oil has a
high oxygen and water content. Oxygen is found in 400 compounds across a variety of
functionalities, including acids, aldehydes, esters, alcohols, ethers, ketones, phenolics, sugars,
and furans.73 Bio-oil is generally considered as a mixture of water and various oxygenated
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organic compounds, which lead to some adverse properties of the bio-oil, including low heating
value, low pH and poor stability. Oxygen free hydrocarbons are rarely obtained in the untreated
bio-oil. The higher heating value (HHV) of bio-oil (wet basis) is about 20 MJ/Kg, which is only
half of the crude oil due to high oxygen and water contents. Water is miscible with the bio-oil up
to 30-45%, because of the solubilizing effect of other polar hydrophilic compounds, such as
acids, alcohols, hydroxyaldehydes.48,74,75 The viscosity of the bio-oil can vary from 25 to 1000
m2s-1 at 40oC, depending on the feedstock, the amount of light ends collected and the water
content.9 Due to the presence of acids, mainly formic acid and acetic acid, the pH of the bio-oil
is about 3 and an acid number of 50-100 mg KOH/g, which means that bio-oil is corrosive to
carbon steel and aluminum.74 The bio-oil is not stable. During storage, polymerization,
etherification and esterification reactions have been observed. 76 Hence the viscosity of the biooil increases during the time and phase separation may also occur. Bio-oil cannot be
evaporated completely, because polymerization reactions occur when the bio-oil is reheated
and about 20 wt.% of the bio-oil will form solid residue.44 The properties of lignin bio-oil and
wood bio-oil are similar to some extent, but lignin bio-oil has a lower oxygen content than wood
bio-oil, which leads to a higher heating value of lignin bio-oil.
Table 2.2: Typical properties of wood bio-oil,44 lignin bio-oil,44 and heavy fuel oil.77
Properties

Wood bio-oil

Lignin bio-oil

Heavy fuel oil

Water, wt.%

27

27

0.1

pH

3.2

3.9

-

ρ, kg/l

1.1

1.1

0.94

C, wt.% (dry basis)

57

66

85

H, wt.% (dry basis)

7

8

11

O, wt.% (dry basis)

35

25

1.0

N, wt.% (dry basis)

0.5

1.7

0.3

Ash, wt.% (dry basis)

0.1

0.5

0.1

HHV, MJ/kg (wet basis) a

17

22

-

HHV, MJ/kg (dry basis) a

24

30

40

Distillation residue, wt.% b

24

22

1

a

HHV is higher heating value.

b

For the bio-oils, it is the char residue after heating the bio-oil to 950oC.

2.3 Catalytic upgrading of bio-oil
2.3.1 Catalytic upgrading configurations
There are four approaches to catalytic upgrading of bio-oil, and Figure 2.4 is a sketch of them.
In-situ and ex-situ catalytic upgrading methods are the two most commonly approaches. The
major difference between these two methods is the placement of the catalyst, either internal or
external, with respect to the pyrolysis reactor. In in-situ catalytic upgrading (Figure 2.4 A), the
catalyst is placed inside the pyrolysis reactor. Hence the pyrolysis vapor is immediately being
deoxygenated over the catalyst and the undesired secondary reactions of the pyrolysis vapor,
such as cracking and repolymerization, are suppressed. In-situ catalytic upgrading is easily
achieved by a fluidized bed reactor using catalyst as a bed material. The drawback of in-situ
upgrading is that the biomass ash species may deactivate the catalyst. In ex-situ catalytic
upgrading (Figure 2.4 B), the biomass is pyrolyzed in the pyrolysis reactor first, and after char
separation, the pyrolysis vapor is upgraded in a secondary catalyst reactor before condensation.
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Ash may not deactivate the catalyst quickly, because the ash rich char can be separated
effectively by a hot gas filter prior to the catalyst reactor. This approach also provides flexibility
in the catalytic upgrading step, as the catalyst temperature can be regulated differently than the
pyrolysis temperature. In impregnation method (Figure 2.4 C), the catalyst is impregnated into
the biomass in the biomass pretreatment step, which provides intimate contact between
biomass and catalyst. However, this method is not commonly used. Off-site catalytic upgrading
(Figure 2.4 D) is an attractive method to upgrade bio-oil together with petroleum oil to take
advantage of the existing multi-trillion dollar refinery infrastructure. It is not a straight forward
task because of the adverse properties of the bio-oil, such as high acidity and poor miscibility
with hydrocarbons. Pre-upgrading of bio-oil was proposed to reduce the oxygen content of the
bio-oil under 20 wt.%, before sending the bio-oil into a refinery stream.47 The other drawback is
that polymerization of the bio-oil during re-heating results in char formation. 44 The off-site
catalytic upgrading will not be discussed in this review and the author refers Talmadge et al.,47
where integrating pyrolysis oil into refinery process was discussed.

Biomass

Catalytic
pyrolysis reactor

Upgraded
bio-oil

Biomass

Pyrolysis Catalyst
reactor
reactor
B

A

Biomass
/catalyst

Upgraded
bio-oil

Pyrolysis reactor

Upgraded
bio-oil

Bio-oil

Off-site catalyst
reactor

C

Upgraded
bio-oil

D

Figure 2.4: Catalytic upgrading of bio-oil in four configurations. A) in-situ catalytic upgrading: catalyst is placed
inside the fast pyrolysis reactor. B) ex-situ catalytic upgrading: catalyst is placed inside a secondary catalyst
reactor after the fast pyrolysis reactor and char separation. C) impregnation method: catalyst is impregnated
into biomass in the pretreatment step. D) Off-site catalytic upgrading: the bio-oil is collected first and then is
upgraded in an off-site or off-line catalyst reactor.

Comparisons between in-situ and ex-situ catalytic upgrading using zeolite catalysts are
summarized in Table 2.3. In general, in-situ catalytic upgrading using zeolite catalysts produces
more aromatic hydrocarbons than ex-situ catalytic upgrading.16,78,79 Aromatic hydrocarbons are
the main desired products from zeolite upgrading. For instance, Thangalazhy-Gopakumar et
al.78 compared the difference between in-situ and ex-situ catalytic upgrading using pine wood
and HZSM-5 catalyst in a micro scale batch pyrolysis apparatus. They found that the aromatic
hydrocarbons constituted a carbon yield of 24.0% was obtained using the in-situ method, while
only 9.8% carbon yield was obtained using the ex-situ method. Zhang et al.16 reported that insitu HZSM-5 upgrading of lignin pyrolysis vapor produced slightly more aromatics, 20 wt.%,
compared to 16 wt.% by ex-situ upgrading using a micro scale batch pyrolysis apparatus. One
reason could be that the secondary reactions of the pyrolysis vapor before it reaches the ex-situ
catalyst bed produce more gas species and oligomers, which might be difficult to be upgraded
over a micro porous zeolite catalyst. However opposite comparison result has been reported as
well.80,81 It is suspected that the experiments, which lead to the opposite conclusion, used very

10

low catalyst to biomass ratios (see Table 2.3). The catalyst deactivates quickly when a low
catalyst to biomass ratio is used, since pyrolysis vapor is known to produce a large amount of
coke over the zeolite catalysts, especially for the in-situ catalytic upgrading.79,81 Hence, if the
catalyst is deactivated completely during the middle of the catalytic upgrading, it might be
difficult to draw a solid conclusion.
Whether to use the in-situ or the ex-situ catalytic upgrading approach also depends on the type
of the catalyst. Zeolite upgrading works best at a temperature around 600ᵒC. It is close to typical
pyrolysis temperature of 500-550ᵒC. Hence it is possible to place the catalyst material inside the
fast pyrolysis reactor. Other catalysts, such as high pressure hydrodeoxygenation catalysts,
work at a lower temperature, ~300ᵒC, and hence only ex-situ or off-site catalytic upgrading suits
them.
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a

Feed

Pine

Pine

Lignin

Lignin

Poplar

Poplar

Pine bark

Pine bark

Wood

Wood

Upgrading
configuration

In-situ

Ex-situ

In- situ

Ex-situ

In-situ

Ex-situ

In-situ

Ex-situ

In-situ

Ex-situ

HZSM-5

HZSM-5

H-Y

H-Y

HZSM-5

HZSM-5

HZSM-5

HZSM-5

HZSM-5

HZSM-5

Catalyst

500

500

500

500

700

700

600

600

550

550

Temperature,
[°C]

0.5

0.5

0.05

0.05

20

20

4

4

5

4

Catalyst to biomass
weight ratio

Operating conditions

wt.% is product yield on weight basis ; C.% is product yield on carbon basis.

Gram scale
batch reactor

Gram scale
batch reactor

Micro scale
batch reactor

Micro scale
batch reactor

Micro scale
batch reactor

Reactor type

-

-

-

-

-

-

Reaction
water

-

-

-

-

Coke

18.6 C.%

31.3 C.%

-

-

-

-

Char

-

-

-

-

-

-

Gas

19 C.%

26 C.%

16 wt.%

20 wt.%

10 C.%

25 C.%

Aromatics

17 C.%

5 C.%

-

-

-

-

Olefins

Petroleum chemical
yields, [%] a

Minor difference of product yields was observed, but the in-situ method
enhanced the coke formation.

The organic liquid produced by ex-situ method had a lower oxygen
content, 25.9 wt.%, compared to in-situ method, 30.2 wt.%.

-

-

-

-

-

-

Organic
liquid

Product yields, [%] a

Table 2.3: Comparisons between in-situ and ex-situ catalytic upgrading in literature

81

80

79

16

78

Ref.

2.3.2 Zeolites
Porous materials are divided into three main groups by their pore size: microporous (pore size
<2nm); mesoporous (pore size 2-50nm); macroporous (pore size >50nm). 82 Zeolites have a
pore size of 0.5-1.2 nm and are used in oil refinery and methanol to gasoline processes. 83 By
taking advantage of the well-defined microporous structure of zeolites, crude oil with complex
compositions is selectively converted into important petroleum intermediates. 82 Zeolites are also
used in reactions involving oxygenates, such as acylation, esterification and dehydration. 84 Of
particular relevant to this project is the zeolite catalyzed conversion of methanol to
hydrocarbons, known as the MTH process.85,86 Inspired by the successful applications of
zeolites, such catalysts have also been applied in catalytic upgrading of pyrolysis vapor,
resulting in the formation of mainly monocyclic aromatic hydrocarbons and olefins as useful
petroleum products. Oxygen is removed in the form of water and carbon dioxides during zeolite
upgrading. Commercial companies using zeolite for bio-oil upgrading can also be found, such
as Anellotech and KiOR. Possibly, zeolite based catalysis will be relevant in future bio-refineries
as it is in crude oil refinery.87
Model compound studies
Model compounds representing the major oxygenate functional groups, such as ketone, alcohol,
acid, aldehyde, and phenol, have been tested over zeolites. Figure 2.5 summarizes the reaction
schemes of zeolite upgrading of various bio-oil model compounds studied by Gayubo et al.88,89
Acetone undergoes condensation reactions to form diacetone and mesityl oxide, which are the
precursors of isobutene.85,89 Further cracking, oligomerization and aromatization of isobutene
produces aromatic hydrocarbons.90 Butanol goes through dehydration to form butenes, which
are transformed into higher olefins and paraffins through oligomerization, and the higher olefins
are cracked to form C2-C4 olefins as the main products.88 Acetic acid is first transformed into
acetone and then it follows the conversion path of acetone. Acetaldehyde and guaiacol have
low activities and produce a high amount of thermal coke.89 Chen et al.91 investigated the
conversion of furan over HZSM-5 and proposed some key reactions involving decarbonylation
and Diels-Alder condensation to form intermediate species, such as allene and benzofuran.
Decarbonylation of benzofuran produces benzene, CO and coke. Allene can be converted into
olefins through chain growth, cracking, dehydrogenation, and hydrogen transfer. Due to the
space confinement imposed by HZSM-5 channels, chain growth of these intermediates leads to
cyclization reactions and formation of benzene and toluene. Fanchiang et al.92 showed that
furfural first went through decarbonylation to furan, and then was transferred into intermediates,
such as cyclohexene and 3,4-dimethylbenzaldehyde identified by their leaching experiments. At
a low catalyst temperature (300oC), these intermediates formed mainly oxygenated coke and
polycyclic aromatics, while at a high catalyst temperature (500oC), mono-ring aromatics were
the major products. Typically lignin derived model compounds do not produce aromatic
hydrocarbons over zeolites, at low catalyst temperatures, <450oC.88,93,94 Zhu et al.93 studied the
anisole conversion over HZSM-5 catalyst at 400°C and found that the final products were
mainly phenolic compounds, such as cresol, and proposed that the main reactions involved
were bimolecular transalkylation reactions. Nimmanwudipong et al.94 found that eugenol, a
lignin derived model compound, mainly went through isomerization and deallylation reactions
and produced mainly cis- and trans-isoeugenol and guaiacol at 300°C by HY. Kim et al.95
increased the reaction temperature to 600°C and observed aromatic hydrocarbons produced
from phenolic model compounds, such as creosol, 4-Methylcatechol, 4-Vinylguaiacol and etc.
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Figure 2.5: The conversion of bio-oil model compounds using HZSM-5. The reaction schemes are adapted from
Gayubo et al.88,89.

Oxygen from the bio-oil model compounds is removed in the form of CO, CO 2 and H2O during
zeolite upgrading. Table 2.4 listed the formation of CO, CO2 and H2O from different model
compounds during HZSM-5 catalytic upgrading. Different model compounds go through
different reaction mechanisms and hence the oxygen is rejected in different forms. It can be
seen from Table 2.4 that dehydration is the main deoxygenation route for majority of the model
compounds. Bio-oil has a H/Ceff ratio close to 0, which means if all the oxygen atoms are
rejected in the form of water, only carbon, in other word coke, will be left (this will be discussed
later). Decarbonylation forming CO is also significant for most of the bio-oil model compounds.
Taarning et al.84 suggested that the ideal deoxygenation was decarboxylation forming CO 2,
which would enhance the H/Ceff ratio and thus reduce the coke formation, during zeolite
upgrading of bio-oil.
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Table 2.4: Formation of H2O, CO and CO2 for various oxygenates over HZSM-5.96
Feed compound

Oxygen in gas phase %
H2O

CO

CO2

Methanol

100

0

0

Dimethyl ether

100

0

0

Guaiacol

96

3

1

Glycerol

92

7.5

0.5
1

Xylenol

93

6

Eugenol

89

9

2

Anisole

88

12

Trace

2,4-Dimethyl phenol

87

12

1

o-Cresol

80

17

3

Starch

78

20

2

Isoeugenol

77

19

4

Glucose

75

20

5

Dimethoxylmethane

73

6

21

Xylose

60

35

5

Sucrose

56

36

8

n-Butyl formate

54

46

0

Diphenyl ether

46

46

8

Furfural

14-22

75-84

2.5-3.0

Methyl acetate

54

10

36

Acetic acid

50

4

46

Reaction conditions
Typically, zeolite upgrading operates at inert environment and atmospheric pressure. The effect
of H2 on zeolite upgrading is limited. Thangalazhy-Gopakumar et al.78 compared HZSM-5
upgrading of wood pyrolysis vapor under hydrogen and helium atmosphere. Similar carbon yield
of aromatic hydrocarbons was reported under hydrogen atmosphere (7.4%) and under helium
atmosphere (9.8%). In another study by the same group the carbon yield of the aromatic
hydrocarbons was not affected by even an increase of the hydrogen pressure from 7 to 27
bar.97
A high temperature, such as 700-800ᵒC, is needed to reach a maximum yield of aromatic
hydrocarbons in micro scale batch pyrolysis apparatuses.17,95,98 Wang et al.17 found that
cellulose and hemicellulose gave the highest yield of aromatic hydrocarbons at around 700ᵒC,
but the yields of aromatic hydrocarbons from lignin was still increasing even at 800ᵒC by HZSM5 in-situ upgrading using a micro scale pyrolyzer. Zeolite upgrading using bench scale
continuous fast pyrolysis setups usually found that the best temperature for the production of
aromatic hydrocarbons was around 600ᵒC.99,100 Higher temperature than 600ᵒC cracks the
pyrolysis vapor into permanent gas species and lower temperature than 600ᵒC gives lower
degree of deoxygenation. Reaction temperature also affects the coke formation. In-situ zeolite
upgrading showed that char/coke yield decreased with increasing catalyst temperature,
however to distinguish thermal char and catalytic coke was not easy for the in-situ upgrading
approach.17,101,102 Ex-situ catalytic upgrading showed that catalytic coke yield decreased with
increasing catalyst temperature as well. Williams et al.103 studied fast pyrolysis of rice husk in a
fluidized bed reactor with an ex-situ fixed bed of HZSM-5. They reported that the yield of coke
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decreased from 12.0 wt.% at 400ᵒC to 7.8 wt.% at 600ᵒC catalyst temperature. Chen et al.91
and To et al.104 studied the interaction between oxygenates (furan and cresol) and zeolites.
They found that the zeolites trapped the reactant at a low temperature, such as 400ᵒC. However
the trapped carbonaceous material at a low catalyst temperature was still active and could form
aromatic hydrocarbons at a higher temperature, >450ᵒC.104 Hence higher catalyst temperature
is preferred not only to obtain a high yield of aromatic hydrocarbon, but also to reduce the
carbonaceous material accumulation in the zeolite catalyst.
High catalyst to biomass ratio, which gives longer contact time between pyrolysis vapor and
catalyst, is needed to enhance the yield of aromatic hydrocarbons. More importantly, due to
quick catalyst deactivation, high catalyst to biomass ratio is essential to make sure that the
catalyst is not deactivated completely during the middle of the experiment. Some researchers
found that the yield of aromatic hydrocarbons kept increasing even when the catalyst to
biomass weight ratio was as high as 20.95,98 Others found that there was an optimal catalyst to
biomass ratio. For instance, Jae et al.99 found that the optimal 1/WHSV (catalyst weight divided
by biomass feeding rate, [h]) was 3.3 using in-situ catalytic fast pyrolysis of pine wood in a
fluidized bed reactor. Zhang et al.16 found that the optimal HZSM-5 to lignin weight ratio was 3,
and a higher ratio produced slightly lower yield of aromatic hydrocarbons.
Effect of hydrogen donor
Effective H/C ratio (H/Ceff) of a substrate, also called the effective hydrogen index, is defined by
the equation:
ܪെʹൈܱ
ܪȀܥ ൌ
ܥ
Where H, C and O are the moles of hydrogen, carbon and oxygen. It is a simple way to
estimate how much hydrogen content would be left in the product, when all the oxygen atoms
are removed as water.105 For instance, if H/Ceff equals to 0, only carbon will be left after removal
of oxygen as water. The H/Ceff of petroleum-derived feeds ranges from 1 (for benzene) to
slightly over 2 (liquid alkanes), while the H/Ceff of bio-oil (dry) is typically lower than 0.3.101 Low
H/Ceff ratio of the bio-oil causes rapid deactivation of the zeolite catalyst due to coke formation.
By co-feeding a high H/Ceff compound, such as methanol (H/Ceff=2), it is possible to increase
the overall H/Ceff ratio of the reactants and hence to obtain a higher aromatic hydrocarbon yield
and a lower coke formation. Mentzel et al.105 studied the total conversion of a mixture of
methanol with 10 wt.% bio-oil model compounds over a HZSM-5 catalyst under typical MTH
process condition (370ᵒC, 1 bar, 300mg HZSM-5 and 1/WHSV=0.125 h) and the results are
shown in Figure 2.6. They found that generally the total conversion of the mixture increased
when a bio-oil model compound with a higher H/Ceff ratio was mixed with methanol. More
importantly, up to 10 times higher conversion rate of the bio-oil model compound when it was
mixed with methanol than using the pure model compound could be achieved. Catalyst life time
was also prolonged from order of minutes (pure bio-oil model compound) to about 1.3-65 hours
(bio-oil model compounds mixed with methanol). Co-feeding alcohols or polyethylene in order to
increase the H/Ceff ratio of biomass pyrolysis vapor was tested. Zhang et al.101 chose to co-feed
alcohols, including methanol, 1-propanol, 1-butanol and 2-butanol, with wood into a fluidized
bed reactor, where HZSM-5 zeolite was placed. At 450ᵒC and 1/WHSV=2-3 [h], the carbon yield
of aromatic hydrocarbons increased from 5.9% to 21.4% when the H/Ceff ratio increased from
0.11 (biomass only) to 1.05 (biomass:methanol=1:1.25) and the carbon yield of aromatic
hydrocarbons from pure methanol was 11.1%. The same trend happened to the other alcohols

16

with methanol giving the highest increase of petrochemical yields. Instead of co-feeding
alcohols, Li et al.106 co-fed low-density polyethylene (LDPE) to increase the H/Ceff ratio during
fast pyrolysis of cellulose in a pyroprobe with HZSM-5 (catalyst:feed = 10:1). Low density
polyethylene was reported to have a H/Ceff ratio up to 2. The carbon yield of aromatic
hydrocarbons (47.46%) from catalytic fast pyrolysis of the mixture (1:1 ratio) was higher than the
catalytic fast pyrolysis of cellulose (37.66%) or LDPE (34.29%) alone. Other researchers did not
find a strong enhancement in the yield of aromatic hydrocarbons by co-feeding methanol.
Asadieraghi et al.107 co-fed methanol with palm kernel shell in a fixed bed using HZSM-5 at
500ᵒC and1/WHSV=0.03-0.1. The yield of aromatic hydrocarbons increased from trace (pure
biomass) to 17 wt.% (biomass:methanol=1:2.7) and the yield from methanol alone was about 30
wt.%. Horne et al.108 co-fed methanol with wood (wood:methanol = from 100:0 to 0:100) in a
fluidized bed reactor with an ex-situ fixed bed of HZSM-5 catalyst at 500ᵒC and 1/WHSV=0.070.1. They found that the yield of aromatic hydrocarbons was simply the sum of wood and
methanol. Again, a low 1/WHSV, which means a low catalyst loading, was used in the
experiments that observed the opposite result. It is suspected that the catalyst deactivated
quickly during the reaction, and hence limited improvements were observed by co-feeding
alcohols.

Figure 2.6: Total conversion of methanol containing 10 wt.% of additives over HZSM-5 at 370°C plotted as a
function of the H/Ceff ratio of the additives. The figure is adapted from Mentzel et al.105

Types of zeolite
The effect of bio-oil upgrading also depends on the types of zeolite catalyst used. Various
different types of zeolite catalyst have been tested on bio-oil upgrading, as shown in Table 2.5.
Jae et al.109 investigated 13 zeolites (ZK-5, SAPO-34, Ferrierite, ZSM-23, MCM-22, SSZ-20,
ZSM-11, ZSM-5, IM-5, TNU-9, SSZ-55, β, and Y) upgrading of glucose using a micro scale
pyroprobe and Figure 2.7 plots the yields of aromatic hydrocarbons as a function of average
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pore size of the zeolites. Among them, ZSM-5, which has a medium pore size, gave the highest
aromatic yield and the lowest coke formation. They concluded that medium pore size, 5.2-5.9Å,
was suitable for the production of aromatic hydrocarbons from bio-oil. Other researchers also
confirmed that ZSM-5 catalyst was the best catalyst with regard to the yield of aromatic
hydrocarbons, compared to Mordenite, Ferrierite, β, Y, silicalite and silica-alumina, using
various feedstocks, such as cellulose, hemicellulose, lignin, woody and straw
biomasses.15,16,110,111 Zeolite catalysts with small pore size, like ZK-5 and SAPO-34, did not
produce any aromatic hydrocarbons from glucose.109 Zeolites with large pore size promoted the
coke formation and give a low yield of aromatic hydrocarbons. For instance, HY catalyst does
not give a higher yield of aromatic hydrocarbons 15,110,112 and can double or triple the coke
formation compared to HZSM-5.109,110 Similar high coke formation using Hβ was also
observed.109,110,112 However, some researchers found that HUSY, which has a large average
pore size of 7.4Å, produced more aromatic hydrocarbons from biomasses, such as cedar,
jatropha husk, corn stalk and lignin, than HZSM-5 using a micro scale batch pyrolyzer.22,113,114

Figure 2.7: Aromatic yields as a function of zeolite average pore diameter, using glucose as a feedstock,
catalyst: biomass=20:1, and 600ᵒC in a micro scale batch pyroprobe.109

Table 2.5: Specifications of various zeolites investigated in literature
Type of zeolite

Surface area, m2/g

Pore size, Å a

SiO2/Al2O3

ZK-5

3.9×3.9

5.5

109

SAPO-34

3.1×4.5, 2.8×4.8

0.56

109

Ferrierite

4.2×5.4, 3.5×4.8

20

109

Ferrierite

4.2×5.4, 3.5×4.8

20

15

ZSM-23

4.5×5.2

160

109

MCM-22

4.0×5.5, 4.1×5.1

30

109

SSZ-20

4.6×5.7

90

109

ZSM-11

5.3×5.4

30

109

30

109

23

110

56

111

ZSM-5
ZSM-5

443

5.1×5.5, 5.3×5.6

ZSM-5

18

Acidity, mmol-NH3/g

Ref.

ZSM-5
ZSM-5

300-420

ZSM-5

23

2.5

113

15-210

0.07-0.59

22

23-280

ZSM-5

400

Silicalite

401

5.4 (average) b

Silicalite

550

15

30

16

∞

0

5.5 (average) b

∞

0

IM-5

5.5×5.6, 5.3×5.4, 5.3×5.9

40

109

TNU-9

5.5×6.0, 5.2×6.0

40

109

38

109

β
β

589

β
β

25
6.6×6.7, 5.6×5.6

650

β
SSZ-55
Mordenite

6.5×7.5
552

Mordenite

6.5×7.0

Mordenite

111
22

110

40

1.8

113

15

1.1

22

25-360

15

54

109

20

110
111

18

113

Mordenite

20

15

Y

5.2

109

12

110

Y

884

Y

7.4×7.4

Y
Y

780

USY
USY

111
5.1

530

a

Data from the IZA database of zeolite structures.115

b

Data from the corresponding papers.

15

30
7.4×7.4

16

10

2.7

113

7

1.2

22

Role of acidity
The acidity of the zeolite, especially Brønsted acid sites, is important for converting bio-oil into
aromatic hydrocarbons, as the acid sites promote reactions, such as decarboxylation,
decarbonylation, cracking, oligomerization, alkylation, isomerization, cyclization, and
aromatization.116 For instance, Carlson et al.112 compared HZSM-5 and silicalite, which have a
similar pore structure, while silicalite does not contain Brønsted acid sites. The amount of
aromatic hydrocarbons produced by fast pyrolysis of silicalite/glucose mixture in a micro scale
batch pyroprobe was only one fifth than using HZSM-5 as a catalyst. The acidity of the zeolite
catalysts can be tuned by varying the ratio between SiO2 and Al2O3, and lower silica to alumina
ratio means higher acidity. By in-situ catalytic upgrading in a micro scale batch pyrolyzer at
550°C using cellulose, hemicellulose, lignin, woody and straw biomasses as feedstocks,
Mihalcik et al.15 found that HZSM-5(SiO2:Al2O3=23) could produce the amount of aromatic
hydrocarbons 2~3 times more than HZSM-5(50) or HZSM-5(280). Kim et al.95 reported that
HZSM-5(30) produced 3 times more aromatic hydrocarbons than HZSM-5(280) from lignin
using a micro scale pyropobe. Similar trend were also found for the Hβ zeolite.20,117,118 However,
high acidity of a zeolite also leads to instability due to dealumination and high coke
formation.116,118 Hence, a balance between a high yield of aromatic hydrocarbons and a good
stability of zeolite catalyst need to be found.
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Metal modified zeolites
Alkaline and alkaline earth metal modified HY zeolites were tested in a bench scale batch
pyrolysis apparatus by Nguyen et al.,119 as these metals were found to promote decarboxylation.
Sodium modified HY zeolite produced higher yield of hydrocarbons from pine wood pyrolysis
vapor, compared to HY or Y zeolite in sodium form. Iliopoulou et al.120 investigated the Ni and
Co modified ZSM-5 by fast pyrolysis of wood followed with ex-situ catalytic upgrading.
Comparing to ZSM-5, the metal containing catalyst slightly increased the yield of aromatic
hydrocarbons. The higher percentage of Co or Ni the zeolite catalyst contained, the higher
degree of deoxygenation was achieved at a price of organic liquid yield. The best catalyst,
regarding deoxygenation, was found to be 10 wt.% Ni/ZSM-5 which produced 12 wt.% organic
liquid with 20 wt.% oxygen content, compared to 21 wt.% yield of organic liquid with 31 wt.%
oxygen content by ZSM-5. Park et al.121 evaluated three different catalysts using in-situ catalytic
fast pyrolysis of pine wood in a fluidized bed reactor, including HZSM-5, Ga/HZSM-5 and HY.
Ga/HZSM-5 gave the highest amount of bio-oil yield (51.3 wt.%). It can be explained that over
cracking of the vapor was inhibited due to the reduction of the strong acidic sites in HZSM-5 via
the incorporation of Ga. Ga/HZSM-5 catalyst also produced higher amount of aromatics (35.4%
chromatogram peak areas among 51.3 wt.% bio-oil yield), than HZSM-5 (20.1% chromatogram
peak areas of aromatics among 47.3 wt.% bio-oil yield).
Metals (Ni, Co, Mo and Pt) modified ZSM-5 catalysts have been tested under hydrogen
atmosphere using micro scale pyroprobe, but less yield of aromatic hydrocarbons were
obtained than using HZSM-5 catalyst at least under low pressure.97,122 When the pressure was
increased to 28 bar, Mo/ZSM-5 produced more aromatic hydrocarbons than HZSM-5.97
However, even at a high H2 pressure, the hydrogenation for cyclic alkanes was not evident.97
The zeolite activity dominated the metal catalyst activity due to relatively small amount of metals
on the zeolite. Instead of loading 5 wt.% Ni, Zhao et al.123 used 20 wt.% Ni on a ZSM-5 catalyst
and they obtained more cyclic alkanes than aromatic hydrocarbons in the produced bio-oil
under 50 bar H2 pressure.
Continuous operations and catalyst deactivation
Catalytic upgrading of pyrolysis vapor using zeolites, mainly HZSM-5, has been scaled up from
micro scale batch experiments to long term pilot scale continuous experiments. The pilot scale
experiments were typically conducted in a circulating fluidized bed reactor include continuous
in-situ catalytic upgrading of pyrolysis vapor and regeneration of catalyst by combustion to
remove coke at about 650oC.99,124,125 Table 2.6 listed catalytic upgrading of wood pyrolysis
vapour using HZSM-5 catalyst from micro scale to pilot scale experiments from different
research groups. A well designed continuous long term pilot experiment can achieve a similar
yield of aromatic hydrocarbons as micro scale batch experiment. For instance, Huber’s group
investigated in-situ HZSM-5 upgrading using a micro scale pyroprobe, a bench scale continuous
fluidized bed reactor and a process development unit, which can continuously remove and add
zeolite for more than 7 hours steady state operation.99,100 According to their result, 14% yield of
aromatic hydrocarbons on carbon basis was obtained from pine wood using the process
development unit.99 The number is quite similar to their micro scale batch experiment, which
produced 18% yield of aromatics on carbon basis.100 Based on the research performed by
Huber’s group, Anellotech company is current trying to commercialize catalytic fast pyrolysis for
the production of aromatic hydrocarbons. Iliopoulou et al.124 also scaled up the in-situ catalytic
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fast pyrolysis from bench scale batch pyrolysis apparatus to pilot scale continuous circulating
fluidized bed reactor, which can achieve several hours’ reaction and regeneration operation.
Using the pilot scale setup, they obtained 25 wt.% yield of organic liquid from beech wood with
14% oxygen content and about 40% concentration of aromatic hydrocarbons in the organic
liquid based on chromatogram peak areas. This result is even better than their bench scale
experiment, which produced 20 wt.% yield of organic liquid with 10% concentration of aromatic
hydrocarbons based on chromatogram peak areas. Paasikallio et al.125 achieved a four day
operation of in-situ catalytic fast pyrolysis of wood in a circulating fluidized bed reactor and
produced 32 wt.% organic liquid with 22 wt.% oxygen content. However, the yield of aromatic
hydrocarbons was low, 6 wt.%. In 2012, KiOR completed the construction of an initial scale
commercial catalytic fast pyrolysis facility with a capacity of processing 500 dry tones woody
biomass per day. Unfortunately, the plant was brought to idle state and the company filed
bankruptcy in 2014. It was estimated that the carbon yield of KiOR’s process was around 17%
from woody biomass, but the composition of the liquid product was not reported.33 The catalyst
used in KiOR’s process was probably a ZSM-5 based catalyst, suggested by a KiOR’s patent.126
From continuous operation of in-situ catalytic fast pyrolysis, it was found out that the catalyst
deactivated quickly through coke formation. Coke formation is a reversible deactivation route.
Coke can be removed from the catalyst by combustion.124,127 Zeolites also suffer delamination
and ash accumulation during long term operations.99,124,125,128,129 With several hours’ reaction
and regeneration operation, lliopoulou et al.124 found that the micro pore structure of HZSM-5
was almost intact. However, only one third of the acid sites remained due to dealumination and
ash deposition. A four-day operation of in-situ catalytic fast pyrolysis using HZSM-5 catalyst
quantified that 14 wt.% of the ash presented in the biomass was deposited on the zeolite and
only half of acid sites remained after the experiment.125 They suspected that ash deposition was
the reason to block the acid sites.99,125 However the quality of the produced bio-oil from HZSM-5
upgrading was still considered as acceptable after a long term continuous operation.99,124,125
After a four days operation of HZSM-5 catalyzed fast pyrolysis of pine wood, the oxygen content
of the produced organic liquid only increased from ~22.5 wt.% to ~23.5 wt.%. 125 Jae et al.99 also
found that after 30 times reaction and regeneration of HZSM-5, the carbon yield of aromatic
hydrocarbons from pine wood only decreased from 14.2% to 13.1%.
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Pine

333
್ೌೞೞȀ

ೌ Ȁ

್ೌೞೞȀ

12,
500

520

450

550

550

25, wt.%

32, wt.%

-

21, wt.%

24, wt.%

-

23, wt.%

-

13, wt.%

26, wt.%

23, wt.%

19, wt.%

34, wt.%

14, wt.%

5, w.t%

-

20, wt.%

-

21, wt.%

20, wt.%

-

-

60, wt.%

Water

33, wt.%

21, wt.%

52, wt.%

48, wt.%

39, wt.%

42, C.%

23, wt.%

44, C.%

52, wt.%

27, wt%

-

19, C%

27, wt.%

Gas

18, wt.%

27, wt.%

14, wt.%

18, wt.%

13, wt.%

31, C.%

30, wt.%

37, C.%

15, wt.%

-

5, wt.%

26, wt.%

42, C.%

9, wt.%

-

Coke

14, wt.%

Char

51
-

~40,
A.%organic

-

37

-

-

61

-

76

54

-

-

-

ηe

6, wt.%

-

~0.5, wt.%

14, C.%

~5, wt.%

14, C.%

3, wt.%

~10,
A.%organic

17, C.%

18, C.%

13, wt.%

Aromatic
hydrocarbon
yield d

-

46

-

29

-

-

29

-

-

26

-

-

-

DOD f

124

125

132

131

130

99

128

100

110

124

98

100

15

Ref.

wt.% is product yield on weight basis; C.% is product yield on carbon basis; A.%organic is product concentration in total organic liquid based on chromatogram area; ~ means the number is estimated from the figures.

d

e

ை௪௧Ψೝೌೠೢೠೠೝೌ

η is calculated as the yield of organic liquid from in-situ catalytic fast pyrolysis divided by the yield of organic liquid from fast pyrolysis without catalytic upgrading.
ை௪௧Ψೝೌೠೌೝೠೝೌ
f
DOD is calculated as ͳ െ
.

wt.% is product yield on weight basis; C.% is product yield on carbon basis.

c

biomass feeding and catalyst regeneration experiments, it is calculated by catalyst feeding rate divided by biomass feeding rate.

For the bath experiments, it is calculated by catalyst to biomass weight ratio; for the continuous biomass feeding experiments, it is calculated by weight of catalyst divided by biomass feeding rate; for the continuous

Pilot scale

ೌ Ȁ

್ೌೞೞ Ȁ

ೌ

್ೌೞೞ Ȁ

ೌ

್ೌೞೞȀ

600

500

600

450

500

800

600

550

Organic

FBR=fluidized bed reactor; CFB=circulating fluidized bed reactor.

Beech

ೌ Ȁ
್ೌೞೞȀ
ೌ

0.5,
7,

ೌ

್ೌೞೞȀ

ೌ

್ೌೞೞȀ

0.5,

1,

6,

1,

10,

ೌ

್ೌೞೞ

ೌ

್ೌೞೞ

ೌ

್ೌೞೞ

ೌ

್ೌೞೞ Ȁ

0.5,

20,

0.6,

ೌ
್ೌೞೞ

19,

5,

T, [°C]

Product yields c

b

HZSM-5

33

3

Poplar

3

Mixed wood

3

2

-

0.3

Batch

Batch

Batch

Batch

Catalyst to biomass
weight ratio b

Catalytic upgrading conditions
Feeding
rate, [g/min]

Finnish forest
thinning

Pine

Pine

Pine

Pine

Beech

Red oak

Pine

Oak

Feed

a

HZSM-5(50)

HZSM-5

FBR; in-situ

CFB; in-situ

HZSM-5(50)

FBR; in-situ

CFB; in-situ

HZSM-5

FBR; in-situ

HZSM-5

HZSM-5

FBR; in-situ

FBR; in-situ

HZSM5 (23)

HZSM-5

Fixed bed tubular
reactor; ex-situ

HZSM-5(30)

HZSM-5(23)

Pyrolyzer; in-situ

FBR; in-situ

HZSM-5(30)

Pyroprobe; in-situ

FBR; in-situ

HZSM-5(23)

Catalyst

Pyrolyzer; in-situ

a

Reactor and
upgrading method

Table 2.6: Catalytic upgrading of wood derived pyrolysis vapour using HZSM-5 from micro batch scale to pilot continuous scale.

2.3.3 Mesoporous materials
Table 2.7 shows the dimensions of some bio-oil compounds derived from lignin. To determine
whether or not oxygenates could enter the porous materials, one can compare the y and z
dimensions of oxygenates with the size of the pore opening of the zeolites, because the
molecules can prefer energetically to enter the pores through their two smallest dimensions.133
The average pore size of HZSM-5 is 5.6Å, which is smaller than most of the pyrolysis
compounds, especially those derived from lignin. Yu et al.20 argued that the effective pore size
of ZSM-5 at 650°C was between 8.1~8.3Å, because the thermal vibration of the zeolite structure
is temperature dependent, but even at 650°C ZSM-5 still cannot fit large molecules present in
the bio-oil. This makes mesoporous material worth a try for upgrading the pyrolysis vapor,
because their big pore size, 20-150Å, allows larger molecules of the pyrolysis products, such as
lignin-derived compounds, to enter, reformulate and exit the catalyst.116
Table 2.7: Dimensions of pyrolysis products from lignin.20
Compounds

x, Å

y, Å

z, Å

Furfual

8.111

6.477

3.400

Phenol

8.098

6.728

3.400

o-Cresol

8.140

7.426

4.168

m-Cresol

8.728

7.358

4.167

Guaiacol

9.476

8.101

4.197

6-Methoxy-o-cresol

9.863

7.671

4.218

Creosol

9.272

7.912

4.196

4-Ethylguaiacol

10.696

8.053

4.197

4-Vinylguaiacol

10.555

8.109

4.197

Syringol

10.738

7.856

4.218

2,4-Dimethoxyphenol

10.376

8.048

4.197

1,2,3-Benzenetriol

8.760

7.990

3.400

Benzaldehyde, 4-hydroxy-3-methoxy-

10.193

7.331

4.187

1,2,3-Trimethoxybenzene

11.154

9.522

4.197

Ethanone, 1-(4-hydroxy-3-methoxyphenyl)-

10.778

7.950

4.187

Durohydroquinone

9.213

8.802

4.177

Benzene, 1,2,3-trimethoxy-5-methyl-

10.833

10.156

4.197

4-Methyl-2,6-dimethoxybenzaldehyde

10.036

9.489

5.223

Benzaldehyde, 4-hydroxy-3,5-dimethoxy-

10.401

9.765

4.197

Phenol, 2,6-dimethoxy-4-(2-propenyl)-

11.414

10.781

4.218

Ethanone, 1-(4-hydroxy-3,5-dimethoxyphenyl)-

11.014

10.247

4.199

Benzoic acid, 4-hydroxy-3,5-dimethoxy-

10.218

10.103

4.197

Types of mesoporous catalyst
Table 2.8 lists the types of mesoporous materials that have been tested in the literature and
Table 2.9 summarizes the results and operating conditions from catalytic fast pyrolysis using
mesoporous materials, and some results from zeolite upgrading are also listed in Table 2.9 for
comparison. Pure silica MCM-41 shows limited application, but active catalysts can be prepared
by incorporating metals, such as Al, Cu, Fe, Ga or Ti, into the framework of MCM-41.134 AlMCM-41 is the most studied mesoporous catalyst for bio-oil upgrading and it was found to
increase the yield of phenolic compounds 135-138 and polycyclic aromatic hydrocarbons,135,136
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while decreased the yield of acids136,137,139 and levoglucosan.138,139 Park et al.138 studied another
popular mesoporous pore material, Al-MCM-48, by ex-situ catalytic upgrading of miscanthus
pyrolysis vapor and showed increase yield of phenolic compounds compared to untreated biooil.
New mesoporous materials were synthesized to improve the hydrothermal stability of the
mesoporous materials. One of the approaches is to prepare of mesoporous materials
constructed with zeolitic frameworks, which may give synergistic benefits from the zeolites and
the mesoporous materials. Lee et al.137 synthesized mesoporous aluminosilicates (MMZβ and
MMZZSM-5) using commercially available β and ZSM-5 zeolites. The catalysts were tested in a
bench scale continuous fluidized bed reactor with an ex-situ fixed catalyst bed. The MMZ
catalysts showed an increase yield of phenolic compounds and a reduction of oxygenates,
compared to either Al-MCM-41 or HZSM-5 upgrading. They believed that it could result from the
large pore size of the catalyst and the consequently high accessibility of the MMZ catalysts. The
coke yields from the MMZ catalysts were twice and four times higher than using Al-MCM-41 and
HZSM-5 catalyst, respectively. Triantafyllidis et al.140 synthesized two mesoporous
aluminosilicate materials (MSU-S/Hβ and MSU-S/W β) from β zeolite. MSU-S/Hβ has a
hexagonal framework structure with a pore diameter of 3.0 nm and MSU-S/W β has a wormholelike pore structure with a pore diameter of about 3.6 nm. The MSU catalysts were tested in a
bench scale batch reactor with an ex-situ fixed catalyst bed. The MSU catalysts gave high
yields of polycyclic aromatic hydrocarbons (PAH) and coke, while they reduced the yields of
acids, alcohols or carbonyls. The total concentrations of PAH in organic phase were 37 wt.%
and 42 wt.% for MSU-S/H and MSU-S/W respectively compared to only 7 wt.% for Al-MCM-41.
However, the total organic yields were only half (12 wt.% for MSU-S/H and 9.77 wt.% for MSUS/W) compared to using Al-MCM-41 (22.55 wt.%). Park et al.138,141 studied ex-situ catalytic
upgrading using a Meso-MFI material using a bench scale batch pyrolysis apparatus and
obtained similar yield of aromatic hydrocarbons as using HZSM-5.
Table 2.8: Specifications of various mesoporous materials investigated in literature
Catalyst

Surface area, m2/g

Pore size, Å

SiO2/Al2O3

Acidity, mmol-NH3/g

Ref.

MCM-41

946

28.7

-

0.02

135

Al-MCM-41

827-869

27.0-27.5

30-50

0.2-0.3

135

Al-MCM-41

866-972

-

21-51

-

136

Al-MCM-41

866

-

30

-

137

Al-MCM-41

990

30

50

0.2

140

Al-MCM-41

950

26

20

-

138

Al-MCM-48

1350

26

20

-

138

MMZβ

786

-

16

-

137

MMZZSM-5

866

-

17

-

137

MMZZSM-5

850

27

18

-

141

MSU-S/Hβ

1017

30

50

0.2

140

MSU-S/Wβ

923

35

50

0.2

140

Meso-MFI

647

48

18

-

141

Mesp-MFI

567

41

15

-

138
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Zn, Fe, Cu, Ga and Pt modified mesoporous catalysts have been tested as well.136,138,139,141 Zn,
Fe and Cu were found to increase phenol and hydrogen production and decrease the yields of
hydrocarbons, compared to using parent MCM-41.136 Ga was found to increase the yield of
aromatic hydrocarbons. For instance, 1 wt.% Ga/meso-MFI produced 6 wt.% aromatic
hydrocarbons compared to 4 wt.%, 4 wt.% and <1 wt.% yield of aromatic hydrocarbons from
Meso-MFI, HZSM-5 and MMZ respectively through ex-situ catalytic fast pyrolysis of radiata pine
sawdust.141 Pt modified Meso-MFI enhanced the cracking, dehydration, and aromatization
reactions, and eventually produced more aromatic hydrocarbons (48 wt.% yield of bio-oil from
miscanthus with 15% concentration of aromatic hydrocarbons based on chromatogram area
and), compared to Meso-MFI (44 wt.% yield of bio-oil with 9% concentration of aromatic
hydrocarbons based on chromatogram area and).138
Role of acidity
Iliopoulou et al.135 evaluated a non-acidic MCM-41 catalyst (with no alumina containing) and two
acidic Al-MCM-41 (SiO2:Al2O3=30 and 50) catalysts by ex-situ catalytic fast pyrolysis of beech
wood in a bench scale fixed bed reactor. The non-acidic catalyst did not reduce the organic
liquid yield, and it promoted the formation of polycyclic aromatic hydrocarbons and heavy
compounds, compared to non-catalytic run and acidic Al-MCM-41(SiO2:Al2O3=30 and 50)
catalysts. The organic liquid yield from Al-MCM-41(30) was only half compared to Al-MCM-41
(50), and the yields of aromatic hydrocarbons were similar. Antonakou et al.136 studied ex-situ
catalytic fast pyrolysis of beech wood in a bench scale fixed bed reactor. The results showed
that the organic liquid yield remained at the same level (about 11-12 wt.% on biomass basis)
using Al-MCM-41 (SiO2:Al2O3=21, 34, 51) catalysts with different acidity, but the intermediate
acidity Al-MCM-41 (SiO2:Al2O3=34) catalyst gave the highest yield of hydrocarbons.
Catalyst deactivation
Al-MCM-41 catalyst has a lower hydrothermal stability than zeolite, which prevents them from
being used at high temperature and at the presence of steam.142 For example, by ex-situ
catalytic fast pyrolysis, it was shown that the activity of the Al-MCM-41 decreased significantly
during regeneration-upgrading cycles.137 Iliopoulou et al.135 reported that steam at high
temperature (750oC) reduced the acidity and surface area of the Al-MCM-41 catalyst, and
hence inhibited the catalyst activity. New method to synthesize mesoporous material, such as
MMZ, shows excellent hydrothermal stability through regeneration-upgrading cycles.137
Mesoporous materials also produce more coke than microporous materials, and hence the
mesoporous catalysts probably will deactivate quickly during continuous operation and require a
quick regeneration to remove coke.81,136
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Fixed bed reactor;
ex-situ

Fixed bed reactor;
ex-situ

Fixed bed reactor;
ex-situ

FBR; ex-situ

Pyrolyzer; ex-situ

Fixed bed reactor;
ex-situ

Fixed bed reactor;
ex-situ

a

Reactor and
upgrading method

3

Batch
Batch
Batch
Batch
-

Beech

Beech

Spruce

Spruce

Wood

Wood

Wood

Cu-MCM-41(24)

Fe-MCM-41(23)

Zn-MCM-41(49)

Al-MCM-41(20)

Cu-Al-MCM-41(20)

Al-MCM-41(30)

MMZβ(62)

MMZZSM-5(20)

Batch
Batch
Batch
Batch
Batch
Batch

Pine

Miscanthus

Miscanthus

Miscanthus

Miscanthus

1wt.%Ga/Meso-MFI(18)

5wt.%Ga/Meso-MFI(18)

HZSM-5 (15)

Al-MCM-41 (20)

Al-MCM-48 (20)

Meso-MFI (15)

MMZZSM-5 (18)

Pine

Batch

Pine

HZSM-5 (20)

Meso-MFI (18)

Batch

Pine

MSU-S/Wβ(50)

Batch

Batch

Beech

Pine

Batch

Beech

MSU-S/Hβ(50)

-

Batch

Beech

Al-MCM-41(51)

Batch

Batch

Beech

Al-MCM-41 (34)

Wood

Batch

Beech

Al-MCM-41(21)

Beech

Batch

Beech

Al-MCM-41(30)-st550

ZSM-5(25)

Batch

Beech

Al-MCM-41(50)-st750

Al-MCM-41(50)

3

Batch

0.1

0.1

0.1

0.1

0.1

0.1

0.1

0.1

0.1

0.5

0.5

0.5

3

3

1

1

0.5

0.5

0.5

0.5

0.5

0.5

0.5

0.5

Batch

0.5

0.5

Beech

Batch

Beech

Beech

450-500

450-500

450-500

450-500

500

500

500

500

500

500

500

500

500

500

500

500

450-500

450-500

500

500

500

500

500

500

500

500

500

500

Catalytic upgrading conditions
Feeding rate,
Catalyst to
T, [°C]
[g/min]
biomass ratio b
Batch
0.5
500

Al-MCM-41(30)

Beech

MCM-41

Feed

Al-MCM-41(50)

Catalyst

20

26

25

22

15

14

12

15

14

10

12

23

24

30

32

30

-

-

13

9

11

11

11

12

13

9

9

23

20

Organic

28

23

23

26

34

32

31

36

33

23

27

25

17

18

17

18

-

-

35

27

34

21

21

23

26

31

39

26

36

Water

26

25

26

26

28

32

35

27

30

14

7

7

38

30

29

31

-

-

8

9

10

14

16

16

11

12

14

7

10

Gas

22

23

23

22

23

-

-

-

-

Char

Product yields, [wt.%]

Table 2.9: Catalytic upgrading of pyrolysis vapour using mesoporous materials.

26

26

26

26

43

49

37

-

-

35

52

36

45

50

41

41

39

38

37

33

17

19

21

19

14

<1

2

2

1

Coke

9 A.%bio-oil

Trace

Trace

7 A.%bio-oil

3

6

4

<1

4

~4

~5

~3

-

-

-

-

-

-

1

1

1

6

7

5

~2

~1

~2

~3

~8

Hydrocarbon
yield, [wt.%] c

63

81

78

61

91

82

69

89

82

48

57

110

55

68

73

68

-

-

68

46

60

58

58

61

62

44

45

107

94

ηd

138

141

140

137

139

136

135

Ref.

27

0.5 wt.% Pt/Meso-MFI (15)

Miscanthus

Batch

0.1

450-500
15

29

30

26

15 A.% bio-oil

50

d

η is calculated as the yield of organic liquid from fast pyrolysis and catalytic upgrading divided by the yield of organic liquid from fast pyrolysis without catalytic upgrading.

estimated from the figures in the reference.

c
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Monocyclic aromatic hydrocarbons and polycyclic aromatic hydrocarbons are all counted as hydrocarbons; A.% bio-oil is product concentration in total bio-oil based on chromatogram area; ~ means the number is

FBR=fluidized bed reactor.
b
For the bath experiments, it is calculated by catalyst to biomass weight ratio; for the continuous biomass feeding experiments, it is calculated by weight of catalyst divided by weight flow rate of pyrolysis vapor

a

2.3.4 Atmospheric hydrodeoxygenation catalysts
Hydrodeoxygenation (HDO) is one of the promising bio-oil upgrading routes.83 In HDO bio-oil is
upgraded at a high hydrogen pressure (as high as 100-200 bar) and a moderate temperature
(about 300-400oC) in the presence of a catalyst (typically NiMo or CoMo based). The final
product of HDO is saturated hydrocarbons and the oxygen is removed in the form of water. Gas
Technology Institute has built a 50 kg/day pilot plant for continuous fast pyrolysis and
hydrodeoxygenation of pyrolysis vapor. The process is known as the integrated hydropyrolysis
and hydroconversion (IH2) process.143 High hydrogen consumption and catalyst deactivation by
impurities in the bio-oil, such as alkaline ash, are main concerns for HDO.25,83 It was estimated
that 62 kg of H2 was needed to hydrodeoxygenate one ton of bio-oil.144 If the hydrogen is
obtained from an oil refinery, it was estimated that the current US refinery hydrogen capacity
needed to be tripled to meet the 2022 US RFS cellulosic advanced biofuel mandate of 57 billion
liters using a pyrolysis oil platform.145 For HDO of bio-oil, to find a hydrothermally stable catalyst
with high resistance to alkaline impurities is another challenge. 25,146 Mortensen et al.147 found
that impurities, such as potassium, reduced the long term stability of Ni/ZrO 2 and Ni-MoS2/ZrO2
catalysts during HDO of bio-oil model compounds and suggested to remove these compounds
from the bio-oil prior to HDO.
Hydrodeoxygenation of bio-oil under atmospheric pressure has been shown possible using
model compounds derived from cellulose or hemicellulose (C 3 oxygenates, furanic compounds),
or derived from lignin (anisole and phenolic compounds). The catalysts which have been
investigated under atmospheric pressure HDO include supported metals and metal
oxide/carbide/phosphide. Different from high pressure HDO, which produces saturated
hydrocarbons, low pressure HDO selectively cleaves C-O/C=O bonds and produces mainly
unsaturated hydrocarbons, which are the thermodynamically stable species at a low hydrogen
pressure and a high temperature. Thermodynamic analysis of guaiacol HDO showed that the
formation of saturated rings was not favored at temperatures higher than 427ᵒC.148 For instance,
Pt/SiO2 atmospheric HDO of anisole yielded about 70% benzene, while Pt/Al2O3 HDO of
guaiacol at 40 bar achieved about 75% conversion and close to 80% selectivity to
cyclohexane.149,150 Table 2.11 summarize the results of catalytic upgrading of bio-oil model
compounds by HDO catalysts under atmospheric pressure.
Effect of hydrogen
Hydrodeoxygenation of pyrolysis vapor is typically conducted under hydrogen environment. In
this section the effect of hydrogen without catalyst during fast pyrolysis of biomass is discussed.
Fast pyrolysis in a hydrogen rich gas atmosphere may also refer as hydro-pyrolysis. Table 2.10
lists the experiments that have been conducted to study the effect of hydrogen on fast pyrolysis
without catalysts.
Hydrogen is believed to prevent the polymerization by deactivating free radicals, and eventually
a bio-oil with lower molar weight and lower oxygen content is produced from hydropyrolysis.78,151,152 For example, the oxygen content of the rice husk derived bio-oil decreased
from 32.6% to 31.1%, when the carrier gas in a fluidized bed reactor was switched from
nitrogen to hydrogen under atmospheric pressure.151 It is believed that more oxygen is rejected
in the form of CO, CO2 and H2O during hydro-pyrolysis.151,152 The outcome is a bio-oil with a
slightly higher heating value. The corncob derived bio-oil from atmospheric hydro-pyrolysis in a
fluidized bed reactor at 650°C had a heating value of 24.4 MJ/kg, compared to 17.8 MJ/kg
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producing form N2-pyrolysis.152 This improvement comes at the price of a lower bio-oil
yield.151,152 The yield of rice husk bio-oil decreased from 45.7 wt.% by N2-pyrolysis to 40.8 wt.%
by hydro-pyrolysis.151 A similar decrease in bio-oil yield was also observed using corncob as a
feedstock.152 In general, atmospheric hydro-pyrolysis shows the improvements regarding
oxygen content or heating value of the bio-oil, but to a very limited extent.
Rocha et al.153 elevated the hydrogen pressure in a fluidized bed reactor from 5 bar to 100 bar
at 520°C pyrolysis temperature, and the oxygen content of the cellulose derived bio-oil
decreased from 32% to 20%. However even at a high hydrogen pressure, the H/C ratio of the
bio-oil almost remained constant at about 1, which meant no hydrogenation occurred.
Venkatakrishnan et al.154 showed that H2 probably did not participate in the pyrolysis reaction
mechanism at 480°C and up to 50 bar pressure using a cyclone type fast pyrolysis reactor,
because there were no significant differences between the bio-oil compositions produced by
hydro-pyrolysis and He-pyrolysis of cellulose. At a higher temperature, such as 580oC, They
found that the yields of small oxygenates from hydro-pyrolysis at 27 bar, like formic acid and
glycolaldehyde, decreased by roughly 10 wt.% points and water production increased by
roughly 15 wt.% points, compared to He-pyrolysis. Unfortunately, the oxygen content of the biooil produced from He-pyrolysis and hydro-pyrolysis was not discussed by Venkatakrishnan et
al.154

29

30

Cellulose

Cyclone
type
reactor

350
400
450
520
520
520
520
520
480
480

2
2

H2

H2

H2

H2

H2

H2

H2

H2

H2

He

H2

480
580

2
2

H2

He

480

300

-

H2

2

550

He

550

-

650

650

-

1.2~1.5

1.2~1.5

Temperature
[°C]

N2

H2

N2

Carrier
gas

Operating conditions

Gas
residence
time, [s]

2
580
H2
a
~ means the number is estimated from the figures in the reference.

Cellulose

corncob

Rice husk

Feed

Batch
type
Pyrolysis
tube

Fluidized
bed
reactor

Fluidized
bed
reactor

Reactor
type

27

27

54

54

27

27

100

75

50

25

5

5

5

5

5

1

1

1

1

Pressure
[bar]

~47

~53

~29

~35

~55

~55

37

31

28

35

39

~38

~35

~33

~9

~30

~35

40.8

45.7

Organic
liquid

~15

~11

~22

~21

~12

~14

28

30

33

26

25

-

-

-

-

~26

~22

~26

~20a

Reaction
water

11

11

27.1

20.4

8.3

7.7

18

22

25

25

18

~25

~32

~38

~87

~23

~23

-

-

Char

Product yields, [wt.%]
a

16

19

8.3

7.2

5.5

6.9

5.2

2.7

2.4

2.8

1

-

-

-

-

16.5

13.6

-

-

Gas

-

-

-

-

-

-

74.2

71.2

69.1

64.1

62.7

59.3

59.3

57.6

56.7

-

-

-

-

C

-

-

-

-

-

-

5.9

5.8

5.7

5.0

5.1

5.6

5.5

5.4

5.2

-

-

-

-

H

-

-

-

-

-

-

20

23

25

31

32

35

35

37

38

-

-

31.3

33.8

O

-

-

-

-

-

-

-

-

-

-

-

-

-

-

-

-

-

-

-

N

Elemental analysis of
organic liquid, [wt.%]

Table 2.10: The effect of H2 fast pyrolysis on product yields and elemental content

-

-

-

-

-

-

0.96

0.98

0.98

0.94

0.98

1.14

1.11

1.12

1.11

-

-

-

-

H/C

-

-

-

-

-

-

0.20

0.24

0.27

0.36

0.38

0.44

0.44

0.48

0.5

-

-

-

-

O/C

Molar ratio

-

-

-

-

-

-

-

-

-

-

-

-

-

-

-

24.4

17.8

23.6

24.8

HHV,
[MJ/kg]

154

153

152

151

Ref.

Supported metals
Supported metal catalysts (Pt, Pd, Rh, Ru, Ni, Sn, Cu and Fe) have been shown active for
atmospheric HDO of bio-oil model compounds (anisole, guaiacol and m-cresol), as shown in
Table 2.11. The final products are mainly phenol and aromatic hydrocarbons. For the supported
noble metals and Ni catalysts, ring saturation products, such as cyclohexanone, were observed
especially at a low catalyst temperature.155-162 Ring saturation products were not observed when
supported Cu and Fe catalysts were used. 148,156,163 H2 is critical for the atmospheric HDO.
Nimmanwudipong et al.157 showed that without hydrogen the conversion of guaiacol over
Pt/Al2O3 was almost zero. HDO reaction requires two active sites of the catalyst, one for
activating the oxygen group and one for facilitating the hydrogenation. 73 The former takes place
either on a metal site or the metal-support interface and the latter takes place on the metal
surface, as shown in Figure 2.8.29,148 Supports play a role in providing acidic sites for
dehydration, which is relevant to the final effect of HDO.160 Fluorine-doped alumina, which
increases the number and the strength of Brønsted acid sites and reduces the basic sites of
alumina, showed the highest conversion of m-cresol and the highest selectivity towards toluene,
among Al2O3, K-Al2O3 (potassium-doped alumina intended to deactivate the Brønsted acid
sites), SiO2, K-SiO2.160 However, Mortensen et al.29 suggested that Al2O3 was not a good
catalyst support, because Al2O3 would be converted into boemite (AlO(OH)) and high coke
formation linked to the relatively high acidity of Al 2O3. There are two main deactivation routes
proposed for the metal catalysts, sintering and coking. 155,160

Figure 2.8: Possible reaction mechanism of guaiacol conversion into aromatic hydrocarbons by HDO over
Fe/SiO2. The figure is adapted from Olcese et al.148

Bimetallic catalysts have also been explored. Sun et al.156 showed that atmospheric HDO of
guaiacol using carbon supported Pd-Fe yielded about 80% aromatic hydrocarbons at 450 oC,
which was more than using carbon supported Pd or Fe alone. They suggested that Fe provided
the active site for phenol HDO and Pd facilitated the reduction of FeO x. Gonzalez-Borja et al.159
developed a Pt-Sn bimetallic catalyst and showed that it had an improved HDO activity to
produce benzene from guaiacol, compared to supported Pt or Sn alone.
Few metal supported catalysts have been tested on biomass pyrolysis vapors. Meesuk et
al.151,164,165 studied Ni/Al2O3 and Ni loaded on brown coal char as catalysts for in-situ catalytic
upgrading of rice husk pyrolysis vapor in a continuous fluidized bed reactor under atmospheric
hydrogen pressure. Both catalysts showed some deoxygenation activity and Ni loaded on
brown coal char catalyst was found to be the most favorable. About 10 wt.% organic liquid yield
with oxygen content of 20% was obtained as the best result.164
Metal oxides
Reducible metal oxides (MoO 3, WO3, CuO, V2O5 and Fe2O3), has shown HDO activity under
atmospheric pressure and the results are shown in Table 2.11. Most works have been devoted
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to MoO3, as Prasomsri et al.34 found that MoO3 was the most active catalyst for atmospheric
HDO among WO3, CuO, V2O5 and Fe2O3. Reducible metal oxides selectively cleave carbonoxygen bonds and produce mainly unsaturated hydrocarbons. The studied model compounds
include acetone, acrolein, acetaldehyde, 2-hexanone, cyclohexanone, anisole, 2-methylfuran
and 2,5-dimethyfuran, phenol, anisole, guaiacol, m-cresol and diphenyl ether.34,166-168 The
reaction mechanism was proposed to be reverse Mars van Krevelen, as shown in Figure 2.9.34
Hydrogen is critical for the reaction, because the metal oxides need to be reduced by H2 first to
remove the lattice oxygen atom and forming an oxygen vacancy site. The oxygen atom is
removed from the oxygenates upon the adsorption on the vacancy sites with concomitant
regeneration of the vacancy with H2 to produce water. Replacing the hydrogen with inert gas
resulted in decreasing the conversion rate down to zero for HDO of anisole by MoO 3.34 A good
HDO metal oxide should have a strong metal-oxygen bond, because the broken bond should be
the carbon-oxygen bond, but the metal-oxygen bond should not be too strong that cannot be
reduced by H2. Two deactivation routes were reported, reduction and coking. Reduction of
reducible metal oxides was severe at temperatures 400oC.168 It was also observed that water
inhibited the HDO reaction, by influencing the number of oxygen vacancy sites, but increasing
the partial pressure of the hydrogen can suppress the water inhibition.34

Figure 2.9˖
˖Schematic representation of the molybdenum oxide redox cycle involved in the
hydrodeoxygenation of acetone. The figure is adapted from Prasomsri et al.34

Nolte et al.24 recently studied MoO3 HDO of cellulose, lignin and corn stover pyrolysis vapors at
400ᵒC, 1.8 bar pressure and H2 environment in a micro-pyrolyzer. A total yield of 53%, 26% and
23% C4+ and aromatic hydrocarbons on carbon basis were reported from cellulose, corn stover
and lignin, respectively. This shows that atmospheric pressure HDO of pyrolysis vapor over
MoO3 can obtain a level of HDO comparable to high pressure HDO by precious metal catalyst,
such as supported Pt-Mo, which gave 55% and 32% yield of hydrocarbons from cellulose and
poplar, respectively.169
Metal carbides
Both molybdenum carbide and tungsten carbide were reported to have HDO activity on bio-oil
model compounds and the results are shown in Table 2.11. Similar as reducible metal oxides,
metal carbides show high selectivity to cleaving the carbon-oxygen bonds and produce mainly
unsaturated hydrocarbons.170-174 H2 is critical for sustaining the HDO reaction over metal
carbides by removing surface oxygen from the carbides. 172,173 Two main deactivation routes of
metal carbides are coking and oxidation.170,171 Mortensen et al.175 showed that water quickly
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deactivated the molybdenum carbide catalyst by converting Mo 2C into MoO2 during HDO of
phenol and 1-octanol at 300°C and 100 bar. The effect of water on metal carbides at
atmospheric pressure is not known, but it is reasonable to expect that presence of water is not
favored during atmospheric HDO using metal carbides. Real biomass has also been tested
using Mo2C/Al2O3 as a catalyst in a continuous bench scale fluidized bed reactor, but the
deoxygenation effect of the final bio-oil was not observed, and the reason was probably due to
the fact that the experiment was conducted under inert environment instead of H 2
environment.176
Metal phosphides
Metal phosphides (Ni2P, Co2P, Fe2P, WP, RuxP and MoP) are also shown to have atmospheric
HDO activity on bio-oil model compounds and the results are shown in Table 2.11. Studies
showed that they were more active than commercial Pd/Al 2O3 or commercial Co-MoS2/Al2O3
catalyst.177,178 Ni2P was found to be the most active phosphide catalyst. 161,178 Wu et al.179 found
that SiO2 was the best support for Ni2P HDO of guaiacol, among SiO2, ZrO2 and Al2O3. The
reason was the different Ni2P morphologies obtained on different supports, with SiO2 giving the
smallest crystallite size of N2P. Small Ni2P crystallites have strong interaction between Ni and P,
yielding more square pyramidal Ni(2) site (surrounded by five nearest P atoms) than quasi
tetrahedral Ni(1) site (surrounded by four nearest P atoms), as shown in Figure 2.10. The Ni(2)
site was proposed to be primary responsible for HDO activity.180 Coke and change of active
phase morphology, possibly due to loss of P to PH 3 under H2 environments, are reported to be
the two main deactivation routes.179,181

Figure 2.10: Tetrahedral Ni(1) site and pyramidal Ni(2) site in Ni2P unit cell. The figure is adapted from Ruddy et
al.73
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Table 2.11: Catalytic upgrading of bio-oil model compounds using HDO catalyst under H2 atmospheric pressure.
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2.3.5 Other catalytic upgrading approaches
Catalytic stabilization
Among the bio-oil compounds, some oxygenates are notorious to contribute to the undesired
properties. For instance, acidic compounds found in the bio-oil not only cause corrosion
problems, but also catalyze secondary reactions of the bio-oil and eventually reduce the bio-oil
stability.182 Acetic acid can be ketonized to produce acetone, which can further undergo C-C
coupling to obtain a high carbon chain liquid product, instead of being hydrodeoxygented into
propene or propane.182,183 Other reactions, such as esterification are also proposed for bio-oil
upgrading. These mild upgrading approaches do not reduce the oxygen content of the bio-oil to
a large extent, but they can serve as a pretreatment method before severe upgrading, such as
HDO.182,183 One can expect that the bio-oil upgraded by these reactions will have a better
stability and be easier to handle, as the highly reactive species are removed and the acidity is
improved.
Carboxylic acids can be converted into ketone, water and carbon dioxide. Catalysts, such as
CeO2, MnO2, ZrO2, TiO2 and mixed oxides, were found to have the ketonization activity under
pyrolysis condition.28,184-187 Some catalysts such as, CeO2/SiO2,188 MnO2/SiO2,188 ZrO2/CeO2,184
Fe0.2Ce0.2Al0.6Ox,189 and ZnO2/Cr2O3187 could achieve almost 100% conversion of acetic acid at
temperature of 400-450oC, and the only products were acetone, water and CO 2. Long term
activity test of CeO2/SiO2 at 450°C for 100 hours showed that the conversion was always higher
than 97%.188 Co-feeding water and CO2 inhibited the ketonization of the acids. 28,184 A small
amount of other compounds, such as furfural and phenolic compounds, had limited effect on the
acetic acid ketonization.189 However, a high concentration of these compounds would inhibit the
acetic acid conversion.188,189 Phenolic compounds were prone to coke formation, as high as
75%, over Fe0.2Ce0.2Al0.6Ox.189 Alternatively, ketonization can be done in liquid phase at low
temperature and high pressure in order to minimize the cracking and repolymerization of other
bio-oil compounds.182,185 Aldehydes were also found active for ketonization catalyzed by
reducible oxides.183 Gangadharan et al.190 showed that propanal was converted to coupling
ketones with a yield of 23.4 wt.% over a Ce0.5Zr0.5O2 catalyst. Real pyrolysis vapor has also
been tested for ketonization. Wan et al.35 evaluated a 5% Ru/TiO2 catalyst for ex-situ catalytic
upgrading of fast pyrolysis vapors from oak and switch grass under 0.58 partial pressure of H2
in a bench scale fluidized bed reactor. The yield of acetic acid was dramatically decreased for
both oak (from 6.26% obtained from fast pyrolysis to 0.84% obtained from Ru/TiO 2 upgrading)
and switch grass (from 1.84% obtained from fast pyrolysis to 0.49% obtained from Ru/TiO2
upgrading), while acetone increased significantly, indicating ketonization catalyzed by TiO 2. The
organic yield decreased from 60.2 wt.% to 25.3 wt.% containing only 13.6 wt.% oxygen
content.35
Esterification is another method to eliminate carboxylic acids in the form of esters by addition of
an external alcohol, mainly methanol or ethanol. The catalysts applied in this reaction include
solid acid catalysts, zeolite or TiO 2, ZrO2, and Fe2O3 containing mixed oxides modified with
anions, such as ܱܵସଶି , ܱܲସଷି .191-194 The esterification temperature is usually ~100 oC,191,195 and a
higher temperature, such as 180oC, has also been explored.193 Using acetic acid as a model
compound, the conversion could achieve more than 80% by co-feeding ethanol over a
ܱܵସଶି /ZrO2−TiO2191 or ܱܵସଶି /TiO2−SiO2 catalyst.194 Esterification of real bio-oil was also studied
and a significant increase in esters, up to 20 times, was found.191,192,194 Esterification can also
be integrated into the fast pyrolysis process. Hilten et al.195 attached a reactive condensation
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unit to a continuous transport bed pyrolysis reactor, where vaporized ethanol reacted with
organic acids to produce esters at 114-127°C without a catalyst. A reduction of 42% of the
acetic acid was reported and the formation of esters including ethyl acetate and ethyl propionate
were observed.
Other catalysts
Chen et al.196 studied catalytic fast pyrolysis using microwave pyrolysis apparatus by
impregnating catalysts, including NaOH, Na2CO3, NaSiO3, NaCl, TiO2, H3PO4, Fe2(SO4)4 into
wood. The four sodium compounds, especially NaOH, increased the production of acetol, while
H3PO4 and Fe2(SO4)4 increased the yield of fufural and 4-methyl-2-methoxy-phenol.
Babich et al.197 studied the fast pyrolysis of microalgae impregnated with Na 2CO3 using a fixed
bed reactor. Comparing to non-catalytic fast pyrolysis, Na2CO3 produced a bio-oil with a lower
acidity (pH 3.7 compared to pH 2.5 of non-treated bio-oil), higher aromatics (25% of bio-oil
based on chromatograph area compared to 17% of non-treated bio-oil). The oil yield decreased
from about 55 wt.% (non-catalytic run) to 42 wt.%. The energy recovery at 450ᵒC was almost
the same as non-catalytic pyrolysis, about 42%.
Mukkamala et al.198 evaluated the effect of calcium formate using impregnation method for lignin
fast pyrolysis. The lignin/calcium formate was pyrolyzed at a continuous bench scale entrained
flow reactor at 500°C at atmospheric pressure. The produced bio-oil separated into two phases
(aqueous phase and organic phase). The O/C ratio of the bio-oil decreased from 0.19 (lignin
pyrolysis) to 0.067 (1:1 ratio of lignin and calcium formate on weight basis), and the liquid yield
increased from 23.0 wt.% to 32.5 wt.%. The higher heating value of the organics was 41.7
MJ/kg compared to 30.7 MJ/kg of un-treated organics. The H/C ratio of bio-oil increased from
0.96 to 1.4. The same group extended their work by using pine wood and various calcium
compounds, including CaO, CaSO4, CaCO3, Ca(OH)2, and Ca(COOH)2.199 They found that
calcium formate gave a relative high bio-oil yield, while still achieved a significant deoxygenation,
and CaO gave the most severe deoxygenation effect, as shown in Figure 2.11.
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Figure 2.11: Oxygen content versus organic liquid yield from fast pyrolysis of pine wood impregnated with
various calcium compounds at 500°C using a continuous bench scale entrained flow reactor 199
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2.4 Conclusion
Fast pyrolysis converts up to 75 wt.% of the biomass into an organic liquid, called bio-oil or
pyrolysis oil. An intermediate temperature, 500-550°C, a short gas residence time (<2 seconds)
and a fast heating rate are important to achieve a high yield of bio-oil. The reactor is the core
equipment for the fast pyrolysis process. Bubbling fluidized bed, circulating fluidized bed and
ablative type fast pyrolysis reactors typically give high yields of bio-oil, 70-75 wt.%, from the fast
pyrolysis of woody biomasses. Bio-oil is composed of different oxygenates derived from the
three main biomass building blocks, cellulose, hemicellulose and lignin. The direct usage of biooil is limited by its poor qualities, such as poor stability and high acidity, due to its high oxygen
content. Eliminating the oxygen from the bio-oil is the main goal for catalytic upgrading of bio-oil,
and hence transfers the bio-oil into a petroleum compatible liquid. However, the fact that the
oxygen in bio-oil is found in 400 compounds across a variety of functionalities makes
deoxygenation of bio-oil a challenge.
Zeolite upgrading, which resembles the MTH process to some extent, is one of the most studied
catalytic upgrading routes. The operating conditions are around 600°C, atmospheric pressure
and with no requirement of hydrogen. The final products are mainly BTX (benzene, toluene and
xylenes) products. The best zeolite was found to be HZSM-5, with pore size around 5.6 Å and
SiO2/Al2O3 around 23-30. Incorporating with certain metals, such as Ga, was found to increase
the yield of aromatic hydrocarbons. Zeolites deactivate quickly through coke formation, due to
the hydrogen deficient nature of the bio-oil. Long term operations also found that the zeolites
lost the acidity due to ash deposition and dealumination. Despite the difficulties, the fact that
companies, such as Anellotech and KiOR, are or were trying to commercialize zeolite upgrading
of pyrolysis vapor indicates that zeolite upgrading approach is one of the most promising bio-oil
upgrading routes. MCM-41 based mesoporous materials have big pore sizes that allow large
molecules in the bio-oil, such as lignin-derived compounds, to enter, reformulate and exit the
catalyst. The operating conditions are similar to zeolite upgrading. MCM-41 based catalysts
have a lower hydrothermal stability than zeolites, which prevent them from being used at high
temperature at the presence of steam. New methods to synthesize mesoporous materials such
as MMZ showed good hydrothermal stability. Coke formation on mesoporous materials is
typically higher than zeolites, which indicates a quick deactivation of this catalyst as well.
Although some mesoporous materials can produce comparable amount of aromatic
hydrocarbons from biomass as zeolites do, the selectivity towards polycyclic aromatic
hydrocarbons when using mesoporous materials makes the produced organic liquid less
valuable than using zeolites.
Other catalytic upgrading routes are still at early stages of research process. Atmospheric HDO
is a rather new upgrading route. Supported metals, metal oxides, carbides and phosphides are
found to be active atmospheric HDO catalysts. The operating conditions are typically at <450°C,
atmospheric pressure and under hydrogen environment. Using MoO3 in a micro scale bath
setup under low H2 pressure, it has been shown that the yields of aromatic hydrocarbons from
real pyrolysis vapors were comparable to high pressure HDO experiments using a precious
metal catalyst. Most of the catalysts that have been proved as potential atmospheric HDO
catalysts are not tested all the way from model compounds to real biomass pyrolysis vapors.
Further studies of these catalysts under pyrolysis vapor condition using a micro or bench scale
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setup are of interest. Other mild upgrading approaches, such as ketonization and esterification,
aiming at producing a stabilized bio-oil by eliminating the acetic acid presenting in the bio-oil,
have been proved possible by using mainly model compounds. Ketonization typically operates
at 400-450°C, and esterification typically operates at a much lower temperature, 100°C. Similar
as atmospheric HDO catalysts, testing mild upgrading catalysts using real pyrolysis oil and
characterization of the treated bio-oil to confirm the improved stability should be an area of
emphasis.
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3. Experimental work
3.1 Introduction
The majority of the experimental work was performed using the new Pyrolysis Centrifuge
Reactor (PCR), which is a second version of the bench scale PCR setup developed at CHEC
research centre, DTU. For this Ph.D. project, few early experiments were also performed using
the old PCR for the purpose of learning how to operate the setup, while the new PCR was
under construction. The results produced from the old PCR were used for later comparison with
the new PCR. Soon after the commissioning of the new PCR setup, it was modified in order to
conduct experiments for direct catalytic upgrading of pyrolysis vapour before condensation step.
This chapter describes the two PCR setups, outlines the major modifications and presents the
materials and characterization techniques that were used in the experimental work.

3.2 The new and the old PCR setups
The original idea of the PCR setup was to convert straw into bio-oil directly in the field by fast
pyrolysis, in order to avoid the high logistic cost that rises when biomass is used in powder
plants.200 For instance, bio-oil derived from corn cob contains 20-32 times higher energy content
per unit volume comparing to corn cob.201 Transportation of bio-oil is more cost effective than
transportation of biomass. A patent of a mobile PCR unit was also filed and granted by our
group.202 The core equipment of the bench scale PCR setup is an ablative type fast pyrolysis
reactor, developed by Bech et al.200 and used for proof of concept studies. The identification
performed by Bech et al.200 found that the ablative type fast pyrolysis reactor was suitable for
using as a mobile fast pyrolysis unit, due to several advantages, such as horizontal
arrangement, flexibility in feed biomass particle size, and a compact design. Figure 3.1 shows a
simplified flow chart of the old PCR setup. It includes biomass feeding, pyrolysis reactor, solidgas separation and liquid-gas separation. When the setup is running, there is no need for
additional carrier gas, as pyrolysis gas is recycled back to the reactor by a gas pump. Figure 3.1
also reflects well on the new PCR setup, except the rotor inside the pyrolysis reactor, which will
be introduced later. In this project, the PCR setup serves well in the purpose of generating a
pyrolysis vapour out of lignin. It was found difficult to use fluidized bed reactor technology for
lignin fast pyrolysis due to the agglomeration of lignin, which eventually leads to
defluidization.10,203
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Figure 3.1: A simplified flow chart of the old Pyrolysis Centrifuge Reactor.

3.2.1 Biomass feeders
Both the old and the new PCR setup use the same volumetric feeder, a Tuf-Flex 300 series
purchased from Schenck AccuRate. A centerless helix with 13mm diameter was used for
feeding the biomass. It gives about 5 g/min feeding rate of lignin at 10 rpm.

3.2.2 Pyrolysis reactors
Both the old and the new PCR setups use an ablative type fast pyrolysis reactor. It is consisted
of a centrifuge chamber and a rotor. Figure 3.2 A-D shows the side views of the two reactors
and a picture/sketch of the two rotors. For the old rotor, there are three vertical blades attached
to the cylindrical core. In the new rotor, the vertical blades are replaced by three arch shaped
blades. The arch shaped blades are able to provide mechanical force on the biomass particles,
which is not the case for the vertical blades. The centrifuge chambers are horizontally arranged
pipes. There are several guide rings attached to the inside reactor wall in order to make a
controlled motion of the biomass particles along the reactor wall. Bech et al.200 found that the
biomass would be trapped inside the reactor without the guide rings. In order to guide the
biomass particles moving away from the entrance and moving towards the exit, helix rings are
attached to the entrance and exit of the reactor inner wall. In the new centrifuge chamber, there
are cuts in the guide rings to make shortcuts for the biomass particles. Figure 3.2 E shows the
guide rings, helix rings and the ring cuts for the new pyrolysis reactor chamber. Table 3.1
summarizes the size differences between the new and the old pyrolysis reactor. The old reactor
is split into four heating zones, and the new reactor is reduced to three heating zones. Each
zone is heated by a Horst heating cable.
Table 3.1: Size specifications of the new and old pyrolysis reactor

Overall reactor length
Reactor inner diameter
Reactor empty volume
Reactor wall-to-rotor clearance
* Reactor wall-to-rotor-wing clearance

Old
200
81.4
͵Ǥͷ ൈ ͳͲହ
2*
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New
187
82.4
͵ǤͶ ൈ ͳͲହ
5

Unit
mm
mm
mm3
mm

Rotor

B

A

C

D

E

Figure 3.2: A) Side view of the old pyrolysis reactor; B) A picture of the rotor of the old pyrolysis reactor; C)
Side view of the new pyrolysis reactor; D) A sketch of the rotor of the new pyrolysis reactor; E) Guide rings,
helix rings and ring cuts of the new pyrolysis reactor chamber.

3.2.3 Solid-gas separation
Directly below the reactor exit, there is a change in flow direction separator, simply referred as
(char) separator throughout this Ph.D. thesis. Separator separates the char particles by gravity.
Then the fine char particles are further separated by a cyclone with a cut size of 3.7 μm. The
size of the cyclone and the cut size calculation are shown in Appendix A. The char separator
and the cyclone of the new setup are identical to the old setup. Two glass bottles are used as
catch pots to store the separated chars. Both the char catch pots are equipped with stop valves
in the original design. For the new PCR, the stop valves were removed, because char particles
were found to stick to and block the stop valves. The char separator and the cyclone are heated
by two trace heating cables.

3.2.4 Liquid-gas separation
On top of the cyclone, there is a bubble chamber to condense the pyrolysis vapour into liquid
and the sketch of the new bubble chamber is shown in Figure 3.3 (A). Isopropanol is added into
the bubble chambers to directly contact with the pyrolysis vapor and condense the pyrolysis
vapor into bio-oil. In the old setup, circulating water (4ᵒC) flows through the bubble chamber and
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provides indirect heat exchange with the isopropanol and bio-oil. In the new setup, ethylene
glycol is used as a coolant (-10ᵒC) for indirect heat exchange. The old bubble chamber is similar
to the new one to some extent, but with less surface area for heat exchange between cooling
liquid and isopropanol. The new bubble chamber is efficient to keep the temperature inside the
bubble chamber under 45ᵒC during a typical experiment of 30-60 minutes. Aerosols were found
not to be captured efficiently by the bubble chamber, and hence a bed of ROCKWOOL®
mineral insulation material is loaded inside a glass cylinder to capture the aerosols as shown in
Figure 3.3 (B). It is called coalescer throughout this thesis. The new coalescer is similar to the
old one. After several experiments, this material begins to discharge the collected aerosols into
a conical flask connected directly below the coalescer. The conical flask is called liquid
separator throughout the thesis.

Figure 3.3: A) is a sketch of the bubble chamber of the new PCR setup; B) is a sketch of the coalescer of the
new PCR setup.

3.2.5 Gas recycling
After the coalescer, there is a small gas filter to further clean any particles or sticky aerosols
from the gas stream in order to protect the gas pump. The gas pump is used to recirculate the
gas back to the pyrolysis reactor. The gas flow rate is controlled by a needle valve installed
before the gas pump. Prior to the pyrolysis reactor, there is a gas preheater to preheat the
recirculated gas. The gas filter and the gas pump are same for the two setups. Excess gas
flows through a gas dryer, a gas meter and then it goes to the ventilation. The gas dryer in the
old PCR is just an air cooled round bottom flask. In the new PCR, the gas dryer is cooled using
a circulating ethylene glycol (-10ᵒC) by indirect heat exchange.

3.2.6 Experimental procedure for fast pyrolysis of wood and lignin
The experimental procedure is the same for both the new and the old PCR setups. A detailed PI
diagram and a step by step operational manual for the new PCR setup can be found in
Appendix C. Prior to the experiment, the setup was purged with nitrogen to get rid of air,
especially for the volumetric feeder. About 250 g isopropanol was added to the bubble chamber
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to help the condensation. The gas preheater was set to be 500ᵒC. The reactor temperature was
set to be 550ᵒC and the temperatures of the separator and the cyclone were set to be 500ᵒC.
The gas residence time inside the pyrolysis reactor was set to be 0.7 second. The feeder with a
centreless helix was running at 30 rpm for wood achieving about 7 g/min feeding rate, and 20
rpm for lignin giving about 10 g/min feeding rate. The amount of fed biomass was determined by
the weight difference before and after the experiment. The produced char was determined by
the weight difference of the char bottles before and after the experiment. The liquid collected in
the bubble chamber, coalescer, conical flask (liquid separator), gas filter and gas dryer were all
counted as produced bio-oil. However, only the liquid in the bubble chamber and gas dryer
could be taken out for later analysis. Some fine chars always escaped from the cyclone and end
up in the bubble chamber. Hence the final yields of char and bio-oil were corrected by the
amount of char filtered out of the bio-oil. The volume of produced gas was monitored by an
accumulation gas meter. A gas bag was collected during the fast pyrolysis experiment for later
gas composition analysis. The fast pyrolysis experiments took about 30 minutes. The main
reason to stop the experiment was the blockage at the nozzle of the bubble chamber.

3.3 Modification outline
The new PCR was modified to upgrade the pyrolysis vapour directly before condensation. The
bubble chamber, coalescer, gas pump and gas dryer were removed. The gas solid separation
was improved by installing a hot gas filter after the cyclone. The liquid gas separation was
replaced by a simple new condensation system. Nitrogen and hydrogen were used as carrier
gases and were controlled by mass flow meters. A simplified flow diagram of the modified new
PCR is shown in Figure 3.4.
Feeder
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Ventilation

Gas
preheater
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Gas bag
Pyrolysis reactor

Motor

Char
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Hot gas
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Catalyst
bed

C12
Gas
meter

Cyclone

P-4
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Figure 3.4: A simple flow diagram of the modified new PCR-catalytic upgrading unit

3.3.1 Biomass feeder
In order to give a low feeding rate during the catalytic upgrading runs, another helix with the
same 13 mm diameter, but with half pitch and a center rod was used. It gives about 2 g/min
feeding rate of lignin at 10 rpm. A low feeding rate is preferred to avoid complete catalyst
deactivation during the experiment due to high coke formation from bio-oil upgrading.
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3.3.2 Hot gas filter
A hot gas filter was mounted after the cyclone. The gas filter is made of stainless steel with pore
size of 1 μm and it is 24.5 cm long and 6 cm outer diameter. The filter baghouse is 26.5 cm long
and 9 cm inner diameter. The hot gas filter is heated by a heating jacket. And the temperature is
measured at the surface of the metal filter. Appendix B shows the pressure drop through the hot
gas filter cake.

3.3.3 Catalyst reactor
The catalytic reactor is made of stainless steel and is 20 cm long and has an inner diameter of
2.1 cm. It is mounted after the hot gas filter. It is heated by two heat jackets. Temperatures are
measured at top, middle and bottom of the catalyst reactor. Appendix B shows the pressure
drop through the catalyst reactor.

3.3.4 Liquid collection
A series of condenser is used to collecting the liquid products. There are four condensers, made
of stainless steel, inside a cooling bath at about -20ᵒC. The first condenser is 25 cm long and 7
cm inner diameter. The remaining three condensers are 15.5 cm long and 4.8 cm inner
diameter. There are another four glass cold traps placed inside the ethanol/dry ice bath at 70ᵒC. The four glass cold traps are identical and the dimensions are 20 cm long and 2 cm outer
diameter.

3.3.5 Carrier gas
The carrier gas is no longer the pyrolysis gas, but nitrogen (AGA, 99.9%) or hydrogen (AGA,
99.9%) is used and the flows are controlled by mass flow controllers.

3.3.6 Experimental procedure
The experiments that were conducted on the modified new PCR-catalytic upgrading setup are
divided into three themes: 1) to investigate the effect of hot gas filter temperature on the product
yields of biomass fast pyrolysis without catalysts, 2) to investigate the effect of HZSM-5 on
upgrading the lignin pyrolysis vapor, 3) to investigate the effect of MoO3 on hydrodeoxygenation
of model compounds, lignin and wood pyrolysis vapors. A detailed PI diagram and a step by
step operational manual of the PCR-catalytic upgrading setup can be found in Appendix C.
For the hot gas filter experiments, the gas preheater was set to be 450ᵒC. The reactor
temperature was set to be 500ᵒC. The temperatures of the separator and the cyclone were
460ᵒC and 440ᵒC, respectively. The catalyst reactor was empty and it was fixed to be 350ᵒC.
The gas residence time inside the pyrolysis reactor was set to be 1.8 seconds (4 Nl/min N 2) for
lignin and 1.2 seconds (6 Nl/min N2) for wood. The feeder with a helix (half pitch, centre rod)
was running at 10 rpm for lignin giving about 2 g/min feeding rate, and 10 rpm for wood giving
about 0.8 g/min feeding rate. About 100 g of isopropanol was added to the first three
condensers. A series of experiments were conducted to investigate the effect of hot gas filter
temperature on the product yields. The amount of reacted biomass was determined by the
weight difference before and after the experiment. The char yield was determined by the weight
difference of the two char bottles, plus the collected char from the hot gas filter. For the hot gas
filter experiment, the coalescer was used again due to the new condensing system did not
capture the aerosols effectively. The liquid yield was determined by the weight difference of the
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condensers and coalescer before and after the experiment. However, only the liquid in the
condensers could be taken out for later analysis. The volume of the produced gas was
monitored by an accumulation gas meter. A typical experiment lasts for 25 minutes. A gas bag
was collected during the fast pyrolysis experiment for later gas composition analysis.
For the HZSM-5 experiments, the catalyst reactor was loaded with 30 g fresh HZSM-5. A series
of experiment was conducted to investigate the effect of catalyst temperature (from 350ᵒC to
600ᵒC) on HZSM-5 upgrading of the lignin pyrolysis vapor. The hot gas filter temperature was
fixed to be 300ᵒC, while other parameters were set to be the same as the hot gas filter
experiment. Initial experiments were conducted by adding isopropanol into the condensers to
help the condensation. However some isopropanol was lost during an experiment and the mass
balance closure was difficult. Hence in later experiments, the isopropanol was only added after
the experiments in order to help collecting the bio-oil in one phase for later analysis. Product
yields are reported as the average of initial and later experiment, except the yield of aromatic
hydrocarbons. Different results were obtained from the initial experiments and the later
experiments regarding the yield of aromatic hydrocarbons. We discovered that without the
isopropanol to help the condensation, organics with low boiling point such as benzene and
toluene were not collected efficiently, which resulted in a yield of aromatic hydrocarbons lower
than 1 wt.%daf regardless of the catalyst temperature. For the yield of aromatic hydrocarbons we
therefore used only the results from the experiments with isopropanol to assist the
condensation. The amount of reacted biomass was determined by the weight difference before
and after the experiment. The char yield was determined by the weight difference of the two
char bottles, plus the collected char from the hot gas filter. The total weight of produced liquid
was determined by the weight difference of the condensers before and after the experiment.
The volume of the produced gas was monitored by an accumulation gas meter. A typical
experiment lasts for 25 minutes. A gas bag was collected during the fast pyrolysis experiment
for later gas composition analysis.
For the MoO3 experiments, the catalyst reactor was loaded with 40 g MoO 3 mixed with 60 g
sand. The effect of catalyst temperature (from 350ᵒC to 550ᵒC) and H2 concentration were
investigated on hydrodeoxygenation of biomass pyrolysis vapors. The flowrate of H 2 varied from
4 to 6 Nl/min in order to change the H 2 concentration. The H2 concentration was estimated
based on H2 flow rate and the calculated pyrolysis products (gas, water and vapor) generated at
a certain biomass feeding rate with an assumption that pyrolysis vapor was phenol. About 100 g
isopropanol was added to the first three condensers. Other parameters were set to be the same
as the zeolite experiment. The amount of reacted biomass was determined by the weight
difference before and after the experiment. The char yield was determined by the weight
difference of the two char bottles, plus the collected char from the hot gas filter. The total liquid
product was determined by the weight difference of the condensers before and after the
experiment. About 0.2 Nl/min pyrolysis gas was collected continuously during the whole
experiment using a gas bag for latter analysis, and this provided a much better analysis of the
gas species comparing to the zeolite case. For the experiment at 350ᵒC MoO3 catalyst
temperature, the MoO3 was pre-reduced at 320ᵒC under H2 environment for three hours, in
order to avoid the introduction phase of the hydrodeoxygenation at low temperature reported by
Prasomsri et al.168 A typical experiment lasts for 25 minutes.
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The model compound studies were also conducted for the MoO3 hydrodeoxygenation. Model
compounds, acetone and guaiacol, were used to verify the effect of MoO 3 hydrodeoxygenation.
To feed the bio-oil model compounds, a HPLC pump was used to feed the liquid directly into the
preheated gas stream at 450ᵒC. The catalyst reactor was loaded with 40 g MoO 3 mixed with 60
g sand. The catalyst bed temperature was set to be 400ᵒC and the flowrate of H2 was set to be
4 Nl/min. Other units were all set to be 400ᵒC temperature. The first model compound study
used a mixture of acetone and guaiacol on acetone:guaiacol=1:1 weight basis and the feeding
rate was 0.4 g/min; The second model compound study used a mixture of is acetone, guaiacol
and water on acetone:guaiacol:water=1.5:1:1 weight basis and the feeding rate was 0.6 g/min.

3.4 Materials and characterizations
3.4.1 Materials
There are two types of lignin used in this project. The lignin type 1 was only used during the
commissioning of the new PCR. The lignin type 2 was used in hot gas filter experiments and the
catalytic upgrading experiments. Both types of the lignin were obtained as a solid residue in the
form of dried pellets from the wheat straw based second-generation bio-ethanol pilot plant
situated in Kalundborg of Inbicon A/S, DONG Energy, Denmark. The lignin pellets were crushed
in a cutting mill and were sieved to a particle size from 0.35 to 1.4 mm. The beech wood was
from Danish forests and it is the same as used by Trinh et al.44 The particle size of the beech
wood is less than 1 mm. Two bio-oil model compounds, acetone and guaiacol, were used.
Acetone (99.8 %) was purchased from Sigma-Aldrich. Guaiacol (98 %) was purchased from
SAFC.
The moisture content of the biomasses was determined following ASTM D4442-15. However,
only lignin type 2 was analysed further, because lignin type 1 and wood were the same
materials used by Trinh et al.44 The sugar and lignin contents of lignin type 2 were analyzed
following NREL/TP-510-4268. The ash content of lignin type 2 was determined following ASTM
D1102-84. The mineral compositions of lignin type 2 were determined by X-ray fluorescence
spectrometry (Ramcon Supermini 200). A long continuous scan was performed to identify the
elements heavier than Sc. Separate scans were performed to detect lighter elements (Na to
Sc). All detected elements were automatically annotated, and the net intensities were calculated
by subtracting the background intensity. The mineral composition was calculated from the net
intensities. The organic contents of C, H and N, measured by an EuroVector EA Elemental
Analyzer, were used to account for inter-element interference. The oxygen content was used as
a balance. Table 3.2 summarizes the lignin and wood properties.
Table 3.2: lignin and wood properties.
Parameter

Lignin type 1 a

Lignin type 2

Beech wood a

Moisture, wt.% as received

13.3

4.5

7.0

Ash, wt.%db

12.1

12.0

2.7

Klason lignin, wt.%db

78.8

56.3

23.8

Glucan, wt.%db

8.3

14.7

39.0

Xylan, wt.%db

2.7

6.1

17.1

Arabinans, wt.%db

0.2

0.6

1.0

Galactan, wt.%db

0.7

-

1.6

Mannan, wt.% db

-

-

1.6

Others, wt.%db b

-

10.3

12.2
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Elemental content, wt.%db

a

C

57.8

51.3

H

5.7

6.1

51.3
5.7

N

1.2

1.4

0.21

Oc

23.6

29.2

40.5

Na

0.28

0.61

0.02

Mg

0.02

0.04

0.04

Al

0.07

0.04

0.05

Si

4.18

4.60

0.84

P

0.06

0.04

0.01

S

0.14

0.12

0.03

Cl

0.02

0.12

<0.01

K

0.13

0.62

0.14

Ca

0.43

0.33

0.32

Fe

0.30

0.11

0.05

Lignin type 1 and wood are the same materials used by Trinh et al.44, so they are not analyzed by this project, except

the moisture content.
b

Others are primarily made up of fatty acids and proteins for the case of lignin.

c

Oxygen content is calculated by difference, Owt.%db = 100-Ashwt.%db -Cwt.%db -Hwt.%db -Nwt.%db.

The catalyst, ZSM-5 (SiO2/Al2O3=23), used in this project is a commercial catalyst powder
(Zeolyst CBV 2314) purchased from Zeolyst International. Prior to the experiments, the catalyst
was pelletized and size reduced to 500 - 850 μm and it was calcined in a furnace at 500ᵒC for 5
hours with 3ᵒC/min heating rate under 3 Nl/min air flow, in order to convert the ammonium
cation form into the proton form. For a typical run, 30 g fresh pretreated HZSM-5 was used.
MoO3 (99.5 %), used in this work was purchased from Sigma-Aldrich. The MoO3 powder was
mixed with about 10% demineralized water to make a paste. The paste was pelletized and
calcined in the oven at 500ᵒC for 5 hours under air. The pellets were then crushed and sieved in
order to obtain a particle size of 500 – 850 μm. For a typical run, 40 g fresh pretreated MoO3
was mixed with 60 g sand (350 – 450 μm).

3.4.2 Characterization of bio-oil
The water content of the liquid product was determined by Karl-Fisher titration (Metrohm-701KT
titrino). Accurately weighed samples containing up to about 0.03 g water were injected to the
measurement jar containing moisture free methanol. Then it was titrated by HYDRANAL®Composite 5 (purchased from Sigma-Aldrich). The water content of the sample was
automatically counted. The organic liquid yield was then determined by subtracting the amount
of water from the total liquid product. The reaction water yield was determined by subtracting
the biomass moisture, catalyst moisture (for the case of HZSM-5) or water produced from
catalyst reduction (for the case of MoO3) from the total water. The moisture content of the
pretreated HZSM-5 catalyst was determined by thermogravimetric analysis, as shown in Figure
3.5 and Table 3.3. Although HZSM-5 were pretreated, including calcination at 500ᵒC under air
for 5 hours, the pretreated catalysts were simply stored in a bottle for later use, so the catalysts
probably absorbed moisture during the storage again. The water produced from MoO 3 reduction
was calculated based on the weight difference between the fresh and the spent MoO 3. This
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weight difference is because of coke formation and MoO 3 reduction. After the amount of coke
formation was determined, it was able to calculate the water formation due to MoO 3 reduction.

700
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94
92
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88
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82
80

600
500
400
300
200

HZSM-5 weight loss

Temperature, ᵒC

Weight loss, %

The solvent isopropanol was then separated from the heavy organic liquid by rotary evaporation
at 45°C and 5 mbar. From the rotary evaporation, light organics, such as benzene, toluene,
ethylbenzene, and p-xylene were separated together with the solvent from the heavy organic
liquid. Throughout the thesis, the organic liquid that cannot be evaporated at 45°C and 5 mbar
during rotary evaporation is called heavy organic liquid (or less volatile organic liquid). For the
organic liquid produced from zeolite upgrading, the remaining less volatile organics after rotary
evaporation contains naphthalene, alkylated naphthalenes and other unidentified components.
Hence 5 ml heptane was used for extracting the remaining aromatic hydrocarbons from the less
volatile organics. For the liquid product produced from the model compound studies,
isopropanol was not separated.
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Figure 3.5: Thermogravimetric analysis (TGA) of the fresh pretreated HZSM-5 catalyst under nitrogen flow at
different temperatures to determine the release of moisture and structure water.

Table 3.3: The weight loss of HZSM-5 at corresponding temperatures during TGA analysis.

TGA temperatures, ᵒC

Weight loss, %

350

7.55

450

7.73

500

7.79

550

7.85

600

7.84

To quantify the aromatic hydrocarbons in the solvent after rotary evaporation, the aromatic
hydrocarbons in the heptane after extraction, and the liquid products from model compound
studies, a Shimadzu GC/MS/FID-QP2010UltraEi instrument fitted with a Supelco Equity-5
column was used. Prior to the injection, the sample was filtered using a 0.45 μm PTFE filter.
The GC parameters used were as follows: injector temperature 250 oC; detector temperature
250oC; split ratio 1:80. The temperature program started by 40°C for 3 minutes, followed by 2, 5,
6 oC/min to 100, 150 and 200oC, respectively, and finally it was heated up to 250 at 20oC/min
and was kept there for 10 minutes. Identification of the products was done using a mass
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spectrometer scanning at a rate of 1666m/z/s in the range from 18 to 300 m/z. Quantification
was done using a flame ionization detector. External standards were prepared for benzene,
toluene, ethylbenzene, p-xylene, naphthalene, phenol and guaiacol. The concentrations of other
compounds were calculated based on the effective carbon number method. 204 For the model
compound experiments, the Supelco Equity-5 column was not good enough to separate the
acetone from isopropanol peak. Hence to quantify the amount of unconverted acetone, another
GC (Agilent Technologies 6890N) fitted with a HP-PLOT/Q column and a FID detector was
used. The GC parameters used were as follows: injector temperature 250 ᵒC; detector
temperature 250 ᵒC; split ratio 25:1. The temperature program started by 80 ᵒC for 2 minutes,
followed by a 20 ᵒC/min to 250 ᵒC and it was kept there for 30 minutes. Quantification was done
using a flame ionization detector. The GC was calibrated for acetone.
Elemental analysis of the heavy organic liquid or biomass was done by a EuroVector EA
Elemental Analyzer. Accurate weighed sample, about 2 mg, was loaded into a tin capsule and
combusted at 980ᵒC. The combustion products (NxOy, CO2, H2O and SO2/SO3) passed through
a reduction reactor and were converted into N 2, CO2, H2O, and SO2. The gas species were
separated and being analysed by GC-TCD. Acetanilide and Sulphanilamide were used as
calibration for bio-oil and biomass, respectively. If heptane was used during extraction, the
heavy organic liquid was evaporated in a vacuum oven at 45°C and 5 mbar prior to the
elemental analysis.
Size exclusion chromatography (SEC) of the heavy organic liquid was conducted using a
Viscotek GPCmax VE-2001 equipped with Viscotek TriSEC Model 302 triple detector using two
PLgel mixed-D columns from Polymer Laboratories. The samples were run in tetrahydrofuran at
30°C and 1 mL/min. Prior to the SEC analysis 20 mg less volatile organics after rotary
evaporation was diluted in 10 ml tetrahydrofuran and the solution was filtered through a 0.2 μm
filter.

3.4.3 Characterization of gas
The gas components (H2, COx, CH4, C2 and C3) in the gas bags were analyzed by an Agilent
Technologies 7890A GC system equipped with a thermal conductivity detector that was
calibrated by standard gas mixtures.

3.4.4 Characterization of catalyst
The surface areas of the catalysts were determined by nitrogen adsorption using a
Quantachrome iQ2 system. The fresh HZSM-5 was outgassed at 350°C for 10.5 hours under
deep vacuum condition. N2 at its boiling point was used in the P/P0 range from 0.01-0.08 to
construct a nine point BET plot. The Brunauer-Emmett-Teller (BET) method was applied to
calculate the total surface area. The pore volume of the fresh HZSM-5 was obtained by applying
Barret-Joyner-Halenda model to the adsorption branch of the isotherm. The surface area of
another ball milled HZSM-5 was also measured. Prior to the measurement the HZSM-5 was ball
milled for 5 hours to destroy the pores. The ball milled HZSM-5 was outgassed at 350°C for
10.5 hours under deep vacuum condition. N2 at its boiling point was used in the P/P0 range from
0.04-0.3 to construct a nine point BET plot for the ball milled HZSM-5. The MoO3 was
outgassed at 150°C for 2 hours under 20 ml/min N 2 flow. N2 at its boiling point was used in the
P/P0 range from 0.05-0.3 to construct a seven point BET plot. The surface areas of the fresh
HZSM-5, the ball milled HZSM-5, and MoO3 were 390 m2/g, 26 m2/g and 0.53 m2/g,
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respectively. The pore volume of the fresh HZSM-5 was 0.4 ml/g. The catalytic coke was
determined by temperature programmed oxidation (TPO) of the spent catalyst. For the TPO
analysis, the MoO3 and sand were first separated by size. 2 g MoO 3 and 3 g sand or 2.5 g
HZSM-5 were combusted in an oven with 10°C /min heating rate and 3 Nl/min carrier gas
containing 10% oxygen in nitrogen. The CO and CO 2 concentrations were measured by a
ROSEMOUNT NGA2000 gas analyzer. The catalytic coke yield was calculated by the total
mass of carbon in the carbon oxides. X-Ray Diffraction was carried out in a Huber G670 X-ray
diffractometer with a copper tube (CuKα1 radiation, λ=1.54056 Å) from a quartz
monochromator, using an imaging strip covering 3-100 degrees. The collected XRD pattern was
analyzed using Crystallographica Search-Match software. Thermogravimetric analysis (TGA) of
the spent HZSM-5 was carried out using a NETZSCH STA 449 F1 instrument. In order to
analysis the trapped organic liquid inside the spent HZSM-5 form a 350ᵒC catalyst temperature
experiment, the spent catalyst was first ball milled for five hours to destroy the pores. 10 ml
tetrahydrofuran was then used to extract the organics from 1 g ball milled catalyst. The solution
was filtered through a 0.2 μm filter prior to the SEC analysis. The SEC analysis of the trapped
organic liquid was conducted using the same setup and parameters as SEC analysis of the
heavy organic liquid.

3.4.5 Characterization of char
The size distribution of the char particles was analyzed by Malvern MASTERSIZER S by laser
diffraction. Scanning electron microscopy (FEI Inspect S) was used to capture the morphology
of the chars. Thermogravimetric analysis (TGA) of the chars was carried out using a NETZSCH
STA 449 F1 instrument.

3.4.6 Dry ash free lignin basis
All the yields are reported as weight percentage on dry ash free lignin basis (wt.%daf). To
calculate the product yields on dry ash free lignin basis, the ash is assumed to be only present
in the char.44 Throughout the thesis, bio-oil refers to a mixture of reaction water and organics,
while the water free bio-oil is referred to as the organic liquid.
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4. Fast pyrolysis of biomass by the new PCR setup
and the effect of hot gas filter
4.1 Introduction
This chapter compares the performance of the old and the new PCR setups (before
modification) with respect to fast pyrolysis of wood and lignin. After the modification of the new
PCR setup, the temperature of the hot gas filter was optimized using lignin and wood as feeds.

4.2 Results and discussion
4.2.1 Fast pyrolysis of wood
Wood was tested using the new and the old PCR setup. Figure 4.1 is a comparison of the
product yields from fast pyrolysis of wood between the new and the old setups. The yields of
bio-oil and gas obtained from the new PCR setup are slightly higher than the old PCR setup.
More significantly, 46% reduction of the char yield was achieved using the new PCR, compared
to the old one.
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Figure 4.1: Product yields from fast pyrolysis of wood using new and old PCR. Experimental conditions: 550ᵒC
pyrolysis temperature; 0.7 second gas residence time; 7-10 g/min feeding rate.

Char particles are mainly collected in the two char bottles attached to the separator and
cyclone. Some fine char particles always penetrate through the cyclone and being collected
together with bio-oil in the bubble chamber. Table 4.1 summarizes the percentage of wood
chars collected by the separators, the cyclones and the bubble chambers. In the old PCR, both
the char separator and the cyclone work effectively to separate the chars from the gas phase. In
the new PCR, the majority of the char is separated by the cyclone and very few percentages of
the char are separated by the separator. Figure 4.2 shows the size distribution of the wood char
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particles produced from the old and the new PCR setups. Prior to the laser diffraction size
distribution analysis, the char particles collected in the char separator and the cyclone were
mixed. The size distribution of the char particles produced from the old PCR shows that the
diameter of most char particles is around 50μm, but a certain portion of the char particles is
distributed around 240μm. The char particles produced from the new PCR are around 70μm,
and there is only a small shoulder at around 240μm. In conclusion, the char particles produced
from the new PCR setup are not large enough to be separated by gravity, and hence the char
separator in the new PCR does not collect a significant portion of the char.
Table 4.1: Percentage of wood char particles collected by separator, cyclone and bubble chamber in old and
new PCR.
Setup

Char collected by separator

Char collected by cyclone

Char collected by bubble chamber

Old PCR

50%

47%

3%

New PCR

8%

84%

8%

120
Old PCR

dɸ/dlogx, %/log(μm)

100

New PCR

80
60
40
20
0
0.1

1

10
Particle size x, μm

100

1000

Figure 4.2: Size distribution of the wood char produced from the new and the old PCR setups.

In Figure 4.3 A and B, the images of char particles collected by the old and the new separator
are shown. The char particles obtained from the old separator are not completely black by
visual observation, and some brown particles can still be recognized as unconverted wood.
SEM images of the chars collected by the old and new separator confirm this, as shown in
Figure 4.3 C and D. The unconverted wood particles are solid, while the converted wood
particles are porous. Furthermore, the char particles obtained from the two setups were
analyzed by TGA. Prior to the TGA, char particles from the separators and the cyclones were
mixed and grinded in a mortar. About 3 mg of the grinded samples were heated up to 1000ᵒC
under 100 ml/min nitrogen flow. The weight losses were 53% and 29% for the wood char
particles from the old and the new PCR, respectively, as shown in Figure 4.4. The significant
weight loss from 200ᵒC to 400ᵒC for the wood char particles obtained from the old PCR was not
observed in the new PCR char particles. Cellulose and hemicellulose start to decompose from
200-300ᵒC and they are completely decomposed at 400ᵒC, while lignin starts to decompose
from 200ᵒC, but it will continuously release volatiles even at 800ᵒC.205,206 This indicates that the
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weight loss from 200ᵒC to 400ᵒC results from unconverted cellulose and hemicellulose present
in the wood char obtained from the old PCR. The char particles obtained from the new PCR are
more devolatized compared to the old one, and consequently the char yield obtained from the
new setup is lower than the old setup. This observation can be explained by a better contact
between the wood particle and the new reactor wall, established by the mechanical force of the
new rotor.

A

B

C

D

Figure 4.3: Images of wood char collected by the old (A) and the new (B) separator. SEM images of the wood
char collected by the old (C) and the new (D) separator.
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Figure 4.4: Thermogravimetric analysis of the wood char particles obtained from the new and the old PCR
setups under the nitrogen flow.
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4.2.2 Fast pyrolysis of lignin
Despite fast pyrolysis technology has been developed for more than 30 years and more than
100 different types of biomass have been investigated as feedstocks, 9 few works, including
Nowakowski et al.,10 De Wide et al.,43, Trinh et al.,37 and Zhou et al.,203 have investigated lignin
fast pyrolysis in a bench scale continuous reactor. Except Trinh et al.,37 all the others used
fluidized bed reactors and observed agglomeration of lignin during fast pyrolysis, which would
eventually cause defluidization of the reactor, even when a hydrolysis lignin with 50% cellulosic
residue was used.10,43,203 Figure 4.5 shows the char/sand agglomerates recovered from the
fluidized bed reactor by Zhou et al.203 Nowakowski et al.10 recommended using a different
reactor design for lignin fast pyrolysis and Zhou et al.203 found that pretreated lignin with
Ca(OH)2 can solve the agglomeration of lignin during fast pyrolysis. The ablative type PCR
setup requires no bed materials inside the reactor and the product char is continuously removed
from the reactor. Hence by using the first version of the PCR setup, Trinh et al.37 investigated
fast pyrolysis of lignin and no problems with lignin fast pyrolysis were observed.

A

B

Figure 4.5: A) Char/sand agglomerates from fast pyrolysis of Organosolv lignin recovered from the fluidized
bed reactor; B) SEM image shows that sand is embedded inside the agglomerate. The pictures are adapted
from Zhou et al.203

Lignin was successfully pyrolyzed in the new PCR setup as well. The result was compared to
the data from previous work done by Trinh et al.44 using the old PCR setup. Lower yield of
organic liquid and higher yield of char were observed using the new PCR, as shown in Figure
4.6. This difference can result from the fact that a large amount of char particles was collected
together with bio-oil in the bubble chamber of the new setup. Even after filtrate the char out of
the bio-oil, there might be some bio-oil trapped inside the char particles, and these trapped biooil would then be counted as char yield.
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Figure 4.6: Product yields from fast pyrolysis of lignin using the new PCR. Experimental conditions: 550ᵒC
pyrolysis temperature, 0.7 second gas residence time; 10 g/min feeding rate. The data from the old PCR is
taken from Trinh et al. 44

Table 4.2 summarizes the percentage of char collected by the separator, the cyclone and the
bubble chamber in the new PCR setup when lignin was pyrolyzed. Due to a large amount of fine
char particles produced from fast pyrolysis of lignin using the new PCR setup, almost half of the
char particles penetrated through the cyclone and ended up in the bubble chamber. Size
distribution shows that much smaller char particles were produced from the fast pyrolysis of
lignin compared to wood (see Figure 4.7). The char particles that penetrated through the
cyclone are fine chars with an average size of less than 10μm. It is suspected that the
mechanical force established by the new rotor cracks the lignin particles into smaller char
particles. The current cyclone is not sufficient to separate the lignin derived chars from the gas
phase. Further improvement of the solid gas separation is needed, particularly for fast pyrolysis
of lignin.
Table 4.2: Percentage of lignin char particles collected by separator, cyclone and bubble chamber in the new
PCR.
Setup

Char collected by separator

Char collected by cyclone

Char collected by bubble chamber

New PCR

3%

54%

43%
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Figure 4.7: Size distribution of the lignin char particles collected by separator, cyclone and bubble chamber in
the new PCR.

4.2.3 Challenge of continuous operation
Even though there were no problems with the pyrolysis centrifuge reactor when lignin was used
as a feedstock, the possible obtainable operation time is a limitation of the two PCR setups.
Most of the experiments were conducted with a total operation time of 30 minutes both on the
new and the old PCR setup regardless of the feedstocks. This is because of the blockage of the
inlet nozzle of the bubble chamber, as indicated in Figure 4.8 A). Figure 4.8 B) shows a SEM
image of the material that blocks the inlet nozzle. It is composited of condensed bio-oil and
some embedded char particles. The obtained material is solid and hard to remove from the
nozzle, indicating repolymerization of the bio-oil during condensation inside the nozzle. To
obtain a continuous long time operation of the PCR setup, a different condensation unit should
be designed, and pyrolysis char should be removed as much as possible before the
condensation unit.
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Figure 4.8: A) Indication of the blockage at the inlet nozzle of the bubble chamber; B) SEM image of the material
that blocks the inlet nozzle of the bubble chamber of the new PCR setup when using lignin as a feedstock.

4.2.4 Effect of hot gas filter on fast pyrolysis of biomasses
The new PCR setup needs an improved solid separation system to separate fine chars with a
size of less than 10 μm. A hot gas filter has been proved effective in bench scale fast pyrolysis
setup to separate char particles from the gas.53,54,207 It has been reported that a hot metal gas
filter has a negative effect on the yield of bio-oil by cracking the pyrolysis vapor to gases due to
secondary reactions. For instance, Case et al.53,207 found that the yield of wood bio-oil was
reduced from 50-65 wt.% (without hot gas filter) to ~50wt.% and ~30 wt.% at 400ᵒC and 500ᵒC
filter temperatures respectively, while the gas yield increased from 10-20 wt.% (without hot gas
filter) to ~40 wt.% and ~55 wt.% at 400°C and 500°C filter temperatures, respectively.
Experiments were performed using the modified PCR setup to determine the optimal filter
temperature and the results are shown in Figure 4.9 and Figure 4.11 for fast pyrolysis of lignin
and wood, respectively. A low hot gas filter temperature, 300oC, was found to be optimal
operating temperature for both wood and lignin. This is a compromise between pyrolysis vapour
condensation that will take place at low temperatures and tar cracking on the filter surface at
high temperatures. A high temperature of the hot gas filter, 375oC, cracks some of the pyrolysis
vapour into permanent gas. A lower hot gas filter temperature, 275oC, will cause partial
condensation of the bio-oil inside the hot gas filter, which leads to a quick increase of the
pressure drop through the hot gas filter, as shown in Figure 4.10 and Figure 4.12.
One might notice that the char yield from lignin fast pyrolysis is significantly decreased from
about 40 wt.%daf (Figure 4.6) to about 30 wt.%daf (Figure 4.9). First of all, a feeding rate of 10
g/min was used to verify the new PCR setup before modification (Figure 4.6), while a feeding
rate of about 2 g/min was used for the hot gas filter experiments (Figure 4.9). A lower feeding
rate leads to a longer solid residence time inside the reactor, and eventually a lower yield of
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lignin char was obtained. Furthermore, different types of lignin were used, as explained in
section 3.4.1. For the commissioning of the new PCR setup before modification (Figure 4.6),
lignin type 1 was used. For the hot gas filter experiments, lignin type 2 was used.
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Figure 4.9: Effect of hot gas temperature on the product yields from fast pyrolysis of lignin. Experimental
conditions: 500ᵒC reactor temperature, 1.8 second gas residence time; 1.6-2.3 g/min feeding rate.

Pressure drop over the hot gas filter, bar

0.2

0.15

0.1
Filter temperature 275ᵒC
Filter temperature 300ᵒC
0.05

Filter temperature 350ᵒC
Filter temperature 375ᵒC

0
0

5

10
15
Experimental time, minutes

20

25

Figure 4.10: Pressure drops through the filter cake during fast pyrolysis of lignin using different temperatures
of hot gas filter.

60

110

Organic liquid

Yield on dry ash free basis, wt%

100

Reaction water

90
80

Char

Gas

20.1

21.0

15.4

14.4

23.1

22.9

38.9

38.2

300
Hot gas filter temperature, oC

350

18.9

70
60

18.0

50
20.1

40
30
20

30.6

10

0
275

Figure 4.11: Effect of hot gas temperature on the product yields from fast pyrolysis of wood. Experimental
conditions: 500ᵒC reactor temperature, 1.2 second gas residence time; 0.7-0.8 g/min feeding rate.
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Figure 4.12: Pressure drops through the filter cake during fast pyrolysis of wood using different temperatures
of hot gas filter.

Fast pyrolysis of lignin using the modified new PCR setup at 300ᵒC hot gas filter temperature
produces 27.6 wt.%daf organic liquid, 29.2 wt.%daf char, 17.4 wt.%daf reaction water and 17.0
wt.%daf gas. A comparison of the product yields from fast pyrolysis of lignin between this study
and literature data (without a hot gas filter) is summarized in Table 4.3. High purity lignins are
isolated with the Kraft or soda processes (used in the pulp and paper industry) or the
organosolv method, where lignin is solubilized and precipitated. Lignin with a higher content of
impurities is isolated from the hydrolysis process. In this process, it is the sugars which are
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dissolved, not the lignin and therefore the lignin contains residues of sugar and ash. All of these
different types of lignin have been investigated in previous studies. The yield of bio-oil derived
from the high purity lignin fast pyrolysis is in the range from 31 wt.% daf to 55 wt.%daf. Char
formation from the high purity lignin fast pyrolysis is generally high, >27 wt.%daf. The char yields
from the fast pyrolysis of low purity lignin (containing up to 50 wt.% cellulosic materials) are in
the range from 7 wt.%daf to 27 wt.%daf and such a lignin material gives a higher bio-oil yield,
which is in the range from 40 wt.%daf to 72 wt.%daf. Among the bio-oil, water accounts for a large
fraction. The yield of reaction water is from 15 wt.% daf to 25 wt.%daf in most of the studies.
Although a hydrolytic lignin with sugar residues is used in this study, we did not obtain a higher
organic liquid yield comparing to those using almost pure lignin. The reason can be the effect of
the alkali rich ash present in our lignin, besides the effect of the hot gas filter described
previously. Ash can have a catalytic effect during the fast pyrolysis process. The most active
element is potassium, followed by sodium. They are known to reduce the organic liquid yield,
while increase the gas, char, and reaction water yields. 9,47,48 Washing with water is an effective
and simple technique to remove substantial amount of alkali metals. 208 In conclusion, the
organic liquid yield from fast pyrolysis of lignin using the new modified PCR setup with a hot gas
filter is still in a reasonable range, compared to other studies.
Fast pyrolysis of wood using the modified new PCR at 300ᵒC hot gas filter temperature
produces about 39 wt.%daf organic liquid (62 wt.%daf bio-oil). This number is low compared to
fast pyrolysis of the same wood conducted previously without a hot gas filter (70 wt.%daf bio-oil),
probably due to secondary reactions inside the hot gas filter.
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Table 4.3: Comparison of product yields from fast pyrolysis of lignin between this study and the literature data using bench scale continuous fast pyrolysis reactors

4.3 Conclusion
Wood and lignin were pyrolyzed in the new PCR setup. The new PCR setup achieves a higher
degree of conversion during fast pyrolysis of wood, probably due to the mechanical force on the
biomass particle established by the arch shaped blades providing a better heat transfer from the
pyrolysis reactor wall to the wood particles. By visual observation, some char particles produced
from the old PCR could still be recognized as wood, which is not the case for the char particles
obtained from the new PCR. TGA also confirmed that more volatiles were remaining in the char
produced from the old setup, compared to the char obtained from the new PCR. However, a lot
of char fine particles were produced from the new PCR setup and it demands a more efficient
char separation, especially when lignin was used as a feedstock. A hot gas filter with 1 μm pore
size was mounted and the filter temperature was optimized. At a high hot gas filter temperature,
375ᵒC, more gas was produced due to secondary reactions. At a low temperature, 275ᵒC, it was
found that the pyrolysis vapor condensed inside the hot gas filter and caused increasing
pressure drop inside the hot gas filter. The optimal hot gas filter temperature was found to be
300ᵒC.
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5. Direct upgrading of fast pyrolysis lignin vapor
over HZSM-5 catalyst
5.1 Introduction
Zeolite cracking is one of the most promising upgrading routes and has been tested on whole
biomasses, as well as on individual biomass components, such as cellulose, hemicellulose and
lignin.15,17,112,113,127,209 Fast pyrolysis of cellulose and hemicellulose gives three main product
types: low molecular weight compounds (e.g. formic acid, acidic acid), furan/pyran ring
derivatives and anhydrosugars.51,62 Fast pyrolysis of lignin gives mainly small oxygenates and
phenolic compounds, such as alkyl-phenols and oxygenated phenols.37,52 Regardless of the
difference between the compounds in bio-oils obtained from cellulose, hemicellulose or lignin,
zeolite converts them into aromatics, such as benzene and toluene. 17 However, a low reactivity
of the phenolic compounds over the zeolite has been mentioned by different researchers. 17,88
Several papers have reported on zeolite catalyzed lignin fast pyrolysis.15-23 Most of the studies
were conducted using a micro or bench scale batch pyrolysis apparatus, where the lignin and
catalyst were mixed before the experiment, i.e. batchwise, and subjected to a fast temperature
ramp. These methods provide rather poorly defined reaction conditions because the pyrolysis
and catalysis must take place simultaneously at the same temperature, as well as taking place
over a temperature ramp. Ma et al.18,22 studied the upgrading of alkaline lignin derived pyrolysis
vapor using various catalysts, including oxides, zeolites and zeolite-supported transition metals,
using a micro scale batch pyrolyzer where up to 80 wt.% catalyst was pre-mixed with the
alkaline lignin. The main products were alkoxy phenols and aromatic hydrocarbons when using
oxides and zeolites (with or without transition metals) as catalysts, respectively. 18 They found
that HUSY was the best zeolite for producing aromatic hydrocarbons among amorphous silicaalumina, silicalite, HZSM-5 and H-Beta. Jackson et al.19 screened various catalysts, including
HZSM-5, KZSM-5, Al-MCM-41, solid phosphoric acid, and a commercial hydrodesulfurization
catalyst Co/Mo/Al2O3 in oxygenated form, using a bench scale batch pyrolysis apparatus, where
80 wt.% catalyst was premixed with Asian lignin, which is a type of lignin generated from the
soda pulping process of wheat straw and Sarkanda grass. They concluded that the HZSM-5
zeolite was the best catalyst for producing deoxygenated organics. Mihalcik et al.15 used an
auto-shot sampler coupled to a micro scale batch pyrolyzer, which allows feeding
catalyst/biomass samples (83 wt.% catalyst loading) into a preheated furnace. They screened
various zeolites, including H-Mordenite, HZSM-5, HY, H-Beta and H-Ferrierite and concluded
that HZSM-5 was the most effective zeolite for producing oxygen free aromatics from Asian
lignin. Mullen et al.21 studied catalytic fast pyrolysis of lignin from four different sources by
HZSM-5 and CoO/MoO3 in a micro scale pyroprobe, using up to 75 wt.% catalyst in the
catalyst/lignin mixture. The four types of lignin included Asian lignin, wood derived organosolv
lignin, wood derived weak acid hydrolysis lignin and lignin from sugarcane bagasse bio-ethanol
production. They found that HZSM-5 was more efficient than CoO/MoO3 for production of
oxygen free aromatics regardless of the types of lignin. Zhang et al.16 compared catalytic
upgrading of organosolv lignin by HZSM-5 and HY (up to 91 wt.% catalyst loading) in a
pyroprobe and they concluded that HZSM-5 produced 2.5 to 40 times more oxygen free
aromatics than HY.
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Catalytic fast pyrolysis of whole biomasses, such as wood, has already been tested in bench
and pilot scale continuous fluidized bed reactors.99,101,124,125 To take a step forward for lignin, this
work focuses on the direct continuous zeolite upgrading of the lignin derived pyrolysis vapor
prior to its condensation using a continuous g/min scale fast pyrolysis reactor. Different from the
studies introduced previously, the pyrolysis reactor and the catalytic reactor are separated units
in this study. Hence it is possible to investigate the effect of catalyst temperature on upgrading
the lignin derived pyrolysis vapor without changing the conditions of the fast pyrolysis process.
On the other hand, the char, produced from the lignin fast pyrolysis, is separated from the hot
gas by a char separator, a cyclone and a hot gas filter, and the char free pyrolysis vapor is
directly upgraded in a close coupled zeolite catalyst bed. By this configuration, it is possible to
distinguish thermal char and catalytic coke, and thereby provide more details on the product
distribution and coke formation when using HZSM-5 upgrading.

5.2 Results
5.2.1 Mass balance and standard deviations
Table 5.1 shows the summary of the average product yields and the standard deviations. The
mass balance closure of individual experiment was in the range of 76-96 wt%. The standard
deviations are quite large. The amount of gas is somewhat uncertain, because it is calculated
by the difference of two relative large numbers, specifically the total volume of gas recorded by
a gas meter and the added volume of carrier gas. The uncertainty of the amount of char is fairly
high because of the losses during the collection of chars, especially the collection of chars from
the hot gas filter. In addition, trace heating is used from the pyrolysis reactor to the cyclone.
There might in some cases be cold spots inside the setup, where the chars will stick and then
not be collected. From time to time, the setup cleaning was done by sending air to the heated
setup to combust any trapped carbonaceous materials inside the setup. After combustion, ash
was always collected inside the char bottles and the hot gas filter. The amount of reaction water
is determined by total amount of water subtracting the moisture in zeolite and biomass. This
might make the determination of the reaction water very sensitive to the accuracy of the
moisture in the zeolite and biomass.
Table 5.1: Summary of the product yields on dry ash free lignin basis and the standard deviations*
no catalyst (350ᵒC)

350ᵒC

450ᵒC

500ᵒC

550ᵒC

600ᵒC

Organic liquid

Catalyst temperature

27.59 (1.04)

3.17 (1.69)

9.13(1.05)

6.97(1.86)

6.95(1.33)

5.65(2.17)

Reaction water

17.41(0.38)

21.22(3.00)

24.20(1.96)

20.89(0.99)

22.61(3.39)

20.47(2.96)

Gas

17.00(0.74)

18.78(2.13)

20.27(1.73)

21.28(2.56)

23.46(2.91)

25.88(4.44)

Char

29.16(2.73)

30.33(2.47)

30.80(1.30)

30.39(2.52)

33.78(2.65)

31.58(1.33)

Coke

-

8.92(0.65)

7.08(0.55)

5.84(0.22)

5.35(0.17)

5.06(0.37)

91.15

82.43

91.48

85.37

92.14

88.64

Benzene

0.16(0.03)

0.36(0.04)

0.68

0.89(0.07)

1.61(0.07)

Toluene

0.55(0.03)

0.96(0.12)

1.44

1.76(0.05)

1.62(0.02)

p-Xylene

0.48(<0.01)

0.61(0.05)

0.63

0.53(<0.01)

0.24(0.02)

o-Xylene

0.09(<0.01)

0.14(0.03)

0.14

0.16(0.01)

0.07(0.01)

Ethylbenzene

0.04(<0.01)

0.02(<0.01)

0.02

0.01(<0.01

0.01(<0.01)

Mass balance

Aromatic hydrocarbons
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Naphthalene

-

0.15(0.02)

0.31

0.37(0.03)

0.33(0.07)

Alkyated naphthalenes

-

0.17(0.02)

0.34

0.13(<0.01)

0.08(0.07)

Gas species
CO₂

11.49(0.38)

10.89(1.27)

10.02(0.59)

9.79(1.28)

10.42(1.29)

10.95(1.83)

CO

4.01(0.27)

4.76(0.61)

5.22(0.33)

5.55(0.71)

6.43(0.82)

7.70(1.41)

CH₄

0.84(0.04)

0.88(0.12)

0.85(0.13)

0.96(0.13)

1.25(0.20)

1.73(0.30)

H₂

0.04(0.01)

0.03(<0.01)

0.04(0.01)

0.06(0.01)

0.08(0.01)

0.16(0.03)

C₂H₄

0.21(0.05)

0.31(0.10)

1.11(0.16)

1.81(0.23)

2.55(0.36)

3.41(0.55)

C₂H₆

0.30(0.05)

0.28(0.03)

0.29(0.06)

0.34(0.05)

0.38(0.06)

0.48(0.07)

C₃H₆

0.12(0.01)

0.22(0.05)

0.80(0.16)

1.21(0.19)

1.11(0.25)

0.93(0.35)

C₃H₈

0(0)

1.44(0.18)

1.96(0.38)

1.57(0.47)

1.24(0.36)

0.50(0.46)

* The numbers in the parentheses are the standard deviations

5.2.2 Effect of zeolite on overall yields
The products from the direct zeolite upgrading of pyrolysis vapor are reported in five categories:
organic liquid, reaction water, gas, coke and char, and are plotted in Figure 5.1. By upgrading
the pyrolysis vapor over the HZSM-5 catalyst, the organic liquid yield decreases significantly to
less than 10 wt.%daf. The organic liquid yield reaches a peak at a catalyst temperature of 450ᵒC
and then decreases again at higher catalyst temperatures. At a low temperature, such as 350
ᵒC, the catalyst traps the pyrolysis vapor in the catalyst pores due to condensation and hence
less organic liquid is collected and a large fraction of coke is formed. The catalyst used in this
study has about 0.4 ml/g pore volume and the density of the lignin derived bio-oil is about 1.09
g/ml measured by Trinh et al.44 Thirty gram of the catalyst can approximately retain 13 g of lignin
oil, while only 6-10 g lignin oil is produced from one experiment with a 1.1 – 1.8 g/min feeding
rate and 25 minutes operating time. The gas yield increases with increasing catalyst
temperature, because the HZSM-5 zeolite cracks the pyrolysis vapor into carbon oxides and
light hydrocarbons. The coke yield decreases with increasing catalyst temperature. Similar to
our study, Williams et al.103 studied fast pyrolysis of rice husk in a fluidized bed reactor with
downstream direct fixed bed HZSM-5 upgrading and reported a similar coke yield trend,
decreasing from 12.0 wt.% at 400ᵒC to 7.8 wt.% at 600ᵒC catalyst temperature.

67

110
Organic liquid

Yield, wt% on dry ash free basis

100
90
80

17.0

7.1
8.9

70
60

29.2

20.3

18.8

50
40

Reaction water

Char

5.4
5.8
23.5
21.3

30.8
17.4

30.4

30.3

Gas

33.8

Coke
5.1
25.9

31.6

30
24.2

20
10

27.6

3.2

0
no catalyst

20.9

22.6

9.1

7.0

7.0

5.7

450

500

550

600

21.2

350

20.5

Catalyst bed temperature, ᵒC
Figure 5.1: Overall yields from fast pyrolysis of lignin and direct upgrading of pyrolysis vapor at temperatures
from 350oC to 600oC. Pyrolysis condition: 1.1-1.8 g/min feeding rate; 1.8 seconds pyrolysis reactor gas
residence time (4 Nl/min N2); 500oC pyrolysis reactor temperature; 300oC filter temperature. Catalytic upgrading
condition: 30 g fresh HZSM-5.

5.2.3 Effect of zeolite on gas products
The yields of individual gas components on dry ash free lignin basis are plotted in Figure 5.2.
Among the produced gas species, CO and CO2 are the major components. The yields of CO
and CO2 from the non-catalytic run are 4.0 wt.%daf and 11.5 wt.%daf respectively. The HZSM-5
zeolite promotes decarbonylation reactions to form CO over decarboxylation reactions to form
CO2. The yield of CO increases to 7.7 wt.%daf at a catalyst temperature of 600ᵒC, while the yield
of CO2 remains in the range of 10-12 wt.%daf. No additional CO2 is then formed over the
catalyst. The yields of methane, hydrogen and C2 increase as well from 350ᵒC to 600ᵒC. The C3
yield reaches a peak at a catalyst temperature of 450-500ᵒC and then decreases again. The
selectivity of C2-C3 increases towards ethene with increasing catalyst temperature. The highest
olefin yield (including ethene and propene) is 4.3 wt.% daf at 600ᵒC catalyst temperature.
Hydrogen production accounts for a negligible amount on weight basis.
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Figure 5.2: Gas components from fast pyrolysis of lignin and direct upgrading of pyrolysis vapor at
temperatures from 350ᵒC to 600ᵒC. Pyrolysis condition: 1.1-1.8 g/min feeding rate; 1.8 seconds pyrolysis
reactor gas residence time (4 Nl/min N2); 500ᵒC pyrolysis reactor temperature; 300ᵒC filter temperature.
Catalytic upgrading condition: 30 g fresh HZSM-5.

5.2.4 Effect of zeolite on organic liquid
As shown in Figure 5.3, the yield of aromatics increases with increasing catalyst temperature.
The highest aromatic yield is 4.0 wt.% daf at a catalyst temperature of 600ᵒC. This indicates that
the formation of aromatics is favored at a high reaction temperature. At a high catalyst
temperature, the yield of aromatics with two methyl substituents decreases and the aromatics
selectivity is mainly towards benzene and toluene. This is also consistent with an increasing
yield of methane at high catalyst temperatures.
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Figure 5.3: Aromatics from fast pyrolysis of lignin and direct upgrading of pyrolysis vapor at temperatures from
350ᵒC to 600ᵒC. Pyrolysis condition: 1.1-1.8 g/min feeding rate; 1.8 seconds pyrolysis reactor gas residence
time (4 Nl/min N2); 500ᵒC pyrolysis reactor temperature; 300ᵒC filter temperature. Catalytic upgrading condition:
30 g fresh HZSM-5.
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Our results will be compared to data in the literature in the following. Wang et al.17 investigated
fast pyrolysis of milled wood lignin, obtained by extraction of finely ball milled wood with
aqueous dioxane, in the presence of HZSM-5 (SiO2/Al2O3=23) in a micro scale batch pyrolyzer.
With 95 wt.% catalyst loading in the sample mixture about 2% carbon in the form of aromatics
was obtained at 400ᵒC and the yield increased to 9% at 800ᵒC.17 HZSM-5 catalyzed fast
pyrolysis of four different types of lignin, with 50 wt.% catalyst in the sample mixture, yielded
similarly around 5-6 wt.% aromatics at 650ᵒC using a micro scale batch pyroprobe. 21 No
significant differences were observed between the catalytic fast pyrolysis of the four types of
lignin including Asian lignin, wood derived organosolv lignin, wood derived weak acid hydrolysis
lignin and lignin from sugarcane bagasse bio-ethanol production. HZSM-5 (SiO2/Al2O3=23)
catalyzed fast pyrolysis of Asian lignin yielded about 8.5 wt.% aromatics at 550ᵒC using a micro
scale batch pyrolyzer with 83 wt.% catalyst loading in the sample mixture. 15 A much higher yield
of oxygen free aromatics, ~ 23 wt.%, was produced from HZSM-5 (SiO2/Al2O3=30) catalyzed
fast pyrolysis of organosolv lignin in a pyroprobe at 600ᵒC using 75 wt.% catalyst loading , as
reported by Zhang et al.16 Ma et al.22 also obtained a high yield of aromatics, ~30 % carbon
yield, from HZSM-5 (SiO2/Al2O3=25) catalyzed fast pyrolysis of alkaline lignin, with 80 wt.%
catalyst loading in the sample mixture, using a micro scale batch pyrolyzer at 650ᵒC. Thring et
al. 23 used a continuous down flow fixed bed micro-reactor to upgrade the organosolv lignin and
acetone mixture by HZSM-5 at 550ᵒC and obtained an optimal liquid yield of 43 wt.%, among
which 89 wt.% was aromatic hydrocarbons. It is not clear why in the literature there is a big
difference, more than three times, in the yield of oxygen free aromatics, when similar conditions
were applied using a micro-scale catalytic fast pyrolysis apparatus. The aromatic yield in our
study is lower than what was obtained in these studies. One possible reason is that the direct
contact between the lignin and the zeolite might prevent repolymerization of the intermediates,
as in the cases of studies conducted in a batch pyrolysis apparatuses, and hence more volatiles
are available for zeolite upgrading in these studies. An indication of that can be seen by
comparing to non-catalytic runs, where the char/coke yields were reduced in these studies
when the lignin was mixed with zeolites.15,17-19,21,22 For instance, the solid yields from fast
pyrolysis of alkaline lignin were 48 wt.% and 29 wt.% from non-catalytic run and HZSM-5
catalyzed run, respectively. 18 As this study only evaluated the effect of catalyst temperature on
upgrading the pyrolysis vapor, further optimization of the process parameters, regarding the
amount of catalyst loading, residence time of the pyrolysis vapor in the catalyst reactor and the
acidity of the zeolite might increase the yield of oxygen free aromatics.
The elemental composition of the remaining less volatile organics is summarized in Table 5.2.
For the experiments conducted at 350ᵒC, no sufficient amount of the organic liquid was left after
the rotary evaporation, and hence no data are reported. The remaining organics after rotary
evaporation produced from non-catalytic runs has 23.4 wt.% oxygen content. The oxygen
content decreases with increasing catalyst temperature. Although the compounds in the less
volatile organics were not identified in our study, they are likely substituted phenolic
compounds, as identified by other studies on HZSM-5 catalyzed lignin fast pyrolysis.15,16,18,19,21,22
The oxygen content of the total organic liquid was also calculated and the organic liquid
produced at 600 ᵒC has a low oxygen content of 4.0 wt.%.
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Table 5.2: Elemental composition and weight fraction of the remaining less volatile organics and calculated
oxygen content of the total organic liquid
Catalyst temp.

Less volatile organics

Oxygen content of the

Yield, wt.%daf

N, wt.%

C, wt.%

H, wt.%

O, wt.%

total organic liquid, wt.%

No cat. (350oC)

27.6

2.5

66.3

7.8

23.4

23.4

350oC

1.9

-

-

-

-

-

450oC

6.7

2.0

73.0

6.9

18.1

13.3

500oC

3.4

2.0

72.9

6.7

18.4

8.9

550oC

3.1

2.4

76.6

6.1

14.8

6.6

600oC

1.6

2.4

77.2

6.2

14.3

4.0

To calculate the energy recovery in the organic liquid phase, the higher heating value is
estimated from the elemental composition by the method developed by Channiwala et al.210
using the data shown in Table 5.2 and Figure 5.3. The results are summarized in Table 5.3. The
energy recovery relative to the input fuel value in the untreated bio-oil is 33.0%. In the presence
of the catalyst, the energy recovery is significantly reduced, since carbon and hydrogen are lost
in the form of water, carbon oxides and small hydrocarbons. For the experiment conducted at
600ᵒC catalyst temperature, 8.7% energy recovery in the total organic liquid phase was
obtained, among which 74% of the energy is retained in the form of aromatic hydrocarbons.
Table 5.3: Energy recovery in the organic liquid phase.
Catalyst temp.

Energy recovery
Aromatic hydrocarbons, %

Less volatile organics, %

No catalyst

-

33.0

Total organic liquid, %
33.0

350ᵒC

2.2

~0

~2.2

450ᵒC

4.0

8.4

12.4

500ᵒC

5.8

4.3

10.1

550ᵒC

6.3

4.1

10.4

600ᵒC

6.5

2.2

8.7

5.2.5 Catalytic coke analysis
Surprisingly, the amount of coke deposition on the catalyst was significant when the catalyst
temperature was low, such as 350ᵒC. The coke carbon yield decreases with increasing catalyst
temperature. To understand this trend, a thermogravimetric analysis (TGA) was carried out to
analyze the catalytic coke. For each TGA run, 6-7 mg spent catalyst was used. It was chosen
from the entrance of the catalyst bed and hence the weight loss after TGA cannot be directly
related to the coke yield reported previously. The raw data of TGA analysis is shown in Figure
5.4. When the spent catalysts were heated up from room temperature to 300ᵒC under nitrogen
flow, the weight loss during this part was counted as moisture. When the catalyst was heated up
from 300ᵒC to 750ᵒC under nitrogen flow, the weight loss during this part was counted as the
volatiles. After that the sample was cooled down to room temperature, and heated up to 750ᵒC
again under 10 vol.% O2, the weight loss during this part was counted as coke. The TGA results
are summarized in Table 5.4, in which the weight percentage of global/local carbonaceous
material is based on the catalyst mass instead of lignin. When the spent catalyst was heated up
to higher than 400ᵒC under nitrogen flow, weight losses due to the release of volatiles were
observed for all the spent catalysts. For the spent catalyst used in the 350ᵒC experiment, 60%
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of the trapped carbonaceous material was volatile. At higher temperatures than 500ᵒC, the
volatile fraction keeps almost constant at around 22-25 %. This indicates that the zeolite
efficiently traps the pyrolysis vapor at a low catalyst temperature. The trapped material vapor
does not form a graphite coke. Instead it is still reactive at elevated temperatures such as 400–
750ᵒC. A study on zeolite upgrading of m-cresol also reported that zeolite trapped m-cresol
efficiently at 400ᵒC.104 They revealed that the trapped reactant inside the zeolite produced
benzene, toluene and methane, when the catalyst was heated up to a temperature higher than
400ᵒC.
Spent catalyst @350°C

Spent catalyst @450°C

Spent catalyst @500°C

Spent catalyst @550°C

Spent catalyst @600°C

Temperature

100.0

800.0

Weight, %

600.0
90.0

500.0

100 vol% N2
10 vol% O2 in N2

85.0

400.0

300.0

80.0

200.0
75.0

Temperature, °C

700.0

95.0

100.0

70.0

0.0
0

50

100

150

200
250
Time, minutes

300

350

400

Figure 5.4: Thermogravimetric analysis on the spent catalysts by heating up to 750°C under N2 flow first and
combustion using 10 vol% O2 later.

Table 5.4: Global and local (at the entrance of the catalyst bed) carbonaceous material over the fresh catalyst
Spent catalyst used at experiment, oC

350

450

500

550

600

Global carbonaceous material, wt.%

10.9

9.9

8.4

7.0

6.9

Local carbonaceous material at reactor inlet, wt.%

11.3

10.9

11.4

11.2

6.3

Volatile fraction, %

60.0

31.1

23.6

22.2

25.4

Coke fraction, %

40.0

68.9

76.4

77.8

74.6

To analyze the organics trapped in the spent catalyst used in the 350ᵒC experiment, the spent
catalyst was first ball milled for five hours to destroy the pores. The catalyst surface area was
reduced from 389.8 m 2/g to 26.2 m2/g by five hours of ball milling. Tetrahydrofuran (THF) was
then used to extract the organics from the milled catalyst. The solution was analyzed via size
exclusion chromatography and the result is plotted in Figure 5.5. The organics extracted from
the spent catalyst has a similar peak as untreated bio-oil at about 19 minutes, but another peak
elute out after 20 minutes, which indicates that also molecules smaller than in the untreated biooil are trapped inside the catalyst. Hence the pyrolysis vapor was not simply retained inside the
zeolite pores when the temperature was as low as 350ᵒC, but it might go through cracking
reactions to produce smaller compounds, for instance some dimers might be cracked into
monomers. The extracted solution was analyzed using the GC/MS as well, but only one peak
was observed, corresponding to butylated hydroxytoluene. A study on furan conversion over
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HZSM-5 has shown that even at room temperature furan starts to form oligomers.91 The
oligomers go through a series of reactions, including condensation, dehydration,
decarbonylation, decarboxylation, alkylation, etc., to produce olefins and aromatics, when it was
heated up to higher than 400ᵒC. Oligomers might not be able to dissolve in the THF in our case
and hence we did not detect any molecules that are bigger than those appearing in the original
bio-oil.

Normalized Ultra Violet

100

80

Organic extracted from the
spent catalyst used at 350°C
experiment

60

Bio-oil without catalytic
upgrading

40

20

0
0

5

10

15
20
25
Retention time, minutes

30

35

Figure 5.5: Size exclusion chromatography analysis of organics extracted from the spent catalyst used in the
350ᵒC experiment and bio-oil without catalytic upgrading using an ultra violet detector. The peak is normalized
to 100.

5.3 Discussion
5.3.1 Deoxygenation route via HZSM-5 upgrading
In the absence of hydrogen and at the presence of the HZSM-5 catalyst, bio-oil can remove
oxygen by three deoxygenation routes, i.e. as water by dehydration, as CO by decarbonylation
and as CO2 by decarboxylation. This study shows that by zeolite upgrading lignin derived bio-oil
mainly go through decarbonylation and dehydration at a high temperature (600ᵒC) and
dehydration at a low temperature (350ᵒC). Chantal et al.211 studied the conversion of phenolics
over a HZSM-5 catalyst and also showed that dehydration was the main route of deoxygenation
at low temperature, 350ᵒC. As shown in Table 5.5, among the total amount of oxygen removed
in the form of H2O, CO and CO2, more than 80 % is in the form of H2O when upgrading phenolic
compounds via HZSM-5 at 350ᵒC, and 5 – 17 % oxygen ends up in CO. Only less than 3%
oxygen is found in CO2. For our case, the total oxygen removed in the form of H2O and CO is
calculated by the difference of H2O and CO produced from the catalytic run at 350ᵒC and 600ᵒC
catalyst temperatures and the non-catalytic run. CO2 is not included in the calculation, because
comparing to the non-catalytic run, the yield of CO2 slightly decreases. This trend of the CO 2
yield is also reported in several studies cited previously in this paper. 17-19,22 For instance, Wang
et al. 17 reported a 1.2% carbon yield of CO2 from HZSM-5 catalyzed lignin fast pyrolysis at
600ᵒC, compared to a 2.8% carbon yield from the non-catalytic run. Ma et al. 22 also found that
the yield of CO2 decreased from about 9 wt.% to about 7 wt.% from a non-catalytic run to a
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HZSM-5 catalyzed lignin fast pyrolysis run at 650ᵒC. The explanation for this could be the water
gas shift reaction, which produces CO and H 2O from CO2 and H2. In our case, 86% of the
removed oxygen is in the form of H2O and 14% of the removed oxygen is in the form of CO at
350ᵒC catalyst temperature. At a higher temperature, such as 600ᵒC the oxygen is equally
removed in the form of CO and H2O. Such a combination of deoxygenation routes is not an
ideal path for upgrading the lignin derived bio-oil. Decarboxylation is a more efficient way to
remove oxygen than decarbonylation, since it removes two oxygen atoms by losing one carbon
atom. The bio-oil is a hydrogen deficient fuel with an effective hydrogen to carbon ratio, ( ܪെ ʹ ൈ
ܱሻȀ ܥequal to 0.9. Hence the dehydration reaction is not an ideal deoxygenation route since it
will reduce the effective hydrogen to carbon ratio, and this leads to coke formation. A high level
of coke formation leads to a relatively quick deactivation of the catalyst. To keep the catalytic
upgrading step at a high activity all the time, it will require that the configuration of the catalytic
reactor is similar to the fluid catalytic cracking (FCC) process used in refinery industry where the
catalyst is continuously regenerated.96 For instance, Iliopoulou et al.124 used a continuous
reaction-regeneration pilot scale circulating fluid bed setup for catalytic fast pyrolysis of wood for
several hours and achieved a yield of 25.4 wt.% organic liquid with 14 wt.% oxygen content. For
a commercial scale catalytic fast pyrolysis of biomass, such a reaction-regeneration operation is
almost a necessity, which can be found in the patents developed by commercial biomass
catalytic fast pyrolysis companies, for instance KiOR and Anellotech.212,213
Table 5.5: Percentage of removed oxygen in the form of H2O, CO and CO2 from HZSM-5 upgrading of phenolic
compounds and lignin derived pyrolysis vapor. The model compound data was conducted at 350ᵒC over a
HZSM-5 catalyst by Chantal et al.211 The lignin oil data is calculated from this study.
Feed compound

Removed oxygen in H2O, CO and CO2 (%)
H2O

CO

CO2

Guaiacol

94

5

1

Eugenol

89

9

2

2,4-Dimethyl phenol

87

12

1

o-Cresol

80

17

3

Lignin oil (350ᵒC)*

86

14

-

Lignin oil (600ᵒC)*

50

49

-

* Calculated from this study and the numbers in the parentheses are catalyst bed temperatures.

5.3.2 Reaction pathway
A “hydrocarbon pool” mechanism is typically used to explain the conversion of biomass derived
compounds into aromatics over zeolites.104,214 Carlson et al.214 studied HZSM-5 catalyzed fast
pyrolysis of a 12C and 13C glucose mixture and found that final single ring aromatic products
were a random mixture of 12C and 13C. They proposed the existence of a hydrocarbon pool,
which was the precursor of the final aromatics. To et al.104 studied the conversion of m-cresol
over HZSM-5 and HY and proposed a phenolic pool mechanism. They found that the formation
of carbonaceous material (or phenolic pool) was very effective at low catalyst temperature, such
as 400 ᵒC. The phenolic pool could produce aromatics, such as benzene and toluene, when it
was heated up to a higher temperature than 400 ᵒC. Hence they stated that the phenolic pool
was the precursor of the final aromatics. Similarly, we observed that the lignin derived pyrolysis
vapor forms a carbonaceous material on HZSM-5, which was still reactive at a higher
temperature. The conversion of lignin derived pyrolysis vapor, which is mainly composed of
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phenolic compounds, over the HZSM-5 catalyst might follow the phenolic pool mechanism. The
phenolic compounds go through isomerization, transalkylation, condensation, etc. to enter the
phenolic pool within the zeolite structure. By cracking and H-transfer reactions, oxygen free
aromatics and olefins are produced, as shown in Figure 5.6.

Figure 5.6: A phenolic pool mechanism adapted from To et al.104

5.3.3 Challenges of increasing the yield
This study shows that it is feasible to produce useful petrochemicals, such as aromatics and
olefins, from lignin fast pyrolysis followed by direct upgrading of the pyrolysis vapor via a HZSM5 catalyst. However, a low yield of the petrochemicals was obtained using HZSM-5 upgrading.
Comparing to catalytic fast pyrolysis of wood, we obtained about half of the aromatics by using
lignin as a feedstock. Catalytic fast pyrolysis of wood using HZSM-5 gave about 14% carbon in
aromatics using a bench scale continuous fluidized bed reactor at 600ᵒC,101 and we obtained
6% carbon yield (4 wt%daf) in the aromatics by using lignin as a feedstock. On the other hand, a
two times higher organic liquid yield from wood (60 wt.% daf), compared to lignin, can be
achieved based on a study conducted previously in our group.44 Hence the efficiency of HZSM-5
upgrading of lignin derived bio-oil is similar to wood bio-oil. The low yield of aromatic
hydrocarbons from lignin is limited by the efficiency of the bio-oil formation from lignin fast
pyrolysis itself. Lignin fast pyrolysis produces a significant amount of char compared to wood or
cellulose fast pyrolysis. As revealed by a high speed camera study, cellulose was first
transformed to an intermediate liquid and was subsequently almost completely vaporized
leaving practically no char during fast pyrolysis. 69 Lignin also had an intermediate liquid phase
during fast pyrolysis.69 However, only part of the intermediate liquid could be vaporized, while
another part was forming char directly from the intermediate liquid. To obtain a high bio-oil yield,
it is necessary to prevent the repolymerization of the intermediate liquid into solid char. One
option might be vacuum fast pyrolysis, where up to 90 wt.% yield of bio-oil has been obtained
from an organosolv lignin at 0.7 mbar and 450 oC.45 Possibly, vacuum fast pyrolysis of lignin
followed by HZSM-5 upgrading might give similar aromatic hydrocarbon yield as from wood. It
was also proposed that a radical scavenger might be able to stop the radical chain propagation
reactions to forming char during lignin fast pyrolysis. 66 In addition, as various studies have
shown, the solid char yield from lignin fast pyrolysis can be reduced, if the catalyst and lignin is
intimately mixed and pyrolyzed together using a micro scale pyrolyzer. 17,19,22 For instance, the
solid yield from fast pyrolysis of alkaline lignin was reduced from 48 wt.% (non-catalytic run) to
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29 wt.% by pre-mixing the HZSM-5 with lignin, and eventually a high aromatic yield (about 30%
based on carbon yield) was achieved.18 It will also be interesting to see whether industrial scale
reactors can be designed that provide the necessary intimate contact and avoid formation of
agglomerates, which were observed in fluidized bed reactor.

5.4 Conclusion
Lignin has been pyrolyzed in a continuous pyrolysis reactor and the vapor has been
subsequently upgraded over a downstream, close coupled, fixed bed reactor containing a
HZSM-5 catalyst. By passing the vapors over a HZSM-5 catalyst, the production of aromatics,
such as benzene and toluene increased. The highest yield of aromatics was 4.0 wt.% daf at
600ᵒC catalyst temperature, which accounts for 70% of the total produced organic liquid yield
(5.7 wt.%daf). The oxygen content and the energy recovery of the organic phase was 4.0 wt.%
and 8.7%, respectively, from the experiment conducted at 600ᵒC catalyst temperature. At low
catalyst temperature, such as 350ᵒC, HZSM-5 effectively traps the pyrolysis vapor and hence a
low liquid product yield was obtained. However, the trapped reactant was still reactive when it
was heated up to temperatures >400ᵒC. HZSM-5 removes oxygen from lignin derived pyrolysis
vapor mostly through dehydration to form H2O, followed by decarbonylation to form CO.
Dehydration to form H2O is not an ideal deoxygenation route since it will reduce the effective
hydrogen to carbon ratio in the oil, which leads to coke formation and eventually causes a quick
deactivation of the catalyst calling for a simultaneous regeneration. Further research is required
to develop pyrolysis processes that enhance the liquid yield from lignin, for example by applying
vacuum pressure or by providing an intimate contact between lignin and catalyst during
pyrolysis and thereby minimizing repolymerization reactions.
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6. Atmospheric hydrodeoxygenation of biomass fast
pyrolysis vapor by MoO3 catalyst
6.1 Introduction
In Chapter 5, one of the most promising bio-oil upgrading routes using zeolite was investigated.
A low yield of the desired BTX products was obtained from lignin. Another promising bio-oil
upgrading route would be hydrodeoxygenation (HDO).
Hydrodeoxygenation is typically conducted at a high hydrogen pressure (as high as 100-200
bar) and a moderate catalyst temperature (about 300-400oC). Catalysts for high pressure HDO
include noble/non-noble metals, and transition metal sulfides, oxides, nitrides, carbides, and
phosphides.73,215 Currently, two high pressure (catalytic) hydro-pyrolysis reactors with close
coupled catalytic upgrading systems have been built. 143,154,169,216 Marker et al.216 used a 0.45 kg/h
scale bubbling fluidized bed for high pressure catalytic hydro-pyrolysis with a close coupled
catalytic hydro-conversion reactor, known as the IH2 process, for proof of concept. Different
biomasses, such as corn stove, wood, etc., were reported successfully processed. For instance,
using wood as a feedstock, 26.4 wt.% yield of C 4+ hydrocarbons with less than 2.2 wt.% oxygen
content was produced. A 50 kg/day scale pilot plant was built by the same group and tested
continuously for more than 750 hours.143 Venkatakrishnan et al.154,169 designed a cyclone type
high pressure hydro-pyrolysis reactor and a close coupled catalytic HDO reactor with the ability
to process 0.1–20 g/min biomass. They tried different catalysts, including Ru/Al 2O3, Pt/Al2O3,
and PtMo supported by multi-walled carbon nanotubes (MWCNT). Ru/Al2O3 and Pt/Al2O3 were
not ideal HDO catalysts, as they cleaved C-C bonds and produced a significant amount of
gases and the oxygen content was only reduced from 46% (untreated organic liquid) to 43%
and 41%, respectively. On the other hand, PtMo/MWCNT proved to be a good HDO catalyst
which produced 32% carbon yield of C4+ hydrocarbons from poplar wood. While high pressure
processes generally allow for a higher level of deoxygenation, it is challenging to feed low
density biomass into pressurized systems.
Hydrodeoxygenation of bio-oil under atmospheric pressure has been shown possible using
model compounds derived from cellulose or hemicellulose (C 3 oxygenates, furanic compounds),
or derived from lignin (anisole and phenolic compounds). Catalysts which have been tested for
atmospheric pressure HDO include supported metals and metal oxides, carbides, and
phosphides. Olcese et al.148 found that atmospheric HDO of guaiacol by Fe/SiO2 (α-Fe was
reported as the major iron species) at 400oC achieved total 38% carbon yield of benzene and
toluene. The conversion of guaiacol decreased from initially about 100% to about 80% after 4
hours. Sun et al.156 showed that atmospheric pressure HDO of guaiacol using carbon supported
Pd-Fe produced in total 83% benzene and toluene at 450oC. Ren et al.172,173 showed that
tungsten and molybdenum carbides selectively cleaved the C-O/C=O bonds of various C3
oxygenates (propanol, propanal, acetone and 2-propanol) and produced mainly propene under
atmospheric hydrogen pressure. For the case of propanol almost 100% conversion and 100%
selectivity towards propene could be obtained at 380ᵒC. The conversion of propanol decreased
from about 100% initially to about 75% after four hours. Lee et al.170 studied molybdenum
carbide catalyzed HDO of anisole to benzene under atmospheric hydrogen pressure and almost
complete conversion and more than 95% selectivity towards benzene could be obtained at
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247ᵒC. Lee et al.170 found that after 2 temperature cycles (147ᵒC-247ᵒC-199ᵒC) over a time
period of ~50 hours the deactivation was less than 20%. Several studies found that Ni2P was an
effective HDO catalyst, as well as other phosphides, such as Co 2P, Fe2P, WP and MoP.161,178 A
yield of 48% benzene from phenol was reported using Ni 2P at 300ᵒC.161 Prasomsri et al. 34,168
found that MoO3 was the most active catalyst for atmospheric HDO of acetone among WO3,
CuO, V2O5 and Fe2O3, and they further showed that MoO3 was active for HDO of ethers, anisole
and phenolic compounds into the corresponding hydrocarbons or oxygen free aromatics at
300–400oC. A yield of 44% aromatic hydrocarbons was achieved from guaiacol using MoO 3 at
350 ᵒC. The conversion quickly decreased from about 100% to about 10% after 4 hours at
400ᵒC over MoO3 using m-cresol as a model compound due to quick reduction of MoO 3 at high
temperature, while the conversion was more stable at low temperature, 350ᵒC, which decreased
from about 80% to 60% after 7 hours.168
Different from high pressure HDO, which produces saturated hydrocarbons, low pressure HDO
produces mainly unsaturated hydrocarbons and aromatics, which are the thermodynamically
stable species at low hydrogen pressure and high temperature. Thermodynamic analysis of
guaiacol HDO showed that ring saturation was not favored at temperatures higher than
427ᵒC.148 For instance, Pt/SiO2 atmospheric HDO of anisole produced about 70% benzene at
400ᵒC, while HDO of guaiacol over Pt/Al2O3 at 40 bar and 200ᵒC achieved about 75%
conversion and close to 80% selectivity to cyclohexane. 149,150 Comparing to zeolite upgrading,
atmospheric HDO shows improved carbon efficiency, because they selectively cleave the
C=O/C-O bond and thereby the carbon chain length is retained. Zeolites, on the other hand, are
known to crack the reactants into carbon oxides and short chain hydrocarbons.
There have been several papers testing HDO catalysts, such as metal oxides, Co-MoS2/Al2O3,
Ru/TiO2, MoO3 and MoC, for upgrading real biomass derived pyrolysis vapor under atmospheric
pressure, either using mg scale batch reactor experiments or g/min scale continuous fluidized
bed reactors. The upgrading conditions of the majority of the experiments deviated from typical
HDO conditions used in model compound studies, which are ~400ᵒC under H2 atmosphere.
Torri et al.217 screened 31 catalysts, including metal oxides (such as MoO 3), zeolites, and
methanol synthesis catalysts, in order to find an effective catalyst for upgrading pine wood
derived pyrolysis vapor using a pyroprobe at 500ᵒC under inert atmosphere. They found that
ZnO, CuO, Fe2O3 and methanol synthesis catalysts can significantly reduce the amount of
heavy matters (i.e. not GC detectable species) in the bio-oil but the oxygen content or the
composition of the upgraded bio-oil was not reported. Meesuk et al.151 showed that CoMoS2/Al2O3 could partially hydrodeoxygenate rice husk derived pyrolysis vapor using a fluidized
bed reactor at 650ᵒC under atmospheric H2 pressure. The yield of organic liquid was 10 wt.%
and contained 10 wt.% oxygen. Patel et al.176 used molybdenum carbide supported on Al2O3 as
a catalyst to upgrade bagasse pyrolysis vapor in a fluidized bed reactor at 500°C under inert
atmosphere. The quality of the upgraded oil product was not significantly improved comparing
to untreated bio-oil. Wan et al.35 used a bed of Ru/TiO2 catalyst under H2 environment at 400ᵒC
for upgrading oak and switchgrass pyrolysis vapor generated from a g/min scale continuous
fluidized bed reactor operated at 500°C. A final organic phase product, with a yield of 25.3 wt.%
and an oxygen content of 16 wt.% was produced from oak. The catalyst was still active to some
extent after three sequential runs without catalyst regeneration. Nolte et al.24 recently studied
MoO3 hydrodeoxygenation of cellulose, lignin and corn stover pyrolysis vapor at 400ᵒC, 1.8 bar
pressure and H2 environment in a batch-wise micro-pyrolyzer connected to a downstream fixed
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bed reactor containing the HDO catalyst. A total yield of 23% on carbon basis C4+ and aromatic
hydrocarbons was reported from lignin.
Most of the catalysts that have been proved as potential atmospheric hydrodeoxygenation
catalysts, are not tested all the way from model compounds to real biomass pyrolysis vapors,
and hence only little knowledge has yet been gained about their ability to upgrade real feeds.
Due to the success of the MoO3 hydrodeoxygenation of lignin model compound and real lignin
in a micro scale pyrolysis apparatus, we investigated such an upgrading technique using a
bench scale continuous pyrolysis centrifuge reactor to pyrolyze the biomass and a close
coupled catalytic reactor for ex-situ hydrodeoxygenation of the biomass derived pyrolysis vapor
using MoO3. Because fast pyrolysis and catalytic upgrading take place in separate units, it is
possible to keep the fast pyrolysis step at the optimal condition and investigate the effect of the
hydrodeoxygenation reactor temperature individually. MoO 3 was chosen as a catalyst for
atmospheric hydrodeoxygenation and different feedstocks including bio-oil model compounds,
lignin and wood were tested.

6.2 Results
6.2.1 Model compound study
To verify the activity of the applied MoO3 catalyst, model compound studies, using acetone and
guaiacol, were carried out. The conversions of these two chemicals have been studied
individually over MoO3 atmospheric HDO by Prasomsri et al.34,168 MoO3 effectively converted
acetone and guaiacol to almost completely deoxygenated hydrocarbons at 400ᵒC, 97 vol.% of
H2 and 3 vol.% feed, when water was not co-fed (See feed 1 in Table 6.1). Oxygen is mainly
released in the form of water, which is preferred, since decarbonylation and decarboxylation will
result in losing carbon in the form of carbon oxides. Some propane was produced as well, which
was not observed by Prasomsri et al.34 The reason for this difference is not clear. In biomass
derived pyrolysis vapor, such as lignin, reaction water accounts for a significant amount, about
36 wt.% on bio-oil basis. To study the effect of water under the chosen conditions a second feed
including 29 wt.% water in the acetone/guaiacol mixture was tested at 400ᵒC, 92 vol.% of H2, 3
vol.% oxygenates and 5 vol.% H2O to mimic the pyrolysis vapor. The presence of water
inhibited the hydrodeoxygenation, and more guaiacol and acetone left the reactor unconverted
(see results for feed 2 in Table 6.1). This led to lower yields of hydrocarbons and higher yields
of partially deoxygenated compounds, mainly phenol. It is known that the hydroxyl group of
guaiacol is harder to cleave than the methoxy group and hence only phenol is observed as
partially deoxygenated compounds instead of anisole.
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Table 6.1: Product yields from MoO3 hydrodeoxygenation of acetone and guaiacol mixture at 400oC. Feed 1 is a
mixture of acetone and guaiacol on acetone : guaiacol = 1:1 weight basis; feed 2 is a mixture of acetone,
guaiacol, and water on acetone : guaiacol : water = 1.5:1:1 weight basis. Reaction condition: 4Nl/min H2 flow
rate; 40 g fresh MoO3 with 60 g sand; 0.4 g/min feeding rate of feed 1 and 0.6 g/min feeding rate of feed 2.
Feed

Feed 1

Feed 2

CO₂

3.4

8.0

CO

1.1

0.0

CH₄

4.4

2.7

C₃H₆

25.5

17.0

C₃H₈

4.5

2.0

Gas yield, wt.%db

Liquid yield, wt.%db
Pentenes

0.1

0.1

Benzene

19.5

11.7

Alkylbenzenes

4.6

3.1

Phenol

1.4

11.7

Cresols

0.1

0.4

Guaiacol

1.9

6.1

Acetone

2.6

8.9

Reaction water, wt.%db

30.4

23.1

Coke yield, wt.%db

2.4

3.2

101.9

98.0

Unconverted, wt.%db

Mass balance

6.2.2 Hydrodeoxygenation of lignin pyrolysis vapor – effect of temperature
The effect of catalyst temperature on MoO 3 hydrodeoxygenation of lignin derived pyrolysis
vapor was conducted from 350oC to 550oC. The product yields, elemental analysis and energy
recovery in the organic liquid are summarized in Table 6.2. The organic liquid yield decreased
from 25.3 wt.%daf at 350oC catalyst temperature to 11.2 wt.%daf at 550oC. The oxygen in the
organic liquid was rejected in the form of water, as the yield of reaction water increased with
increasing catalyst temperature until 500oC and then decreased again. The lower yield of
reaction water at the highest catalyst temperature of 550 oC is probably due to fast reduction of
MoO3 to MoO2 since MoO2 is not an active catalyst.168 This interpretation is confirmed by XRD
analysis, discussed in detail later, which revealed that the catalysts when used at temperatures
higher than 450oC were completely reduced from MoO3 to MoO2 over the time span of the
experiment.
The total gas formation increased from 15.0 wt%daf to 27.7 wt.%daf with increasing catalyst
temperature from 350oC to 550oC. The yields of CO and C2+ increased with catalyst
temperature and the yields of CO2 and CH4 peaked at 450oC and 500oC, respectively. Hence
oxygen was also rejected in the form of CO 2 and CO. At 350oC catalyst temperature, the coke
yield was negligible, but at temperatures higher than 350 oC, the coke yield was significant, in
the range of 3-4 wt.%daf of the lignin fed.
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Few aromatic hydrocarbons were identified in the oils from the experiments, among which the
experiment conducted at 500oC gave the highest yield of aromatic hydrocarbons of 1.87 wt.% daf.
Most of the organic liquid species were not identified. The unidentified fraction had lower
oxygen content than the non-catalytic upgraded organic liquid. The oxygen content of the
unidentified fraction can be found in Table 6.2 and the oxygen content of the total organic liquid
was calculated and plotted in Figure 6.1. The optimum temperature was found to be 450oC,
which achieved the highest deoxygenation level with only 12 wt.% oxygen in the total organic
liquid. Ideally, the MoO3 hydrodeoxygenation step should operate at temperatures lower than
400oC to avoid quick reduction of MoO 3 to MoO2.168 However, a temperature lower than 450oC
did not result in significant level of deoxygenation for the lignin fast pyrolysis vapor. At higher
temperatures than 450oC, the oxygen content increased again. This is likely because MoO 3 was
reduced to MoO2 too quickly during the experiment. The energy recovery of the total organic
liquid decreased from 33.0% for the non-catalytic run to 23.8%, when the catalyst is operated at
450oC. This is because carbon and hydrogen are lost in the form of carbon oxides, C2-C3 and
solid coke.
Table 6.2: Product yields and analysis of products from lignin fast pyrolysis combined with MoO3 atmospheric
hydrodeoxygenation at different catalyst temperature. Pyrolysis condition: 1.7-2.1 g/min feeding rate; 1.8
seconds pyrolysis reactor gas residence time (4 Nl/min H2); 500oC pyrolysis reactor temperature; 300oC filter
temperature. Catalytic upgrading condition: 40 g fresh MoO3 with 60 g sand.
Catalyst temperature, oC
Total organic liquid, wt.%daf
Energy recovery, %

no catalyst (350)

350

400

450

500

550

27.6

25.3

20.9

16.8

14.3

11.2

33.0

29.9

26.0

23.8

20.0

15.0

-

0.10

0.28

1.33

1.87

1.11

Benzene

-

0.02

0.06

0.35

0.51

0.41

Toluene

-

0.05

0.08

0.37

0.52

0.34

Ethylbenzene

-

0.01

0.06

0.37

0.50

0.19

Other alkylated benzenes

-

0.02

0.08

0.24

0.34

0.17

Aromatic hydrocarbons, wt.%daf

Other Hydrocarbons, wt .%daf

-

0.11

0.08

0.20

0.21

0.11

1,3-Cyclopentadiene

-

n.d.*

n.d.

0.004

0.019

0.008

Cyclopentene

-

0.014

0.01

0.011

0.022

0.004

1-Hexene

-

0.019

n.d.

0.017

0.019

0.032

2-Hexyne

-

0.009

0.008

0.019

0.016

0.008

1,3,5-Hexatriene, (Z)-

-

0.006

0.016

0.063

0.029

0.011

1,3-Cyclopentadiene, 1-methyl-

-

0.013

0.024

0.006

1-Heptene

-

0.015

0.01

0.040

0.034

0.015

Heptane

-

0.004

0.004

0.008

0.012

0.007

1,3,5-Hexatriene, 3-methyl-, (Z)-

-

0.031

0.018

0.011

0.015

0.006

1-Octene

-

0.014

0.011

0.017

0.015

0.011

Oxygenates, wt .%daf

-

1.66

0.81

0.58

0.49

0.24

Acetic acid, oxo-, methyl ester

-

1.52

0.372

0.080

0.094

0.031
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2-Butanone

-

n.d.

0.291

0.289

0.209

Furan, 2-methyl-

-

0.093

0.076

0.133

0.116

0.065

2-Butanone, 3-methyl-

-

n.d.

0.011

0.011

0.009

0.006

0.113

2-Pentanone

-

0.012

0.016

0.025

0.018

0.007

Furan, 2,5-dimethyl-

-

0.012

0.014

0.017

0.022

0.010

Cyclopentanone

-

0.019

0.031

0.022

0.021

0.005

27.6

23.4

19.7

14.7

11.7

9.7

Unidentified heavy organic liquid,†
wt.%daf
C, wt.%

66.3

67.8

69.4

76.8

76.2

73.9

H, wt.%

7.8

7.9

7.8

8.3

8.0

7.5

N, wt.%

2.5

2.3

1.8

1.8

1.8

3.1

O, wt.%

23.4

22.0

21.0

13.1

14.0

15.5

Gas, wt.%daf

16.9

15.0

18.7

24.6

26.4

27.7

CO₂

11.5

10.0

12.3

14.4

13.5

12.8

CO

4.0

3.9

4.4

5.8

7.7

9.5

CH₄

0.8

1.0

1.1

2.2

2.6

2.2

C₂

0.5

0.0

0.6

1.4

1.7

1.4

C₃

0.1

0.1

0.3

0.8

0.9

1.8

Char, wt.%daf

29.2

29.3

29.7

28.8

28.0

29.6

Reaction water, wt.%daf

17.4

18.2

21.0

23.4

25.6

24.3

Coke, wt.%daf

-

0.5

2.9

3.3

3.3

4.0

Mass balance

91.1

88.3

93.2

96.9

97.6

96.8

† Unidentified organic liquid is the heavy fraction which was not evaporated together with solvent during rotary
evaporation at 45ᵒC and 5 mbar.
* n.d. is not detectable.
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Figure 6.1: Oxygen contents of the total organic liquids from MoO3 hydrodeoxygenation of lignin derived
pyrolysis vapor at different catalyst temperatures. Pyrolysis condition: 1.7-2.1 g/min feeding rate; 1.8 seconds
pyrolysis reactor gas residence time (4 Nl/min H2); 500oC pyrolysis reactor temperature; 300oC filter
temperature. Catalytic upgrading condition: 40 g fresh MoO3 with 60 g sand.
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6.2.3 Hydrodeoxygenation of lignin pyrolysis vapor – effect of H2 concentration
The hydrodeoxygenation of oxygenates takes place on the oxygen vacancy sites created on the
MoO3 surface, and the number of oxygen vacancy sites can be controlled by the partial
pressure of H2.167 The effect of H2 concentration on hydrodeoxygenation of lignin pyrolysis vapor
is summarized in Table 6.3. Changing the H2 concentration did not give a significant impact on
MoO3 hydrodeoxygenation of the lignin pyrolysis vapor, as seen in Table 6.3. In our case,
increasing the H2 concentration was achieved by increasing the H 2 flow rate, which decreased
the contact time between catalyst and pyrolysis vapor and gave an adverse effect on MoO3
hydrodeoxygenation. This might be the reason that the effect of H 2 concentration was not so
obvious in the final results. However, at high hydrogen concentration, the deoxygenation route
slightly shifted from decarboxylation forming CO2 to the more desired direct deoxygenation
forming H2O, while the decarbonylation forming CO was not affected, as shown in Figure 6.2.
Table 6.3: Product yields from MoO3 hydrodeoxygenation of lignin pyrolysis vapor at different H2 flow rate.
Pyrolysis condition: 1.7-2.1 g/min feeding rate; 1.8-0.9 seconds pyrolysis reactor gas residence time (4-8 Nl/min
H2); 500oC pyrolysis reactor temperature; 300oC filter temperature. Catalytic upgrading condition: 40 g fresh
MoO3 with 60 g sand; 450oC catalyst temperature.
H2 concentration, vol.% (H2 flow rate, Nl/min)

83 (4)

89 (6)

92 (8)

Organic liquid, wt.%daf

16.8

16.2

15.9

23.8

23.5

22.7

Energy recovery

Aromatic hydrocarbons, wt.%daf

1.33

1.60

1.69

Benzene

0.35

0.43

0.47

Toluene

0.37

0.41

0.43

Ethylbenzene

0.37

0.46

0.50

Other alkylated benzenes

0.24

0.30

0.29

0.20

0.24

0.26

1,3-Cyclopentadiene

0.004

0.014

0.021

Cyclopentene

0.011

0.031

0.027

1-Hexene

0.017

0.013

0.017

2-Hexyne

0.019

0.020

0.023

1,3,5-Hexatriene, (Z)-

0.063

0.030

0.032

1,3-Cyclopentadiene, 1-methyl-

0.013

0.025

0.028

Cyclopentene, 4-methyl-

n.d.*

0.029

0.028

1-Heptene

0.040

0.026

0.023

Heptane

0.008

0.015

0.023

1,3,5-Hexatriene, 3-methyl-, (Z)-

0.011

0.014

0.015

1-Octene

0.017

0.021

0.021

0.58

0.80

0.75

Acetic acid, oxo-, methyl ester

0.080

0.190

0.210

2-Butanone

0.289

0.311

0.264

Furan, 2-methyl-

0.133

0.186

0.181

Other hydrocarbons, wt.%daf

Small oxygenates, wt.%daf
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2-Butanone, 3-methyl-

0.011

0.013

0.010

2-Pentanone

0.025

0.022

0.014

Furan, 2,5-dimethyl-

0.017

0.033

0.030

Cyclopentanone

0.022

0.045

0.037

Unidentified heavy organic liquid, wt.%daf†

14.7

13.6

13.2

C, wt.%

76.8

78.0

77.7

H, wt.%

8.3

8.5

8.4

N, wt.%

1.8

1.7

1.8

O, wt.%

13.1

11.8

12.1

Gas, wt.%daf

24.6

23.5

22.2

CO₂

14.4

13.1

12.0

CO

5.8

6.0

5.7

CH₄

2.2

2.3

2.3

C₂

1.4

1.3

1.4

C₃

0.8

0.8

0.8

Char, wt.%daf

28.8

30.6

30.1

Reaction water, wt.%daf

23.4

27.0

26.9

Coke, wt.%daf

3.3

3.3

2.8

Mass balance

96.9

100.6

97.9

† Unidentified organic liquid is the heavy fraction which was not evaporated together with solvent during rotary
evaporation at 45ᵒC and 5 mbar.
* n.d. is not detectable.
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Figure 6.2: The yields of reaction water, CO2, CO and the oxygen content of the total organic liquid. Pyrolysis
condition: 1.7-2.1 g/min feeding rate; 1.8-0.9 seconds pyrolysis reactor gas residence time (4-8 Nl/min H2);
500oC pyrolysis reactor temperature; 300oC filter temperature. Catalytic upgrading condition: 40 g fresh MoO3
with 60 g sand.
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6.2.4 Hydrodeoxygenation of wood pyrolysis vapor
Hydrodeoxygenation of wood derived pyrolysis vapor over MoO3 was also tested and the results
are shown in Table 6.4. Wood fast pyrolysis produced about 39 wt.% daf organic liquid. This
number is quite low comparing to 59 wt.%daf organic liquid obtained from fast pyrolysis of the
same wood conducted previously using the Pyrolysis Centrifuge Reactor in our group without
hot gas filter.44 The reason is probably a longer gas residence time and that the hot gas filter
promotes cracking reactions, which lead to a lower yield of organic liquid from fast pyrolysis of
wood in the current configuration of the setup. At 400oC catalyst temperature the organic liquid
yield was 14 wt.%daf. The formation of reaction water was higher than the non-catalytic run
indicating some oxygen removal, but the oxygen content of the unidentified part was still very
high, 24.8 wt.%. At 450oC catalyst temperature, only 4.6 wt.%daf organic liquid was left, which
were mainly hydrocarbons. Gas formation was significant even at 400 oC catalyst temperature,
indicating loss of carbon and hydrogen in the form of carbon oxides and small hydrocarbons
due to cracking reactions. The coke formation during catalytic upgrading of wood derived
pyrolysis vapor was even higher than catalytic upgrading of lignin. It seems that wood derived
pyrolysis vapor is more prone to go through undesired reactions, such as cracking and coke
formation instead of hydrodeoxygenation over the MoO3 catalyst. Eventually, only a little
hydrocarbon product was obtained from wood. This could indicate that cellulose and
hemicellulose derived vapors do not upgrade well over MoO 3.
Table 6.4: Product yields and analysis from wood fast pyrolysis and MoO3 hydrodeoxygenation of wood
pyrolysis vapor. Pyrolysis condition: 0.7-0.8 g/min feeding rate; 1.2 seconds pyrolysis reactor gas residence
time (6 Nl/min H2, about 93 vol.% H2 concentration); 500oC pyrolysis reactor temperature; 300oC filter
temperature. Catalytic upgrading condition: 40 g fresh MoO3 with 60 g sand.
Catalyst temperature, oC

No catalyst (350)

400

450

38.9

14.1

4.6

45.7

18.8

9.3

Organic liquid, wt.%daf
Energy recovery

1.0

4.6

Benzene

-

0.3

0.6

Toluene

-

0.2

0.8

Ethylbenzene

-

0.2

0.7

Other alkylated benzenes

-

0.2

0.8

Hexadiene

-

0.1

n.d.*

Cyclopentene

-

n.d.

0.4

Hexenes

-

n.d.

0.8

4-methylcyclopentene

-

n.d.

0.5

Hydrocarbons, wt.%daf

-

2.2

n.d.

Acetic acid, oxo-, methyl ester

-

0.42

n.d.

Butanal

-

0.11

n.d.

2-Butanone

-

1.05

n.d.

Furan, 2-methyl-

-

0.12

n.d.

Furan, 3-methyl-

-

0.03

n.d.

2-Butanone, 3-methyl-

-

0.04

n.d.

Small oxygenates, wt.%daf
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3-Buten-2-one, 3-methyl-

-

0.05

n.d.

2-Pentanone

-

0.07

n.d.

3-Pentanone

-

0.07

n.d.

Furan, 2,5-dimethyl-

-

0.03

n.d.

Cyclopentanone

-

0.21

n.d.

-

Unidentified organic liquid, wt.%daf†

38.9

10.9

C, wt.%

57.0

67.8

-

H, wt.%

7.2

7.0

-

N, wt.%

0.5

0.4

-

O, wt.%

35.3

24.8

-

Gas, wt.%daf

20.1

32.7

34.9

CO₂

9.8

15.4

17.0

CO

8.0

10.3

10.4

CH₄

1.0

2.4

3.2

C₂

0.9

2.7

2.2

C₃

0.2

1.8

2.1

Char, wt.%daf

15.4

13.4

13.9

Reaction water, wt.%daf

23.1

30.6

35.7

Coke, wt.%daf

-

5.2

6.0

Mass balance

97.4

96.0

95.1

† Unidentified organic liquid is the heavy fraction which was not evaporated together with solvent during rotary
evaporation at 45ᵒC and 5 mbar.
* n.d. is not detectable.

6.2.5 Catalyst deactivation
During hydrodeoxygenation, MoO3 may go through two possible deactivation routes, i.e.
reduction to MoO2 and coke formation.168 Coke formation was determined by temperature
programmed oxidation of the spent catalyst. The CO 2 profiles during the combustion are shown
in Figure 6.3. There are three peaks of CO2, one at 300-400oC observed for the spent catalysts
used at low temperature experiments (350ᵒC), one at 400-500oC observed for all the spent
catalysts, and finally one at 500-600oC observed for the spent catalysts used at high
temperature experiments (> 500ᵒC). According to Prasomsri et al.,168 the three peaks
correspond to carbide, oxycarbide/soft coke, and graphitic coke, and the main carbonaceous
material on the catalyst surface after MoO3 upgrading of model compounds was a combination
of oxycarbidic carbon and soft coke. We similarly obtained that most of the carbonaceous
material was in the form of oxycarbidic carbon and soft coke. The XRD analysis of the spent
catalysts is summarized in Figure 6.4. The spent catalysts for the XRD analysis were chosen
from the outlet of the catalyst bed, where the deactivation should be least severe. The spent
catalysts used at temperatures  ͶͷͲ ᵒC were completely reduced to MoO2 during the 25
minutes experiments. This also means that the liquid product collected from the optimal catalyst
temperature, 450oC, was possibly only being partially upgraded due to quick reduction of MoO 3.
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Spent catalyst @ 550ᵒC
Spent catalyst @ 500ᵒC
Spent catalyst @ 450ᵒC

Normalized intensity

Spent catalyst @ 400ᵒC
Spent catalyst @ 350ᵒC

100

200

300
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Temperature, oC
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Figure 6.3: CO2 profile from TPO analysis of spent catalyst used for upgrading the lignin derived pyrolysis
vapor at different catalyst temperatures with 4 Nl/min H2 flow rate.

Figure 6.4: XRD analysis of the spent MoO3 used for upgrading the lignin derived pyrolysis vapor at different
catalyst temperatures with 4 Nl/min H2 flow rate. The symbol (+) and the dash line indicate the peak assignment
corresponding to MoO2
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6.3 Discussion
6.3.1 The difference between lignin and wood
Model compounds that have been tested for HDO over MoO3 in the literature include acetone,
hexanone, 2-methylfuran, and various phenolic compounds. Typically the conversion was
higher than 50% and the selectivity towards hydrocarbons was almost 100%. 34 Our model
compound study also confirmed the effectiveness of hydrodeoxygenation by MoO 3. However,
as moving from bio-oil model compounds to real biomass fast pyrolysis vapors, challenges were
faced. For the lignin derived pyrolysis vapor, a certain degree of hydrodeoxygenation was
obtained at a high catalyst temperature, such as 450oC. Comparison between our data and
other literature data regarding hydrodeoxygenation of real bio-oil is shown in Table 6.5. The
degree of deoxygenation (DOD) is calculated by Eq.1 and the Ʉ୷୧ୣ୪ୢ is defined as shown in Eq.2,
which calculates how much organic liquid is left after catalytic hydrodeoxygenation. Ben et al.218
claimed to be the first study on aqueous phase hydrodeoxygenation of real lignin oil by Ru/C in
a batch setup. The final product was a transparent liquid product with a Ʉ୷୧ୣ୪ୢ of 33%, which
contained only aliphatic carbons and very low oxygen, but the oxygen content was not
determined. By MoO3 atmospheric hydrodeoxygenation in our study, lignin derived bio-oil
achieves a decent degree of deoxygenation of 52%, and a reasonable Ʉ୷୧ୣ୪ୢ of 58 wt.%. Wood
derived pyrolysis vapor under atmospheric pressure by MoO3 suffers from a high degree of
cracking reactions forming gas species in our study. Most of the studies of high pressure
hydrodeoxygenation of wood bio-oil operate at temperatures  400oC, as summarized in Table
6.5. In those studies, the low temperature could inhibit the undesired cracking reactions and
high hydrogen pressure could increase the reaction rate of hydrodeoxygenation. Using CoMoS2/Al2O3 hydrodeoxygenation at high pressure, it is possible to produce an oxygen free
hydrocarbon product from wood derived bio-oil, and the Ʉ୷୧ୣ୪ୢ is about 33 wt.%. Other catalysts
give > 50% of deoxygenation, and the Ʉ୷୧ୣ୪ୢ is in the range of 38-84 wt.%. In our case, the wood
derived bio-oil can reach a high degree of deoxygenation, 100%, but with a low Ʉ୷୧ୣ୪ୢ of 12
wt.%. The results of two integrated high pressure fast pyrolysis and catalytic
hydrodeoxygenation reactors mentioned in the introduction section,143,154,169,216 are not listed in
Table 6.5, because of lack of sufficient data for making the calculation. Both of the systems
produced 25-30% carbon yield of almost oxygen free hydrocarbons from wood.
 ൌ ͳ െ

Ʉ୷୧ୣ୪ୢ ൌ

ܱݐݓǤ Ψ௨ௗௗ௨ௗ
ܱݐݓǤ Ψ௪௨ௗ

Eq.1

݈݀݁݅ݕ݀݅ݑݍ݈݅ܿ݅݊ܽ݃ݎ݀݁݀ܽݎ݃ݑǡ ݐݓΨௗ
݈݀݁݅ݕ݀݅ݑݍ݈݅ܿ݅݊ܽ݃ݎݓܽݎǡ ݐݓΨௗ

Eq.2

Table 6.5: A comparison of the performance of different hydrodeoxygenation catalysts with MoO3 used in this
study†
Ʉ୷୧ୣ୪ୢ ,

Organic liquid*

Catalyst

Feed

P, bar

T, oC

Ru/C

Lignin bio-oil

14

250-300

-

33

-

-

218

MoO3†

Lignin bio-oil

1

450

52

58

0.1

1.3

This work

Co-MoS2/Al2O3

Wood bio-oil

300

370

100

33

0

1.8

219

Ru/C

Forestry residues bio-oil

230

350-400

73

38

0.1

1.5

220

Pd/C

Wood bio-oil

140

340

64

48

0.1

1.5

221
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DOD, %

wt.%

O/C

H/C

Ref.

Pt/Al2O3/SiO2

Wood bio-oil

85

400

45

81

-

-

222

Ni-MoS2/Al2O3

Wood bio-oil

85

400

28

84

-

-

222

Co-MoS2/Al2O3

Rice husk bio-oil

1

650

68

37

-

-

151

MoO3

Wood bio-oil

1

450

100

12

0

1.4

This work

* Molar ratio
†

For the lignin bio-oil, the calculations were based on the results obtained from 450 oC catalyst temperature and 89

vol.% H2 concentration; For the wood bio-oil, the calculations were based on the results obtained from 450 oC catalyst
temperature and 93 vol.% H2 concentration.

To gain a better understanding of why the HDO of lignin vapor was less efficient than HDO of
the model compounds, another experiment was conducted using MoO 3 upgrading at 400°C,
where the deactivation is slow, with additionally 0.15 g/min acetone being co-fed. Four gas bags
were collected at time 4-6, 12-14, 17-19, and 24-25 minutes during the experiment to measure
the conversion of acetone to propene and propane, which are the main hydrodeoxygenation
products from acetone. The results are shown in Figure 6.5. It takes about 5 minutes for the
lignin particles to reach the pyrolysis reactor from the screw feeder in our setup, and hence the
first collected gas bag was mainly hydrodeoxygenation products from acetone. After the lignin
pyrolysis vapors reached the catalyst bed, the conversion of acetone to propene and propane
dropped significantly. It is unlikely that the MoO 3 was deactivated soon after the lignin pyrolysis
vapor reached the MoO3 catalyst at 400ᵒC. The spent MoO3 used at 400ᵒC catalyst temperature
for upgrading the lignin vapor was tested again for HDO of model compounds, and it was still
able to perform hydrodeoxygenation of acetone and guaiacol, as shown in Table 6.6. This
indicated that the hydrodeoxygenation activity of MoO 3 was inhibited by the presence of lignin
pyrolysis vapor. We speculate that the lignin fragments, which are significantly larger than the
model compounds, poison the catalyst sites due to strong adsorption. Additionally, the oxygen
may be harder to remove due to steric hindrance as known from hydrodesulphurization of 4,6Dimethyldibenzothiophene.
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Figure 6.5: Acetone conversion to propene and propane at different time during fast pyrolysis of lignin and
MoO3 hydrodeoxygenation by co-feeding with acetone. Pyrolysis condition: 2 g/min feeding rate of lignin and
0.15 g/min feeding rate of acetone; 1.8 seconds pyrolysis reactor gas residence time (4Nl/min H2); 500oC
pyrolysis reactor temperature; 300oC filter temperature. Catalytic upgrading condition: 40 g fresh MoO3 with 60
g sand at 400oC. The figure also presents the acetone conversion to propene and propane of feed 1 model
compounds study.

Table 6.6: Product yields from MoO3 hydrodeoxygenation of acetone and guaiacol mixture at 400ᵒC. Feed is a
mixture of acetone and guaiacol on 1:1 weight basis; Reaction condition: 2.5 Nl/min H2 flow rate; 0.25 g/min
feeding rate; 60 g sand and 25 g spent MoO3 from lignin fast pyrolysis and catalytic upgrading at 400ᵒC catalyst
temperature and 4 Nl/min H2 experiment.
Feed

Acetone and guaiacol

Gas yield, wt%db
CO₂

3.2

CO

1.6

CH₄

4.1

C₃H₆

14.5

C₃H₈

5.8

Liquid yield, wt%db
Pentenes

0.2

Benzene

22.4

Alkylbenzenes

4.3

Phenol

2.6

Cresols

trace

Unconverted, wt%db
Guaiacol

trace
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Acetone

3.3

Reaction water, wt%db

Not analyzed

Coke yield, wt%db

Not analyzed

Mass balance

-

Water is another reason to inhibit the hydrodeoxygenation reactions over MoO 3. Under the
reducing environment, the lattice oxygen atom can be removed from the reducible metal oxides
to create an oxygen vacancy, where oxygenates are deoxygenated and released as
hydrocarbons. The oxygen vacancy concentration, ߠ̱ ൬

 ಹమ
 ಹమ ೀ

భ
య

൰ , can be reduced in the presence

of waterǤ167 Inhibition due to water duing the atmospheric hydrodeoxygenation was observed by
us and other studies.34 Nolte et al.24 studied MoO3 upgrading of the pyrolysis vapor at low H 2
pressure using a micropyrolyzer and achieved about 23% carbon yield of C 4+ and aromatic
hydrocarbons from lignin. They used an excess amount of MoO 3 (200 mg) to upgrade a small
amount of lignin 200-300 μg, and hence neither water inhibition nor poisoning of the sites by the
lignin fragments may play a significant part in their study. It was also found that the reaction rate
was zero order for the oxygenate concentration (m-cresol) during supported MoO3
hydrodeoxygenation under the investigated condition. 223 Hence very low feeding rate of biomass
most likely helped to reach a complete deoxygenation in Nolte et al.24 We estimated a feed
composition in our experiments of about 2 vol.% pyrolysis vapor concentration (assuming
pyrolysis vapor has a molecular weight as phenol), 6 vol.% reaction water generated from fast
pyrolysis of lignin, 3 vol.% of pyrolysis gas and 89 vol.% of hydrogen for our optimum conditions
(450ᵒC catalyst temperature and 6 Nl/min H2 flow rate). Further reducing the feeding rate of
biomass might help to achieve a better deoxygenation of lignin pyrolysis vapor and it should be
considered as future improvement. Industrially this is however, unlikely to be attractive since the
productivity of the process would be low.

6.3.2 Quality of the upgraded lignin organic liquid
Figure 6.6 shows a Van-Krevelen plot of the lignin biomass, untreated lignin organic liquid and
the upgraded lignin organic liquid obtained at 450 oC catalyst temperature and 89 vol.% H2
concentration. The BTX products and phenol are also plotted in Figure 6.6. Typical petroleum
products have an O/C ratio close to 0 and an H/C ratio in the range from 1 to 2. The untreated
organic liquid produced from fast pyrolysis has an O/C ratio around 0.3 and an H/C ratio around
1.4. When the pyrolysis vapor is upgraded over the MoO 3 catalyst at 450oC and 89 vol.% H2,
the O/C ratio of the organic liquid product is decreased to 0.11, and the H/C ratio is also
decreased, which may be caused by demethylation. Clearly, the MoO 3 atmospheric
hydrodeoxygenation of the lignin derived bio-oil does not saturate the liquid product, instead it is
transforming the lignin derived pyrolysis vapor into products close to, but not exactly, BTX
products. Phenol in the Van-Krevelen diagram has an O/C ratio of 0.17 and an H/C ratio of 1.
The organic liquid is most likely to be alkylated phenols, which have a slightly lower O/C ratio
and a higher H/C ratio compared to phenol. One improved property of the upgraded organic
liquid is better miscibility with, for instance aromatics. Figure 6.7 shows a simple compatibility
test of untreated organic liquid (unidentified heavy fraction) and the upgraded organic liquid
(unidentified heavy fraction) with toluene/heptane (1:1 on weight basis). The test was simply
conducted by adding 5 ml toluene/heptane mixture into 0.2 g unidentified heavy organic liquids,
which were not evaporated during rotary evaporation. The upgraded heavy organic liquid is
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H/C molar ratio

miscible with the toluene/heptane mixture, but this is not the case for the non-upgraded organic
liquid. This indicates that the upgraded lignin derived organic liquid might be able to mix with the
product stream from catalytic cracking in a refinery plant, which can contain up to 50%
polycyclic aromatics, for further treatment.
2
1.8
1.6
1.4
1.2
1
0.8
0.6
0.4
0.2
0

Lignin
Untreated organic liquid
Upgraded organic liquid
Benzene
Toluene
Xylenes
Phenol
0

0.1

0.2

0.3
0.4
O/C molar ratio

0.5

0.6

Figure 6.6: Van-Krevelen diagram of lignin, raw lignin bio-oil (dry), upgraded lignin bio-oil (dry) at 450oC catalyst
temperature and 89 vol.% H2, BTX (benzene, toluene and xylenes), and phenol

Figure 6.7: Compatibility test with a mixture of toluene and heptane (toluene : heptane=1:1 on weight basis).
The left test tube contains 0.2 g non-upgraded organic liquid mixed with 5 ml toluene/heptane mixture; the right
test tube contains 0.2 upgraded organic liquid (catalyst temperature 450oC and 89 vol.% H2) mixed with 5 ml
toluene/heptane mixture.

6.4 Conclusion
Acetone and guaiacol were used as model compounds of bio-oil to study MoO3 atmospheric
pressure hydrodeoxygenation at 400oC. In agreement with literature finding, MoO3 was found
to selectively cleave C-O/C=O bonds and produce the corresponding un-saturated
hydrocarbons from the model compounds. To test the applicability of MoO 3 as catalyst for
hydrodeoxygenation of real bio-oil, lignin and wood were pyrolyzed in a continuous pyrolysis
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reactor and the vapors were subsequently upgraded over a downstream, close coupled, fixed
bed reactor containing the MoO3 catalyst. Temperatures > 400oC were needed to obtain a
decent degree of hydrodeoxygenation. However, a high temperature promotes cracking
reactions, especially for the wood derived pyrolysis vapor. Only 4.6 wt.% organic liquid product,
mainly hydrocarbons, was produced from wood at 450oC. The lignin derived pyrolysis vapor
was more resistant to cracking and at 450oC the yield of organic liquid was 16 wt.% at 52% of
deoxygenation and with 23.5% energy recovery. When operating the catalyst at high
temperature ( ͶͷͲԨ), a severe reduction of MoO3 to MoO2 was observed by XRD analysis of
the spent catalyst which leads to catalyst deactivation. There is thus a tradeoff between
obtaining sufficient catalyst activity and deactivation at the optimum temperature. A practical
implementation of a catalytic process using MoO 3 as catalyst for HDO of real biomass pyrolysis
vapors would thus likely need to involve frequent (minute scale or continuous) regeneration of
the catalyst by oxidation. The upgraded lignin oil consisted of alkylated phenolic compounds,
which need more upgrading before they can be applied as transportation fuels. The improved
compatibility of the final product with hydrocarbons however, is expected to make the product
easily integrated into refinery streams.
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7. Conclusions and future work
7.1 Conclusions
The new version of the PCR produced a high yield of bio-oil, 69.5 wt.%daf, from fast pyrolysis of
wood. Detail analyses on the wood char indicated that the new reactor could achieve a higher
degree of conversion of the wood, compared to the old PCR version. This is because the
mechanical force established by the new arch shaped blades presses the wood particles
towards the reactor wall and a high heat transfer is obtained. The drawback of this mechanical
force is that the produced char particles have small particle size, which is a challenge for the
cyclone separation, especially when lignin is used as a feedstock. A hot gas filter with 1 μm pore
size was mounted to achieve a better char separation. The filter temperature was optimized to
be 300ᵒC, as a compromise of the condensation of bio-oil at a low filter temperature and
cracking at a high filter temperature. Lignin has been pyrolyzed in the modified new PCR. It was
possible to convert lignin into a bio-oil at 45 wt.%daf yield (27.6 wt.%daf organic liquid yield) by
fast pyrolysis. The oxygen content and energy recovery of the organic liquid are 23.4 wt.% and
33%, respectively.
One promising catalyst for bio-oil upgrading identified in the literature is HZSM-5, which
increases the yield of aromatic hydrocarbons, mainly benzene and toluene. Companies, such
as Anellotech and KiOR, explored or are exploring this technology mainly using wood as a
feedstock. The HZSM-5 catalyst was tested using the continuous bench scale PCR setup in
which a fix-bed catalyst reactor was attached after the hot gas filter. Thereby a direct
deoxygenation could be done before the bio-oil is condensed. A high catalyst temperature is
preferred because of less coke formation on the catalyst and a higher degree of deoxygenation
was obtained by release of CO and H2O. The highest yield of aromatics was 4.0 wt.%daf at
600ᵒC catalyst temperature, which accounts for 70% of the total produced organic liquid yield
(5.7 wt.%daf). The oxygen content and the energy recovery of the upgraded organic liquid were
4.0 wt.% and 8.7%, respectively, from the experiment conducted at 600ᵒC catalyst temperature.
Comparing to HZSM-5 catalytic fast pyrolysis of wood, we obtain about half of the aromatics by
using lignin as a feedstock. Considering that fast pyrolysis of wood without catalytic upgrading
produces two times higher organic liquid yield (60 wt.% daf) than lignin, the efficiency of HZSM-5
upgrading of lignin pyrolysis vapor is very similar to upgrading of wood pyrolysis vapor.
MoO3 is identified as another promising catalyst from the literature, which has been shown to
produce a high yield of aromatic hydrocarbons from lignin in a micro scale batch pyrolysis
apparatus. Hence, MoO3 was tested to upgrade the lignin and wood pyrolysis vapors using the
continuous bench scale PCR setup under atmospheric hydrogen pressure. Acetone and
guaiacol were also used as model compounds of bio-oil to verify that MoO3 selectively cleaves
C-O/C=O bonds and produces corresponding hydrocarbons. The optimal condition to upgrade
lignin pyrolysis vapor was found to be 450oC MoO3 catalyst temperature with 89 vol.%
concentration of H2. The yield of organic liquid was 16 wt.%, while 52% degree of
deoxygenation was achieved. The oxygen content and the energy recovery of the upgraded
lignin organic liquid (450oC catalyst temperature and 89 vol.% concentration of H 2.) were 12
wt.% and 23.5%, respectively. When operating the catalyst at high temperatures ( ͶͷͲԨ), a
severe reduction of MoO3 to MoO2 was observed by XRD analysis of the spent catalyst which
leads to catalyst deactivation. There is a delicate tradeoff between low catalyst activity at low
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temperature and deactivation at the optimum upgrading temperature. Wood pyrolysis vapor was
prone to cracking and only 4.6 wt.% organic liquid product, mainly hydrocarbons, was produced
at 450oC and 93 vol.% concentration of hydrogen. The improved compatibility of the upgraded
lignin organic liquid with hydrocarbons is expected to make the product easy to be integrated
into refinery streams.

7.2 Future work
Mass production, up to kilograms or even tones of bio-oil, is needed for marine diesel engine
test. Looking ahead, a lot of work is still needed before we can run the marine diesel engine
using the lignin derived bio-oil.
One of the main challenges to produce liquid fuel from lignin by fast pyrolysis is a low yield of
organic liquid. In our case, the hot gas filter contributed to the low yield of organic liquid to a
certain degree. The effect of filter temperature was investigated by this project, but more
investigations on the filter material and residence time are needed to minimize the undesired
cracking of the pyrolysis vapor. Other approaches to increasing the yield of organic liquid from
lignin should be an area of emphasis. To our knowledge, vacuum fast pyrolysis seems to be a
promising technique. A high yield of bio-oil, up to 90%, was achieved using a wire-mesh reactor
at vacuum of 0.7 mbar and 450ᵒC.45 On the other hand, it is speculated that a radical scavenger
can stabilize the free radical and prevent them forming secondary chars during lignin fast
pyroysis.66 Hence, it could increase the yield of liquid product from fast pyrolysis of lignin as
well.
For the HZSM-5 catalyst, it is not only possible to produce aromatic hydrocarbons from lignin
pyrolysis vapor, but the efficiency of HZSM-5 upgrading of lignin pyrolysis vapor is very close to
wood pyrolysis vapor. However, the yield of the aromatic hydrocarbons from lignin is too low to
attract commercial interests and the main reason is the low yield of organic liquid from lignin fast
pyrolysis, which has been discussed in the previous paragraph. Our HZSM-5 upgrading process
still has rooms to improve regarding, for instance contact time and different types of zeolites.
More interestingly, co-feeding hydrogen donors, such as methanol, together with pyrolysis
vapor is an option to increase the production of aromatic hydrocarbons and prolong the catalyst
lifetime.101 It is also interesting to see whether it is possible to develop a pyrolysis processes
that allows for an intimate contact between lignin and catalyst during fast pyrolysis in order to
produce a high yield of aromatic hydrocarbons. For instance, high yield of aromatic
hydrocarbons, ~30%, was reported using in-situ catalytic fast pyrolysis of lignin/catalyst mixture
in a batch micro scale apparatus.22
Atmospheric HDO of pyrolysis vapour is a rather new technique that has been explored mainly
using bio-oil model compounds. We tested one promising HDO catalyst, namely MoO3, for
upgrading of lignin and wood pyrolysis vapour. It has been shown that MoO3 can produce 23%
hydrocarbons from lignin pyrolysis vapor using a micro scale pyrolysis apparatus. 24 Using our
bench scale continuous setup, only a certain degree of HDO was achieved for lignin pyrolysis
vapor, and the yield of aromatic hydrocarbons was lower than 2 wt.%daf. The reasons why MoO3
catalyst was not very active in the continuous bench scale experiment need to be investigated,
and we only vaguely showed that acetone conversion was significantly lower under pyrolysis
vapor condition than pure model compound study. It was found that the reaction rate was zero
order for the concentration of oxygenate (m-cresol) during MoO3 HDO.223 Hence, increasing the
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contact time for the MoO3 upgrading might be able to achieve a higher degree of HDO. We also
know that reaction water will have some inhibition effect on MoO 3 HDO. The suggested solution
to overcome water inhibition was to increase the hydrogen partial pressure. 34 In addition, it is
also possible that the oxygen in the pyrolysis vapors is partly sterically hindered due to their
large size and more complicated structure. Detail analysis is needed to understand the
remaining oxygen atoms in the upgraded bio-oil. Other types of HDO catalysts are worth trying
as well, such as supported metals, metal carbides and phosphide.
Severe deoxygenation of the lignin pyrolysis vapour by catalyst, such as using HZSM-5 and
MoO3, is challenging, especially due to quick deactivation of the catalysts. We only tested the
catalysts in a short 25-minutes experiment. We identified coke as the main deactivation route
for the HZSM-5 catalyst, and MoO3 was deactivated by both coke deposition and reduction. It
was easy to remove the coke and oxidize the reduced MoO 3 by combustion.34,125 Ash can also
cause catalyst deactivation during bio-oil upgrading. 99,125,146 The efficiency of ash separation by
hot gas filter and ash deactivation of HZSM-5 and MoO3 should be addressed in future works.
On the other hand, mild treating of the lignin bio-oil to obtain a stable bio-oil might be another
option to avoid severe deactivation of the catalyst. Possibly a stable bio-oil can be produced via
ketonization or esterification of bio-oil.
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Cyclone collect efficiency
The dimensions of the cyclone are shown in Figure A. 1 and Table A. 1.

Figure A. 1: Dimensions of the cyclone.

Table A. 1: Dimensions of the cyclone.

Symbols
ܦ
ܽ
ܾ
ܵ
ܦ
݄
ܪ
ܤ

Dimensions
Cyclone diameter
Inlet height
Inlet width
Gas outlet length
Cyclone gas-outlet diameter
Cylindrical height of cyclone
Cyclone height
Cyclone dust outlet diameter

Value, [ft]
0.072
0.036
0.013
0.072
0.036
0.141
0.318
0.026

Value [mm]
22
11
4
22
11
43
97
8

The calculation of cyclone cut size is based on Koch et al.224 using imperial units.
Calculate the configuration factor G
Calculate natural length l:
ଵ

ଵ

ଷ
ܦ ଶ ଷ
ͲǤͲʹଶ
݈ ൌ ʹǤ͵ ݁ܦቆ
ܾቇ ൌ ʹǤ͵ ൈ ͲǤͲ͵ ൈ ቆ
ൈ ͲǤͲͳ͵ቇ ൌ ͲǤͲͳͲʹሾ݂ݐሿ
ܽ
ͲǤͲ͵

Calculate cyclone volume, ܸ :
Since  ܪെ ܵ  ݈, calculate the cyclone volume at the natural length by:
ߨܦଶ ݈  ܵ െ ݄
ߨܦଶ
݀
݀ଶ
ߨܦଶ ݈
ሺ݄ െ ܵሻ  ቆ
ቇ൬
൰ ൈ ቆͳ   ଶ ቇ െ
ܸ ൌ
Ͷ
Ͷ
Ͷ
͵
ܦ ܦ
Where
݀ ൌ ܦ െ ሺܦ െ ܤሻ 

݈ܵെ݄
൨ ൌ ͲǤͲͺ͵ሾ݂ݐሿ
ܪെ݄

The cyclone volume is ܸ ൌ െʹǤ͵ ൈ ͳͲିହ ሾ݂ ݐଷ ሿ
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Calculate the cyclone volume constant Kc
The cyclone volume constant is calculated by:
ܭ ൌ
Where

ʹܸ௦  ܸ
ʹܦଶ

ܽ
ቂߨ ቀܵ െ ቁ ሺܦଶ െ ܦଶ ሻቃ
ʹ
ܸ௦ ൌ
ൌ ͳǤ ൈ ͳͲିସ ሾ݂ ݐଷ ሿ
Ͷ

And ܭ ൌ ͲǤͶͳͲͷ
Calculate the configuration factor, G
The configuration factor is calculated by:
ͺܭ
ܭଶ
 ܩൌ ଶ 
ܭ
Where
ܭ ൌ

ܽ
ܾ
Ǣ ܭൌ
ܦ  ܦ

And  ܩൌ ͶͲʹǤͻ
Calculate the collect efficiency
Total gas flow rate is chosen to be 9 Nl/min. The temperature is chosen to be 500ᵒC. The
calculation is based on the following assumptions:
1. The viscosity is assumed to be the same as the viscosity of nitrogen at 500ᵒC;225
2. The particle (lignin char) density is approximated by the density of wood char reported
in the reference;226
Then following conditions are defined as:
ܳ
0.42 L/s
= 0.015݂ ݐଷ Ȁݏ
Total gas flow rate
500 ᵒC
= 931.7°F
ܶ
Temperature
ߩ
380 kg/m3
= 23.72 lbm/݂ ݐଷ
Particle density
ߤ
͵Ǥͷ ൈ ͳͲିହ ܲܽ ή ܵ ൌ ʹǤ͵ ൈ ͳͲିହ Ȁሺ ή ሻ
Fluid viscosity
Calculate the collect efficiency,ߟ
Cyclone ’’grade’’ or ’’fractional’’ efficiency is calculated by:
Ǥହ

ߟ ൌ ͳ െ  ቐെʹ 

ାଵ
߬ܩ ܳ
ሺ݊  ͳሻ൨ ቑ
ܦଷ

Where
ଶ

ߩ ൫݀ ൯
ͳͺߤ
ሺͳʹܦ ሻǤଵସ ܶ  ͶͲ Ǥଷ

൨ 
݊ ൌ ͳ െ ቈͳ െ
ʹǤͷ
ͷ͵Ͳ
߬ ൌ

The calculation was done by MATLAB and the result is plotted in Figure A. 2. The cut size of
the cyclone is about 3.7 μm.
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Figure A. 2: PCR cyclone collect efficiency against particle size

MATLAB code for the calculations of cyclone collect efficiency
clc
close all
clear all
%% Calculate the configuration factor G
% Define parameters
De=0.036; %ft
Dc=0.072; %ft
a=0.036; %ft
b=0.013; %ft
H=0.318; %ft
S=0.072; %ft
B=0.026; %ft
h=0.141; %ft
% Calculation
Ka=a/Dc;
Kb=b/Dc;
l=2.3*De*((Dc^2)/a*b)^(1/3)
H-S

%Natural length, ft

d=Dc-(Dc-B)*((S+l-h)/(H-h)); %Diamerter of central core at point where
vortex turns, ft
Vnl=3.14*(Dc^2)/4*(h-S)+(3.14*(Dc^2)/4)*((l+Sh)/3)*(1+d/Dc+(d^2)/(Dc^2))-3.14*(De^2)*l/4;
% Volume at natural
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length, ft^3
Vs=(3.14*(S-a/2)*((Dc^2)-(De^2)))/4;
duct to middle of entrance dust, ft^3
Kc=(2*Vs+Vnl)/(2*(Dc^3));
G=8*Kc/(Ka^2)/(Kb^2);

%Annular volume above exit
%Cyclone volume constant
%Configuration factor G

%% Calculate collection efficiency
% Define parameters
dp=[3.2808399*10^(-6):3.2808399*10^(-7):6.56167979*10^(-5)]; %
Particle diameter from 1 micrometer to 20 micrometer, ft
rhop=62.428*0.38/2;
% particle density in lbm/ft^3
mu=2.36*10^(-5);
% phenol viscosity in lbm/ft-s
Q=0.015;
% Gas flowrate in ft^3/s
T=931.73;
% temperature in F
% Calculation
n=1-(1-((12*Dc)^0.14)/2.5)*(((T+460))/530)^0.3; %Vortex exponent
% Calculate the collect efficiency of different particle diameter
for i=1:190
tau=rhop*((dp(i))^2)/(18*mu);
% Relaxation time, s
eta(i)=1-exp(-2*(G*tau*Q*(n+1)/Dc^(3))^(0.5/(n+1)));
%Collect
efficiency
end

%% Plot result
figure
plot(dp*304800,eta*100,'LineWidth',2)
xlabel('Particle size, \mum')
ylabel('Collect efficiency, %')
grid on
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% Plot in unit of micrometer

Pressure drops through the filter cake
and the catalyst bed
B.1 Pressure drop through the filter cake
The pressure drop through the filter cake is calculated by:227
ݏ ଶ
ͶǤͳߤ ݑ൬ ൰ ሺͳ െ ߝሻ
ݒ
݀ܲ
ൌ
݀݉
ߩ  ߝܣଷ
And

ଶ
 ൌ ʹ ൈ ߨ ൈ ඨ୧୪୲ୣ୰


Where:
ߤ
Viscosity of filtrate
ߩ

Particle density

u

Linear velocity of filtrate

ݏ
ݒ

Surface of single particle
Volume of single particle
Void fraction
Filter length
Filter radii
Surface area
Pressure drop
Mass of filter cake

ߝ
݈௧
ݎ௧
A
P
m

݉
ൈ݈
ߩ ൈ ሺͳ െ ߝሻ ൈ ݈௧  ߨ כ௧

Paήs
݇݃
݉ଷ
݉
ݏ
݉ଶ
݉ଷ
m
m
݉ଶ
Pa
kg

͵Ǥʹ ൈ ͳͲିହ
380

ʹǤͶͻ ൈ ͳͲିଵ
͵Ǥͻ ൈ ͳͲିଵ
0.40
0.245
0.03

The calculation is based on the following assumptions:
1. The viscosity of filtrate is assumed to be the same as the viscosity of nitrogen at 300ᵒC;
2. The particle (lignin char) density is approximated by the density of wood char reported
by Scala et al.;226
3. The particles (lignin char) are assumed to be sphere with diameter of 8.9 μm;
4. For spherical particles, the void fraction is in the range from 0.40 to 0.45. Here use 0.40
as the void fraction;
5. The total volumetric flow rate is the sum of the N 2, pyrolysis gas, water and pyrolysis
vapor. The flow of N2 is 4 Nl/min. If the lignin (containing 5 wt.% moisture content)
feeding rate is 2 g/min, the product distributions of pyrolysis gas, water (moisture and
reaction water) and pyrolysis vapor are about 0.3, 0.3 and 0.5 [g/min] respectively.
Hence the total volumetric flow would be about 11 L/min at 300°C (assume pyrolysis
vapor is phenol).
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The pressure drop through the hot gas filter was calculated by Matlab and the result is plotted in
Figure B. 1. The pressure drop through the hot gas filter will be about 0.02 bar for a typical lignin
experiment producing 15 g of char, which corresponds well to the experimental data (see Figure
4.10).
Pressure drop through filter cake (Filter size: Diameter 6 cm, Length 24.5 cm)
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Figure B. 1: Pressure drop through the filter cake

B.2 Pressure drop through the catalyst bed
The pressure drop through the packed bed is calculated by Ergun equation:227
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The calculation is based on the following assumptions:
1. The viscosity is assumed to be the same as the viscosity of nitrogen at 300°C;
2. The catalyst particles are assumed to be sphere with a diameter of 650 μm.
3. For spherical particles, the void fraction is in the range from 0.40 to 0.45. Here use 0.4
as the void fraction;
4. The total volumetric flow rate is the sum of the N2, pyrolysis gas, water and pyrolysis
vapor. The flow of N2 is 4 Nl/min. If the lignin (containing 5 wt.% moisture content)
feeding rate is 2 g/min, the product distributions of pyrolysis gas, water (moisture and
reaction water) and pyrolysis vapor are about 0.3, 0.3 and 0.5 [g/min] respectively.
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Hence the total volumetric flow would be about 11 L/min at 300°C (assume pyrolysis
vapor is phenol).
The pressure drop through the catalyst bed was calculated by Matlab. The calculated pressure
drop is 0.08 bar at the chosen conditions.

B.3 Matlab codes for the pressure drop calculations
Matlab code to calculate the pressure drop through the hot gas filter
clc
close all
clear all
mu=0.000032;
d=8.9*10^(-6);
rhop=0.38/1000*10^6;
e=0.40;
V=11/1000/60;
sv=6/d;

%
%
%
%
%

Viscosity of filtrate
Particle diameter
Particle density
Void fraction
Volumetric flow rate

r1=0.03;

% Filter radii

par=[mu r1 sv e rhop V];
[m, P]=ode15s(@PreDrop, [0:0.01:0.1], 0,[],par);

figure (1)
plot(m*1000,P/100000,'LineWidth',2)
xlabel('Filter cake, [g]')
ylabel('Pressure drop [bar]')
title('Pressure drop through filter cake (Filter size: Diameter 6 cm,
Length 24.5 cm)')
function dPdm=PreDrop(m, P, par)
mu=par(1);
r1=par(2);
sv=par(3);
e=par(4);
rhop=par(5);
V=par(6);
r2=(r1^2+m/(rhop*(1-e)*0.254*3.14))^0.5;
A=3.14*2*r2*0.245;

u=V/A*(4/3);
dPdm=(4.17*mu*u*(sv)^2*(1-e))/(rhop*A*e^3);
dPdm=(4.17*mu*u*(sv)^2*(1-e))/(rhop*A*e^3);
Mablab file to calculate the pressure drop through the catalyst bed
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clc
close all
clear all
Dp=650*10^(-6);
mu=0.000032;
V0=11/1000/60/(3.14*0.01^2);
e=0.4;
sv=6/Dp;
Phis=(6/Dp)/(sv);

%
%
%
%
%

Particle diameter
viscosity of phenol pascal second
Velocity in empty bed
Void fraction
Surface volume ratio

P1=(0.2*150*V0*mu)/((Phis^2)*(Dp^2))*(((1-e)^2)/(e^3))
P2=0.2*1.75*V0^2*0.5/(Phis*Dp)*((1-e)/(e^3))
P=(P1+P2)/100000
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Setup manuals and PI diagrams
C. 1 The new PCR setup operational manual and PI diagram before modifications
Preparation
x Connect the feed tank (C1) to the reactor (R1);
x Assemble the bubble chamber (C3) (remember a slight layer of vacuum silicone gel is
coated between rubber seal and steal or glass);
x Weigh and record the liquid separator (C5);
x Weigh and record the aerosol coalescer (C4) and then connect it with bubble chamber
(C3) and liquid separator (C5);
x Weigh and record the two char tanks (C9 and C10) and connect them back to char
separator (C8) and char cyclone (C7);
x Weigh and record a desired amount of feedstock and fill into the feed tank (C1);
x Close the cap of the feeder (C1) (Remember the rubber seal between cap and the feed
tank).
Leakage check
x Close valve V3, V4, V12 and V5. Completely open V8;
x Open V2 and adjust the flow meter F1 in order to use N2 to pressurize the setup until
the pressure meter (P2) indicated at 0.2 bar;
x Close valve V2 and Wait for 2 minutes. If the pressure indicated by P2 is not less than
0.15 bar, the setup passes the leakage check. Otherwise use snoop check all
connections in the system. Common leakage areas include feed tank (C1), bubble
chamber (C3), gas pump (C11) and gas filter (C17). These units and connections are
commonly disconnected after the experiment and connected again before the
experiment.
Purge the feed tank
x Open valve V4 and V2 to purge air out of the feed tank (C1) for about 30 minutes;
x Close V4 and completely open V12.
Reactor preheating
x Start recording data file on the computer;
x Turn on the lubricant oil tank (C30). If the oil tank is working, the pressure indicator P7
should be higher than 0.05 bar (The pressure P7 has to be higher than 0.05 bar to
activate the power of other units. This is a safety setting in the Labview.);
x Turn on the cooling bathes (C20 and C25) and the circulating pumps. Set the
temperature of cooling bathes to -10°C;
x Set the tracing temperature of TIC 6 and TIC 8 to 500°C;
x Set the temperature of three zones in reactor (S1, S2 and S3) to 550°C;
x Start the gas pump (C11) and adjust valve V8 to set the pressure meter P1 to the
setpoint. (The gas pump has to be started before gas preheater).
x Open flow meter F3 and then turn on the mini gas pump (C18) and adjust the flow
meter F3 at level 10 mm;
x Set the gas preheater (S5) to 500°C;
x Wait until all the heating elements reach the set points.
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Start the experiment
x Inject a certain amount of isopropanol to the bubble chamber (C3) and record the
amount of isopropanol used.
x Start the motor (C13). The speed is typically set to be 1700 rpm;
x Close valve V2;
x Note and record the gas meter;
x Start the feeder and the stopwatch simultaneously;
x A gas bag should be collected during the experiment.
Shut down the setup
x Stop the feeder and the stopwatch when the desired time has elapsed or the pressure
(P4) decreases more than 0.3 bar (Because the reactor can maximum handle 0.5 bar.);
x Turn off the motor (C13);
x Note and record the gas meter;
x Turn off the tracing (TIC 6 and TIC 8);
x Turn off the gas preheater (S5) and all heating zones in the reactor (S1, S2 and S3);
x Open valve V3 and crank up high flow rate meter (F2) shortly in order to purge product
inside the reactor. Then close F2 and V3;
x Open valve V2 and adjust low flow rate meter (F1) at level 20 mm in order to have N2
flow in the system during cooling down;
x Stop and save the data file on the computer;
Collect the bio-oil and clean the setup
x Open V-5 and use a liquid pump to pump the bio-oil from the bubble chamber (C3) into
a bottle. Weigh and record the amount of liquid obtained;
x Turn off the gas pump (C11);
x Wait until the temperature lower than 200°C;
x Disconnect the char tanks (C9 and C10). Weigh and record the obtained char product;
x Disassemble bubble chamber (C3). Collect the remaining bio-oil in the bubble chamber.
Weigh and record it;
x Disconnect liquid separator (C5). Weigh and record it;
x Disconnect aerosol coalesce (C4). Weigh and record it;
x Disconnect valve V8 and start the gas pump (C11) again for a short time to drive the
remaining bio-oil in the pipes to gas dryer (C12). Weigh and record the amount of liquid
product in gas dryer (C12);
x Inject about 20 ml ethanol to the gas pump and start the gas pump (C11) again for a
short time to clean the pipes and reactor (This step is important, because a small
amount of bio-oil condensed inside the gas pump is sticky and will block the blades of
the pump. It has to be cleaned after every experiment);
x Wait until the temperature is lower than 100°C;
x Close valve V2;
x Close the lubricant oil tank (C30) and cooling bathes (C20 and C25) (it is important to
have the lubricant oil running when the reactor temperature is still higher than 100°C);
x Open the feed tank (C1). Take out the biomass. Weigh and record the collected
remaining biomass. Disconnect the feed tube from the reactor. Use a vacuum cleaner
to collect the biomass inside the tube and feed tank. Weigh and record the amount.
x Clean down pipes of char separator (C8) and char cyclone (C7) by a drill;
x Check the nozzle of bubble chamber (C3) to make sure that no block inside;
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Figure C. 1: PI diagram of the new PCR before modification
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C. 2 Operational manual and PI diagram for the new PCR setup after
modifications
Preparation
x Connect the feed tank (C1) to the reactor (R1);
x Assemble the hot gas filter (C21) to the setup (remember graphite seals between the
steals);
x Load and record the amount of catalyst inside the catalyst reactor R2 (remember to use
quartz wool at the ends of the catalyst reactor) and assemble the catalyst reactor to the
setup (remember a copper seal at the bottom of the reactor has to be changed every
time).
x Weigh and record the two char tanks (C9 and C10) and connect them back to char
separator (C8) and char cyclone (C7);
x Weigh and record a desired amount of feedstock and fill in the feed tank (C1);
x Close the cap of the feeder (Remember the rubber seal between cap and the feed
tank).
x Weigh and record the amount of isopropanol putted into the first three condensers.
Assemble all the 8 condensers back to the setup.
x Connect a gas bag to the mini gas pump C26.
Leakage check
x Close valve V3, V4, V8;
x Open V2 and adjust the flow meter F1 to use N 2 to pressurize the setup until the
pressure meter (P2) at 0.2 bar;
x Close valve V2 and Wait for 2 minutes. If the pressure indicated by P2 is not less than
0.15 bar, the setup passes the leakage check. Otherwise use snoop check all
connections in the system to find the leakages. The common leakage areas include
feed tank (C1), hot gas filter (C21), catalyst reactor (R2), and gas filter (C17). These
units and connections are commonly disconnected after the experiment and connected
again before the experiment.
Purge the feed tank
x Open valve V4 and V2 to purge the air out of the feed tank (C1) for about 30 minutes;
x Close V4 and completely open V8.
Reactor preheating
x Start recording data file on the computer;
x Turn on the lubricant oil tank (C30). If the oil tank is working, the pressure indicator P7
should be higher than 0.05 bar (The pressure P7 has to be higher than 0.05 bar to
activate the power of other units. This is a safety setting in the Labview.);
x Turn on the cooling bath (C20) and put dry ice into the bath C25 (Keep checking if the
bath has enough dry ice);
x Set the mass flow controller (MFC 1 or MFC 2) to a low flowrate, such as 2 Nl/min;
x Close the valve V2;
x Set the tracing temperature of TIC 6 and TIC 8 to 460°C and 440°C;
x Set the temperature of three zones in reactor (S1, S2 and S3) to 500°C;
x Open flow meter F3 and then turn on the mini gas pump (C18) and adjust the flow
meter F3 at level 10 mm;
x Set the gas preheater (S5) to 450°C;
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x

x

x

Set the hot gas filter (C21) to 320oC (This setpoint is the temperature of the heating
jacket. Inside the hot gas filter, the temperature is typically 20 oC lower than the heating
jacket temperature. The temperature inside the hot gas filter (C21) is measured by a
hand hold temperature measurement);
Set the catalyst reactor (R2) to the desired temperature (Again the setpoint of the
catalyst reactor is the temperature of the heating jacket. Inside the catalyst reactor, the
temperature is slightly lower than the heating jacket temperature. Try to adjust the
setpoint temperature in order to achieve a desired temperature inside the catalyst
reactor);
Wait until all the heating elements reach the set points.

Start the experiment
x Start the motor (C13). The speed is typically set to be 1700 rpm;
x Increase the mass flow controller (MFC 1 or MFC 2) to the desired flowrate, such as 4
Nl/min;
x Start the gas mini pump C26 to pump gas into the gas bag and start the first stopwatch
simultaneously. Adjust the valve V9 to achieve about 0.2 Nl/min gas flow rate;
x Start the feeder (C1) and a second stopwatch simultaneously.
Shut down the setup
x Stop the feeder (C1) and the second stopwatch when the desired time has elapsed or
the pressure (P5) increases to more than 0.4 bar (The reactor can maximum handle 0.5
bar.);
x Stop the mini gas pump C26 and the first stopwatch simultaneously;
x Increase the mass flow controller (MFC 1 or MFC 2) to a high flowrate (such as 8
Nl/min) for a short time to purge the products out of the system.
x Decrease the mass flow controller (MFC 1 or MFC 2) to a low flowrate (such as 2
Nl/min)
x Turn off the motor (C13);
x Turn off the tracing (TIC 6 and TIC 8);
x Turn off the gas preheater (S5), all heating zones in the reactor (S1, S2 and S3), hot
gas filter (C21) and catalyst reactor (R2);
x Stop and save the data file on the computer;
Collect the bio-oil and clean the setup
x Disconnect all the condensers. Weigh and record the collected bio-oil;
x Wait until the pyrolysis reactor temperature is lower than 100°C and the hot gas filter
temperature is lower than 40°C;
x Close the lubricant oil tank (C30) and the cooling bath (C20) (it is important to have the
lubricant oil running when the reactor temperature is still higher than 100°C);
x Close the mass flow controller (MFC 1 or MFC 2);
x Disconnect the char tanks (C9 and C10). Weigh and record the obtained char product;
x Open the feed tank (C1). Take out the biomass. Weigh and record the collected the
amount of biomass. Disconnect the feed tube from the reactor. Use a vacuum cleaner
to collect the remaining biomass inside the tube and feed tank. Weigh and record the
remaining amount;
x Open the hot gas filter (C21). Weigh and record the amount of collected char;
x Disconnect catalyst reactor (R2). Weigh and record the spend catalyst;
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