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Abstract

The direct conversion of CO; into hydrocarbons in a process that combines the methanol synthesis
and the methanol-to-hydrocarbon process in one reactor could facilitate efficient and sustainable pro-
duction of valuable products, such as light olefins and aromatics. These hydrocarbons are primarily
derived from oil refineries and are extensively used in the production of plastic materials and other
important products. Capturing CO. produced from plastic waste incineration plants and converting it
into new plastic monomers could create a new recycling pathway for plastic materials. This technol-
ogy must, though, be sufficient to compete with the current production of plastic monomers from

fossil resources.

In this work, Zn-based mixed oxides, such as ZnO/t-ZrO, ZnAl204, and ZnGa»O4, were found to be
highly active for methanol synthesis at temperatures where the subsequent methanol-to-hydrocarbon
process was active. Through catalyst characterization with BET, ICP, XRD, XPS, XAS, and TEM, it
was identified that the primary active site was amorphous ZnO supported on the surface of the oxides.
Modulation excitation spectroscopy, coupled with time-resolved QEXAFS for the ZnO/t-ZrO; cata-
lyst, showed that these ZnO sites were capable of reversible, partial reduction under methanol syn-
thesis conditions, forming ZnOx, where x was approximately 0.98. XPS analysis revealed that an
interaction between ZnO and ZrO> withdrew electrons from the Zn-O bond and likely induced the
reducibility of the surface ZnO phase. The formation of methanol over the Zn-based mixed oxides
was identified by in-situ DRIFTS to occur through a formate pathway, and the hydrogenation of the
formate specie was the rate-determining step.

When combining the Zn-based mixed oxides with solid acids, such as the SAPO-34 or the ZSM-5,
the direct production of light olefins or aromatics from CO2 was possible. The local dehydration of
the methanol with the catalyst bed ensured that the CO2 hydrogenation equilibrium was exceeded,
showing a higher conversion of CO than expected from equilibrium calculations at the applied reac-
tor conditions. High temperatures, pressures, and hydrogen partial pressures induced the hydrogena-
tion activity for the bi-functional catalyst, increasing the hydrogen incorporation in the hydrocarbon
product. The hydrogenation activity of the ZnO/t-ZrO,+ZSM-5 was concluded to occur over the
Brensted acid sites, as the increase in the Si/Al ratio induced the hydrogen incorporation. The highest
aromatic selectivity for the ZnO/t-ZrO,+ZSM-5 catalyst was obtained at low temperature and pres-
sure to minimize the hydrogenation. However, at these conditions a low hydrocarbon yield was ob-

tained. This demonstrates a trade-off in the activity and the aromatic selectivity for the ZnO/t-



Zr0,+ZSM-5 catalyst. A similar trade-off was observed for the light olefin production over the ZnO/t-
ZrO+SAPO-34 and ZnAl>04+SAPO-34 catalysts, showing that the current limitation for the bi-func-
tional catalysts is the gap between activity and selectivity. Changing the CO2/H. feed ratio showed
improved hydrocarbon yield for the ZnO/t-ZrO, +SAPO-34 catalyst but at the expense of a slightly
more hydrogenated product. It is believed that this strategy is only applicable at low operating pres-
sure as the increase in pressure showed a great increase in hydrogenation activity. The hydrogenation
activity is supposed to be induced at higher hydrogen partial pressure as well. Another strategy for
improving the hydrocarbon yield without affecting the olefin selectivity was to co-feed CO over the
ZnAl,O4+SAPO-34 catalyst. Higher CO concentration in the feed changed the thermodynamic driv-
ing force for the reverse-water-gas-shift reaction, reducing the production of water from this reaction.
The lower water content improved the CO2 hydrogenation activity significantly and improved the
hydrocarbon yield of light olefins. The ZnAl>04 or ZnO/t-ZrO2 and SAPO-34 combination yielded a
stable production of olefins that outperformed the stability of the methanol-to-olefin reaction. Deac-
tivation of the bi-functional catalysts was observed when the CO> conversion to hydrocarbon and the
hydrocarbon distribution changed with time on stream. Analysis of a spent bi-functional catalyst by
XRD and TEM identified three deactivation phenomena: sintering of the surface ZnO specie, Zn
migration into the SAPO-34 crystals, and formation of carbon deposits. It was not possible to decou-
ple these deactivation phenomena effects on the bi-functional catalyst stability. Oxidative regenera-
tion of the bi-functional catalysts resulted in sintering and creation of crystalline ZnO identified by
TEM and in-situ XAS. Removal of the highly active ZnO surface domains resulted in a less active

metal oxide component for the methanol synthesis reaction.

Kinetic modelling of the ZnO/t-ZrO»+ZSM-5 catalyst showed that the water produced limited the
methanol synthesis activity, even at very low residual concentrations of methanol. Higher water con-
tent at longer residence times will inhibit the CO2 hydrogenation reaction by thermodynamics, caus-
ing the not linear increase in the CO> conversion as a function of residence time observed experimen-
tally. It was found that to optimize the aromatic formation rate, the process should be operated far

from equilibrium, which limits the CO. conversion.



Resumeé

Den direkte omdannelse af CO- til kulbrinter i en proces, der kombinerer methanolsyntese og
methanol-til-kulbrinteprocessen i en reaktor, kunne muliggare en effektiv og baeredygtig produktion
af veerdifulde produkter, sdsom lette olefiner og aromatiske forbindelser. Disse kulbrinter stammer i
dag primeert fra olieraffinaderier og anvendes i vid udstreekning i produktionen af plastmaterialer og
andre vigtige materialer. Udnyttelse af CO. produceret fra forbreending af plastaffald til produktion
af nye plastmonomerer kunne skabe en ny genanvendelsesvej for plastmaterialer. Denne teknologi
skal dog veere konkurrencedygtig sammenlignet med den nuvarende produktion af plastmonomerer

fra fossile ressourcer.

| arbejdet beskrevet i denne rapport blev det fundet, at Zn-baserede blandingsoxider som ZnO/t-ZrOa,
ZnAl>04 0g ZnGa04 er meget aktive for methanolsyntese ved temperaturer, hvor den efterfalgende
methanol-to-hydrocarbon proces ogsa er aktiv. Gennem katalysatorkarakterisering med BET, ICP,
XRD, XPS, XAS og TEM blev det identificeret, at det primare aktive site var amorft ZnO pa over-
fladen af oxiderne. Modulation excitation spectroscopy, koblet med tidsoplgst QEXAFS for ZnO/t-
ZrO» katalysatoren, viste, at disse overflade ZnO specier er i stand til reversibel, delvis reduktion
under betingelser for methanolsyntesen. Dette dannede ZnOy, hvor x var cirka 0,98. XPS-analyse
afslgrede, at der var en interaktion mellem ZnO og ZrO», som trak elektroner fra Zn-O-bindingen og
sandsynligvis ggede reduktionsevnen af overflade ZnO-fasen. Ved in-situ DRIFTS blev det identifi-
ceret, at dannelsen af methanol over de Zn-baserede blandingsoxider forekommer gennem overfla-

debundet formiat, hvor hydrogenering af formiat var det hastighedsbestemmende trin.

Det er muligt at omdanne CO; direkte til lette olefiner eller aromater, nar Zn-baserede blandingsoxi-
der blev kombineret med SAPO-34 eller ZSM-5. Den lokale dehydrering af methanol i katalysator-
laget sikrede, at CO2-hydrogeneringsligeveaegten blev overskredet, hvilket resulterede i en hgjere om-
dannelse af CO- end ellers forventet ud fra ligeveegtsberegninger ved de anvendte reaktorbetingelser.
Haje temperaturer, tryk og brint partialtryk ggede hydrogeneringssaktiviteten for den bi-funktionelle
katalysator og ggede hydrogenindholdet i kulbrinteproduktet. Det blev konkluderet, at hydrogener-
ingsaktiviteten for ZnO/t-ZrO+ZSM-5 forekommer over Brgnsted syre-sites, da stigningen i Si/Al-
forholdet @gede hydrogenindkorporeringen. Den hgjeste aromatiske selektivitet for ZnO/t-
ZrO,+ZSM-5 katalysatoren blev opnaet ved lav temperatur og tryk for at minimere hydrogeneringen.
Ved disse betingelser var der dog et lav udbytte af kulbrinte. Disse resultater demonstrerer et kom-

promis mellem aktivitet og aromatisk selektivitet for ZnO/t-ZrO»+ZSM-5 katalysatoren. En lignende
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afvejning blev observeret for produktionen af lette olefiner over ZnO/t-ZrO>+SAPO-34 og
ZnAl,O4+SAPO-34-katalysatorerne, hvilket viser, at den nuvaerende begransning for bi-funktionelle
katalysatorer er forskellen mellem aktivitet og selektivitet. £ndring af CO2/H. forholdet i indgangs-
gassen viste et forbedret kulbrinteudbytte for ZnO/t-ZrO,+SAPO-34 katalysatoren, men pa bekost-
ning af et mere maettet kulbrinteprodukt. Denne strategi menes kun at vare anvendelig ved lavt drifts-
tryk, da en stigning i trykket viste en stor forggelse i hydrogeneringsaktiviteten. Hydrogeneringsak-
tiviteten menes ogsa at blive forgget ved hgjere brint partialtryk. En anden strategi for at forbedre
kulbrinteudbyttet uden at pavirke selektiviteten til lette olefiner var at tilfare CO til fadegassen over
ZnAl,O4+SAPO-34 katalysatoren. Den hgjere CO-koncentration i feden &ndrede den termodynami-
ske drivkraft for reverse-water-gas-shift reaktionen og reducerede maengden af vand dannet fra denne
reaktion. Det lavere vandindhold forbedrede CO> hydrogeneringsaktiviteten betydeligt og forbedrede
kulbrinteudbyttet af lette olefiner. Kombinationen af ZnAl,O4 eller ZnO/t-ZrO, og SAPO-34 resulte-
rede i en stabil produktion af olefiner, der overgik stabiliteten af methanol-to-olefin reaktionen. De-
aktivering af de bi-funktionelle katalysatorer blev observeret, da CO, omdannelsen til kulbrinter og
fordelingen af kulbrinteprodukter andrede sig over tid. Analyse af brugte bi-funktionelle katalysato-
rer ved hjelp af XRD og TEM identificerede tre deaktiveringsfaenomener: sammenklumpning af
overflade ZnO, Zn migrering ind i SAPO-34 krystallerne og dannelse af kulstofaflejringer. Det var
ikke muligt at bestemme og adskille de praecise effekter hvert enkelt deaktiveringsfeenomen havde af
indflydelse pa stabiliteten af de bi-funktionelle katalysatorer. Oxidativ regenerering af de bi-funktio-
nelle katalysatorer resulterede i sammenklumpning og dannelse af krystallinsk ZnO, som blev iden-
tificeret ved hjelp af TEM og in-situ XAS. Fjernelsen af de meget aktive ZnO overfladedomaner

resulterede i en mindre aktiv metaloxid komponent for methanolsyntesereaktionen.

Kinetisk modellering af ZnO/t-ZrO,+ZSM-5 katalysatoren viste, at det vand, som blev produceret,
begraensede methanolsynteseaktiviteten, selv ved meget lave restkoncentrationer af methanol. Hgjere
vandindhold ved lengere opholdstider hammer CO--hydrogeneringsreaktionen pa grund af termo-
dynamikken og forarsager den krumme kurve for COz-omdannelse som en funktion af opholdstiden,
som blev observeret eksperimentelt. Det blev fundet, at for at optimere dannelseshastigheden af aro-

mater skal processen kares langt fra ligeveegt, hvilket vil begraenser CO2-omdannelsen.
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1 Introduction

In 2017 it was estimated that 6300 million tons of plastic waste were generated in the period from
1950 to 2015 worldwide. 12 % of the waste have been incinerated to avoid it being disposed on
landfills [1]. By incineration of the plastic product, a fraction of the energy that went into producing
the plastic can be recovered as heat. However, a higher level of value recovery could be obtained with
direct recycling of the plastic by melting it into new products [2]. Only a fraction of the consumer
sorted plastic is possible to recycle directly. The remaining plastic could be chemically recycled by
depolymerization, purification and re-polymerization or pyrolysis to a liquid resembling crude oil.
The struggle of sorting plastic for direct recycling and the energy costs associated with chemical
recycling have resulted in that only 9 % of the plastic waste in the period from 1950 to 2015 have
been recycled [1,3]. However, both the recycle and the incineration percentage have increased in
recent years to deal with the problems associated with landfills disposal of the annual exponential

rising amount of generated plastic waste.

The main monomers (or monomer precursors) in plastic manufacturing are light olefins (ethene, pro-
pene, and butene) and aromatic molecules (benzene, toluene, and xylene). Since these chemicals are
mainly produced from crude oil, there is an increasing demand for reducing the dependency on finite
oil resources for producing plastic monomers [3]. Additionally, to make the consumption of plastic
products more sustainable, an increase in recycling and a reduction in greenhouse gas emissions are
crucial. Capturing CO> from the plastic incineration and convert it back into plastic monomers (or
monomer precursors) such as light olefins and aromatics can theoretically close this loop. The annual
production of polypropylene plastic was in 2019 ~73 million tons, which shows that around 230
million tons of CO; could be stored in this product alone. This shows a great potential for CO2 utili-

zation and storage for the plastic manufacturing industry.

CO2 can be converted to synthesis gas in the reverse water gas shift reaction when combined with Ho,
as stated in egn. (1) [4]. The required hydrogen can be obtained from water electrolysis potentially

driven by excess renewable energy [5].

CO, + H, = CO + H,0 (1)

Synthesis gas can then directly be converted to hydrocarbons in the Fisher-Tropsch process, typically

using promoted Co or Fe based catalysts at 150 °C to 350 °C and a pressure near 1 atm and up to 100
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atm [6,7]. In general, the product formation is accepted to be caused by surface polymerization reac-
tions, which tend to follow the Anderson-Schulz-Flory distribution (ASF). The product selectivity
can be tuned by changing reactor conditions, the type of catalyst, and promoters, but the theoretical
maximum yield of C> and C4 hydrocarbons is ~60 % according to the ASF [7-9]. Recent studies have

indicated a C2-C4 olefin selectivity up to ~60% on a CO free basis [7,10,11].

An alternative to the Fisher-Tropsch process is the indirect method where the synthesis gas is first
converted to methanol via methanol synthesis and then to hydrocarbons over an acidic zeolite catalyst
in the so-called methanol-to-hydrocarbons (MTH) process [12,13]. The product distribution of the
MTH process is affected by the zeolite topology and operating conditions. In general, the reaction
mechanism over zeolites is accepted to follow the hydrocarbon pool dual cycle concept consisting of
an aromatic cycle and an alkene cycle [14]. Zeolites with large pores and relative low temperatures
favours the aromatic cycle. High temperature and narrow pore zeolites are expected to lead to en-
hancement of the alkene cycle. At low partial pressure, the necessary coupling of several alkenes in
sequence to form aromatic is less noticeable [15]. Further modifications of the zeolite, such as acidity,
ion-exchange with metal ions (Ni and Zn), extra-framework metal oxides (Ag,0, NiO and Cu0), and
framework substitutions with metal ions (Ni), have showed potential for tuning the product distribu-
tion [16-21]. To shift the equilibrium reaction in the methanol synthesis towards methanol, the reac-
tion is operated at moderate temperatures of 200 to 250 °C and at pressures of 50 to 100 atm [12]. The
MTH process is typically operated at temperatures around 340 to 400 °C and at pressures from 1 to
25 atm [13,22,23]. If methanol is immediately consumed in the MTH process, the equilibrium reac-
tion of the methanol synthesis may be driven towards products, even at intermediate temperature and
pressure, resulting in compatible conditions for the methanol synthesis and MTH process. This con-
cept has recently been reported by the research groups Bao [24-26], Li [17,27], Wang [28] and Liu
[29]. The research groups of Bao, Li and Wang all reported bi-functional catalysts consisting of the
zeolite SAPO-34 and the methanol synthesis catalyst of ZnCr- or ZnZr-oxide for the conversion of
synthesis gas to light olefins [24,25,27,28]. The groups Li and Liu reported the conversion of synthe-
sis gas to aromatics by using a ZnZr- or ZnAl-oxide catalyst together with the H-ZSM-5 zeolite
[17,29]. A combination of a Fischer-Tropsch catalyst Na-Fe3O4 and H-ZSM-5 has also demonstrated

a potential for synthesis gas conversion to aromatics [30].
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This project aims to develop new catalysts and catalyst systems for efficient and selective conversion
of CO and H: to olefins and aromatics at yields relevant for industrial applications. This means at
least 15 % conversion of CO> pr. catalyst passed and 80% selectivity towards olefins or aromatics
among the hydrocarbon products. Fulfilling these goals are necessary for the process to be competi-
tive to petroleum-based processes in near future. In this project, the CO> to hydrocarbon conversion
was conducted through bi-functional catalysts composed of a mixture of a methanol synthesis active
component with a shape-selective solid acid (zeolite/zeotype) for the methanol dehydration reaction.
To achieve a high CO> to hydrocarbon conversion, it is important to have an active methanol synthesis
component for the production of methanol at elevated temperatures. For this purpose several metal
oxides and mixed oxides were synthesized and tested for their methanol synthesis activity. Promising
candidates, such as ZnO mixed oxides, were optimized by changing the oxide support and/or the Zn-
loading and characterized through ex-situ XRD, XAS, BET, ICP, STEM and in-situ XAS to gain
improved knowledge of the catalyst structure-activity relationship. Thus, enabling future rationale
and knowledge-based improvements of the catalysts. The metal oxides showing high methanol syn-
thesis activity were combined with solid acids. This was mainly the H-ZSM-5 zeolite and the H-
SAPO-34 zeotype for the direct conversion of CO; into aromatics and olefins, respectively. The cat-
alyst bed-configuration, mixing ratio of the two components, and the acid site density was investi-
gated to optimize the catalyst performance. The reactor conditions, such as pressure, temperature,
feed composition, and space velocity, were tested in order to find the optimal conditions. Addition-
ally, kinetic analysis was conducted to help explaining the observed experimental trends and to opti-
mize the hydrocarbon formation rate by changing the above-mentioned catalyst and reactor condi-
tions. Other shape-selective zeolites with different pore sizes and channel structures were used for
tuning the hydrocarbon selectivity. Lastly, Zn modified solid acids produced through impregnation
were tested as well. These solid acids were characterized by XRD, XRF, NHs-TPD, and Zn migration

from the metal oxide to the solid acid was investigated by STEM.
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2 Literature Review

2.1 Methanol Synthesis

The first part of the process for the bi-functional catalytic system using methanol as intermediate is
the conversion of synthesis gas, a mixture of carbon dioxide, carbon monoxide, and hydrogen, to
methanol. This process is known as the methanol synthesis, which is a widely commercialized process
[12]. To activate the very stable CO2 molecule with two C=0 double bonds, a catalyst must be used
to lower the activation energy. The first type of catalyst used in the industry by BASF was a mixed
oxide consisting of ZnO and Cr.Oz. This catalyst was operated at very high pressures of 250-350 bar
to achieve acceptable reactivity at temperatures of 300-450 °C. This was done in order to increase the
thermodynamic driving force at these temperatures [31]. Innovation and development of the much
more active Cu/ZnO/Al,Oz catalyst allowed low pressures at around 50-100 bar and production of
methanol at temperatures of 200 to 250 °C. This catalyst required more purified synthesis gas for
especially sulphur that otherwise poisoned the catalyst. Even with this drawback, copper-based cata-

lyst are still exclusively used in the industry for methanol synthesis [32].

2.1.1 Reaction scheme

Three reactions occur over copper-based catalyst under methanol synthesis, which are the carbon
dioxide hydrogenation, carbon monoxide hydrogenation, and the reverse-water-gas-shift, as stated in
Eqg. (2) to (4) [32].

COZ + 3H2 = CH30H + H20 AHr,298K,50bar = —409 k]/mOl (2)
CO +2H, = CH30H AHr,298K,50bar = —=90.7 k]/mol (3)
COZ + Hz =00 + Hzo AHr,298K,50bar = 498 k]/mOI (4)

The reaction scheme shows that methanol can be formed by combining hydrogen with carbon dioxide
(Eqg. (2)) or carbon monoxide (Eqg. (3)). The exothermic nature of these reactions and the stoichio-
metric ratio between the products and reactants show that production of methanol is favoured by high
pressure and low temperature (Le Chatelier’s principle). The reaction rate is favoured by an increase
in temperature and to achieve a sufficient production of methanol, a trade-off between the reaction

kinetic and the thermodynamic driving force has to be made [33]. The endothermic nature of the
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reverse-water-gas-shift (Eq. (4)) improves the thermodynamic driving force for this reaction with
increasing temperature, shifting the reaction towards production of carbon monoxide and water. As
water is also a product from the carbon dioxide hydrogenation reaction (Eq. (2)), the formed water
for the reverse-water-gas-shift reaction will additionally limit the thermodynamic driving force for
this reaction. This limitation does not exist for the carbon monoxide hydrogenation reaction (Eg. (3)).
Using catalysts able to actively produce methanol from the carbon monoxide hydrogenation reaction
could potentially provide a more efficient production of methanol by by-passing the thermodynamic
limitations of the carbon dioxide hydrogenation reaction. Another strategy to circumvent the thermo-
dynamic limitation is to add carbon monoxide to the feed stream and thereby shift the reverse-water-
gas-shift reaction towards water and carbon monoxide consumption. However, kinetic inhibition by
competing adsorption with carbon monoxide and/or alteration of the active sites, caused by the highly
reductive nature of carbon monoxide, could result in a less kinetic active catalyst [34]. For industrial
methanol synthesis over the Cu/ZnO/Al,O3 catalyst, the optimal performance is achieved by feeding

a mixture of carbon dioxide, carbon monoxide, and hydrogen.

2.1.2 Reaction mechanism

The proposed reaction pathways for the methanol formation from CO> hydrogenation are illustrated
in Fig. 1. It has been proposed that the CO2 hydrogenation can occur through a direct hydrogenation
route (the formate pathway) or an indirect route where COz is first converted into CO by reverse-

water-gas-shift followed by CO hydrogenation steps [35,36].
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Fig. 1. Schematic of the direct CO2 route to methanol through the formate pathway or the indirect route with formation of CO followed
by CO hydrogenation reactions. Figure obtained from [35].

Several authors have identified the formation of surface formate from carbon dioxide and hydrogen

and surface methoxy species from formate and hydrogen by using infrared spectroscopy techniques
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[37—40]. This suggests that the reaction stated in eq. (2) occurs through a formate pathway, where
adsorbed CO> hydrogenates into formate and further into methoxy surface species that desorb as
methanol. This is illustrated as the direct route in Fig. 1. Kinetic studies on the role of CO and CO
in Cu catalysed methanol synthesis confirmed that the primary carbon source for methanol formation
is CO2, with the exception of Cu supported on MgO [34,41]. The results concluded that on
Cu/ZnO/Al>03 or Cu/Al203 catalysts, CO will inhibit the methanol synthesis, most likely due to com-
petitive adsorption or less likely by removing oxygen from the catalyst surface at low conversion
conditions. Interestingly, when conversion increases the formation of water (strong inhibitor), the
methanol formation rate will reduce and by co-feeding CO (milder inhibitor), the reverse-water-gas-
shift reaction will shift and water will be removed. Thus, CO has a beneficial role in removing a
stronger inhibiting species and thereby increase the methanol formation rate at higher conversions

conditions, as illustrated in Fig. 2 (a).
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Fig. 2. (a) The ratio between the methanol formation rate in CO2/CO/H2 and CO2/N2/H: as a function of the estimated effluent water
concentration in the CO2/N2/Hz atmosphere for Cu/Al203 and Cu/ZnO/Al203. Reaction conditions: 523 K, 50 bar, (2.4-14.5)-10°and
(1.4-9.4)-10% for the Cu/ZnO/Al>O3 and Cu/Al>Os, respectively. (b) Formation rate of methanol (left) and CO (right) on a Cu/ZnO/Al203
catalyst as a function of temperature in CO2/H2 (red circles) and CO2/D: (blue circles). Reaction conditions: 200 mg catalyst, 30 bar
and 100 ml/min. Figures were obtained from [34] and [42], respectively.

Stronger inverse Kinetic isotope effect of hydrogen/deuterium substitution for the CO, hydrogenation
into methanol than for the CO formation was observed from hydrogen/deuterium exchange experi-
ments over a Cu/ZnO/AlOs catalyst [42], as illustrated in Fig. 2 (b). This suggest that the two reac-
tions do not share a common intermediate, which questions that the reverse-water-gas-shift reaction
occurs through a common intermediate as proposed by [43]. Furthermore, CO hydrogenation did not

show a strong kinetic isotope effect, suggesting that methanol formation from CO2 does not proceed
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through consecutive reverse-water-gas-shift and CO hydrogenation steps [42]. In-situ infrared spec-
troscopy and kinetic analysis have demonstrated that the methanol synthesis primary occurs via the
CO- and hydrogen through a formate pathway (Eq. (2)).

For the water-gas-shift reaction, two reaction mechanisms have been proposed, which are the surface
redox mechanism [44,45] and the associative mechanism [46,47]. The associative mechanism de-
scribes the formation of an intermediate CHxOy species, such as carboxyl (COOH) [46,48,49] or for-
mate (HCOO) [47,50], from adsorbed carbon monoxide and water that decomposes into carbon di-
oxide and hydrogen. The decomposition of surface formate seems unlikely if the carbon dioxide hy-
drogenation into methanol proceeds through the formate pathway and the formation of carbon mon-
oxide from the reverse-water-gas-shift reaction does not share a common intermediate [43]. However,
the formation of spectator formate species formed by hydrogenation of the formed carbon dioxide
could explain the visible formation and accumulation of surface formate under in-situ diffuse reflec-
tance infrared Fourier transform spectroscopy (DRIFTS) analysis [50]. Thus, leading to a false con-
clusion of formate being an important intermediate for the reaction. Even though the carboxyl and
bidentate formate are isomers, Gokhale et al. [46] suggested that carboxyl intermediates could be
formed by a single elementary reaction step that is not possible with formate formation. The hydroxyl
binds to the surface through its oxygen atom and carbon monoxide through its C atom. The formate
binds through its two oxygen atoms and not its carbon atom, suggesting that formate is formed by
reaction of carbon dioxide with atomic hydrogen [46]. Thus, the carboxyl intermediate pathway could
be the mechanism decoupled for the formate pathway, which allows the water-gas-shift reaction to
occur through an associative mechanism without sharing important carbon dioxide hydrogenation
intermediates. An alternative to the associative mechanism is the surface redox mechanism (also
known as the regenerative mechanism), that proceeds via alternating reduction and oxidation of the
catalyst surface [51]. This mechanism is generally accepted from iron-based catalyst, as redox cou-
pled Fe?*/Fe** can accommodate the dissociative adsorption of water by oxidising Fe?* to Fe3* [51].
The atomic oxygen can then oxidise the adsorbed carbon monoxide and reduce the iron again. It was
proposed that the atomic oxygen is obtained either by two successive hydrogen abstractions steps or
by hydrogen abstraction followed by disproportionation of two hydroxyl species [46]. Ovesen et al.
[44] successfully described the water-gas-shift reaction over a Cu-based catalyst under industrial con-
ditions using the surface redox mechanism as basis for their microkinetic model. Suggesting that the

surface redox mechanism could apply for the Cu-based catalyst as well. Today, the surface redox and
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associative reaction mechanism for the water-gas-shift reaction is still under debate in the literature

[51]. The elementary reaction steps for the two reaction mechanism are stated in Table 1 [46].

Table 1. The proposed elementary reaction steps for the surface redox and the associative carboxyl mechanism over Cu(111). Adapted
from [46].

Redox mechanism Associative carboxyl mechanism
CO+*— CO* CO+* — CO*
H20 + * — H,O* H20 + * — H.O*
H.O* + * — H*+ OH* H.O* + * — H*+ OH*
OH* + * —» O* + H* CO* + OH* —» COOH* + *

OH* + OH* — Hp0* + O* COOH* + * — COz* + H*
CO*+0* — CO*+*  COOH* + OH* — COz* + Hz0*
COz* — COz +* COz* — COz +*

H* + H* — Hy + 2* H* + H* — Hp + 2*

The understanding of the surface reaction mechanism for the carbon dioxide hydrogenation and wa-
ter-gas-shift reaction is crucial for guiding the development of catalyst materials than can suppress
the latter reaction. It would be impossible to completely remove the water-gas-shift reaction if it
shares a common intermediate with the carbon dioxide hydrogenation, which was found unlikely to
be the case [42]. The reversible change in the Cu oxidation state from Cu?* to metallic Cu® could
function as the active site for the water-gas-shift redox mechanism. Thus, a dynamic behaviour in the
Cu oxidation state, if present, could be investigated by in-situ XPS or XAS coupled with modulation
excitation spectroscopy. However, the methanol synthesis rate is linear dependent on the Cu surface
area, where Cu bounded formate is crucial for the formate hydrogenation rate [37—40]. This questions
the ability to completely supress the water-gas-shift reaction over a metallic based methanol synthesis

catalyst.
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2.1.3 Metallic methanol synthesis catalyst in bi-functional catalytic systems

The idea of combining methanol synthesis with methanol dehydration over solid acids to change the
thermodynamic constraints for the former reaction is not new. This was the thought behind the de-
velopment of the direct hydrogenation of carbon dioxide into dimethyl ether. This reaction can be
achieved by combining a Cu-based catalyst with a solid acid within one reactor, which allows im-
proved syngas conversion at lower pressure [52], as illustrated in Fig. 3 (a). This technology was the
basis for the Topsge Integrated GAsoline Synthesis (TIGAS) where the pressure used for the produc-
tion of dimethyl ether corresponded to that of the methanol-to-gasoline reaction. This closed the loop
without the need for isolating and storing of the oxygenate intermediate, as illustrated in the process
flow diagram in Fig. 3 (b).
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Fig. 3. (a) The conversion of syngas to oxygenate using the methanol synthesis or the combined methanol synthesis and methanol
dehydration reaction. (b) Schematic of the Topsge Integrated GAsoline Synthesis (TIGAS) process. Obtained from [14,52].

This concept was demonstrated in pilot scale (1 ton pr. day scale) in the 1980s [52], where the pro-
duced oxygenate and water from the first reactor together with unconverted syngas was directly fed
to the methanol-to-gasoline reactor loaded with the H-ZSM-5 zeolite. These experiments lead to some
interesting observations of the process performance when changing the feed gas composition. As
shown in Fig. 4, the deactivation rate by coke formation was strongly influenced by the hydrogen
partial pressure, where high hydrogen partial pressure (illustrated as the increase in the so-called gas
module (H2-CO2)/(CO+COy)) significantly inhibits the coking rate. It was at that time suggested that
the improved lifetime of the zeolite was due to hydrogenation of unsaturated coke precursor, which
limited their ability to oligomerize into large coke molecules. High partial pressure of hydrogen also
led to enhanced olefin hydrogenation producing mostly saturated hydrocarbons but resulted in a sta-

ble gasoline product. The olefin hydrogenation was believed to occur mainly over the Cu-based cat-
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alyst as the product gas was recycled through the oxygenate reactor. Thus, changing the gas compo-
sition affected the hydrocarbon distribution, catalyst volume and recycle flow. To achieve optimized

performance, it is necessary to balance these effects by optimizing the feed composition.
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Fig. 4. The accumulated amount of methanol equivalent converted pr. mass of H-ZSM-5 catalyst. Adapted from [52].

2.1.3.1 Bi-functional catalyst for syngas to hydrocarbon conversion

Combining the solid acid for methanol dehydration to dimethyl ether allowed for a more efficient
methanol production at pressures similar to the methanol-to-gasoline reactor. As the H-ZSM-5 cata-
lyst itself is a solid acid, the need for using two reactors can be questioned. In 1979, the Mobil Re-
search and Development Corporation’s group Chang et al. [53,54] asked this question and found that
it was possible to produce hydrocarbons within one reactor by combining the methanol synthesis and
methanol-to-hydrocarbon reaction. It was discovered that by changing the methanol synthesis candi-
date, the carbon monoxide conversion and the hydrocarbon distribution could be altered. Upon com-
bining a ZnO and Cr,03 based catalyst with a H-ZSM-5 zeolite, a high selectivity towards aromatic
products (~70 wt%) was obtained. This was achieved at a carbon monoxide conversion to hydrocar-
bon of ~16 % at relatively harsh conditions of 82 bar, 427 °C and long residence time [54]. This
inspired the groups of Fujimoto et al. and Bruce et al. to investigate the syngas conversion to aromat-
ics under milder conditions by using nickel-cobalt-zirconia (Fischer-Tropsch catalyst) [55] and me-
tallic palladium supported on silica (methanol synthesis component) [56] combined with H-ZSM-5.

They achieved significantly lower aromatic selectivity at ~29 and ~35.7 wt%, respectively.

For obtaining sufficient syngas conversion at milder conditions, the optimal methanol synthesis can-
didate could be metallic Cu- or Pd-based catalysts [34,57]. These catalysts have higher CO2 hydro-
genation activity and allow the production of methanol at lower temperatures, which minimizes the

pressure required for an efficient thermodynamic driving force. The group of Fujimoto et al. [58]
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tried to replace the before mentioned Pd/SiO> catalyst with the state of the art Cu/ZnO/Al>O3 and
combined it with the H-ZSM-5 catalyst. This significantly increased the hydrocarbon yield fromr 9.6
to 17 c. mol% but at the expense of a more saturated product low in aromatics (3.8 ¢. mol% within
hydrocarbons). Several studies on varying the metallic based methanol synthesis and zeolite/zeotype
catalyst have shown high selectivity to saturated hydrocarbons, where some of them are listed in
Table 2.

Table 2. Listed operating parameters and results for synthesis gas (CO Con. or CO2 Con.) conversion to hydrocarbons over bi-func-
tional catalyst composed of a mixture of metallic methanol synthesis and a zeolite/zeotype catalyst. The conversion and selectivity are
given in %. H2/CO and the H2/CO:z ratio is 2 and 3, unless else stated.

Bi-functional catalyst Si/Al T[°C] P[bar] WIF[gea:hmol?] COCon. CO;Sel. Ref.

Cu/ZnO/Al,03/H-SAPO-5" 014 290 40 9600™ 24.4™ NR [59]
Cu/ZnO/ZrO,/Al,03/H-Beta” 150 260 20 20 62 44.0 [60]
Cu/ZnO/ZrO,/Al,03/Pd-Beta®  17.5 260 20 20 78.4 40.3 [60]
Cu/Zn0O/ZrO,/Al,03/Pd-Beta 38 260 20 10 82.8 44.9 [61]
Pd/SiOy/H-ZSM-5 25 300 21 3.4 25 41 [58]
Cu/ZnO/Al,03/H-ZSM-5 25 300 21 3.4 34 48 [58]
Cu/ZnO/Al,0s/H-DAY 7.6 300 21 3.4 32 46 [58]
Pd/SiOy/H-Y 4.8 350 20.6 10 9.2 29.3 [62]
Pd/SiOx/H-ZSM-5 25 350 206 10 16.4 341  [62]
Pd/SiO»/H-DAY 7.6 350 20.6 10 20.5 28.8 [62]
Pd/SiOx/H-SDAY 76 350 206 10 22.7 441  [62]

Bi-functional catalyst Si/Al T[°C] P[bar] WI/F[gea:hmol?] CO,Con. CO Sel. Ref.
Cu/ZnO/Al,04/Pd-Beta 38 260 20 10 21.2 64.6 [61]
Cu/ZnO/ZrO,/Pd-Beta 38 260 20 10 22.0 49.1 [61]
Cu/ZnO/ZrO,/Al,03/Pd-Beta 38 260 20 10 25.2 47.2 [61]
Cu/Zn0O/ZrO,/H-SAPO-5 0.6 340 28 20 25.0 61.6 [63]
Cu/ZnO/AlL;05/H-SAPO-5 06 340 28 20 24.3 712 [63]

* H,/CO = 2.3 for Cu/ZnO/Al,03/H-SAPO-5 and Ho/CO/CO/Ar = 65/24/8/3 for Cu/ZnO/ZrO,/Al,Os/H-Beta and
Cu/ZnO/ZrO/Al;,03/Pd-Beta.
** The space velocity is reported as GHSV [mL/gca/h].

The results listed in Table 2 demonstrate that a bi-functional catalyst can convert CO or CO: into
hydrocarbons at reasonable conversions at lower pressure and temperatures, making these catalytic
systems more energy efficient. However, a high olefin hydrogenation activity was observed for all
the above listed catalysts, resulting in high yields of saturated hydrocarbons. The research group Fu-
jimoto et. al [58,61,64,65] found that their catalysts produced hydrocarbons mainly in the C.4 range
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and by changing the zeolite from H-DAY to H-Beta, the main product shifted from propane to butanes
(Fig. 5 (a)). As illustrated in Fig. 5 (a), the main product of such reaction was found to be iso-butane
with a selectivity 55.7 carbon mol% achieved at the CO conversion to hydrocarbons at 36.7 %. Iso-
butane is an interesting molecule used as precursor for the synthesis of methyl tert-butyl ether
(MTBE), which is used as an additive in gasoline to increase the octane rating. Upon adding metallic
sites, such as Pd, into the beta zeolite, the increased hydrogenation activity within the zeolite pores
inhibited the formation of Cs+ and increased the isobutane selectivity to >80 carbon mol % [60]. CO>
conversion over a similar catalyst did not result in a similar high selectivity towards isobutane, which
indicates that changes in the gas atmosphere also have influence on the hydrocarbon selectivity, as
illustrated in Fig. 5 (b).
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Fig. 5. Reported hydrocarbon selectivity for the bi-functional catalyst for (a) CO [60,62] and (b) CO2 conversion [61,63] . CZZA, CZZ
and CZA denotes the Cu/ZnO/ZrO2/Al.03, Cu/ZnO/ZrO, and Cu/ZnO/Al20s catalyst, respectively. (c) The olefin content in the Ca-4
fraction at methanol conversion with syngas co-feed in 1/9 ratio over H-ZSM-5 zeolite and syngas conversion over the bi-functional
catalyst. Reaction conditions:638 K (628 K for the PdSiO2/H-ZSM-5), 20.6 bar and 8.8 gcat h mol [56].

Co-feeding methanol and syngas (CO+H>) over H-ZSM-5 alone resulted in formation of both olefins
and aromatics, where syngas conversion over the combined PdSiO2/H-ZSM-5 catalyst hydrogenated
all the olefins (Fig. 5 (c)) and decreased the aromatic selectivity by ~9 wt% [56]. It is generally ac-
cepted that the conversion of methanol over zeolite catalysts first give lower olefins which in the dual
cycle hydrocarbon pool mechanism converts to higher hydrocarbon products rich in olefins and aro-

matics [14,66-69]. However, the use of a methanol metallic based catalyst and zeolite for converting
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synthesis gas (CO and H) to hydrocarbons in pressurized hydrogen atmosphere showed that the ini-
tially formed olefins are directly converted to paraffins by the hydrogenation reaction (Fig. 5 (c))
[56,58,62]. Thus, decreasing the possibility of further carbon chain growth resulting in a lower aro-
matic selectivity [56]. The hydrogenation of the olefins is believed to happen mainly on the metallic
methanol synthesis catalysts, where adding metallic site within the zeolite pore can increase the hy-
drogenation activity of the zeolite as well. Therefore, the residence time of olefins in the zeolite cat-
alyst has great influence on the obtained product distribution. The residence time of olefins in the
zeolite is influenced by the diffusion rate determined by pore size, the crystal size, and the particle
size of the zeolite catalyst [58]. Zeolites with larger pore size and smaller crystal and particle size will
increase the effective diffusion rate of olefins, which will lower the molecular weight of the obtained
hydrocarbon product. Fujimoto et. al [58] also reported that this will minimize the selectivity towards
aromatics and formation of coke, resulting in increased stability of the catalyst. A schematic repre-
sentation of the hydrogen activation on the metallic site and the following olefin hydrogenation are
represented in Scheme 1.
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Scheme 1. Proposed reaction mechanism over a copper-based methanol synthesis catalyst and large pore zeolite such as H-beta (low
residence time for olefins). Draw from schemes discussed by the research group Fujimoto et. al [58,61,64,65].

Liu et al. [59] investigated the catalytic performance of Cu/ZnO/Al.O3 combined with SAPO-5 for
direct conversion of CO to hydrocarbons. The product obtained at these conditions was predomi-
nantly propane and isobutane with a product selectivity of 28 and 35.5 wt%, where the methane and

Ce+ selectivity was <3.4 wt%. Liu et al. [59] reported great instability problems for the bi-functional

13217



catalyst where the initial 24.4 % CO conversion started decreasing after 1.5 hours on stream and was
<7 % after 4 hours on stream, as shown in Fig. 6 (a). This deactivation was suggested to be caused
by significant sintering of the Cu particles for the CZA catalyst and it was recommended that a more
sintering-resistant catalyst (Pb/ZnO/Al>0z3) should be used. However, it is known that carbon deposits
deactivate zeolite/zeotype catalyst by blocking the access to the acid sites. This would cause a higher
concentration of unconverted methanol forcing the methanol synthesis closer to equilibrium, which
could significantly inhibit the Cu/ZnO/Al203 conversion abilities. Liu et al. [59] demonstrated a linear
tendency between the CO conversion and the density of Brgnsted acid sites for the SAPO-5 zeolite,
as illustrated in Fig. 6 (b). This is clearly indicating that a sufficient methanol dehydration reaction
over the zeolite catalyst shifts the methanol synthesis equilibrium reaction, increasing the carbon

monoxide conversion.
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Fig. 6. (a) The CO conversion with time on stream and (b) linear correlation between CO conversion and the density of Brgnsted acid
sites during synthesis gas conversion to hydrocarbons over Cu/ZnO/AlOs and SAPO-5 catalyst. These results are obtained after 1
hour. Reactor conditions: 40 bar, 290 °C, GHSV 9600 h-*, H2/CO = 2.3 and Cu/ZnO/Al203 /SAPO-5 = 4. Obtained from [59].

A synergy effect can be observed between the methanol synthesis and the methanol to hydrocarbon
reaction where the activity of the methanol synthesis reaction is dependent on the ability of the zeo-
lites to dehydrate the methanol. This suggests that to achieve high CO or CO; conversions, solid acids
with high acid densities are required to maximize the number of active sites for the methanol dehy-
dration reaction. Water is produced from the CO. hydrogenation to methanol, the reverse-water-gas-
shift reaction, and from the methanol dehydration reaction. When using a bi-functional catalyst for
the CO2 conversion to hydrocarbons, high water partial pressure is expected. Competitive adsorption
of water on the Brgnsted acid site could result in lower methanol dehydration activity of the zeolite
that could result in a less active bi-functional catalyst. Fujiwara et al. [70] used Cu/ZnO/Al>Oz in
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combination with H-beta and found that the strong acid site of the zeolite was seriously deactivated.
Grafting the zeolite with disilane (1,4-bis(hydroxydimethylsilyl)benzene) made the zeolite more hy-
drophobic (water contact angles more than 130°), which remarkably improved the catalytic activity
for the production of hydrocarbons, as illustrated in Fig. 7. This indicates that water production from

the three reactions could have a negative impact on the performance of bi-functional catalysts.
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Fig. 7. The change in product distribution with the weight ratio of disilane in H-beta for the bi-functional catalyst consisting of
Cu/ZnO/AI203 (Cu/zZn/Al=6/3/1) and H-beta. Reaction Conditions: 300°C, 9.8 bar, GHSV 3000 mL/gca'h and CO2/Hz2 = 1/3. Blanks
represent H-beta treated with the modification treatment in absence of disilane. * GHSV = 1500 mL/gcat/h [70].

Several authors have investigated the used of a metallic methanol synthesis catalyst together with the
chabazite structure zeotype, H-SAPO-34 [71-75]. The H-SAPO-34 catalyst consist of small 8-ring
pores (pore opening of 3.8 A) connecting larger cavities (9.54 A) and creating a 3-dimensional struc-
ture [76]. By restricting the pore opening of the solid acid to 3.8 A, diffusion limitations cause lighter
hydrocarbons to be the main product produced. When the H-SAPO-34 catalyst is used for the meth-
anol dehydration reaction, the main product is light olefins such as ethylene, propylene and butenes
[76-78], making it a good candidate for production of plastic monomers. However, these catalysts
are prone to fast deactivation caused by that large carbon deposits can form within the cages, which
inhibits the accessibility of the active sites [79,80]. Nieskens et al. [71] combined a commercial
Cu/ZnO/Al03 catalyst with H-SAPO-34 for carbon monoxide conversion and found that the main
product obtained was light paraffin, as illustrated in Fig. 8 (a). Similarly, Ramirez et al. [73] synthe-
sized a PdZn/ZrO, catalyst and combined it with H-SAPO-34 for carbon dioxide conversion, where

the main product obtained was propane (Fig. 8 (b)). Again, clearly indicating that using metallic based
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methanol synthesis catalyst hydrogenates the produced olefins. As shown in Fig. 8 (b), the bi-func-
tional catalyst has high CO2 conversion (>20 %) with low selectivity towards CO (<30 %) at long
residence time, showing high hydrocarbon productivity. In Fig. 8 (a), the performance of the
Cu/ZnO/Al03 with H-SAPO-34 catalyst are visualized. Surprisingly, the bi-functional catalyst
shows great stability and maintains high CO conversion for more than 250 g converted methanol pr.
g H-SAPO-34 with no indication of oxygenate breakthrough. The deactivation of the H-SAPO-34
catalyst under methanol-to-olefins conditions is evident in the sudden oxygenate breakthrough, as
coke formation inhibits the conversion of methanol. Converting methanol to olefins over the H-
SAPO-34 in a fixed bed reactor have shown to convert approximately 20 gmeon pr gsaro-34 before the
methanol conversion had dropped to 20 % [76]. Thus, indicating that operating the methanol dehy-
dration under high partial pressures of hydrogen, water, carbon dioxide, and monoxide significantly
enhances the lifetime of the H-SAPO-34 catalyst. The cause of the improved lifetime will be further

elaborated in section 2.3.7.
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Fig. 8. (a) CO conversion and product selectivity as a function of the cumulative amount of methanol converted pr. amount of H-SAPO-
34. Reaction Conditions: 390 °C, 50 bar, GHSV = 4000h, H2/CO = 3, catalyst composed of 75 wt% Cu/ZnO/Al>O3 and 25 wt% H-
SAPO-34 [71]. (b) CO2 conversion, CO, and propane selectivity for the PdZn/ZrO2 at different space velocities and pressures. Reaction
Conditions: 350 °C and H2/CO2 = 3 [73].

2.1.3.2 Deactivation

As discussed in the previous section, combining a methanol synthesis component composed of me-
tallic sites, such as Cu or Pd, will result in a highly hydrogenated product low in aromatics and olefins.
Another concern with using the state of the art Cu/ZnO/Al203 as the methanol synthesis component
for CO2 hydrogenation is the increase in water partial pressure, which tend to increase catalyst sin-

tering [81,82]. This problem only increases when such catalysts are combined with zeolite for the
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direct conversion of CO; into hydrocarbons, as the methanol dehydration reaction contributes with
additional water formation. As shown in Fig. 9 (a), the activity of the Cu/ZnO/Al>Oz (denoted CZA
1) decreases with time on stream when operated at equilibrium conditions at different temperatures.
By increasing the temperature from 493 to 523 K, the stability of the catalyst increased, where further
increase in temperature to 523 K forced the activity to drop faster [82]. The activity gained at 525 K
was not expected because of pure thermal sintering. The equilibrium gas compositions are highly
influenced by the reaction conditions and the methanol and water content decreases with increase in
temperature. As shown in Fig. 9 (a), water has detrimental effect on the catalyst stability and the
lower water content at 523 K could explain the improved stability. In Fig. 9 (b), the change in the
specific Cu surface area with time on stream suggests that the improved stability at 523 K is related
to better preservation of the Cu surface area. Co-feeding water in short hydro-treatments significantly
induces the loss of Cu surface area showing that high water partial pressures promote thermal sinter-
ing of the Cu/ZnO/Al,Os catalyst. Thus, lowering the water content by increasing the temperature to
523 K reduces thermal sintering, but enhanced sintering was observed even at low water concentra-
tion at 553 K (Fig. 9 (b)). This suggests that the deactivation by sintering is promoted at high temper-

ature and high water concentration [82].
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Fig. 9. (a) The COx (CO2+CO) conversion with time on stream at different temperatures. Reaction conditions: 60 bar, GHSV =1260

h-t and feed gas composition of CO/CO2/H2/N2 = 13.5/3.5/73.5/9.5. (b) The specific Cu surface area determined by reactive N2O frontal
chromatography. Figures obtained from [82].

Kurtz et al. [83] investigated the deactivation of different Cu-based methanol synthesis catalyst, as
shown in Fig. 10. They monitored the effluent methanol concentration with time on stream as they
heated the reactor from 473 to 723 K, as illustrated in Fig. 10 (a). All catalysts deactivate with time
on stream but the increasing temperature enhances the deactivation rate. The Cu support on ZnO

17 | 217



deactivates much faster than the Cu/ZnO/Al.Oz due to increased loss of the specific Cu surface area
for the Cu/ZnO catalyst (Fig. 10 (b)). This suggest that adding Al.Os to the catalyst provides two
important effects for the methanol synthesis catalyst which are a promoting effect and a stabilizing
effect. As demonstrated in Fig. 10 (b), with similar Cu surface area for the Cu/ZnO and Cu/ZnO/Al>O3
catalysts, the latter has higher methanol synthesis activity showing that having both ZnO and Al.O3
has a promoting effect. The Cu/ZnO/Al>O3 only loses ~60 % where Cu/ZnO loses ~88 % of the Cu

surface area after the temperature experiment. This shows that the Al,O3 phase also provides a stabi-

lizing effect.
(a) (b)
250 250
£ g
g ~ o
- CulZnO/Al O =700 = 200F
g 2001 il = 5 CulZnOIAIO,
= 1] [%]
g o 5
g 2 £ 150}
= 150} o »
o 3 S
[=] -
E 800 E 5 100}
2 100 > g
o ™ =
g g £ sof
2 Cu/ALO £ £ Cu/AlO,
E 50f s lenn @ E . /
= v 500 g
(] —E—E—E—E—E—E—E—N = g . L ) . .
£ 0 . ! L . . H 7o 5 10 15 20
0 2 50 & 100 125 Specific Cu surface area / |'|'|"’-gm'I

TOS/h
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fraction against the measured specific Cu surface area for fresh and spent Cu-based catalysts. Reaction conditions: 50 mL/min, 473
K, 1 bar and catalyst loading of 0.1 g. Figures obtained from [83].

Lunkenbein et al. [84] found that it is the ZnO species that is most dynamic under long-term stability
test for the Cu/ZnO/Al,O3 catalyst. As shown in Fig. 11 (a), the phase composition of ZnO and
ZnAl>04 changes with time on stream showing that Zn ions migrate into the Al>O3 structure forming
the Zn-spinel structure. Furthermore, all the phases sinter with time on stream where especially the
ZnO and the ZnAl>O4 crystallites grow within the first 50 and 30 days, respectively. This causes a
dramatic reduction in the catalyst surface area within the first 50 days, that results in a drop in the
methanol synthesis rate (Fig. 11 (b)). This initial reduction in the methanol synthesis activity occurred
without significant change in the actual Cu surface area determined H»-isothermal adsorption. How-
ever, N2O chemisorption shows that the reduction in the Cu surface area plus the redox active sites
on ZnO correlated with the activity profile, indicating that a synergy effect between ZnO and the Cu
surface is important for the methanol synthesis activity (Fig. 11 (b)) [85,86]. In Fig. 11 (c), TEM
imaging of the catalyst suggests that Cu act as support for ZnO moieties and showed severe changes

in the local surface composition of the catalyst resulting from the transformation of the Zn-containing
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phases [84]. The sintering of the ZnO phase is visible by the densification of the ZnO on the Cu
surface where the initial metastable ZnO crystallites are converted into stable wurtzite ZnO, which
reduces the catalyst activity [84,87,88].
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Fig. 11. (a) Quantitative analysis of neutron diffraction. a) Phase composition of Cu, ZnO and ZnAl204 and b) the domain sizes with
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2.1.4 Alternative catalyst for high temperature methanol synthesis

The activity measurements discussed in section 2.1.3 highlight that to achieve selective conversion
of CO or CO; into unsaturated products, it is essential to use a methanol synthesis catalyst without
metallic sites. These metallic sites either provide activated hydrogen by the hydrogen-spill-over ef-
fect, or can directly act as olefin hydrogenation sites, resulting in a saturated hydrocarbon mixture.
The activation of the gaseous hydrogen is important to achieve high CO2 hydrogenation activity,
because it is the hydrogenation of surface formate into methoxy that is the rate determining reaction
step [89]. Furthermore, limiting the production of water by inhibiting the reverse-water-gas-shift re-
action could be important for the methanol dehydration activity, as water adsorption on acid sites
could inhibit the active site [70]. This is important for complete removal of unconverted methanol
which increases the thermodynamic driving force for the methanol synthesis reaction. The increased
water partial pressure and the elevated temperatures for CO2 hydrogenation into hydrocarbons will
have a severe deactivating effect for bi-functional catalysts composed of Cu/ZnO/Al>Oz. The higher
temperature and the presence of water will cause faster Cu and ZnO sintering, which reduces the Cu
surface area that will limit the methanol synthesis activity [82,84]. Thus, it is essential for sufficient
production of olefins and aromatics by bi-functional catalysts to identify new methanol synthesis
materials that can selectively produce methanol at methanol dehydration relevant temperatures and

have low olefin hydrogenation activity.

2.1.4.1 Zinc based Catalyst

Pure ZnO without Cu is active for the methanol synthesis but requires harsh reaction conditions with
temperatures in the range of 570-679 K and 250-300 bar [90]. The reaction mechanism over ZnO was
found to go through a formate pathway under methanol synthesis conditions, similar to that observed
for the Cu-based catalyst (section 2.1.2). Co-adsorbing CO2 and Ha resulted in formate formations
while CO and H; did not form any formate species [91], suggesting that methanol is formed from
COz hydrogenation. Wilmer et al. [92] prepared several ZnO catalysts and found that the methanol
synthesis activity was related to specific ZnO surfaces sites favoring the methanol synthesis. As
shown in Fig. 12, a linear area-activity relationship for the highly crystalline materials was obtained
where high surface area ZnO deviated from this trend. Wilmer et al. [92] suggested that the ZnO polar
faces play an important role in the methanol synthesis activity.
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Density functional theory (DFT) calculations by French et al. suggest that [93,94] oxygen vacancies
on the polar oxygen-terminated ZnO (0001) surface act as the active site for CO2 hydrogenation to
methanol. As illustrated in Fig. 13, this reaction is thought to go through a formate pathway with

formic acid and methoxy as intermediate for the production of methanol.
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Fig. 13. The calculated reaction energy profile for the methanol synthesis over oxygen vacancies on the polar ZnO surface. Obtained
from [94].

Recently Wang et al. [95] synthesized a mixed oxide catalyst composed of ZnO and ZrO; by the co-
precipitation method. This significantly improved the CO> conversion and the methanol selectivity
compared to pure ZnO. As shown in Fig. 14 (a), pure ZrOz has a negligible activity towards methanol
formation but the CO- conversion and methanol selectivity improve by adding small amounts of Zn.
An optimal performance was obtained with 13 mol% Zn-loading, which optimized the CO> conver-

sion and methanol selectivity (>80 %). Introducing more Zn reduced the CO> conversion but the high
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methanol selectivity was maintained until 33 mol% Zn-loading. Beyond this point, the catalytic per-
formance started to resemble pure ZnO. The XRD analysis showed that by co-precipitating ZnO and
ZrO;, the only crystalline phase visible was the tetragonal ZrO; (t-ZrO) structure, as shown in Fig.
14 (b). The introduction of dopants is known to stabilize the meta-stable t-ZrO; structure at tempera-
tures below 1170 °C [96], where the stable ZrO> structure is the monoclinic phase. Thus, showing
that Zn interacts with the ZrO. phase to stabilize the formation of t-ZrO,. By increasing the Zn-load-
ing from 5 to 33 %, a systematic shift in the (101) Bragg reflection to higher degrees was seen (Fig.
14 (b)). This systematic shift is caused by the substitution of Zr** (84 A) with Zn?* (74 A), which
shrinks the tetragonal lattice. Using iron- and yttrium oxide as dopants for the ZrO structure have
shown similar trends where the ionic radius of 70 A and 90 A shifts the (101) Bragg reflection to
higher and lower degrees, respectively [97,98]. Beyond the Zn-Zr solid solution saturation of 33
mol%, hexagonal ZnO starts to form and become visible in XRD, as shown in Fig. 14 (b). The activity
data presented in Fig. 14 (a) suggests that the activity of the ZnO-ZrO; catalyst is related to the for-
mation of a solid-solution of the two phases where the formation of hexagonal ZnO disrupts the solid-
solution surface area, causing the decrease in CO> conversion and methanol selectivity. Several stud-
ies have investigated similar ZnO-ZrO, mixed oxide catalysts and have observed this systematic shift
in the (101) Bragg reflection [95,99-101]. FTIR bands around 500 and 600-700 cm™ for ZnO-ZrO,
catalysts were associated with Zn-O-Zn and Zn-O-Zr vibrations [102]. UV-vis spectra of ZrO>
changed with Zn as dopant where the shape of the absorption spectrum indicated the presence of
isolated Zn?* ions [103]. These findings suggest that it is the surface of a solid solution, where Zn?*
is embedded in the zirconia crystal lattice, which in synergy with Zr** is highly active for CO hydro-
genation. Wang et al. [95] suggested that this synergy is attributed to H activation on Zn sites and

simultaneous activation of CO> on the neighboring Zr site.
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and ZrOz in the same composition: Reaction conditions: 320 °C, 50 bar, H2/CO2 =3, GHSV = 24000 mL/g/h. (b) XRD pattern of the
as prepared catalysts. Obtained from [95].

Salusso et al. [104] and Tada et al. [100] performed X-ray absorption spectroscopy (XAS) of the Zn
K-edge of a ZnO-ZrO; catalyst. The shape and absorption edge of the XANES spectra revealed that
only Zn?* were present in the samples [100,104], as shown in Fig. 15 (a). The Fourier transformed
K3-weighted EXAFS spectra for ZnO-ZrO, samples with varying Zn-loadings is illustrated in Fig. 15
(b). At low Zn-loadings, the Zn-Zn backscattering is not visible which indicates that the Zn is not
present in a repeated crystalline structure, as it is in crystalline ZnO. However, the Zn-Zn back-scat-
tering signal increases with increasing Zn-loading due to formation of crystalline ZnO, which is in
line with the observations obtained by XRD [100]. This clearly indicates that Zn can be present in
different phases in the ZnO-ZrO, catalysts, which could be in the form of a Zn-Zr solid solution and
in crystalline ZnO. Salusso et al. [104] observed a similar trend (Fig. 15 (a)) and they obtained a Zn-
Zn coordination number close to 4 + 3 by fitting the EXAFS spectra to the ZnO standard, indicating
a disordered nature of the ZnO (Zn-Zn coordination number = 12 for bulk ZnO). This disorder could
be explained by the presence of very small ZnO domains [104] or that some Zn is present in an
isolated form and in crystalline ZnO, making the average coordination number less than 12. As Zn
should dramatically enlarge its interatomic distance (Zn-Zn= 3.20 A and Zr-Zr=3.59) with Zn?* re
placing the Zr** in the ZrO, lattice, it was pointed out by Salusso et al. [104] that an ideal solid
solution seems unlikely. They suggest that ZnO nanoclusters were chemically bonded in the ZrO>
matrix. Han et al. [105] performed similar EXAFS fittings for different ZnO-ZrO; catalysts and found
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that the first shell Zn-O coordination number were close to 3. If Zn?* species were present in the bulk

t-ZrO, structure, a significantly higher coordination should be expected.
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Fig. 15 (a) Zn K-edge XANES (main panel) and phase-uncorrected weighted FT-EXAFS (insert transformed in the 2-12 A k range
measured at room temperature (He atmosphere). ZrZn-5 (blue), ZrZn-15 (yellow), and ZrZn-30 (red) where 5, 15, 30 denotes the
weight percentage Zn loading. h-ZnO reference (dashed black) and Zn metal foil (dashed-gray). (b) Zn K-edge FT-EXAFS of ZnO-
ZrO2 catalyst with different loadings (numbers represent the atomic Zn loading). Obtained from [100,104].

In Fig. 15, no clear evidence for Zn-Zr backscattering signal was observed in the EXAFS spectra,
which could be suspected if an ideal Zn-Zr solid solution was formed. Salusso et al. [104] also inves-
tigated the Zr K-edge for their ZnO-ZrO- catalyst, which only revealed the Zr-O at 1.5 A and Zr-Zr
at 3.2 A backscattering signals, as illustrated in Fig. 16. The first shell shows a similar intensity as
the t-ZrO- reference, but a lower intensity can be observed for the second shell unveiling an enhanced
structural disorder in the Zr local coordination environment. As the Zn-loading increases, the peak
intensity progressively reduces, indicating some interactions between the ZnO on the ZrO; lattice that
disrupt the t-ZrO; lattice. Chemical bound ZnO nanoclusters or Zn?* migration into the ZrO, lattice
explain these observation, showing that when preparing co-precipitated ZnO-ZrO, Zn species will
migrate into the ZrO lattice creating some kind of a solid solution. In Fig. 16, imaginary parts of the
Zr-Zr and Zr-Zn scattering contributions show that they cancel each other out perfectly, which could
explain the absence of such signals, making it difficult for observing Zn-Zr interactions from XAS

analysis.
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Fig. 16. a) The magnitude and b) imaginary parts of k?>-weighted phase-uncorrected Zr K-edge FT-EXAFS extracted in the k range of
2.5-12 AL for Zrzn-5 (blue), ZrZn-15 (red), ZrZn-30 (yellow), and reference t-ZrO- (dashed grey). ¢) imaginary part of the individual
Zr-Zr (black and Zr-Zn (green) scattering paths generated by FEFF6 optimized after the fit of ZrZn-30. Obtained from [104].

In contrast to the theory of the solid solution being the main active sites, the low Zn-O coordination
number by XAS [105] and surface enrichment of Zn determined by X-ray photoelectron spectroscopy
[95,100] suggest that Zn is mostly present at the zirconia surface. This suggests that besides forming
a solid solution, a surface ZnO species is being formed on the Zn stabilized t-ZrO- surface. Cheng et
al. [106] used High-Resolution Transmission Electron Microscopy (HR-TEM) and found that even
at low Zn content (1 mol%), individual lattice fringes of isolated ZnO were detected, as illustrated in
Fig. 17. This suggests difficulties for the Zn?* ions to substitute Zr** inside the ZrO- lattice and that
Zn prefers to generate a separate ZnO phase. Thus, in the preparation of ZnO-ZrO; catalysts beside

the generation of a Zn-Zr solid-solution, surface ZnO will be generated and will exist apart from the
solid solution.

Fig. 17. High-Resolution Transmission Electron Microscopy of ZnO-ZrO: catalysts with different Zn loading of (A) 0 mol%, (B) 0.5
mol%, (C) 1 mol% and (D) 10 mol%. Obtained from [106].
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Generally, ZrO- presents a low surface area compared to other catalyst supports, such as Al.O3z and
SiO,. Han et al. [99] managed to increase the surface area of the ZnO-ZrO, from 48.2 m?/g from using
the co-precipitation method to 109 m?/g by preparing the catalyst with evaporation-induced self-as-
sembly procedure. The higher surface area increased the CO, conversion from 3.8 % to 6.4 % and
still maintained high selectivity towards methanol > 78 %. However, as illustrated in Fig. 18, the
factor ~2 increase in the catalyst surface area only enhanced the methanol synthesis activity by 35 %.
This indicates that the activity is not related to the total catalyst surface area, but to specific sites on

the solid-solution surface or to surface ZnO species.
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Fig. 18. The methanol synthesis activity for co-precipitated (CP) and evaporation-induced self-assembly (EISA) prepared ZnO-ZrO2
catalysts. Reaction conditions: 320 °C, 55 bar, GHSV 24000 mL/g/h and feed composition of CO2/H2/Ar = 24/72/4. Obtained from
[99]

Temvuttirojn et al. [107] and Lin et al. [108] investigated the effect of the ZrO2 phase on the methanol
synthesis activity of the ZnO-ZrO- catalyst. Temvuttirojn et al. [107] prepared ZrO> support and cal-
cined the support at different temperatures from 600-1000 °C, to which ZnO was impregnated. When
ZnO was added to the amorphous ZrO> support, the t-ZrO, phase was formed. Upon calcination at
different temperatures, the surface area of the ZrO> support significantly decreased, resulting in cre-
ation of more crystalline ZnO, when impregnated with same Zn-loading. This makes it hard to dis-
tinguish the effect of the crystalline ZnO phase to that of the difference in the ZrO phase. However,
a higher surface area of the ZrO» support seems to generate a catalyst low in crystalline ZnO content,
which improves the CO> conversion and oxygenate (methanol and dimethyl ether) selectivity. Lin et
al. [108] impregnated ZnO on three different ZrO2 polymorphic phases; monoclinic, tetragonal and
amorphous. In contracts to the group of Temvuttirojn et al. [107], no change in the ZrO> phase was
observed by XRD analysis when ZnO were added to the supports. The difference in the surface area

of the support influences the amount of crystalline ZnO forming on the catalyst, but the concentration
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of the crystalline ZnO was not reported for the catalysts. Nevertheless, the change in the polymorphic
phases of ZrO, seems to influence the CO> conversion and methanol selectivity. Going from tetrag-
onal, monoclinic, and amorphous, the conversion was 4.3, 5.2 and 6.6 % with a methanol selectivity
of 31, 58 and 43.7 % at 320 °C and 20 bar.

The ZnO-ZrO> catalyst have high selectivity towards methanol but at the expense of lower CO> con-
versions. To improve the catalyst activity, Sha et al. [109] investigated the promoting effect of incor-
porating Ga into the ZnO-ZrO> catalyst. By 5 mol% Ga promotion, the CO> conversion was enhanced
without changing the methanol selectivity, causing the activity to increase from 556 to 630 g kg* h-
!, Chemisorption and hydrogen/deuterium exchange experiments showed that Ga promotion in-
creases the catalyst capacity for adsorption and activation of hydrogen, comparted to the un-promoted
Zn0O-ZrO- catalyst. As shown in Fig. 19 (a), in-situ diffuse reflectance infrared Fourier transform
spectra (DRIFTS) under methanol synthesis from hydrogen and CO> over ZnO-ZrO; catalysts show
evidence of formation of bidentate formate (HCOO*) assigned from the peaks at 2878, 1595, 1382
and 1370 cm™ [95]. The peaks at 2931, 2824 and 1046 cm™ were assigned to the methoxy specie
(HsCO¥*). The evolution of these peaks was followed by the peaks at 2878 and 2824 cm™ for the
HCOO* and H3CO*, as illustrated in Fig. 19 (b). The surface concentration of HCOO* reached steady
state after 30 min, where slower surface accumulation was observed for H3CO*. The methanol for-
mation reached steady state after 60 min. When shifting the hydrogen for deuterium, the amount of
HCOO*, H:CO* and methanol decreased with increase in DCOO*, DsCO* and CD3OD. The meth-
anol synthesis is, therefore, believed to go through the formate pathway, where formate and methoxy
are important intermediates [95]. A similar analysis was conducted by Sha et al. [109] which con-
cluded that HCOO* and CH30* species are main intermediates. The Ga promotion to the ZnO-ZrO»
catalyst lowered the CH:0*/HCOO™* ratio suggesting that the hydrogenation of HCOO™* to CHz0* is
boosted by the improved hydrogen adsorption and activation. This improved activation of hydrogen
could have negative impact on the hydrocarbon product obtained from the bi-functional catalyst when
Ga promoted ZnO-ZrO; catalyst are mixed with zeolites. Improved activation of hydrogen seems
essential for obtaining a more active methanol synthesis catalyst but could lead to higher saturation
degree of the hydrocarbon product obtained over bi-functional catalysts. This potentially reveal a
compromise between the CO> conversion and the saturation degree of the hydrocarbon product must
be made.
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Fig. 19. (a) Characterization of surface species by in-situ DRIFTS under CO2 and hydrogen reaction over ZnO-ZrOz catalyst. DRIFTS-
MS for CO2 and hydrogen reaction with subsequently switch of hydrogen to deuterium. Reaction conditions: 1 bar, 280 °C, with 10
mL/min CO2 and 30 mL/min Hz or D2. Obtained from [95].

Other interesting Zn-based methanol synthesis catalysts for selective production of methanol at higher
temperature are the Zn-spinel catalysts. Liu et al. [110,111] studied both the ZnAl,Os and the
ZnGa;04 catalysts for CO2 hydrogenation to methanol. Similar to the ZnO-ZrO catalyst, the activity
of the Zn-spinel catalyst is related to the Zn-loading. This is illustrated for the ZnAl>O4 and ZnGa>04
catalyst in Fig. 20 (a-b) and in Fig. 20 (d). Below the stoichiometric Zn-loading for the spinel struc-
ture, being the Zn-loading fulfilling the 1:2 ratio of Zn to Al or Ga (0.33 molar fraction), the catalyst
is active for the methanol synthesis showing that the spinel structure itself has some activity. An
optimum performance is obtained around the stoichiometric Zn-loading. Beyond this point, the per-
formance declines again. Beyond the stoichiometric Zn-loading, crystalline ZnO starts to form and
becomes visible by XRD where the fraction of this phase increases with the Zn-loading. Similar to
the ZnO-ZrO,, the formation of crystalline ZnO has a negative effect on the catalyst performance.
The density of oxygen vacancies was determined by electron paramagnetic resonance (EPR) spec-
troscopy and revealed a relation to the concentration of the oxygen vacancies to the catalyst perfor-
mance of the ZnAl>O4 and ZnGaO;4 catalysts, as shown in Fig. 20 (c) and (d). Higher concentration

of oxygen vacancies correlated to the adsorption capacities of CO2 and was therefore concluded to be
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important for CO, adsorption and activation. The incorporation of Zn into the Al>Os creates structural
disorder that improves the oxygen vacancies concentration. In-situ DRIFTS studies showed that both
the CO and CO: hydrogenation over the ZnAl.O4 catalyst proceed through the formate pathway,
evident from the formation of formate and methoxy surface species [38,110,112]. Ye et al. [112] and
Hu et al. [113] did DFT calculations of CO hydrogenation into methanol over ZnAl>0O4 and found
that the hydrogenation of the formate intermediate into methoxy is the rate determining step. This
questions the effect of the higher oxygen vacancies concentration on the activity, as it is not the ad-
sorption and activation of CO- that are the rate-determined step, if formate hydrogenation is the rate
determining step for CO2 hydrogenation as well.
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and (b) CO selectivity. Reaction conditions: 643 K, 30 bar, H2/CO. = 3, 45 mL/min and catalyst loading of 0.17 ZnAl204 or 0.5
ZnAl204/SAPO-34. (c) Density of oxygen vacancies evaluated from EPR spectra for the ZnAl2O4 catalyst with different Zn/Al molar
ratio. 1,1-Diphenyl-2-picryl-hydrazyl was used as an internal standard. (d) The effect of Zn/Ga molar ratio on the oxygenate formation
rate and the density of oxygen vacancies determined from EPR analysis. Reaction conditions: 370 °C, 30 bar, 45 mL/min, H2/CO2 =3,

catalyst loading of 0.17 ZnGaz0.. (e) Correlation of CO and CO2 (COx) chemisorption amounts against the density of oxygen vacan-
cies. Obtained from [110,111].

Zhang et al. [114] prepared a similar ZnAl>O4 catalyst for the CO2 hydrogenation into methanol and
found that the activity of the catalyst increases with time on stream, as illustrated in Fig. 21. This

trend was caused by a reconstruction of the ZnAl.O4 catalyst surface. XPS analysis of the fresh and
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spent catalyst revealed an increase in the content of ZnO on the spinel surface from Zn/Al of 1.08 to
1.27. This shows that with time on stream, a surface enrichment in ZnO increase the methanol syn-
thesis activity. The highest activity was obtained with a Zn-loading of 67 mol%, which outperformed
the stoichiometric ZnAl,O4 catalyst [114]. Thus, having surface ZnO species seems to be important
for the catalyst activity and preparing ZnAlO4 with excess Zn to the stoichiometric Zn-loading in-
creased the activity. However, as illustrated in Fig. 20 (a-b), too high loading causes formation of
crystalline ZnO, which could remove the more amorphous surface ZnO species, causing the activity
to decrease. The surface area of the prepared Zn-spinel catalyst could be important for the concentra-
tion of surface ZnO that can be constructed before larger ZnO crystals are formed. As shown in Fig.
21 (b) and (c), the reconstruction of the ZnAl.O4 surface shows faster hydrogenation of surface car-
bonates species into formate, showing that surface ZnO boosts the activity by promoting the activa-

tion of hydrogen.
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Fig. 21. (a) The product formation rate for ZnO and ZnAl2O4 catalysts with time on stream. Reaction conditions:553 K, 30 bar,
30 ml/min, 1g of catalyst and feed composition of CO2/H2/N2 = 1/3/2. In situ FTIR spectra of the adsorbed carbonate species on the
surface of (a) fresh ZnAl2O4 and (b) spent ZnAl204 in H2/N2(1/19) flow with a total rate of 20 mL/min at 573 K. Obtained from [114].

Several studies have shown that to achieve an active ZnCr,04 catalyst for methanol synthesis a Zn-
rich nonstoichiometric, ZnCr204 is essential [115-117]. Song et al. [115] prepared a series of
ZnO/Cr,03 catalysts with different Zn/Cr ratios, where the highest performance was achieved by a
Zn/Cr ratio of 65/35. XRD analysis confirmed the formation of ZnCr,04 spinel structure but with a
low degree of crystallinity. DFT calculations showed that the (100) surface of the ZnCr204 spinel has
a favorable oxygen vacancy formation energy of 1.58 eV. Doping this surface with excess Zn to give
a 60 % Zn content, that are charge-balanced by oxygen vacancies, yields a catalyst composed of an
amorphous ZnO layer support on the spinel, as illustrated in Fig. 22. The amorphous ZnO layer had
the lowest oxygen vacancy formation energy yielding its reducibility and was therefore concluded to
be the main active phase for the methanol synthesis catalyst. Similar amorphous ZnO sites constructed

on the ZnGa>04 and ZnAl,O4 catalyst surface could be important for the catalytic activity as well.
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Fig. 22. Calculated local structure for 26.67% Zn doping (60% Zn content) in the (100) surface of the ZnCr204 spinel.

Souma et al. [118,119] prepared several ZnO/Fe,O3 catalysts with different Zn-loadings. XRD anal-
ysis revealed that at a Zn-loading lower than 33 mol%, two phases were present, the a-Fe;Osz and
ZnFe204 spinel. Only ZnO and ZnFe,O4 were visible by XRD analysis at a Zn content higher than
33 mol%. As illustrated in Fig. 23, the catalytic performance changes with the Zn-loading. At low
loadings, the a-Fe2O3 phase converts the CO> into methane and Cz+ hydrocarbons through the Fischer-
Tropsch process. Increasing the Zn-loading to obtain ZnFe>O4 and ZnO phases, changes the product
to methanol where the optimal methanol synthesis activity is obtained with an excess Zn to the stoi-

chiometric ZnFe204 spinel loading.
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Fig. 23. Effect of zinc content on the activity of ZnO/Fe20s. Reaction conditions: 350°C, 50 bar, GHSV = 3000 ml/g/h, H2/CO2=3.
Obtained from [118,119].
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2.1.4.2 Indium-based catalyst

The indium-based catalyst has gained great attention in recent years due to its great activity, selectiv-
ity, and stability for methanol production. Martin et al. [120] demonstrated pure In20z and 1n203/ZrO-
activity and selectivity compared to the conventional Cu/ZnO/Al>O3z methanol synthesis activity, as
illustrated Fig. 24 (a). The indium-based catalyst especially outperforms the Cu/ZnO/Al>O3 catalyst
at higher temperatures due to its extraordinary methanol selectivity that stays close to 100 % in a
temperature range of 480 to 580 K. The Cu/ZnO/Al,O3 catalyst has lower selectivity due to its high
reverse-water-gas-shift activity and the methanol selectivity decrease with temperature. The
In203/ZrO; catalyst exceeds the Cu/ZnO/Al,Os3 catalyst at temperatures above 540 K and have shown
to be stable for more than 1000 hours. The In20s is significantly promoted by ZrO» support, where
TiO2, ZnO, SiO; etc. showed a negligible or an inhibiting effect on the methanol synthesis activity
(Fig. 24 (b)). The higher temperature required to outperform the conventional catalyst causes a higher
energy input necessary for the replacing the Cu/ZnO/AlzOs3 catalyst in industrial applications. How-
ever, the In-based catalyst is interesting in the application such as in bi-functional catalyst where
higher temperature are required to ensure methanol dehydration activity. Ho-TPR showed features
emerging at temperatures below bulk reduction, suggesting partial reduction of In,O3 forming oxygen
vacancies. Furthermore, XPS analysis revealed possible oxygen atoms next to defect sites confirming
the presence of oxygen vacancies. Martin et al. [120] proposed that the mechanism is rooted in the
creation and annihilation of oxygen vacancies as active sites, which are boosted through electronic

interaction created with ZrO; support.
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Fig. 24. The methanol synthesis activity and methanol selectivity for CO2 hydrogenation over In203, (9 wt% In) In203/ZrO2 and
Cu/ZnO/Al,03 at various temperatures. Reaction conditions: 50 bar, H2/CO2 = 4 and GHSV = 16000 mL/g/h.
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2.1.4.3 Nickel-gallium intermetallic catalyst

Studt et al. [121] synthesized a series of nickel-gallium based catalysts and tested their ability to
reduce CO> to methanol at ambient pressure in a tubular fixed-bed reactor. Through descriptor-based
analysis and computational methods nickel-gallium intermetallic compounds (here defined as a
chemical compound of two or more metallic elements adopting ordered crystal structure that differs
from those of the constituent metals) were identified to be a stable methanol synthesis candidate with
good activity. This was made possible by the identification of a scaling relation between the oxygen
adsorption energy, AE,, the adsorption energies, and transition-state energies of all the hydrogenated
forms of CO> on step sites fcc (211). These energies were mapped into a single parameter, AE,.
Predictions of the catalytic activity, calculated by a steady state microkinetic model with input of
these scaling relations, revealed a relation with AE,, as illustrated in Fig. 25 (a). These predictions
showed that the highest reaction rate is a result of competition between too weak interactions with
oxygen, causing unstable intermediates and high reaction barriers, and too strong interactions with
oxygen, which causes surface poisoning by oxygen containing species, such as formate.
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Fig. 25. (a) Theoretical CO2 hydrogenation activity volcano plot. Open black circles represent the AE,, for the stepped 211 surfaces
of cobber, nickel, and palladium. Closed orange circles are for the Cu+Zn surface. The red circles represent the predicted AE,, for the
Ni-Ga intermetallic compounds, where closed circles represent nickel-rich sites, open circles represent gallium-rich sites and half-
open circles represent mixed sites. The reaction condition was 227 °C, 1 bar and H2/CO: ratio of 3. (b) The turnover frequency (TOF)
and (c) the carbon monoxide to methanol ratio in the outlet stream for Ni-Ga intermetallic compounds as a function of temperature
and compared to conventional cobber-based methanol synthesis catalyst. The reaction condition was 1 bar, GHSV 6000 mL/gcat/h and
H2/COzratio of 3 [121].

Similar catalytic activity of the theoretical predicted nickel rich NisGas intermetallic compound to

the cobber-zinc based catalyst was experimentally confirmed. The activities of the synthesized Ni-
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Ga catalysts compared to conventional Cu/Zn/Al catalysts at ambient pressures are illustrated in Fig.
25 (b). Here, the NisGas catalyst showed similar or slightly enhanced performance (at higher temper-
ature compared to the conventional type of catalyst). This is confirming the ability of the theoretical
calculations proposed by Studt et al. [121] to screen for active methanol synthesis catalysts. One
considerable advantage of the Ni-Ga based catalyst over the conventional catalyst is the significantly
lower selectivity towards CO, as illustrated in Fig. 25 (c). This is an important factor for efficient
production of methanol. The reason for the difference in reverse-water-gas-shift activity for the two
catalysts was suggested to be caused by the gallium-rich sites and the nickel-rich sites catalyzes dif-
ferent reactions, in contrast to conventional cobber catalyst. The gallium-rich sites was believed to
facilitate methanol synthesis where nickel-rich sites facilitate reverse-water-gas-shift and methana-
tion, until the nickel-rich sites become self-poisoned by adsorbed CO and carbonates. This is inter-
esting and may provide an efficient catalyst for the direct CO2 hydrogenation to hydrocarbons, where
the temperature is higher and the pressure lower compared to conventional methanol production
plants. The higher temperature will shift the thermodynamic equilibrium of the water-gas-shift reac-
tion towards CO and water formation, which will limit the production of methanol. However, if Ni-
Ga based catalysts can suppress the formation of CO at these conditions, these catalyst could be ideal
for this application. On the other hand, the metallic sites could function as olefin hydrogenation which
has been observed for metallic Pd- and Cu-based catalysts [71-74].
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2.2 The Methanol to Hydrocarbons Process

The research on conversion of oxygen containing compounds over a zeolite catalyst was initiated by
the Mobil Research and Development Corporation. In the early 1970, they tried to selectively produce
1,3,5-trimetylbenzene from acetone over their newly synthesized Mobil Synthetic Zeolite, H-ZSM-
5, solid acid. However, the conversion of acetone resulted in a gasoline-like mixture rich in 1,2,4-
trimethylbenzene. Their next experiment was to investigate whether the ZSM-5 could catalyze the
methylation of isobutene by methanol to higher branched alkanes, but again this yielded a gasoline-
like product. It was found that methanol was completely converted, while isobutene was largely un-
touched. This led to the first experiment of only converting methanol over the ZSM-5 catalyst which
confirmed that methanol can be converted into hydrocarbons rich in aromatics and iso-alkanes
[23,122].
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Fig. 26. Product distribution from H-ZSM-5 catalyzed methanol conversion at (a) different space velocities and (b) different tempera-
tures in a fixed bed microreactor. Reaction conditions: 371 °C, 1 atm, LHSV at 0.6-0.7 hr't. Obtained from [23].

The hydrocarbon distribution obtained from methanol conversion over the H-ZSM-5 catalyst can be
altered by residence time and temperature (Fig. 26). As illustrated in Fig. 26 (a), the methanol is
initially converted into dimethyl ether at shorter residence time. Longer residence time converts the
methanol/dimethyl ether into olefins and upon further increase in residence time the olefins are oli-
germized and cyclized into aromatics compounds. The parallel formation of aromatics and paraffins
(Fig. 26 (a)) shows that in the formation of the benzene ring, olefins act as hydrogen acceptors form-
ing an aromatic and paraffin rich product at high residence time [23,66,67]. At low space velocity,

the main reaction at 260 °C is the dehydration of methanol to dimethyl ether where the hydrocarbon
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formed are predominantly C..s olefins, as shown in Fig. 26 (b). At 340 to 370 °C, the methanol and
dimethyl ether conversion approaches completion with the main hydrocarbon product being aromat-
ics. By further increase in temperature, the light olefins and methane selectivity rises as a result of a
secondary cracking reaction. Above 500 °C, methanol starts to decompose into hydrogen and carbon

monoxide. These results lead to the proposed methanol reaction path by Chang et al. [23], as stated

in Scheme 2.
_H20 —H20
2CH;0H = C(CH3;0CH; —> C,_solefins— PIONA
+H,0

Scheme 2. The reaction path going from methanol to hydrocarbons. PIONA denotes a hydrocarbon mixture composed of paraffins,
iso-paraffins, olefins, naphthenes, and aromatics. Adapted from [23].

Chang et al. [16,22] also investigated the change in the hydrocarbon distribution with change in the
zeolite acid site density and reaction pressure. Using pressures of 0.04, 1, and 50 atm showed that
lower reaction pressures result in a higher olefin yield with low formation of aromatics, showing a
decoupling of the olefin formation and aromatization at lower pressure. Opposite results were ob-
tained at higher pressures, where increased overlap of the two reactions resulted in higher selectivity
of poly-methylbenzenes [22]. The density of acidic sites in zeolites are altered by the concentration
of Al>Oz within the zeolite structure as it is responsible for the creation of Bragnsted acid sites, which
are further elaborated in section 2.2.1. The result showed that using a H-ZSM-5 catalyst with low
acid site density operated at high temperatures, decuples the formation of olefins from the aromati-
zation given a hydrocarbon product rich in olefins. With the decrease in the acid site density, the
methanol dehydration activity decreases and it is thereby necessary to apply high temperatures to
achieve complete methanol conversion [16]. Upon changing the operating conditions and the acid
site density of the H-ZSM-5 catalyst, the hydrocarbon distribution can be altered which is important

for the selective production of olefins and aromatics.

Light olefins, such as ethene and propene, are used for the production of polyethylene and polypro-
pylene plastic materials. In 2019, the worldwide production of these plastic materials was ~200 mil-
lion tons [123]. Today, the plastic monomers are obtained from stream cracking of natural gas or
naphtha and fluid catalytic cracking of heavier crude oil fractions [3]. Thus, using zeolites for the
selective conversion of methanol produced from captured CO, and renewable hydrogen into light
olefins could reveal a sustainable production pathway of plastic materials. This is essential for reduc-
ing the need for fossil resources and for reducing the CO> generated from plastic production and

plastic waste incineration in the future, as the production of these plastic materials is forecasted to
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increase by ~20% by 2030 [123]. Zeolites has shape-selective properties due to its well-defined pore
structure, which limits diffusion of bulkier molecules in and/or out of the zeolites (section 2.2.3).
Thus, by varying the pore structure of the zeolites, the selectivity of the hydrocarbons can be fine-
tuned. The selectivity towards light olefins was significantly improved by the discovery of the H-
SAPO-34 zeotype catalyst by the researchers at Union Carbide (now UOP) [14]. H-SAPO-34 consists
of a Chabazite (CHA) structure that consist of small channels connecting larger cavities (cages).
These small channels allow the diffusion of light hydrocarbons out of the zeolite crystal which im-
proves the selectivity for light olefins >80 % [14]. In contract to the H-ZSM-5 catalyst, deactivation
by carbon deposits (also referred to as coke molecules) occurs rapidly and therefore requires frequent
regeneration. Thus, the zeolite/zeotype topology, the acid site density, acidic strength, and the reactor
conditions can be altered to achieve different product distributions, from aromatics for the H-ZSM-5

catalyst rich in acid sites and light olefins for the pore restricted H-SAPO-34 catalyst.

2.2.1 Zeolite materials and the acid sites

Faujasite, mordenite, offretite, ferrierite, erionite, and chabazite are examples of natural occurring
zeolites in nature. Zeolites have been known for over 250 years as aluminosilicate minerals. However,
the use of zeolite material as heterogenous catalysts first became interesting when a synthetic faujasite
(zeolite X and Y) was introduced, which had great influence in the petroleum refining industries
[124]. The zeolite building blocks are [SiO4]* and [AlO4]° tetrahedra that can be described as TO4
building blocks. The TiO4 building blocks are linked at their corners via a common oxygen atom. As
illustrated in Fig. 27, the TiO4 units can be linked together in secondary building blocks, such as the
sodalite or pentasil unit, which control the final zeolite structure, creating inorganic macromolecules
with a well-defined framework composed of channels, channels intersections, and/or cages [124]. It
will result in formation of the faujasite zeolite if the sodalite units are connected via their hexagonal
faces. The faujasite has a spacious channel system with spherical cages with a diameter of 13 A.
These cages are connected tetrahedrally with four neighboring cages through pore openings with a
diameter of 7.4 A (Fig. 27). These pore openings are constructed by 12 TOg-tetrahedra and faujasite
zeolite is therefore classified as, 12-membered-ring pore system with a tree-dimensional structure due
to the presence of both channel and cages. An example of a one-dimensional 12-membered-ring pore
zeolite is the ZSM-12 zeolite having only straight channels in one direction as shown in Fig. 27 [124].
Ferrierite, also known as ZSM-35, is a 10 membered-ring pore zeolite with channels parallel to the

[001] and [010] plane. It is, therefore, classified as a two-dimensional structure.
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Fig. 27. The zeolite structures of faujasite, ZSM-12, ZSM-5, and ZSM-22. Obtained from [124].

The zeolite structures are additionally classified by a framework type code (FTC), which is a classi-

fication by the International Zeolite Association Structure Commission (IZA-SC). The ZSM-5, ZSM-
11, and SSZ-13 zeolites have the FTC type code of MFI, MEL, and CHA, respectively [125]. The
MFI framework contains two intersecting channel systems, one straight parallel to the [010] plane
and the other sinusoidal (zigzag) parallel to the [001] plane [126]. The pore openings of the channel
systems are 5.4 x5.6 A and 5.1 x5.5A for the straight and sinusoidal channels, respectively
[124,127,128]. The channel intersections in the MFI structure construct cages (~9 A) that can include

bulkier molecules. The MEL structure is very similar to the MFI structure, as evident in the similar

XRD pattern shown in Fig. 28 (a). However, the MEL structure consist only of straight channels
parallel to the [001] and [010] plane with the pore openings of 5.3 x 5.4 A, where the intersection
creates larger cages of 11.7 A compared to the MFI framework, as illustrated in Fig. 28 (b) [129].
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Fig. 28. (a) XRD pattern of the ZSM-5 and ZSM-11 catalyst with varying Si/Al ratios. (b) Topological structures of (left) ZSM-5 and
(right) ZSM-11 zeolites with labeled pore sizes of corresponding channels. Obtained from [129].
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The CHA framework is a three dimensional, 8 membered-ring pore zeolite, and similarly to the
faujasite zeolite, it contains larger cages connected by narrow pore openings. The CHA pore openings
are 3.8 x 3.8 A, while the cages have a dimension of around 7.3 x 10 A [130]. The different structures
of the zeolites give them different shape-selectivity properties that control the hydrocarbon distribu-

tion obtained from these materials. This will be further elaborated in section 2.2.3.

2.2.1.1 The acid sites

The net change of the framework will be neutral if the only building block in zeolites is silicate, but
a negative net charge will be constructed as AI** replaces Si** in the structure. This negative change
must be compensated for by a cation, typically sodium, ammonium, or a proton in the most acidic
form [124]. If the negative change is compensated for by a proton, a Brgnsted acid site is created, as
illustrated in Fig. 29 (a). Aluminosilicate zeolites can be synthesized over a range of aluminium con-
tent. The content affects the density of Brgnsted acid sites, their strength, the thermal stability, and
the hydrophilic or hydrophobic surface properties [124]. The Lowenstein’s rule states that two con-
tiguous tetrahedral containing aluminium with Al-O-Al linkages is forbidden which limits the Si/Al
ratio to >1. However, other elements than silicon and/or aluminium can be used as the T-atom in the
TOs-building blocks, especially for construction of silicoaluminophosphates zeotype materials phos-
phate [PO4]* are used. The most common and the only conventionally used silicoaluminophosphate
is used for the methanol-to-olefin process and is the H-SAPO-34 catalyst, having the CHA structure.
The T-atoms in the TO4 units are P>* and AI®* for silicoaluminophosphates. However, the charge will
be balanced yielding a neural structure if only phosphate and aluminate are present in the structure.
If Si*" atoms replace P>* atoms in the structure, a negative charge is created which is balanced by a
proton, yielding the Brgnsted acid sites, as shown in Fig. 29 (b) [131]. For the silicoaluminophos-

phates, it is the incorporation of silica into the structure that controls the acid site density.

(a) (b)
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Fig. 29. lllustration of the construction of the Brgnsted acid sites on (a) aluminosilicate and (b) silicoaluminophosphates. Adapted
from [132].
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The acid strength of the Brgnsted sites are complex and are suggested to depend on; the distance and
bond angle of the Al-OH-Si group (ZSM-5: 137-177°), the chemical composition of the zeolite struc-
ture, and the number of alumina atoms (the Si/Al ratio) [133]. By comparing the acidity of the H-
SSZ-13 zeolite and the H-SAPO-34 zeotype with equal acid site densities, it is indicated that having
phosphate in the structure reduces the acidity of the catalyst [134]. Bleken et al. [76] studied the H-
SSZ-13 and H-SAPO-34 catalysts, with similar acid site density and crystal size, for the methanol
conversion into olefins. The two catalysts produced nearly identical product distributions but the H-
SSZ-13 catalyst had higher activity and more rapid deactivation compared to H-SAPO-34. This sug-
gests that the higher acid strength is important for the activity but the acidity is also important for the
coking rate as the deactivation is formed by carbon deposits, created by polymerization of product
molecules (section 2.2.4). As illustrated in Fig. 30, the H-SSZ-13 catalyst showed higher conversion
capacity at lower temperatures and the optimum temperature of the reaction shifted to lower temper-
atures. This shows that a more acidic H-SSZ-13 could be interesting for a more energy efficient meth-
anol-to-olefins reaction [76].

25+

| ZZ4 H-sAPO-34 C_1H-S5Z-13 |
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Fig. 30. The methanol conversion capacity by the time the catalyst was deactivated to 20% conversion in the accumulated methanol
converted per gram of catalyst at various reaction temperatures. Obtained from [76].

The catalytic activity of zeolites stems from the Brgnsted acid sites. Higher acid site density improves
the zeolite activity and alters the hydrocarbon distribution [16]. In all zeolites, Lewis acid sites are
constructed as well but the precise role of these sites on the catalyst activity, if any, is more uncertain.
Miiller et al. [135] have identified two separate hydrogen transfer pathways for the conversion of
methanol into hydrocarbons over H-ZSM-5. In absence of methanol, the hydrogen transfer will occur
between olefins and naphthenes via protonation of the olefins, as stated in Scheme 3 (a). This was
concluded to only be dependent on the acidity of the Brgnsted sites. The concentration of the Lewis

sites involving AI** did not show any promoting effect on the hydrogen transfer between olefins
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and/or napthenes, nor the methanol conversion activity. Thus, it was concluded that the overall activ-
ity of the catalyst to convert methanol is only determined by the concentration of Brgnsted acid sites.
In presence of methanol, a hydride transfer pathway including both the Lewis and Brgnsted acid sites
will dominate for the production of aromatics and paraffins. The pathway referred to as the methanol-
induced hydrogen transfer pathway. Purely Lewis acidic ZSM-5 showed that methanol and propene
react on Lewis acid sites to form propane and formaldehyde. Co-feeding methanol with formaldehyde
clearly enhanced the production of aromatic species suggesting that formaldehyde reacts stepwise
with olefins that eventually convert into aromatic molecules on the Brensted acid sites. This leads to

the proposal of the secondary methanol-induced hydrogen transfer pathway, as stated in Scheme 3

(b).

CHan  + CHOH —25 1w HCHO  +  CiHans
[ Olefin \l ( H donor ) [formaldehyde’| [ Alkane
\ H acceptor/ \ H-poor | |\ Saturated)
BAS Ry e

J + 30lefins —» L/J+ 3 Paraffins CoHam  + HCHO —225 o HO + CpuiHom

Diene \

\ H-poor

Aromatics =— C,,,3Hzn, "ﬁ Cm+2H2mM
-H,0 - H,O
(a) (b)

Scheme 3. (a). Proposed reaction scheme for olefin-induced hydrogen transfer for the production of paraffins and aromatics. (b) The
reaction network for methanol-mediated alkanes and aromatics formation involving alkanes from the methanol-induced hydrogen
transfer reaction at the Lewis acid sites and aromatic formation from formaldehyde and alkene reaction over Brgnsted acid sites.
Obtained from [135].

At full methanol conversion the contribution of hydrogen transfer reactions between naphthenes and
olefins for the formation of paraffins and aromatics will dominate (Scheme 3 (a)) and will be more
pronounce at higher concentration of Brgnsted acid site [135]. Whereas, at lower methanol conver-
sion, the presence of methanol will inhibit olefin adsorption at the Bragnsted acid site, resulting in this
route to be insignificant [136]. Mdiller et al. [135] suggested that the majority of the hydrogen transfer
product are formed via the methanol-induced hydrogen transfer pathway (Scheme 3 (b)) at partial
methanol conversion. A correlation of the hydrogen transfer product (Ci-4 paraffins and aromatics)
for H-ZSM-5 zeolites with various Lewis acid site concentration, obtained at space velocities where
100 % methanol conversion is just reached, is illustrated in Fig. 31. This clearly indicates that the
Lewis acidity plays a significant role for the selectivity of paraffins and aromatics for the methanol
to hydrocarbon process, as long as methanol is present. This is evident in the increase in the hydrogen
transfer product with the increasing Lewis acid site concentration at constant Brgnsted acidity (Fig.
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31). Interestingly, when complete methanol conversion is just reached, no significant effect on the
selectivity of the hydrogen transfer product can be observed with increase or decrease in the Bragnsted
acid site acidity at ~constant Lewis acidity. This confirms that when methanol is present, the hydro-
gen transfer induced by olefins over Brgnsted acid sites will be insignificant, compared to the meth-

anol-induced hydrogen transfer over the Lewis acid sites.
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Fig. 31. Correlation of selectivity of hydrogen transfer products with different Lewis acid site concentrations for H-ZSM-5 samples,
when complete methanol conversion is just reached. Reaction conditions: 450 °C, 178 mbar methanol, 2.8 h gca/molveon for (B113,
L22) and 13.2 h gcaymolmeon for (B33, L20) and 6.6 h geat/moiveon for the rest. Obtained from [135].
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2.2.2 The hydrocarbon pool dual cycle reaction mechanism

The hydrocarbon pool mechanism for describing the reaction mechanism from methanol to hydro-
carbons over zeolite materials was first introduced by Dahl and Kolboe. This was a result of isotopic
labelling experiments with 1*C-labelled methanol co-feed with ethylene, propylene, and ethanol over
H-SAPO-34 catalyst [137,138]. The co-fed alkenes and ethanol were almost unreacted showing that
the hydrocarbon products were exclusively formed from methanol. Based on this observation, the
hydrocarbon pool mechanism was proposed as illustrated in Scheme 4. This mechanism is based on
the assumption of an adsorbed hydrocarbon specie with the stoichiometry of (CH2)n. As shown in
Scheme 4, methanol is continuously added to the reaction pool while olefins are entering and leaving
the pool. The formation of paraffins and aromatics is considered end products.

C,H,

N py “afe
-nH.,
nCH,OH L{CHE]H -

l T saturated hydrocarbons

aromatics

C4H,

Scheme 4. The hydrocarbon pool mechanism proposed by Dahl and Kolboe [137,138]. The figure is obtained from [14].

Studies on the confined hydrocarbon pool species found that methylbenzene is a key hydrocarbon
pool intermediate which functions as catalytic centers for the methanol conversion to hydrocarbon
reaction over SAPO-34 [139-141]. Haw et al. [142] used in-situ NMR with isotopic labeling to show
that 1,3-dimethylcyclopenteny carbenium ions can function as intermediates in the synthesis of al-
kenes. For further understanding of the origin of the olefinic product formation, Svelle et al. [143,144]
performed methanol conversion over a H-ZSM-5 zeolite with switching between 3C/*2C methanol
feed. The 3C incorporation was slower for the ethylene and the aromatics as 0.5 min after the *2C/*3C
switching, the incorporation was only around 70-75%. This was in sharp contrast to the *C content
in the Ca.6 alkenes which at that time was 87-91%. However, the 13C concentration in the aromatics
and ethylene reached that of the heavier alkenes after 2 min. Similar isotopic switching between
12C/13C methanol co-fed with benzene and toluene showed that ethylene and propene contained 50

and 75 % *3C [145]. The lower **C content in ethylene suggests that a large fraction of the ethylene
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was formed via de-alkylation of methylbenzenes. These results show that the formation of ethylene
is mechanical separated from the formation of higher alkenes. Propylene and higher alkenes are to a
considerable extent formed from alkene methylation, where larger alkenes can be cracked to reintro-
duce lighter alkenes. This led to the proposal of the two mechanistic cycles (the dual cycle concept)

that run simultaneously, as illustrated in Scheme 5.

H,O P n CH,0H CH,OH N
| — = (CHy), sy
CH,0H n H,0 F

\ )\ Higher __(C”ﬂ CH,0H
€ alkenes T?
H,0
Alkanes

H,0 \ X
| — (CHy), >

CH,O0H 2NN F
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Scheme 5. The suggested dual-cycle hydrocarbon pool mechanism for the conversion of methanol over zeolites. Obtained from [14].

In the dual-cycle hydrocarbon pool mechanism, olefins oligomerize in the olefinic cycle to form hy-
drocarbons with sizes that allow the carbenium ion cyclization [66,67]. For the formation of aromat-
ics, the carbenium ion cyclization is followed by a series of hydrogen transfer reactions where olefins
act as hydrogen acceptors resulting in formation of aromatics and paraffins, as illustrated in Scheme
6. In Scheme 6, the aromatization starts with cyclization of carbenium ion followed by B-elimination

and/or hydrogen transfer reactions [146].
Gi=m L
’ T
Eq :1\1JK< f L el J/\
)
C-- =% X

Scheme 6. The reaction involved in the aromatization. Eq. (10), (11), (9) refer to the cyclization of carbenium ion, the S-elimination,
and the hydrogen transfer reaction. Obtained from [146]
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Olefins, that do not undergo carbenium ion cyclization, can be cracked through B-scission, which will
form medium olefins [69]. The formation of light olefins, especially ethene and/or propene, occurs
through the paring or/and the side chain methylation mechanism. These mechanisms are two distinct
hypotheses for the formation of light olefins from aromatics and are illustrated in Scheme 7 [147].
The difference between the paring and the side-chain methylation mechanism is that the paring mech-
anism involves restructuring of the benzene ring to form a cyclopentadienyl carbenium ion that grows
an alkyl chain. This alkyl chain can then be separated as an alkene. In the side-chain mechanism, the
formation of an alkyl side chain occurs though methanol methylation of the benzene ring. In this
mechanism, the aromatic ring is not broken during the formation of alkenes. Experimental evidence
has been obtained for both mechanisms [14], and due to the differences in the pore architecture for

the different zeolites, it could be expected that the mechanism may vary between the zeolites.
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Scheme 7. The paring and the side-chain reaction pathways for de-alkylation of aromatics forming alkenes. Obtained from [147].

2.2.3 Introduction to the shape-selective nature of zeolite materials

The catalytic reaction in zeolites is happening in several steps. First, reactants diffuse through the
zeolite pores to reach an active site. Then, the reactant is adsorbed on the active site, where a chemical
reaction gives the adsorbed product. Lastly, the product is desorbed and diffuses out of the zeolite
pores. Due to the well-defined size of the pore openings for the zeolite catalysts, they will act as

molecular sieves [133].

The shape selectivity of zeolites can be divided into three types of shape selective phenomena: reac-
tant selectivity, product selectivity, and restricted transition-state selectivity. Reactant selectivity oc-
curs when molecules are too large to diffuse into the zeolite pores. This is visualized in Fig. 32, where

iso-octane is too large to enter the zeolite pores, but the heptane molecule is not and cracks into butane
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and propylene. Product selectivity is when some of the products formed are too bulky to diffuse out
of the pores. These are either converted to less bulky molecules (by equilibration or cracking) or are
assumed to be precursors for internal coke formation. An example is the methylation of toluene in
Fig. 32, which will result in formation of 1,4-dimethylbenzene, rather than the 1,2-dimethylbenzene
that is too bulky to diffuse out of the zeolite cages. Restricted transition-state selectivity is when
certain reactions are prevented because the necessary transitions states are unable to form due to space

limitations in the pores [148].

Reactant selectivity Restricted transition state- type selectivity
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Fig. 32. lllustrations of three different types of shape selectivity phenomena. Obtained from [149].

\\‘

The zeolite topology has through the shape selective phenomena great impact on the obtained hydro-
carbon product. As illustrated in Fig. 33, the hydrocarbon product obtained from the small pore zeo-
type H-SAPO-34 is light hydrocarbons. By increasing the pore size, larger molecules can be formed,
evident in the obtained product at higher retention time. Both the H-ZSM-5 and H-beta zeolites pro-
duce significant amounts of ethylene due to that the formation of ethylene primarily occurs through
the aromatic cycle in the hydrocarbon pool mechanism (section 0). However, the larger pores of the

H-beta zeolite enable the formation of more methylated aromatic hydrocarbon [150].
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Fig. 33. GC chromatograms showing the hydrocarbon distribution at 100% methanol conversion over different zeolites topologies.
Reaction conditions: 400 °C and WHSV = 2 g/g/h. The reaction pressure was not reported and therefore assumed to be 1 atm. Obtained
from [150].

The high selectivity of ethylene and propene obtained over the H-SAPO-34 catalyst is due to the
product selectivity phenomena. In this catalyst, the narrow pores only allow smaller hydrocarbons to
diffuse out, mainly ethylene and propylene. The formation of ethylene is believed to happen due to
cracking of trapped aromatics species within its cage. Alshafei et al. [78] compared the product dis-
tribution from methanol conversion of the CHA and ERI zeolite frameworks and prepared both alu-
minosilicate (SSZ-13 and ERI) and silicoaluminophosphates (SAPO-34 and SAPO-17) versions of
the structure. The obtained product distribution and the time to deactivate the catalyst, where the
methanol conversion had dropped below 85 % or the dimethyl ether selectivity surpassed 50 %, is
illustrated in Fig. 34. The stronger acidity of the zeolite catalyst enhances the deactivation rate, which
has been previously discussed in section 2.2.1. The larger cages of the CHA structure and the low
acidity of the H-SAPO-34 catalyst increase the catalyst stability with similar production of ethylene
and propylene to the SSZ-13 catalyst. For the ERI structure, more selective production of ethylene
was obtained at high acidity. The lower acidity of the SAPO-17 catalyst shifted the main product to
propane and Cs+ hydrocarbons. This is due to the shift in propagation of the olefinic cycle or the
aromatic cycle in the hydrocarbon pool mechanism, where lower acidity reduces the propagation of
the aromatic cycle and thus the formation of ethylene [78]. It is also evident form Fig. 34, that the
slightly larger pores of the ERI structure compared to the CHA structure increases the average size

of the hydrocarbon product.
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Fig. 34. The product distribution over different aluminosilicate (§SZ-13 and ERI) and silicoaluminophosphates (SAPO-34 and SAPO-
17) catalysts at high methanol conversion (97-100%). The deactivation time is defined as the time it takes for the conversion to drop
below 85 % or the dimethyl ether selectivity to surpass 50%, whichever occurs first. Reaction conditions: WHSV = 1.3 g/g/h and 400
°C. Obtained from [78].

Mikkelsen et al. [151] investigated the methanol conversion over H-ZSM-5 and H-beta zeolites. Sim-
ilar to that observed by Teketel et al. [150], the larger pores of the H-beta zeolite promotes the aro-
matic cycle by allowing the formation of highly methylated benzene, such as the hexamethylbenzene.
However, the result indicated that zeolite beta deactivates more rapidly than H-ZSM-5, as shown with
the faster decline in the methanol conversion in Fig. 35. The formation rate of methyl- or polyaro-
matics species, that could be retained as carbon deposits blocking the active sites, are enhanced by
larger pores allowing the formation of such species. This could explain the enhanced deactivation
rate for the H-beta zeolite compared to the H-ZSM-5 catalyst, which are both three-dimensional struc-
tures with cages and intersecting channels [151,152]. These retained species further confine the space
within the pore, increasing the product diffusion limitation and thereby changes the product selectiv-
ity to lighter hydrocarbons with time on stream [153]. This demonstrates that it is not only the acid
site density and acidity of the zeolite/zeotype materials that affect the deactivation rate of the cata-

lysts, but also the tonology of the catalyst.
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Fig. 35 Methanol Conversion as a function of time on stream over zeolite beta and ZSM-5. (*) represent data obtained from Hutchings
et al. [152] and (o) represent data obtained from Mikkelsen et al. [151]. Reaction conditions: 5 WHSV of 0.8 h'* at 400°C and 1 atm.

2.2.4 Catalysts deactivation

Two deactivation phenomena are well established for the zeolite catalyst, the irreversible deactivation
by dealumination and the reversible deactivation by carbon deposition, also known as coking. Dealu-
mination is the permanent removal of the Brgnsted acid site from the zeolite structure (structural
damage), where coking is the deposition and accumulation of carbonaceous species that block the
active sites. The formed coke can in large degree be removed by regeneration where the coke is

burned off in a gas stream containing a small amount of oxygen [154].

2.2.4.1 Coke formation

The fast deactivation observed for the zeolite catalyst is caused by the formation of carbon deposits
that creates large inactive molecules, called coke molecules. These large carbon structures are depos-
ited on the inside and/or on the outer surface of the zeolite crystal. This phenomenon is also referred
to as coking. The deactivation occurs due to steric blocking of the pores and/or by adsorption of coke
species on the active site. This induces the diffusion limitation and inhibits the diffusion of reactants
to the active site within the zeolite crystal [155]. The formation of coke molecules occurs through
oligomerization and cyclization of olefinic products, which through hydrogen transfer reactions trans-
form into mono-aromatics. Through alkylation, cyclization, and hydrogen transfer reactions, these
mono-aromatics are transformed into bi-aromatics, tri-aromatics, and etc. [155]. In 2005, Haw et al.
[156] introduced the “burning cigar’” model for the methanol dehydration reaction over zeolite in a
fixed bed reactor, as shown in Fig. 36 (a). The model describes how the deactivation over zeolite
materials occurs inhomogeneously throughout the catalyst bed. The induction period (the lighting of

the cigar) with very low methanol conversion consists until a sufficient concentration of reactive
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hydrocarbon pool intermediates are formed. Hereafter, the catalyst bed is active and the deactivation
proceeds from the inlet to the outlet of the catalyst bed. When the catalyst is fully deactivated, uncov-
ered oxygenates will leave the reactor, referred to as the methanol slip, and the catalyst needs to be

regenerated.
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Fig. 36. (a) Illlustration of the burning cigar model for the inhomogeneous deactivation of the zeolite in a fixed bed reactor. This
demonstrates the movement of the catalytic zone with the coke formation. (b) Illustration of modes of deactivation by coke formation
from n-heptane cracking over a H-ZSM-5 catalyst. First and second panel show site coverage by internal coke formation and the last
panel show pore blockages formed by migration of internal coke molecules onto the zeolite surface forming external coke. Obtained
from [156,157].

The pore structure of the zeolites has great influence on the deactivation rate from coke formation.
For zeolites with no intersecting channels (one-dimensional or two-dimensional), the deactivation
will occur more rapidly than for three-dimensional H-ZSM-5 zeolites [158]. As shown in Fig. 36 (b),
the deactivation of a three-dimensional catalyst (H-ZSM-5) occurs initially through limitation of the
access to the active sites, then blockage of the access to the sites for the channel intersection and
lastly, at high coke content, coke molecules on the outer surface will block the access to the channels
[155]. For zeolites composed of cages with narrow pore openings, such as the CHA structure, larger
coke molecules are trapped inside the cage and deactivates the active sites within the cage. Thus,
contributing to fast deactivation by the formation of trapped internal coke. Zeolites with larger pore
size and/or with larger cages allow the creation of larger and more inactive coke molecules, such as
methylated aromatics and poly-aromatics molecules (Fig. 37 (b)), which significantly contribute to
faster deactivation [155,159,160]. Methanol conversion over a 10 membered-ring pore structured
zeolite with similar crystal size and acid site density, but with different cage size, showed that larger

cages induce the deactivation rate, as illustrated for the TNU-9 and IM-5 zeolite in Fig. 37 (a) [159].
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By analyzing the retained material, it was found that zeolites with larger cages produced significantly
larger coke molecules, as shown in Fig. 37 (b).
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Fig. 37. (a) Conversion of methanol over various zeolites with similar crystal size and acid site density. (b) Chromatogram of retained
material at the end of the experiment for each zeolite. * indicates internal standard. Reaction conditions: 350 °C, 1 atm and WHSV =
9 g/g/h. Obtained from [159].

The deactivation rate by coke formation is not only influenced by the zeolite topology, but also by
the acid site density and the acid strength. Strong acid sites result in faster coking rate due to an
enhanced rate of reaction increasing the concentration of coke precursors [76,157]. By increasing the
acid site density, the number of successive reaction steps along the diffusion path will similarly cause
faster deactivation [157,161].

Molino et al. [162] synthesized a series of the one-dimensional ZSM-23 zeolite with different organic
structure-directing agents, which created crystals with a large variety in crystal morphology and di-
mensions. Using these catalysts for methanol conversion showed that the catalytic lifetime is strongly
influenced by the crystal size and morphology, as illustrated in Fig. 38 (a). Synthesizing the ZSM-23
catalyst with a small crystal size and with a spherical crystal morphology, reduced the diffusion path
along the microchannel direction and improved the methanol conversion capacity, as shown in Fig.
38 (b). This clearly demonstrates that the zeolite crystal size is important for the deactivation rate, as
the diffusion limitation worsens with increasing crystal size and thereby increases the retention of
formed coke molecules within the pores. The formation of coke molecules will further limit the dif-

fusion, creating a self-inducing effect that considerably increases the deactivation rate.
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tions: 400 °C WHSV = 2 g/g/h. Obtained from [162].

Guisnet et al. [163] found that the composition and hence the formation of coke molecules depends
strongly on the temperature, as illustrated in Fig. 39. At low temperature, condensation and rearrange-
ment steps are involved in the formation of coke molecules, mainly resulting in non-polyaromatic
species. The composition of the non-polyaromatic coke depends on the reactants. At higher temper-
atures (>350 °C), the coke formation also includes various alkylation and hydrogen transfer reactions,
resulting in the formation of polyaromatics coke species [163], where the composition are determined
by the zeolite topology [159]. The proposed reaction path for coke molecules, shown in Fig. 39,
suggests that coke molecules are directly formed from unsaturated species, such as alkenes, aromat-

ics, cyclic alkenes, and particularly cyclic dienes, but not directly from alkanes and naphthenes.

Alkanes Aromatic Naphthene Reactants

Alkenes Cyclic Alkenes and
Dienes

Alkyl and Naphthenoaromatic
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Low T coke
(cooligomers and polymers)
Hydrogen Transfer
(acid catalyst)
Dehydrogenation
(bifunctional catalysts)

Condensation
+

- S ——

~
~

> High T coke (polyaromatics)

Fig. 39. The formation of coke from hydrocarbons over acid and bi-functional metal-acid catalysts. Obtained from [163].

The location of the deactivating coke, on the exterior surface of the zeolite crystals (external) or within

the pore (internal coke), has been of great debate in literature. In 2008, Mores et al. [164] investigated
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large H-SAPO-34 crystals with in-situ spectroscopy during the methanol-to-olefin reaction. They
concluded that the coke deposition are mainly formed inside the H-SAPO-34 crystals. This is in con-
trasts to the H-ZSM-5 zeolite where both internal polyaromatic species and external graphite like
carbon species were observed. Rojo-Gama et al. [165] investigated the deactivation of the H-ZSM-5
catalyst at different positions in a fixed bed reactor. As illustrated in Fig. 40, the analysis showed that
a change in the length of the a- and b- unit cell vectors found through Rietveld refinement of XRD
data correlated with coke content, acid site density, and catalyst surface area (BET). This indicates
that trapped molecules within the zeolite crystal expands the unit cell, which makes XRD a powerful
analysis technique for determining the degree of coking. Furthermore, these findings also suggest that

the deactivation of the H-ZSM-5 catalyst is mainly caused by internal coke formation.
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Fig. 40. Correlation between the acid site density, BET surface area, and coke content for the ZSM-5 with respect to the absolute
change in the (a-b) unit cell parameter determined by Rietveld refinement of XRD data. F, T, M, and B correspond to the fresh catalyst
gng(j/;f catalyst extracted from the top, middle, and bottom of the fixed bed reactor. Reaction conditions: 400 °C, 1 atm, and WHSV =
H-SAPO-34 is well known for its high catalytic activity for the methanol-to-olefin reaction and its
fast deactivation due to coke formation. However, it is still considered to have the highest potential
for conversion of methanol into light olefins among zeolite catalysts [79,80,166,167]. H-SAPO-34
can produce up to 80 % total yield of ethene and propene. As the H-SAPO-34 deactivates the C,7/C3™
ratio increases showing that carbon deposits influence the production of ethylene and propylene. Two
hypotheses have been proposed to explain the increase in C>7/Cs™ ratio as the catalyst deactivates.
One hypothesis suggest that the change in C,7/Cs™ ratio is due that carbon deposits limits the free
space in the zeolite cages causing change to the transition-state shape selectivity. Thus, suppressing
the formation of methyl benzenes with 5-6 methyl groups and thereby favoring ethylene formation
[168,169]. The other hypothesis suggest that the carbon deposits limits the diffusion of larger products

out of the zeolite causing changes in the product shape selectivity [170] or that it is a combination of
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the two [171]. Hereijgers et al. [80] concluded, that the increase in the C>™/C3™ ratio is caused by
product shape selectivity and not by transition-state shape selectivity, even for a severely deactivated

catalyst. They concluded this based on experiments using **CH3;OH.

The coke forms rapidly in H-SAPO-34 due to its large cages of 7.3A x 10 A and narrow pores with
ring openings of 3.8 x 3.8 A [80]. The deactivation is, therefore, generally accompanied by progres-
sive formation of polyaromatic species, which limits the reactant diffusion and competitive adsorb to
the active sites [79,80]. The main retained hydrocarbons from a spent H-SAPO-34 for methanol con-
version has been identified as polymethylbenzene (trimethylbenzene, xylenes, and toluene), methyl-
naphthalenes, pyrene, and phenanthrene [80,172]. Analyses using visualization software by Marcus
etal. [172] showed that pyrene and phenanthrene can exist within the cage, but there is little additional
volume to accommodate reactants or transition states to convert phenanthrene to pyrene. This was
confirmed by analysis of the retained hydrocarbons for a spent H-SAPO-34 where the pyrene/phe-
nanthrene ratio was 0.414 which increased to 7.7 using H-SAPO-18 with larger cages.

2.2.4.2 Dealumination

The irreversible deactivation of zeolites under methanol conversion occurs through dealumination.
The dealumination is defined as the removal of aluminium atoms from the zeolite framework causing
the loss of Bragnsted acid sites. Silaghi et al. [173] found through DFT calculations that water mole-
cules adsorb on the aluminium atom in anti-position to the Brgnsted acid site and force the breaking
of the AI-O bond in the framework. The Al-O bonds hydrolyses until the Al atom is completely
removed from the zeolite framework as Al(OH)s. The activity of the dealumination is favored at a
high water partial pressure and at high temperatures [154]. A simplified reaction scheme is illustrated

in Scheme 8.

S Si
O-H' H20 OH
o Al ——————
Lgj-0—. Al . .5j-OH
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Pl JSi
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Scheme 8. Simplified reaction scheme of the dealumination of the Brgnsted acid site in zeolites by water. Adapted from [174].

Dealumination removes the Brgnsted acid sites resulting in a less active catalyst for methanol dehy-
dration reactions. Aramburo et al. [175] found that by post-treating the H-ZSM-5 zeolite in steam,
the activity dropped, but the stability significantly increased without altering the hydrocarbon distri-
bution (Fig. 41). The decrease in the acid site density reduces the deactivation rate by coke formation,
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as described in the previous section. However, the steaming post-treatment generated mesoporosity
that together with the reduced acid site density limited the formation of polyaromatic coke molecules
in the outer regions of the zeolite catalyst. Thus, dealumination of zeolite materials can reduce the
coke formation rate and thereby improve the deactivation resistance. However, yielding a compro-
mise between the catalyst activity and stability. Bjargen et al. [161] reported that dealumination in-
creased the stability of zeolite beta and changed the product selectivity towards alkenes. However,
the gained stability also decreased the conversion and it was concluded that not much is gained if the

lower acceptable limit is 80 % conversion to hydrocarbon.
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Fig. 41. Methanol conversion with time on stream for parent and steamed zeolite catalyst. Reaction Conditions: 350 °C and WHSV =
5.56 g/g/h. Obtained from [175].
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2.3 Direct Conversion of Synthesis Gas to Hydrocarbons

The growing interest for governments to reduce their emission of the greenhouse gas CO> have re-
sulted in rising research for capture and converting CO- into synthetic fuel and usable chemicals. As
illustrated in Fig. 42, CO. can be converted to CO by the reverse-water-gas-shift reaction or to alco-
hols, such as methanol, through the methanol synthesis (section 2.1). By combining the methanol
synthesis and methanol-to-hydrocarbon process (section 2.2), the formed methanol from CO- is con-
verted in the zeolite to form hydrocarbons. The hydrocarbon distribution is controlled by the reaction
conditions but mainly from the zeolite topology and acidity. An obstacle for the methanol synthesis
and methanol-to-hydrocarbon reaction is the substantial difference in optimal operating conditions.
If methanol is immediately consumed in the methanol-to-hydrocarbon reaction, the equilibrium reac-
tion of the methanol synthesis will be driven towards products, even at intermediate temperature and
pressure, resulting in that the two reactions are compatible. An alternative to this pathway is the
Fischer-Tropsch process where CO- is converted to CO, which further hydrogenates into hydrocarbon
products. Through this process, hydrocarbons of various lengths are formed. To enhance the control
of the hydrocarbon distribution, researchers have investigated the simultaneously cracking of the hy-
drocarbons in the zeolite pores [176,177]. However, one of the still existing challenges of the Fischer-
Tropsch and the bi-functional catalytic processes, is the control over the carbon chain growth and to
produce chemicals with desired properties; saturated, unsaturated, branch etc. It is required to over-
come current challenges, such as low feed conversion, product selectivity, and catalyst stability, to

synthetize olefins and aromatics from CO2 with any conventional interest [178].
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Fig. 42. lllustration of different routes for converting CO2 into CO, alcohols, or hydrocarbons through the Fischer-Tropsch or the
combined methanol synthesis and methanol-to-hydrocarbon process. Obtained from [179].
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2.3.1 Fischer-Tropsch

The Fischer-Tropsch process, FT, was published in 1923 by two German chemists, Fischer and Trop-
sch. In the early years, the FT process was used for the production of synthetic fuel from synthesis
gas [6]. The catalysts for this process are iron or cobalt based, which irrespective of operation condi-
tions produce a wide range of paraffins, olefins, and oxygenated products. The wide product distri-
bution requires an energy-intense separation to achieve products with the desired properties. Thus,
the selectivity control is the major challenge in FT synthesis, which is difficult to control on the metal
surfaces due to a lack of confinement effects [180]. The product distribution can be altered by oper-
ation temperature, feed gas composition, pressure, catalyst type, and promotors [9]. In general, the
product formation is accepted to be caused by surface polymerization reactions, and the mechanism

is believed to follow a surface carbide mechanism, illustrated by a simplified scheme in Fig. 43 (a).
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Fig. 43. (a) Simplified surface carbide mechanism for the Fischer-Tropsch process. (b) The Anderson-Schulz-Flory model for predic-
tion of the product distribution. Obtained from [7].

The polymerization reaction tends to follow the Anderson-Schulz-Flory distribution (ASF), which
depends on the chain probability factor, a. The a parameter is controlled by the operation conditions
of the FT process, as discussed above. The ASF model for prediction of the product distribution as a
function of « is illustrated in Fig. 43 (b). According to ASF, the theoretical maximum yield of Cz.4
(paraffins and olefins), Cs.11 (gasoline), Cs-16 (jet fuel), and C1o-20 (diesel) are ~58 %, ~48 % , ~41 %,
and ~40%, respectively [7-10,180]. The theoretical maximum yield of C>-4 has long been considered
the main constraint for industrialization of the FT process for effective and selective production of
lower olefins. Methane and C».4 paraffins are considered undesirable products and studies have, there-

fore, mainly focused on improving the selectivity towards Cs. (liquid fuels) [180].
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In recent years, some researchers have devoted their focus in to maximizing the lower olefin selec-
tivity and to reduce the methane-, CO, or CO> selectivity. Studies have shown that promoted iron
based FT catalysts with alkali metals, enhance the selectivity towards olefins and reduce the methane
selectivity [181,182]. These alkali metals function as electron donors and increases the electron den-
sity on the catalyst while reducing the amount of adsorbed Hz [178,181,182]. Hydrogenation of the
formed olefins is minimized by controlling the adsorbed H> to be at a minimum. In general, iron based

catalysts have shown a higher selectivity towards lower olefins than Co-based catalyst [7,181,183].

For direct conversion of CO> to olefins, the FT catalyst must include reverse-water-gas-shift reaction
activity, which first converts the CO to CO and water. The formed CO can further be converted to
olefins through the FT synthesis [178]. Cobalt based FT catalysts exhibit no activity for the water-
gas-shift reaction and must, therefore, be combined with a catalyst having this activity, such as man-
ganese- or iron oxides [181]. Wang et al. [184] investigated the CO2 hydrogenation on an alkali metal
(Li, Na, K, Rb, and Cs) promoted iron catalysts supported on SiO2, Al,O3, TiO2, ZrO2, mesoporous
carbon (meso-C), and carbon nanotubes (CNT). The CO2 conversion, CO selectivity, and hydrocar-
bon distribution of the different alkali promotions (with ZrO; as support) and oxides supports ob-
tained at 340 °C, 20 bar, H2/CO of 3, and GHSV of 1200 mL/gcat/h are illustrated in Fig. 44.
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Fig. 44. (a) Catalytic performances of 1 wt% alkali metal promoted iron catalyst (10 wt% Fe) supported on ZrOz and (b) 1 wt%
promoted iron catalyst (10 wt% Fe) on different supports. Meso-C and CNT denotes mesoporous carbon and carbon nanotube support,
respectively. The supported Fe catalysts were prepared by the conventional impregnation method and the alkali metals were added by
co-impregnation with aqueous solutions of an alkali metal salt. Reaction conditions: 340 °C, 20 bar, H2/CO = 3, and GHSV = 1200
mL/gca/h. Adapted from [184].

All alkali metals, except lithium, enhanced the light olefins selectivity. The sodium, potassium, and

caesium promotion improved the conversion of CO.. The best performance was obtained with 0.5-
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1 wt% potassium promotion to iron catalyst supported on ZrO>. In situ X-ray diffraction measure-
ments suggested that the promotion with potassium accelerates the generation of the y-FesC. phase,
which together with improved adsorption of CO. and decreased hydrogenation activity was con-
cluded to cause the enhanced CO. conversion and light olefin selectivity. The SiO. support showed
no activity towards formation of y-FesC., which was concluded to be the reason for the lower cata-
Iytic activity [184]. A possible explanation of this was that iron oxide supported on silicate does not
undergo reduction easily and was, thereby, suspected to hinder the formation of y-FesC, [178]. Prior
to reaction, the a-Fe>Os was reduced to Fes3O4, FeO, or metallic iron (Fe°), which in a CO/Hz or
CO2/H; atmosphere can be converted into iron carbides, such as y-FesC», £'-Fe22C and 6-FesC. It
was the y-FesCziron carbide and FesO4 that was considered to be the active phase for the FT reaction

and the reverse-water-gas-shift reaction [185].

Ramirez et al. [186,187] investigated the combination of a potassium oxide doped iron oxide with H-
ZSM-5 and H-SAPO-34 catalysts for the conversion of CO; into hydrocarbons. The idea was to use
highly acidic zeolites to fine-tune the product distribution and hopefully surpass the ASF distribution.
In Fig. 45 (a), the product distribution upon adding H-ZSM-5 shows that a significant amount of
aromatic product was formed with a selectivity of ~25 % achieved at a CO> conversion of ~50 %.
The formation of the aromatic product occurs through the light olefins, especially ethylene and pro-
pylene, produced from the FT catalyst. The ethylene and propylene enter the zeolite crystal and forms
a hydrocarbon pool species that reacts to form aromatics and butane (Fig. 45 (a)). That ethylene and
propylene were intermediates of the aromatic formation was evident in the selectivity drop after the
addition of the H-ZSM-5 catalyst. Furthermore, it was found that the aromatic selectivity was de-
pendent on the acid site density and increased with increasing Si/Al ratio [186]. Smaller changes were
observed with the use of a small pore zeotype H-SAPO-34 or a coated ZrS modified SAPO-34 cata-
lyst, as illustrated in Fig. 45 (b). High olefin selectivity was observed with or without the addition of
the solid acids, but a slight increase in the ethylene and propylene formation was obtained with the
use of the SAPO-34 catalyst. The sulfated zirconia layer allowed the cracking of Cs+ hydrocarbons
which increased the lighter hydrocarbon selectivity. Diffusion limitations for the ethylene and pro-
pylene molecules caused by small pore openings of the SAPO-34 zeotype could limit the entering of
such species into the cages. Thus, limiting the benefit of adding the zeotype, as ethylene and propyl-
ene are not forming significant amounts of hydrocarbon pool species. These results demonstrate that
the use of zeolites with pores allowing olefins to diffuse to the acidic sites can alter the product dis-

tribution, when combined with a FT catalyst having high CO> hydrogenation activity. However, high
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selectivity towards methane and low selectivity towards light olefins and aromatics is still a drawback
of the FT process.
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Fig. 45 The hydrocarbon selectivity for the (a) Fe203@KO2/H-ZSM-5 and (b) Fe20:@KO2/H-SAPO-34 and Fe203@KO2/ZrS/SAPO-
34. Reaction conditions: 375 °C, 30 bar, H2/CO2 = 3, and 5000 mL/g/h. Obtained from [186,187].
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2.3.2 Bi-functional catalytic conversion of synthesis gas to light olefins

In recent years a great interest for the conversion of CO or CO; into light olefins over the bi-functional
catalyst have developed, and research studies are frequently published [24,27,28,110,111,188-204].
In the literature, a metal oxide capable of producing methanol at elevated temperatures with lower
olefin hydrogenation activity, compared to a metallic-based methanol synthesis catalyts, are com-
bined with zeolites/zeotypes having a topology with small pore openings. In this way, the methanol
synthesis and the methanol-to-olefins process are combined. Mixing the catalysts in a mixed bed
configuration (section 2.3.8) ensures immediate methanol conversion, allowing the methanol equi-
librium to be exceeded at compromised reaction conditions. That the methanol equilibrium is ex-
ceeded shows the potential for having an efficient production of hydrocarbons in one step and mini-
mizes the capital investment and the energy input for operating one reactor instead of two separate
reactors (one at very high pressure). As we learned in section 2.1.3, metallic-based methanol synthesis
catalysts have high CO2 hydrogenation activity but also high olefin hydrogenation activity, causing
the main product to be paraffins. For this reason, researchers have looked for other methanol synthesis
candidates with lower olefin hydrogenation activity and have found Zn- and In-based mixed oxides
to be interesting candidates for this application. This is due to their high methanol synthesis activity
at elevated temperatures (section 2.1.4) where the subsequent methanol dehydration over solid acids
are active. Especially, ZnAl204, ZnGaz04, ZnCr204, ZnO-ZrO2, and In203-ZrO, combined with the
SSZ-13 or SAPO-34 catalysts have gained great attention for the direct production of light olefins
[24,27,28,110,111,190-193,195,196,198-204].

Liu et al. [191] combined the ZnO-ZrO and the SSZ-13 catalyst for the direct conversion of syngas
into light olefins. Their results showed that high olefin selectivity above 80 % with a methane selec-
tivity below 3 %. This demonstrates the superior light olefins selectivity, compared to that obtained
by the Fischer-Tropsch process, but achieved at a low CO conversion of 10 %. It was demonstrated
that the ZnO content, the acid site density of the SSZ-13, and the proximity of the two catalysts were
crucial factors for the CO conversion and the light olefin selectivity. As shown in Fig. 46 (a), the
optimal Zn-loading for the methanol synthesis activity was not beneficial for the light olefin selectiv-
ity. At Zn-loadings > 1:4 Zn/Zr, the formation of hexagonal ZnO was confirmed by XRD analysis.
The olefin hydrogenation activity increased with its formation and enhanced with increasing concen-
tration of the crystalline ZnO phase. Similar to the results observed by Wang et al. [95], the methanol
synthesis activity improves with Zn-loadings but declines with the substantial formation of crystalline

ZnO at high Zn-loadings. Similar competition between the methanol synthesis activity and the olefin
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selectivity with the Zn-content have been observed for the ZnAl.O4 and ZnGa,O4 mixed with the
SAPO-34 catalyst [111,198]. This indicates a trade-off between the CO/CO> conversion and the light
olefin activity. Li et al. [198] combined pure ZnO with SAPO-34 and found that the ZnO crystal size
affects the olefin hydrogenation activity where smaller crystals have lower activity, as illustrated in
Fig. 46 (b). These results suggest that it is important to maximize the Zn content without formation
of large crystalline ZnO for improving the CO conversion and the olefin selectivity.
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Fig. 46 (a) The effect of Zn/Zr molar ratio on the CO conversion and hydrocarbon distribution for the bi-functional ZnO-ZrO2/H-SSZ-
13 catalyst. The selectivity of CO2 did not change much with the Zn/Zr ratio and stayed at 41-45 %. Reaction conditions: 400 °C, 30
bar, 30 mL/min, H2/CO =2 and 0.6 g of catalyst (oxide/zeolite = 1:2). (b) The light paraffin and light olefin selectivity with the change

in the ZnO crystal size. The catalyst was a mixture of ZnO and SAPO-34 in a mass ratio of 2:1. Reaction conditions: 400 °C, 40 bar,
GHSV=1600 mL/g/h, and H2/CO = 2.5. Obtained from [191] and [198].

By kinetic studies Liu et al. [191] concluded that the formation of oxygenates (methanol and dimethyl
ether) was the rate-determining step for their bi-functional catalyst. The mass ratio between the oxide
and zeolite in this study was 1:2 and it could be expected that increasing this ratio would improve the
syngas conversion. However, if the metal oxide contributes significantly to the hydrogenation of ole-
fins, the longer residence time over the metal oxide component could yield a more saturated product.
The acidity and acid site density for the zeolite/zeotype catalyst have shown influence the olefin hy-
drogenation activity as well. DeWilde et al. [205] showed that under CO,/CO/H>0/H; atmospheres
(products and reactants of the methanol synthesis), the main propene hydrogenation activity occurred
through the acid sites in SAPO-34. In the literature [28,189,190] great inconsistencies in the optimal
mixing ratio are reported, which could be a result of differences in where the primary olefin hydro-
genation occurs, at the metal oxide or at the solid acid.

Similar to the Zn-based catalyst, the In,O3 catalyst have shown a great potential for the direct con-

version of syngas to olefins when combined with SSZ-13 and SAPO-34 catalysts [192,193,196,199].
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Gao et al. [190] studied the CO2 conversion to light olefins over a In203-ZrO> mixed SAPO-34 cata-
lyst and managed to achieve a light olefin selectivity of ~80 % at a CO2 conversion of 35 %. The
hydrocarbon distribution was affected by the bed configuration of the two catalysts where too close
proximity made methane the main hydrocarbon product. This indicates some instability problems of

the In-based catalysts and suggests some mobility of the indium [206].

2.3.2.1 Space velocity

The changes in the hydrocarbon distribution and CO2 conversion with the residence time over ZnO
and In2O3 supported on ZrO, mixed with SAPO-34 catalyst are shown in Fig. 47 (a) and (b) [27,190].
In both cases, the CO> conversion increases with increase in residence time showing that longer con-
tact time over the metal oxide component increases the CO> conversion. On the other hand, longer
residence time increases the light paraffin selectivity, creating a more saturated product. The thermo-
dynamic equilibrium of the alkane dehydrogenation reaction in the hydrogen rich atmosphere shows
that longer residence time should lead to more hydrogen incorporation [207]. A surprising result is
that by doubling the residence time, the CO- conversion does not increase with the same factor. This
suggests that there is some kind of inhibition of the methanol synthesis activity at higher residence
time, which could be caused by product inhibition. The results in Fig. 47 shows that a compromise in
residence time should be made for achieving a high olefin selectivity at a relevant CO> conversion.
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Fig. 47 The CO2 conversion and hydrocarbon selectivity at different residence times for (a) ZnO-ZrO2 and (b) In203-ZrO2 mixed with
H-SAPO-34. Reaction conditions: (a) 380 °C, 20 bar, H2/CO = 3, and oxide/zeolite = 1 and (b) 400 °C, 30 bar, H2/CO = 3, and
oxide/zeolite = 2. Obtained from [27,190].
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2.3.2.2 Reaction temperature

Higher temperature increases the olefin hydrogenation activity, evident in Fig. 48 with the increasing
light paraffin selectivity. This occurs for both the ZnO-ZrO, and In203-ZrO- catalyst mixed with the
SAPO-34 catalyst [27,190]. The endothermic nature of the reverse-water-gas-shift reaction result in
improve thermodynamic driving force at higher temperatures resulting in higher CO productivity
from CO.. Even though the CO> conversion increases with temperature, the hydrocarbon yield will
decrease as faster CO productivity reduces the CO2 conversion to hydrocarbons. Therefore, there
must be an optimal temperature range where a compromise between COz conversion, CO selectivity,

and olefin selectivity will yield the highest light olefin productivity.
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Fig. 48. The COz conversion, CO selectivity, and hydrocarbon selectivity at temperatures for (a) ZnO-ZrOz and (b) In20s-ZrO2 mixed
with H-SAPO-34. Reaction conditions: (a) 20 bar, H2/CO = 3, GHSV =3600 mL/g/h, and oxide/zeolite = 1 and (b) 30 bar, H2/CO =
3, GHSV =9000mL/g/h, and oxide/zeolite = 0.5. Obtained from [27,190].

In Fig. 49 (a), the calculated normalized yield for different metal oxides mixed with SAPO-34 indi-
cates an optimal reaction temperature in the range of 360-400 °C. The reaction conditions for the
optimal production of light olefins for the different bi-functional catalyst are shown in Fig. 49 (b).
These results indicate that despite differences in operating pressure and residence time, the highest
productivity is obtained at temperatures in this range [27,111,190,194]. At lower temperatures, the
methanol dehydration activity over SAPO-34 will be too low resulting in that unconverted oxygenate
will leave the reactor. At higher temperatures, both the increase in the hydrogenation and reverse-

water-gas-shift activity reduce the olefinic yield.
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from [27,111,190,194].

2.3.2.3 Reaction pressure

Gao et al. [190] investigated the effect of the reaction pressure on the catalytic performance for the
In203-ZrO; catalyst. The results are illustrated in Fig. 50. The results show that upon increasing the
pressure, the CO2 conversion increases and the CO selectivity decreases, which significantly im-
proves the hydrocarbon yield. In the hydrogen rich atmosphere, the increasing pressure also leads to
increased hydrogen incorporation into the hydrocarbon product. By increasing the pressure from 10
to 50 bar, the olefin selectivity decreases by ~20% where the CO> conversion to hydrocarbons in-
creases from ~1.5 to ~11 %. This trend has also been observed on Zn-based catalysts [110,191,195]
showing that a high olefins selectivity is obtained at low COx conversion. This demonstrates that the
difference between the optimal operating conditions for the methanol-to-olefins and the methanol
synthesis process limits the performance of the bi-functional catalysts. However, it still shows a high
potential for improvement by synthesizing alternative materials to break these limitations. Altering

the acidity or acid site density of the zeolite/zeotype materials may yield a solution for this problem.
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Reaction conditions: 380 °C, H2/CO = 3, GHSV =9000mL/g/h, and oxide/zeolite = 0.5. Obtained from [190].

2.3.3 Acidity effect on the light olefin selectivity

The acidity of zeolites are dependent on factors such as the acid site density and the chemical com-
position of the zeolite [133]. As discussed in section 2.2.1, by synthesizing chabazite structured sili-
coaluminophosphates (zeotypes), the acid strength can be reduced even at similar acid site densities
[76,134]. The SSZ-13 and SAPO-34 catalysts are examples of a zeolite and its counter zeotype with
chabazite structure. Liu etal. [28,191] combined a ZnO-ZrO; binary oxide with these solid acids and
varied the acid site density of both. Their results show that the acid site density is a key factor for
achieving high light olefin selectivity, as illustrated Fig. 51 (a) and (d). The density of the Brgnsted
acid sites were determined by the high temperature peak from NHz-temperature-programmed-desorp-
tion and by quantifying the ammonia adsorbed by Fourier transform infrared spectroscopy. The re-
sults shows that low acid site densities cannot fully convert the formed methanol synthesis into hy-
drocarbons, resulting in that unconverted oxygenates will leave the reactor. The low methanol dehy-
dration activity hampers the CO conversion (Fig. 51 (a) and (c)) indicating that at low acid site den-
sities, the rate-determining step is the methanol dehydration reaction. With the increase in the acid
site density, both the CO conversion and the light olefin selectivity increase and the light olefin se-
lectivity reaches an optimum around 0.1 mmol per g for both solid acids. Increasing the acid site
density beyond this concentration showed a slower decrease in the light olefin selectivity for the
SAPO-34 catalyst (Fig. 51 (a)) than observed for the SSZ-13 catalyst (Fig. 51 (b)). This indicates that
the higher acid strength of the SSZ-13 catalyst leaves a smaller range in the acid site density to achieve
the best olefin selectivity. In both cases, the decrease in the olefin selectivity was caused by an in-
crease in selectivity towards light paraffins, indicating higher hydrogenation activity with increasing

acid site density. As shown in Fig. 51 (b), methanol conversion over the SAPO-34 catalysts, under

66 | 217



same reaction conditions as used for the syngas conversion over the bi-functional catalyst, demon-
strates that in a hydrogen rich atmospheres, the SAPO-34 itself has hydrogenation activity. The hy-
drogenation activity enhanced upon increasing the acid site densities. Having the right acid density
to ensure complete methanol conversion is important for shifting the methanol equilibrium reaction
and thereby increase the COx conversion. Having too high acid site density increases the olefin hy-
drogenation activity and thus again indicates a trade-off between COx conversion and the light olefin

selectivity.
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Fig. 51. (a) The hydrocarbon selectivity and the CO conversion with the change in acid site density for the SAPO-34 component in the
Zn0O-ZrO2/SAPO-34 bi-functional catalyst. (b) Methanol conversion over SAPO-34 with different acid site density. (c) The CO con-
version and (d) the hydrocarbon selectivity with the change in acid site density for the SSZ-13 component in the ZnO-Zr02/SSZ-13 bi-

functional catalyst. Reaction conditions: (a-b) 400 °C, 30 bar H2/CO = 2, GHSV = 3600 mL/g/h, and oxide/zeolite = 0.5 (c-d) 400 °C,
30 bar H2/CO = 2, GHSV = 3000 mL/g/h, and oxide/zeolite = 0.5. Obtained from [76,134].

Very recently the research group of Bao et al. [208] showed that it was possible to break the trade-
off between activity and selectivity for the bi-functional catalyst concept by incorporating germanium
into the AIPO-18 zeotype framework, as illustrated in Fig. 52 (a). The germanium substitution into
the framework attenuated the acid strength of the Brgnsted acid sites that allowed for enhancing car-
bon-carbon coupling with increasing acid site density while inhibiting the olefin hydrogenation ac-
tivity. In Fig. 52 (b), ethylene hydrogenation activity over the different AIPO-18 catalysts shows that
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the addition of germanium significantly reduces this reaction. The lower hydrogenation activity al-

lowed for optimizing the operation conditions and a light olefin selectivity of 83 % was achieved with

a CO conversion of 85 %, which almost doubles the light olefins yield previously published in liter-

ature [208]. Thus, altering the acid strength of the solid acid to limit the olefin hydrogenation activity

and combine it with metal oxides having high methanol synthesis activity could yield an efficient

route for direct conversion of CO; into olefins.
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2.3.4 Bi-functional catalytic conversion of synthesis gas to aromatics

Aromatic compounds such as para-Xxylene and styrene are used as monomers or monomer precursors
for the production of plastic materials. Aromatics compounds have high anti-knock engine values
making them good octane boosters for fuels. For this reason, fuels such as gasoline contain aromatic
compounds to achieve a high-quality fuel. In Europe, the concentration of aromatic compounds in
gasoline is restricted to 35 wt% due to environmental considerations [209,210], but still account for
a larger portion of the fuel. The main production of aromatics comes from reforming of naphtha which
IS obtained as a product from oil refining [3] and it is, therefore, essential to find alternative reaction
pathways for the production of these chemicals to ensure a more sustainable plastic and fuel produc-

tion in the future.

(a) (b)
S
> 50
.E. 80 T T T T T T T T 1004 _
T 70+ ° i 1 1 3

g . f\ri)matlc i L A0 a

60 - ® ogn = | s
f:) * S o i ] -r_ﬂ %
S 50+ AN 1 > 604 B ~30 g
IS N " £ E @
© 40- o \° : 1B o
s s 2 40 F20 §
S 30- PR ] o
—_ CO, . gm \ 7] i o

A £
S, 20 . 2 . @ 201 L10 ©
. " N 1
& 101 P
>0 > 04
—————————— -~
8 0 10 20 30 40 50 60 70 80 90 ?\_:\qﬁaﬂ.}ﬂ_ﬁ.@%@g\-ﬁ )
CO con., [%] Zn/Zr molar ratio

Fig. 53. (a) The aromatic selectivity as a function of COx conversion obtained with different ZnO-Cr203 mixed oxide for the ZnO-
Cr203/H-ZSM-5 catalyst. (b) The hydrocarbon selectivity and the CO conversion with the Zn/Zr molar ratio for the ZnO-ZrO: catalysts
in the ZnO-ZrO2/H-ZSM-5 bi-functional catalyst. Reaction conditions: (a) 427 °C, 83 bar, H2/CO =1, and GHSV = 1490-2845 mL/g/h
(b) 430 °C, H2/CO = 2, 30 bar, and GHSV = 1500 mL/g/h. Obtained from [54] and [106].

As mentioned in section 2.1.3, the first selective production of aromatics over a bi-functional was
published in the end of the 1970s [53,54]. This was achieved by combining a ZnO-Cr.O3z mixed oxide
with the H-ZSM-5 catalyst yielding high selectivity of aromatics at ~70 wt%. Due to the low methanol
synthesis activity of the ZnO-Cr»0s3, high pressure, temperatures and residence time were used. Chang
et al [54] synthesized alternative ZnO-Cr,0O3 catalysts with various ZnO content to improve the meth-
anol synthesis activity. However, as illustrated in Fig. 53 (a), increasing the methanol synthesis ac-
tivity with higher content of ZnO significantly reduces the aromatic selectivity. A more recent study
on syngas conversion to aromatics over the bi-functional catalyst composed for the H-ZSM-5 and the
Zn0O-ZrO> oxide, reveals a similar trade-off in the aromatic selectivity and the CO conversion with
the change in ZnO content (Fig. 53 (b)) [106]. A similar trade-off was found for the bi-functional
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catalyst for light olefin production (section 2.3.2) that could be related to the hydrogenation activity
of large ZnO crystals.

Many research groups have investigated the bi-functional catalyst composed of ZnO-based catalysts
and H-ZSM-5 for CO [106,211] or CO> hydrogenation [17,29,207,212—-215] into aromatics. Others
have focused on pure In203 or Cr203 as the methanol synthesis catalysts together with H-ZSM-5
[206,216,217]. The highest aromatic selectivity reported in these studies are summarized in Table 3,

together with the CO> conversion and the reactor conditions applied.

Table 3. Listed operating parameters and results for CO2 conversion to aromatics via bi-functional catalysts. The parameters reported
are the Si/Al ratio of the zeolite used, reactor temperature, pressure, and space velocity (GHSV). The results are reported as the CO2
conversion (denoted Con.), CO selectivity, and aromatic selectivity within hydrocarbons (denoted sel.).

Bi-functional catalysts (ox- Si/Al T P GHSV CO;Con. CO Sel. Aro. Ref.
ide:zeolite weight ratio) [°C] [bar] [mL/gca/h] (%) (%) Sel. (%)

Zn0-ZrO,/H-ZSM-5 (1:1) 100 320 40 1200 14 44.3 73 [17]
Zn0-Zr0Oy/H-ZSM-5 (1:2) 56 340 40 7200 15.9 34.0 76 [213]
Zn0-Zr0Oy/H-ZSM-5 (1:2) 600 340 30 4800 6.2 33.9 65.2 [212]
Zn0O-ZrOy/H-ZSM-5 (1:1) 360 350 30 ~6695 ~10 51.0 ~31 [207]
Cr,03/H-ZSM-5 (1:1)" 40 350 30 1200 345 33.0 75.9 [216]
Cr,0s/H-ZSM-5@S-1" nr 350 30 1200 27.6 46.4 70.3 [216]
Cr03/Zn-ZSM-5 (2:1)@S-1  nr 350 30 1200 22.1 35.3 70.1 [217]
Zn0O-Cr,03/Zn-ZSM-5 (1:1) 140 320 50 2000 19.9 70.4 56.6 [214]
ZnO-Cr,04/H-ZSM-5 (2:1)" nr 350 40 1200 23.1 27.7 85.3 [215]
In,03/H-ZSM-5 (1:2) 27 340 30 9000 13.1 45.0 14.6 [206]
ZnAl,O4/H-ZSM-5 97 320 30 2000 9.1 57.1 73.9 [29]

* CO co-feeding

As shown in Table 3, inconsistencies in the optimal residence time, pressure, oxide/zeolite mixing
ratio, and acid site density for the optimal aromatic selectivity are reported. The optimal temperature
seems to be more consistent and is in the range of 320-350 °C for all the bi-functional catalysts. The
highest CO- to hydrocarbon conversion was found to be 23 % with a 75.9 % aromatic selectivity and
was obtained over the Cr.03/H-ZSM-5 catalyst [216]. In contrast, the other studies found a CO: to
hydrocarbon conversion less than 16 % with great variation in the aromatic selectivity between 85.3
to 14.6 %. This indicates that it is still a challenge to selectively produce aromatics at high conver-

sions.
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2.3.4.1 Space velocity

Ticali et al. [207] tested their ZnO-ZrO2/H-ZSM-5 catalyst at space velocities from 6000 to 24000
mL/g/h which could be the reason for the low aromatic selectivity (>31 %) obtained compared to
other similar bi-functional catalysts (Table 3). It was found that the longest residence time improved
the aromatic selectivity and upon lowering contact time did not only minimize the aromatic selectivity
but also the paraffins/olefins ratio. The higher paraffins/olefins ratio at shorter residence time is coun-
terintuitive as the olefins are the first product of the hydrocarbon pool reaction and the thermodynamic
equilibrium of the light alkene hydrogenation reactions shows that the main product should be al-
kanes. Therefore, opposite results should be expected where the paraffins/olefins ratio is increasing
at longer residence time. Other studies have shown the opposite trend with a decrease in the olefin

selectivity with increase in the residence time [17,106,213].

Zhou et al. [213] observed an optimum for the aromatic selectivity at 7200 mL/g/h for their aerogels
integrated ZnO-ZrO, oxide with H-ZSM-5, as illustrated in Fig. 54. At low residence time, the main
product was light olefins. When increasing the residence time, the light olefins are oligomerized and
converted into aromatics. High residence time increases the paraffin selectivity with decrease in the
aromatic selectivity. This could indicate that the olefins are removed before they can form aromatics
or that hydrogen induced cracking of the aromatics convert it to light paraffins at high residence time.

However, it is quite marveling that no Cs+ species are reported in the hydrocarbon selectivity.
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Fig. 54. The hydrocarbon selectivity and CO2 as a function of contact time over the ZnO-ZrO2 oxide/H-ZSM-5 catalyst. Reaction
conditions: H2/CO2 = 3, 40 bar, and 340 °C. Obtained from [213].

Increasing the residence time increases the CO> conversion but a compromise should be made be-
tween the CO2 conversion and the aromatic selectivity due to the loss of aromatics at high residence
time.
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2.3.4.2 Reaction temperature

Investigation of the temperature effect on the CO2 hydrogenation to aromatics over metal oxides
mixed with H-ZSM-5 was conducted by several authors [17,29,212,217]. The research groups of Li
et al. [17] and X. Zhang et al. [212] tested ZnO-ZrO; with H-ZSM-5 with a Si/Al ratio of 100 and
600, respectively. It was not only the acid density of the zeolite that differed between the two research
groups. The mass ratio between the mixed metal oxide and zeolite was 1:1 and 1:2, the applied pres-
sure was 40 and 30 bar, and the space velocity was 1200 and 4800 mL/gcat/h. The two research groups
tested the catalytic performance using reaction temperatures in the range of 260 to 400 °C and 280 to
420 °C. Despite the differences between the two studies, the aromatic yield showed identical trends,

where an optimum in the aromatic yield was obtained at 340 °C.
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Fig. 55. Normalized aromatic yield for CO2 hydrogenation over composite catalysts against reaction temperature. The aromatic yield
is estimated as: Yy, = Xco, * (1 — Sco) - Saro Where the normalized yield is found by dividing the yield with the best obtained yield
for that specific metal oxide/H-ZSM-5 composite catalyst. The optimum in aromatic yield is marked with green. Reaction conditions:
(a) H2/CO2 = 3, GHSV = 4800 mL/gcat/h, P = 30 bar, and Si/Al = 600. (b) H2/CO2 = 3, GHSV = 1200 mL/gcat'h, P = 40 bar, and Si/Al
=100. (c) H2/CO2 = 3 (5.42 vol% CO), GHSV = 1200 mL/gcar'h, P = 30 bar, and Si/Al = 40. (d) H2/CO2 = 3, GHSV = 6000 mL/gcat/h,
P = 30 bar, and Si/Al = 97. (e-f) GHSV = 1200 mL/gcat/h, P = 40 bar, Si/Al = nr, H2/CO2 = 3, and with 3.94 vol% CO co-feeding
[215]. The line is a guide to the eye, showing the trend in the average value of the normalized aromatic yield for the different temper-
atures by a best polynomial fit of 4" order. Data Obtained from [17,29,212,215,217].

The normalized aromatic yields for ZnO-ZrO, [17,212], Cr.03 [217], ZnAl204 [29], and ZnGr204
[215] mixed with H-ZSM-5 zeolites as a function of temperature are compared in Fig. 55. The nor-
malized aromatic yield is calculated by dividing the yields with the best obtained yield for that spe-
cific composite catalyst. Thus, it only illustrates the temperature where the highest aromatic yield for
a specific metal oxide/H-ZSM-5 catalyst is obtained and can thereby not be used for comparing the
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performance of the catalysts. However, Fig. 55 clearly illustrates an optimum in aromatic yield in the
temperature region of 320-360 °C for the oxide/H-ZSM-5 composite catalysts. This suggests that the
best compromise between the methanol synthesis reaction over the metal oxide and the methanol to
aromatic reaction in the H-ZSM-5 zeolite is obtained using a reaction temperature within this range.
This optimum temperature range was observed despite the differences in the metal oxides, zeolites
acidities, applied pressure, and space velocities used in these studies, which ranges from Si/Al = 40-
600, P = 30-40 bar and GHSV = 1200-4800 mL/gcat/h.

Operating the bi-functional catalyst at lower reaction temperatures will result in low CO> to hydro-
carbon conversion. Increasing the temperature above the optimal region will result in high formation
of other Cs+ products and light paraffins [17]. The change in the hydrocarbon distribution at high
temperatures can be due to increased hydrogenation activity and/or cracking activity converting the

aromatics back into smaller products.

2.3.5 Acidity effect on the aromatic selectivity

Ticali et al. [207] observed two effects on the product distribution with increasing acid site density
for CO2 hydrogenation into aromatics. Firstly, the CO selectivity reduced indicating formation of CO
as a product from methanol decomposition or that conversion of CO is enhanced due to the change
in the thermodynamic driving force for the methanol synthesis (section 0). Song et al. [218] have
shown that excess oxygen vacancies on the metal oxides can promote decomposition of methanol
back into CO. An alternative hypothesis is that CO itself could be converted to hydrocarbons in the
zeolite catalyst [106,219,220] Secondly, the increase in the acid site density when using a H-ZSM-5
with Si/Al ratio of 360 (low density) and 25 (high density) increased the paraffin selectivity and
reduced the aromatic selectivity.

In the methanol-to-hydrocarbon process, a higher acid site density increases the formation of aromat-
ics and coke molecules (as aromatics are considered coke precursor) resulting in a significant rise in
the deactivation rate [14]. To achieve high aromatic selectivity, it could be expected that zeolites with
high acid site density and high acid strength would be needed. In Fig. 56, results for varying the acid
site density of the H-ZSM-5 zeolite in the bi-functional catalyst with ZnO-ZrO; are shown [106]. The
acid site density has an important effect on the aromatic selectivity and the CO conversion and in-
creases initially with the increase in the acid site density, as expected. However, an optimum for the
aromatic selectivity with a strong acid site density of 43 umol/g was obtained. Higher acid site density

showed that the Brgnsted acid sites in a hydrogen rich atmosphere will reduce the aromatic selectivity
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caused by enhanced hydrogenation of olefins. The olefin hydrogenation inhibits the polymerization
and aromatization causing the decrease and increase in aromatic selectivity and in the paraffin selec-
tivity.

Selectivity (%)

CO conversion (%)

. o R
0 40 80 120 160
Density of strong acid sites (umol g

Fig. 56. The hydrocarbon selectivity with the density of strong acid sites over a ZnO-ZrO2 oxide and H-ZSM-5 catalyst. Reaction
conditions: H2/CO = 2, 30 bar, 430 °C, and 1500 GHSV (mL/gcat/h). Obtained from [106].

Identical behavior for CO, hydrogenation over ZnO-ZrO./H-ZSM-5 was obtained by Li et al. [17]
who observed an optimum for the acidity of zeolite at a Si/Al ratio of 100. This indicates that the
acidity of the zeolite can be subjected to optimization of the aromatic selectivity. The poor aromatic
selectivity by Ticali et al. [207] could maybe be improved by using a zeolite with intermediate acidity.
Gao et al. [206] showed poor aromatic selectivity for the In.O3z combined with a highly acidity H-
ZSM-5 catalyst. High degree of olefin hydrogenation reduced the aromatic selectivity but produce a
hydrocarbon mixture rich in Cs. paraffins. A summary of the aromatic selectivity as a function of the
Si/Al ratio of the H-ZSM-5 mixed with different metal oxides are illustrated in Fig. 57.
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Fig. 57. The change in aromatic selectivity with different Si/Al ratio of the H-ZSM-5 zeolite combined with different metal oxides.
Reaction conditions:GHSV of 9000-500 ml/gcat/h, 320-350 °C, and 50-30 bar with both CO/H2, CO2/H2, and CO2/CO/H: feed mixtures.
Data obtained from [17,106,206,213,215,216].
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Fig. 57 clearly indicates an optimum for the Si/Al ratio for the production of aromatics over metal
oxides and the H-ZSM-5 zeolite. It should be noted that the operation conditions, such as temperature
and space velocity, have shown significant effect on the aromatic selectivity and optimization of these
parameters can tune the aromatic selectivity even more. The data used in Fig. 57 are obtained at a
GHSV of 9000-500 ml/gcat/h, 320-350 °C, and 50-30 bar with both CO/H2, CO2/H>, and CO2/CO/H;
feed mixtures. This confirms that the right acidity of the zeolite is crucial to obtain a high aromatic
selectivity. Here the acidity is described by the Si/Al ratio, which is inversely proportional to the
density of the Brgnsted acid sites. The acid strength has been directly correlated to the cyclization
and hydrogen transfer reactions in the zeolite [16]. Therefore, it is essential to have a certain acid site
density to ensure high aromatization activity. As shown Fig. 57, high Si/Al ratios result in low aro-

matic selectivity as the aromatization activity is too low.

The drop and increase in the aromatics and paraffins selectivity for bi-functional catalytic systems
are confirmed by several authors. In the traditional methanol-to-hydrocarbon process, the paraffins
are considered to be a product from the formation of aromatics (section 2.2.2). The drop and increase
in the aromatic and the paraffins selectivity with increase in acid site density suggest that gaseous
hydrogen is activated and that hydrogenation occurs on the acid sites rather than on the metal oxide
catalysts [200]. The hydrogenation of light olefins inhibits the formation of aromatic causing the
observed drop in aromatic selectivity at low Si/Al ratio in Fig. 57.

The research group of Y. Wang et al. [216,217] investigated the Chromium (111) oxide in combination
with H-ZSM-5 with additional modification by silicate-1, resulting in a core-shell structure of the
zeolite. The purpose of the core-shell structure of the zeolite was to remove or minimize the density
of external acid sites, which previously has shown indication of playing an important role in the
methylation and oligomerization of the aromatics for the methanol-to-aromatic reaction [221-226].
By comparing the critical diameters (defined as the diameter of the smallest cylinder which a the
molecule will fit inside) for the para-, meta-, and ortho-xylene 6.7, 7.4 and 7.4 A, it could be hypoth-
esized that mainly para-xylene is formed inside the well-defined pores of the H-ZSM-5 of ~6 A. By
removing the access to the external acid sites, a higher selectivity of para-xylene in the aromatic
product was observed [216,217]. This shows that it is not only internal acid sites, but also external
sites, that are important for the hydrocarbon distribution and that it can be further tuned by modifying
the H-ZSM-5 catalyst.
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2.3.6 Feed gas composition effects on the bi-functional catalyst activity and selectivity

The feed gas composition have shown to play an important role in the activity and selectivity of the
bi-functional catalysts. As shown in Fig. 58 (a), increasing the H2/CO- ratio improves the CO. con-
version but at the expense of a decreasing olefin selectivity over the In.03-ZrO,/SAPO-34 catalyst
[190]. Thus, increasing the hydrogen partial pressures improves both the methanol synthesis and ole-
fin hydrogenation activity. This is also the case when co-feeding hydrogen for methanol conversion
over the SAPO-34 catalyst at high pressure [190,202], as shown in Fig. 58 (b). The degree of hydro-
carbon saturation can, therefore, be altered by the feed concentration of hydrogen at the expense of
CO: conversion. The acidity of the zeolite and zeotype materials are important for the hydrogenation
activity (section 2.3.3 and 2.3.5) where the acidity is also important for the methanol dehydration
activity. Thus, an optimal feed concentration of CO2/H> for achieving the maximum methanol syn-
thesis activity and the lowest olefin hydrogenation activity must be dependent on the acidity of the
solid acid applied. A similar trade-off between the aromatic selectivity and the CO> conversion was
observed with higher H2/CO; ratios over the ZnO-ZrO,/H-ZSM-5 catalyst [17].
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Fig. 58. (a) The hydrocarbon selectivity and CO2 conversion with different H2/CO2 ratio. (b) The influence of the atmosphere and H:
pressure on the product selectivity for the conversion of methanol over the H-SAPO-34 catalyst. Reaction conditions: (a) 400 °C, 30
bar, GHSV = 9000 mL/g/h, and oxide/zeolite = 2 (b) Ar or Hz 10-30 bar, GHSV = 9000 mL/g/h, and liquid methanol of 0.003 mL/min.
Obtained from [190].

Interesting results have been obtained when using a feed mixture containing CO, CO, and hydrogen
for the production of light olefins and aromatics [190,206,213,215,227]. By co-feeding CO, the se-
lectivity towards CO can be minimized without affecting the CO, conversion and the light olefin
selectivity, as illustrated in Fig. 59 for the In,O3-ZrO./SAPO-34 [190]. The decrease in the CO selec-
tivity could be explained by the lower thermodynamic driving force reducing the reaction rate for the
reverse-water-gas-shift reaction. This effect is not limited to the In203-ZrO2/SAPO-34 bi-functional
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catalyst as a similar trend in improved hydrocarbon yield has been observed for the ZnO-ZrO> and
the ZnO-Cr,03 mixed with H-ZSM-5 catalysts [213,215]. This is promising results as a mixture of
CO,/CO/H; could be obtained by simply recycling the unconverted syngas back to the reactor en-
trance. Another explanation for the improved hydrocarbon yield when adding CO to the feed, could
be that surface oxygen vacancies are generated by the more reducible gas. This could boosts the CO>
hydrogenation activity by counterbalancing the efficient annihilation of vacancies in the presence of
CO2 [120].
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Fig. 59. The CO:2 conversion, CO, and light olefins selectivity as a function of the CO concentration in the feed. Reaction conditions:
380 °C, 30 bar, H2/CO2 = 3, GHSV = 9000 mL/g/h, and oxide/zeolite = 0.5. Obtained from [190]

Gao et al. [215] found that co-feeding CO does not only improve the hydrocarbon yield but also
improves the aromatic selectivity over the ZnO-Cr.03/H-ZSM-5 catalyst. The aromatic selectivity
increased with ~6 % by only adding ~4 vol% CO to the feed. Chen et al. [220] have shown that co-
reacting CO with methanol over H-ZSM-5 improves the aromatic selectivity significantly from ~40%
(CH30H) to ~80% (CO/CH30H). This indicates that methanol or dimethyl ether can be carbonylated
to form acetic acid or methyl acetate that creates a new reaction pathway to the formation of aromatic
compounds. The CO conversion was found to increase with increasing acid site density and it was
observed that even at a Si/Al ratio of 314, small amounts of CO was converted. Cheng et al. [106]
investigated the reaction between methanol and CO over the ZnO-ZrO,/H-ZSM-5 catalyst. The aro-
matic selectivity improved with a change from inert N2 to a gas containing CO and the selectivity
also increased with higher CO pressures, as illustrated in Fig. 60 (a). In contrast to Chen et al. [220],
no significant effect on the aromatic selectivity was observed when using the H-ZSM-5 catalyst alone
but adding the ZnO-ZrO> had great effect on the aromatic selectivity. This suggests that the metal

oxide phase plays a role in the incorporation of CO into the hydrocarbon product. By using isotopic
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labelled $3CO, the concentration of *C in the aromatic products will give an indication of the degree

of CO incorporation. As illustrated in Fig. 60 (b), the CO incorporation increases with CO pressure.
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Fig. 60. (a) The effect of CO partial pressure on the product selectivity for methanol conversion over the ZnO-ZrO2/H-ZSM-5 zeolite.
(b) The incorporation of C into toluene during methanol conversion with 13CO at 100% methanol conversion. Reaction conditions:
400 °C, liquid CH3OH = 0.06 mL/h, N2 or CO flow rate = 25 mL/min. Obtained from [220].
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2.3.7 The stability of bi-functional catalysts

As described in section 2.2.4, an inherent feature of the methanol to hydrocarbons process is the
steady deactivation caused by coke formation blocking the access to the active sites. Surprisingly,
such deactivation phenomenon is rarely reported in literature for bi-functional catalysts [17,24,27—
30,106,190,206,216,228]. However, Ticali et al. [207] demonstrated great instability problems for
the combination of ZnO-ZrO, and H-SAPO-34, especially at 350 °C where it lost all activity in less
than 20 hours, resulting in methanol being the major product. More stable performance was achieved
using a H-ZSM-5 catalyst instead, which though significantly reduced the Cs3 selectivity from ~60 %
to~ 40 %. The ZnO-ZrO,/H-ZSM-5 showed slight deactivation at 350 °C and 30 bar, which was
concluded to be the most promising operation conditions. Zhang et al. [212] speculated that the de-
activation they observed for their ZnO-ZrO,/H-ZSM-5 catalyst was due to coke deposition rather than

sintering of the metal oxide.
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Fig. 61. Hypothesized model for coke formation and removal over a hybrid system composed of Cu/ZnO/Al.03 and H-SAPO-34 at
([j7iflf]e‘rent process conditions such as increasing temperature (top,) methanol (bottom left), and hydrogen partial pressure (bottom right)
Nieskens et al. [71] have recently showed that operating a bi-functional catalytic system, composed
of a Cu/zZnO/Al>03 and H-SAPO-34, under relative high hydrogen partial pressures, compared to the
methanol intermediate partial pressure, significantly improves the deactivation rate. This improve-
ment was reported to be caused by a reduced amount of formed coke and by the coke mostly consisted

of mono- and diaromatics, as compared to tri- and tetraaromatic species formed under normal meth-
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anol-to-olefin reaction conditions. Therefore, the smaller coke molecules formed over the bi-func-
tional catalyst are easier to remove. Nieskens et al. [71] hypothesized that the performance for these
bi-functional catalysts are the result of a balance between the competing reactions that form and re-
move coke species, as illustrated in Fig. 61. Here, coke formation is favored by low temperatures,
low hydrogen- and high methanol partial pressures. Balancing these parameters could ensure a stable
catalyst activity with minimal coke deposition.

The Nieskens research group have previously published results showing that co-feeding methanol
with high hydrogen partial pressure of 3000 kPa can improve the lifetime with more than 70 times,
while preserving the high C».4 olefins selectivity of ~85 % during methanol-to-olefin reaction over
H-SAPO-34. The results showed that increasing the hydrogen partial pressure enhanced the selectiv-
ity of methane, ethane, and propane and reduced the C,7/Cs™ ratio. Thus, suggesting that high hydro-
gen partial pressures suppress the rate of aromatization and/or the propagation of the aromatic cycle,
as ethylene is mainly formed as a product from dealkylation of aromatic species (section 2.2.2). The
results also suggest that hydrogen participates in the hydrogen transfer reaction that hydrogenate ole-
finic species, as the selectivity of paraffin increases with the increase in hydrogen partial pressure
[229].

By mixing the Cu-based methanol synthesis catalyst with SAPO-34, the main product obtained was
paraffins [28,71,74,230]. This shows that the Cu-based methanol catalyst activates the hydrogen that
hydrogenates the olefinic species. The removal of the olefinic species could inhibit the aromatic cycle
in the dual-cycle hydrocarbon pool and, thereby, increase the bi-functional catalyst stability, as olefins
and aromatics are assumed to be coke precursors. However, great stability of bi-functional catalysts,
even with high selectivity towards both olefins and aromatics, are frequently reported [17,24,27—
30,106,190,206,216,228]. This suggest that the great stability is not caused by the removal of olefin
trough hydrogenation alone.

Castafio et al. [231] found that increasing the temperature and the hydrogen partial pressure, when
methylcyclohexane was co-feed with hydrogen over the H-ZSM-5, increased the cracking and hy-
drogen incorporation into the products. With increasing hydrogen partial pressure, the aromatics se-
lectivity decreased while the selectivity of saturated products such as paraffins and iso-paraffins in-
creased. Thus, the stability of the bi-functional catalysts could be caused by the presence of high
hydrogen partial pressures that changes the cracking mechanism for coke molecules as well. Zhao et

al. [232] found that when co-feeding both hydrogen and water to methanol in the methanol-to-olefin
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reaction over the SAPO-34 catalyst, the lifetime was prolonged and the methanol conversion capacity
increased by 200 fold. They concluded that this improvement originated from an increased hydro-
genation ability of heavier aromatic deposits that slowed down the evolution of coke species. A syn-
ergy between water and hydrogen was observed and believed to be caused by reduced barriers of

hydrogenation reactions in the presence of water.
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Fig. 62. (a-d) The methanol and dimethyl ether conversion with time on stream MAPO-18 (where M = Mg, Co, or Zn). (e-h) the
hydrocarbon selectivity at time on stream. Reaction conditions: 350 °C, 20 bar, 1 bar methanol (WHSV = 2 g/g/h), 0.6 bar Ar (internal
standard), 18.4 bar N2, Hz, or H2/COx = 3, and GHSV = 16000 mL/g/h. Obtained from [233].

Xie et al. [233] prepared a series of isomorphic substituted zeotypes with the AEI topology, denoted
MAPO-18 were M is Mg, Co, or Zn. Methanol conversion over these materials were conducted with
and without co-feed of hydrogen, CO, and/or COz. The results are show in Fig. 62. By adding Co,
Mg, or Zn, a similar activity and lifetime as the SAPO-18 catalyst for methanol conversion were
observed. These samples all showed improved activity and lifetime when hydrogen was co-fed but
the effect was significantly higher for the samples containing Co, Mg, or Zn. This indicates that the
presence of metal oxide sites where hydrogen can be activated further improves the stability of the
solid acids. This synergetic effect could also be important for the great stability observed for the bi-
functional catalyst, where hydrogen could be activated at the methanol synthesis component. Only
co-feeding hydrogen resulted in a very saturated product for all catalysts, showing that the increased
lifetime comes with a cost. However, when CO was added together with hydrogen and methanol, the
olefin hydrogenation activity was inhibited and the main product was again olefins. This slightly
affected the deactivation rate which increased with the formation of a more unsaturated product.
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2.3.8 Catalyst bed configurations for the bi-functional catalyst

Several studies have suggested that the mixing and proximity of the two catalysts are crucial for the
performance of bi-functional catalysts for converting synthesis gas or CO2 into hydrocarbon products.
Closer proximity plays a crucial role in minimizing any transport limitations and closer proximity
induces the syngas conversion but can also alter the hydrocarbon distribution [17,24,27—
30,106,190,206,216,228].
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Fig. 63. The effect on the CO2 hydrogenation performance and hydrocarbon distribution for the different packing configuration: dual
bed, granule- and powder-mixing for (a) Cr203/H-ZSM-5 and (b) In20s/H-ZSM-5. Obtained from [206,216].

Typical configurations investigated are dual-bed, mixing of granules with sizes of several hundreds
of micrometers, and mixing of fine powders with sizes on the nanometer scale [180]. In the dual-bed
configuration, the methanol synthesis catalyst is placed upstream where the zeolite is placed down-
stream and they are typically separated with quartz sand. This configuration will result in the lowest
proximity between the two active components, which in general have resulted in the lowest CO or
CO- conversion and selectivity towards desired hydrocarbons, as illustrated in Fig. 63. Increasing the
proximity between the methanol synthesis catalyst, such as Zn-Zr, Zn-Al, Zn-Cr, and Cr oxides, and
the zeolite, the conversion of CO or CO2 enhances and the selectivity of olefins and aromatics increase
[17,24,27-29,106,216]. This clearly indicates a synergistic effect between the methanol synthesis and
the zeolite catalyst and shows the importance of immediate methanol conversion to alter the CO>
hydrogenation equilibrium. However, studies have shown that fine powder mixing with a methanol

synthesis catalyst based on In2Oz and zeolite increases the selectivity towards methane, as shown in
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Fig. 63 (b). Thus, the optimal bed configuration of this type of bi-functional catalysts are granulate
mixing. The main reason for this is believed to be caused by indium species poisoning the zeolite,
which migrate from the metal oxide to the zeolite under these reaction conditions [190,206,228].
Similar poisoning have been observed for the Fe2O3/KO, and H-ZSM-5 mortar mixed catalytic sys-
tems. Solid-state titration of potassium into the zeolite reduced the activity of the Fischer-Tropsch

catalyst and removed the Brgnsted acid sites [186].

Wang et al. [234] investigated the migration of metals into the H-ZSM-5 catalyst for the conversion
of syngas to hydrocarbons. They combined In.O3, ZnO, ZrO», or Cr,03 with the H-ZSM-5 in different
proximities to clarify the correlation between metal migration and the catalytic performance. It was
found that both In and Zn could migrate into the zeolite and neutralize the Brgnsted acid sites, de-
stroying the bi-functionality. High reaction temperatures and close proximity were found to induce
the metal migration and the migration was found irreversible. Ding et al. [235] also investigated the
migration of Zn into the zeotype SAPO-34 from the ZnO-Cr,O3/SAPO-34 bi-functional catalyst. The
proximity between the two catalysts also induces the Zn migration into the SAPO-34 catalysts. The
migration of Zn increased the olefin hydrogenation activity resulting in a more saturated hydrocarbon
product. As shown in Fig. 64, Ding et al. [235] found that the degree of Zn migration depends on the
acidity of the SAPO-34 catalysts, showing that SAPO-34 with higher acid site density will induce the
Zn migration. This is evident in the increased Zn concentration in the SAPO-34 catalysts after reac-
tion. Close proximity increases the initial activity of the bi-functional catalysts, but too close proxim-
ity will increase deactivation by metal ion migration from the metal oxide to the solid acid. Therefore,
an optimal proximity could reveal a compromise between activity, stability, and selectivity of the bi-

functional catalysts.
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Fig. 64. The Zn concentration in the SAPO-34 catalysts after reaction as a function of the initial Brgnsted acid site density. Reaction
conditions: 400 °C, 40 bar, H2/CO = 2.5, GHSV = 5000 mL/g/h, and the oxide/zeolite = 2. Data obtained from [235].
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3 Surface ZnOy on Zirconia is Highly Active for
High Temperature Methanol Synthesis

On the next page, the manuscript with the title: Surface ZnOx on Zirconia is Highly Active for High

Temperature Methanol Synthesis are reprinted.

This manuscript has been submitted to Journal of Catalysis.

The scientist highlights:

Mixed oxides of ZnO and ZrO- prepared by impregnation or co-precipitation can selectively
synthesize methanol at high temperature.

XRD, XPS, XAS, and TEM identified that ZnO supported on the ZrO, surface is the main
active site for methanol synthesis.

In-situ DRIFT analysis showed that formation of methanol proceed through the formate path-
way where Zn-HCO> were crucial for the methanol synthesis activity.

XAS-MES analysis found that the surface ZnO underwent reversible reduction in syngas,

creating local oxygen vacancies.

The graphical abstract:
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Surface ZnOx on Zirconia is Highly Active for High Temperature Methanol

Synthesis
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Abstract

Zinc containing mixed metal oxides and supported zinc oxide are stable and selective methanol
synthesis catalysts at temperatures where a subsequent methanol to hydrocarbons reaction can oc-
cur directly. This work provides fundamental insights into ZnO-based high temperature methanol
synthesis catalysts. A pronounced support effect was observed, where ZrO» provided a beneficial
effect while SiO2 exerted a detrimental effect compared to bulk ZnO. Preparing co-precipitated
ZnO-ZrO- catalysts showed that the initial activity correlated with the amount of amorphous ZnO
on the surface of the support and that the catalytic activity increased with time on stream as zinc
oxide migrated out of a solid solution with ZrO2 and onto the support surface. Hence the active
phase appeared to be ZnO surface species and not zinc oxide in a solid solution with ZrO». Oper-
ando XAS coupled with modulation excitation spectroscopy unravelled that the surface ZnO was
partly reduced under operating conditions, as surface ZnOy, with x approximately equal to 0.98.
In-situ DRIFTS further uncovered that the surface ZnOy activated CO. and formed methanol via
carbonate, formate and methoxide species. XPS finally showed that ZrO, withdrew electrons from
ZnO, facilitating oxygen abstraction to form the partly reduced ZnOx, which in turn facilitated the

activation of CO..

Keywords: carbon dioxide, methanol, zinc, zirconia

1 Introduction

Polymeric materials play an important role in society's permanently evolving needs and challenges
because they are versatile, durable, and adaptable. From 1950 to 2019, the global production of
polymeric materials increased from 2 Mt to 460 Mt, and the worldwide consumption is forecasted
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to be 590 Mt in 2030 [1,2]. In 2019 polyethylene, polypropylene, polystyrene, and polyethylene
terephthalate accounted for 229 Mt [3]. These products are directly related to the monomers eth-
ylene, propylene, ethenyl benzene, and para-xylene. Since these chemicals are mainly produced
from crude oil, the demand for an alternative feedstock is increasing as a part of an effort to reduce
global CO2 emissions[4].

CO2 generated from biomass or captured from the atmosphere or at a point source can be utilized
to produce these monomers or monomer precursors mentioned above. A route for utilizing COz is
the combination of methanol synthesis and methanol dehydration to hydrocarbons. The methanol
synthesis is equilibrium limited, but a strategy to overcome this, is to combine a methanol synthesis
catalyst with a zeolite methanol dehydration catalyst within one reactor [5,6]. The purpose of the
zeolite is to ensure immediate conversion of the formed methanol and thereby shift the equilibrium
towards the products. At the temperatures necessary for the zeolite to be active (300 to 420 °C),
the traditional Cu/ZnO/Al>03 methanol synthesis catalyst cannot be used because severe sintering
of the metallic copper deactivates the catalyst [7]. Furthermore, the metallic copper causes hydro-
genation of the olefins formed in the zeolite and thus disrupts the formation of unsaturated hydro-
carbons [8]. For these reasons, there is currently a significant interest in finding metal oxides with

high stability, high methanol synthesis activity and limited olefin hydrogenation activity.

A range of metal oxide catalysts, primarily based on ZnO, have shown high methanol synthesis
activity at temperatures above 300 °C [5,6,9-12]. Particularly catalysts combining ZnO and ZrO;
have shown an improved performance. The solid solution of ZnO-ZrO, synthesized by Wang et
al. [9] demonstrated high methanol selectivity of 86-91 %, achieved with a CO> single-pass con-
version of more than 10 % (at 50 bar, H2/CO> of 3 to 4, and at 315 to 320 °C). The ZnO-ZrO; solid
solution kept its activity for 500 hours on stream and was resistant to sintering at higher tempera-
tures. Wang et al. [9] suggested that the high methanol selectivity is attributed to the synergetic
effect of H, activation on zinc sites and simultaneous activation of CO2 on the neighbouring zir-

conia site within a solid solution of the two components.

There has been clear evidence that the ZnO-ZrO, combination may form a solid solution. Co-
precipitating zinc oxide and zirconia produces a material where zinc is stabilizing the tetragonal

phase of zirconia. Zirconia exhibits a monoclinic crystal structure at temperatures below 1170 °C,
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but the introduction of dopants is known to stabilize the meta-stable tetragonal structure [13]. Sev-
eral studies have observed a systematic shift in the (101) Bragg reflection to higher 26° with in-
creasing zinc loading until zirconia-zinc saturation ~33 mol% Zn [9]. Beyond this saturation, hex-
agonal zinc oxide starts to form and become visible in XRD [9,14-16]. The systematic shift in the
(101) Bragg reflection is caused by the substitution of Zr** (84 A) with Zn?* (74 A), which shrinks
the tetragonal lattice. Similar trends have been observed with the dopants iron- and yttrium oxide
with an ionic radius of 70 A and 90 A, shifting the (101) Bragg reflection to higher and lower 26°,
respectively [17,18]. On ZnO-ZrO; catalysts, FTIR bands around 500 and 600-700 cm™ were as-
sociated with Zn-O-Zn and Zn-O-Zr vibrations [19] and UV-vis spectra of ZrO, changed with Zn
as dopant indicated the presence of isolated Zn?* ions [20]. These findings have led to the belief
that it is surface available Zn?* embedded in the zirconia crystal lattice, as part of a solid solution,
which in synergy with Zr#* is the active site for CO, hydrogenation.

By contrast, low Zn-Zn or Zn-Zr coordination numbers found by X-ray absorption spectroscopy
[21] and enrichment of Zn on the zirconia surface detected by X-ray photoelectron spectroscopy
[9,15] suggest that ZnO is mostly present at the zirconia surface. Even at low Zn content (Zn/Zr =
1/100), individual lattice fringes of isolated ZnO were detected by high-resolution transmission
electron microscopy, indicating difficulties for Zn?* to be present inside the ZrO, lattice and a
preference for generation of a separate ZnO phase [22]. The ZnO-ZrO, mixed oxides thus have
surface ZnO, which exists apart from the solid solution. Currently there is no clear knowledge

about whether the surface ZnO or the Zn?* within a solid solution is the primary active species.

This study aims to bridge this gap by identifying the active species in ZnO-based methanol syn-
thesis catalysts with particular emphasis on ZnO-ZrO; mixed oxides. The purpose is to identify
good candidates for the bifunctional catalytic system and clarifying the metal oxide structure-ac-
tivity relation, particularly the relative importance of Zn-Zr solid solution and ZnO surface do-
mains. ZnO was deposited on silica (SiO.), anatase titania (TiO2), monoclinic zirconia (m-ZrO2),
and tetragonal zirconia (t-ZrOz) by the incipient wetness impregnation method and ZnO-ZrO; was
prepared by co-precipitation. The catalysts were characterized by X-ray diffraction (XRD), induc-
tively coupled plasma optical emission spectroscopy (ICP-OES), X-ray absorption spectroscopy
(XAS), X-ray photoelectron spectroscopy (XPS), high-resolution scanning transmission electron
microscopy (HR-STEM) and N2 adsorption/desorption (BET). Furthermore, the reaction species
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involved in the CO; hydrogenation reaction on the surface of the catalyst were analysed by in-situ
diffuse reflectance infrared Fourier transform spectroscopy (DRIFTS). The changes in the oxida-
tion state of the supported ZnO was investigated by time resolved QEXAFS coupled with modu-
lation excitation spectroscopy (MES).

2 Materials and Method

2.1 Catalyst Preparation

A series of ZnO-containing catalysts were prepared by the incipient wetness impregnation method.
Firstly, the supports were dried overnight at 120 °C and the precise water uptake was determined
of the dried supports. The supports were then impregnated with a solution of Zn(NO3)2:6H20 to
produce catalysts with 13 mol% Zn (Zn/(M+2Zn), where M is Si, Ti or Zr). Finally, the catalysts
were dried overnight at 100 °C and calcined in air at 500 °C for five hours. The supports used were
SiO, 255 m?/g, TiO2 161 m?/g, m-ZrOz 57.2 m?/g, t-ZrO, 145 m?/g (stabilized by Al.Os3) and t-
Zr0,-CeO, 105 m?/g, all provided by Saint-Gobain NorPro. Furthermore, the ZnO content on t-
ZrO was varied from 13 to 44 mol%, all produced with the above-mentioned procedure. All im-
pregnated samples are denoted with a forward slash as ZnO/support. All ZrO, supported catalysts

showed HfO> impurity, typically 1-2 mol% Hf.

For comparison, a ZnO-ZrO; catalyst was prepared by the co-precipitation method proposed by
Wang et al. [9], the hyphen is used here to denote co-precipitation. A 500 mL solution of 5.52 g
Zn(NO3)2'6H20 and 37.6 g ZrO(NOz)2'xH20 was added to a beaker and heated to 70 °C. A
500 mL solution of 15.3 g (NH4).COs was added dropwise to the warm precursor solution under
vigorous stirring. The mixture was then aged for 120 min at 70 °C, filtered and washed with de-
mineralized water. The collected solid was dried at 100 °C overnight and calcined in air at 500 °C
for five hours. Co-precipitation of a similar catalyst was repeated at a precipitation and ageing

temperature of 100 °C under reflux and this sample was denoted ZnO-Zr0O»-100.

Pure ZnO was prepared by precipitating Zn(NOsz)2'6H20 with a Na.COs solution at pH = 7 and
70 °C. The precipitated ZnO was aged for 60 min at 70 °C and pH = 7, then filtered and washed
with demineralized water. The solid was collected and dried overnight at 80 °C and calcined in air
at 350 °C for three hours.
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2.2 Catalytic Activity Evaluation

The methanol synthesis activity tests were conducted in a high-pressure flow reactor setup using
a quartz-lined reactor tube with an inner diameter of 4 mm. Typically, 300 mg of the catalyst with
a grain size of 150-300 um was loaded into the reactor tube. Synthesis gas CO2/Ho/Ar with the
composition of 20/60/20 Vol% at 50 barg was introduced into the reactor at various temperatures
in the range 280-400 °C. The reaction temperature was controlled by a N-type thermocouple placed
right above the catalyst bed inside the reactor tube and an electric furnace with three heating zones.
It should be noted that no pre-treatment was given to the catalysts before the catalytic testing. The
internal standard, argon, was used for accounting for the decrease in reaction volume. The carbon
balance closed at an average of 99.95 % * 0.99 % for all the experiments. The effluent gas was
analysed by an online GC (ThermoFisher Trace 1300, assembled by Global Analyzer Solutions)
equipped with a thermal conductivity detector (TCD) and a flame ionization detector (FID). The
GC column connected to the flame ionization detector was Rtx-5 (60m, 0.32 mmID and 5um df),
which separated the formed products (methane, methanol, and dimethyl ether). A combination of
Hayesep N, XL Sulfur and Molsieve 5A columns were connected to the TCD detector for quanti-
fication of CO, CO., and Ar. The CO2 conversion, oxygenate (CH3sOH + CH3OCH3) selectivity,

and oxygenate formation rate was calculated by Eq. (1) to (4).

- - Yar,i _
Fiout = Vin - YArToth *Yiout le (1)
FCO ,out
XC02 =1—-—= z (2)
FCOz,in

Fer,0,0ut + 2 Foyng0,0ut

SCHA0+CyHg0 = -100% 3

FCOZ,in - FCOZ,out

(FCH40,out +2- FC2H60,out) My cH,0 (@)
mC

Rate =

Where V is the volumetric flow rate at standard conditions, V,, is the molar volume, m, is the

weight of the catalyst, and M,, is the molar mass. F; and y; is the molar flow rate and molar fraction
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of component i. Both methanol and dimethyl ether can be further dehydrogenated in zeolites to
form hydrocarbons. Therefore, the production of both is relevant to consider when showing the

activity of the catalysts.

2.3 Catalyst Characterization

XRD analysis was conducted with a PanAlytical X'Pert Pro instrument in Bragg-Brentano geom-
etry in reflectance mode using a Cu K, radiation source (A = 1.541 A) at ambient conditions. The
scan range was 5-70° with a step size of 0.017°. The Rietveld analysis was performed using the
Topas software. To analyse the elemental composition, ICP-OES analysis was conducted on an
Agilent 700 Series instrument using argon as plasmogene. The specific surface area was analysed
with the 3P instrument Sync440 and the N> adsorption isotherm was analysed by the Brunauer-

Emmett-Teller method.

The XPS measurements were performed in an ultra-high vacuum with an ESCALAB Xi* instru-
ment from ThermoFisher Scientific, employing a monochromatic Al K, (1486.6 eV) X-ray source.
The powdered samples were pressed onto a piece of adhesive copper tape (3M Electrical Tape).
The diameter of the analysis area was approximately 650 um. A low energy electron flood gun
was used for the neutralization of surface charge buildup. The binding energies were calibrated by
using Au foil (472 binding energy of 83.95 eV). Etching was conducted in Ar cluster mode with
an energy of 2000 eV during steps of 30 s and raster size of 3.25 x 3.25 mm?. The data were

analyzed with the Thermo Avantage software.

X-ray absorption spectroscopy (XAS) measurements at the Zn K absorption edge were done in
transmission and fluorescence mode at the SuperXAS beamlinel0A, Swiss Light Source (SLS)
synchrotron. QEXAFS spectra were recorded with a frequency of 1 Hz of the monochromator.
Data importing and pre-processing involving energy calibration, rebinning, averaging and export-
ing was done using the ProQEXAFS software developed at the beamline [23]. Basic XAS data
treatment of normalization, background subtraction and Fourier transformation has been con-
ducted using Athena [24]. For the ex-situ measurements, pellets were prepared using cellulose
diluted catalyst samples pressed as 13 mm diameter, self-sustaining wafers and the energy scanned
in transmission mode. By taking average of 400 spectra, the k3-weighted Fourier transformed EX-
AFS function (k range 3 to 12 A™) was fitted in R — space (1 to 3 A). The wurtzite ZnO structure
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model (ICSD 67849) was used for fitting the amplitude reduction factor, So?>= 0.982, to the ob-
tained reference spectrum of the ZnO sample. This value of amplitude reduction factor was used
in the refining of coordination number (CN), interatomic distances (R), energy shift (AEo), and
mean square deviation of interatomic distances (c?) for the first and second shell of ZnO on the
catalyst samples. These fits were performed using Artemis by a least-square method in the R space
between 1 and 3.7 A [24]. The surface zinc oxide did not show a Zn-Zn interaction (CN = 0),
meaning that the fraction of the surface sites can be estimated from the coordination number of the
second shell as proposed by Han et al. [21] in Eq. (5).

CNyp
x@m%)ﬁ%]=(1—~—€%i3)400% (5)

The coordination number of Zn-Zn in bulk ZnO is 12 and as XAS is a bulk method, the fitted
coordination number is an average. The fitting results and the estimated fraction of surface ZnOx
for the catalyst samples can be found in Table S2. Linear combination fitting was conducted using
the (0.13)Zn0O/t-ZrO2 (no ZnO was visible from XRD and no Zn-Zn back scattering in FT-EXAFS
was observed) and ZnO as references for surface ZnOy sites and crystalline ZnO respectively and
compared to the results obtained by Eq. (5). The weight percentage of surface ZnOy sites on the
zirconia supports was used for calculating the amount of ZnOx present on the zirconia surface by
Eq. (6), as XPS and XRD results suggest no to hardly any incorporation of Zn into the zirconia

lattice.

_ bzn - IZn_

nZnOX' [umOl/gcat ] - MWZ 106 (6)
n

Where nzno_, bzn, Iz, and Mwg, are the concentration of surface ZnOx pr. gram of catalyst, the
bulk concentration of Zn determined by ICP-OES, the weight percentage of surface Zn determined

by linear combination fitting and the molar mass of Zn, respectively.

For the in-situ experiments, quartz capillaries (length of 80 mm, o0.d. 0.8 mm with 0.01 mm wall
thickness) were loaded with 4.4 mg 100-200um catalyst particles diluted 1:4 in inert a-Al>O3 giv-
ing a bed length of 7 mm. To ensure a pressure tolerance of 20 bar, the loaded capillaries were
glued using Araldite Rapid Epoxy to a sample holder and cured for several hours. Hereafter, the

sample holder was connected to the flow setup, where a downstream mass spectrometer and 10%
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CO/He, CO2, 10% O2/He and He gasses were connected. The capillaries were heated by radiative
heaters provided by the beamline. The experimental procedure included dehydration of the cata-
lysts in O»/He with a heating ramp of 10 °C /min to 400 °C at 15 bar, followed by cooling to room
temperature. Then the gas was switched to a syngas mixture (CO/CO2/Hz/He = 5/12/37/46, filtered
through an active carbon filter to remove nickel carbonyls) and when a stable MS signal was
achieved, the reactor was heated to 400 °C at 10 °C /min and kept at 400 °C for 2 hours. Thirdly,
the modulation excitation spectroscopy (MES) coupled XAS experiments were performed where
the gas was switched between O2/He and syngas in intervals of 10 min at 400 °C and 15 bar. One
cycle refers to the total time of O2/He and syngas exposure (10 min in Oo/He and 10 min in syngas)
and the switching was repeated for a total of 9 cycles. For the MES experiment, a four-way valve
was used to switch the flow to the capillary between the two gas mixtures, allowing the flow of
one gas mixture to the reactor and the other to a purge line. To avoid pressure fluctuations, the
pressure of the purge line was adjusted by a backpressure valve to 15 bar, keeping the reactor and
the purge line pressure almost equal. Time resolved spectra were continuously recorded in trans-
mission as well as fluorescence mode in the middle of the catalytic bed through all the above-
mentioned steps. For the MES analysis, florescence spectra were used due to high spectral quality.
The oscillation frequency of the monochromator was fixed at 1 Hz, leading to a spectrum acquisi-
tion every 500 ms. Thus, the 20 min cycle (1 period) produced around 2400 spectra, meaning a
total of 21600 spectra for 9 periods, were generated during each MES experiment. For the MES
data analysis, normalized spectra were first averaged in 20s intervals to obtain 60 time-resolved
spectra for each cycle. This averaging enhanced the signal-to-noise ratio for detection of small
changes during the switching [25]. The time-resolved spectra were transformed into phase-re-
solved spectra u(E, Ad) using Eq. (7) [26-28]. This creates a phase-resolved set of spectra at dif-
ferent phase shifts 0° < A¢ < 360° based on the sine function of cycle time, T = 1200 s. Changes
occurring at identical phase shifts during each cycle were added making small changes detectable.
The changes observed from the phase-resolved spectra were analyzed qualitatively and quantita-

tively by comparing them to the spectra of ZnO and (0.13)ZnO/t-ZrO> subtracted by Zn foil.

T

2 /360
W(E,A9) = 7 f u(E,0) - sin (=

0

o

t+ Ad)) dt )
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Transmission electron microscopy imaging of the catalysts were performed on a Thermo Fisher
Spectra 200 X-CFEG (S)TEM microscope equipped with Dual-X EDS detectors. The catalyst
samples were crushed in a mortar and dispersed in absolute ethanol (99.9%) before drop casting
on a Cu-TEM grid covered with lacey carbon film (SPI supplies). Images and energy dispersive
X-ray (EDX) spectroscopy maps were acquired in scanning transmission mode (STEM) with a
probe current of 0.2 nA and a probe convergence angle of 30 mrad. Detector collection angles of
0-22 mrad and 56-200 mrad were applied for the bright-field (BF) and high-angular annular dark
field (HAADF) detector, respectively. The EDX maps were acquired continuously scanning for
>10 minutes to obtain decent signals and were post-processed in Velox 3.8 to generate element

composite images with pixel-averaged smoothing.

The reaction mechanism of CO2 hydrogenation over (0.13)ZnO/t-ZrO, was probed by CO> ad-
sorption, steady-state methanol synthesis, He and H> temperature-programmed-desorption/reac-
tion with the use of in-situ diffuse reflectance infrared Fourier transform spectroscopy (DRIFTS).
A Harrick high pressure Praying Mantis cell equipped with a high pressure dome and pure ZnSe
windows was placed in a Vertex 70 infrared spectrometer with a liquid nitrogen cooled LN-MCT
VP detector. The loaded sample was pretreated under He flow at 400 °C and 20 bar for 2 hours
and then cooled to the reaction temperature, where a background spectrum was acquired. For the
CO- adsorption experiment, the gas was switched to CO2/He where the development of peaks was
continuously monitored for 60 min. Hereafter, the gas was switched to H»/He and the change and
disappearance of surface species were continuously monitored for 60 min. For the steady-state
methanol synthesis experiment, after the pretreatment, the gas was switched to CO2/Hz/He
(13/38/49 Vol%) and DRIFTS spectra were recorded for 60 min. After the steady-state methanol
synthesis experiment, the reactor was cooled to room temperature and the gas was switched to
either pure He or Ho. When a stable MS signal was achieved, the temperature was increased to
420 °C by ~6 °C/min.

3 Results and Discussion

3.1 Support effects in ZnO catalysed CO> hydrogenation
Firstly, the catalytic activity as function of temperature from 280 to 400 °C was measured (Fig.

S1). These temperatures are above those applied in industrial methanol synthesis, but relevant
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temperatures for subsequent methanol dehydration to hydrocarbons over zeolites. The results
showed that at temperatures > 360 °C the gas composition reached equilibrium, thus these results
cannot be used for comparing the activity of the catalysts. The CO2 hydrogenation activity results
reported in the following were obtained at 320 °C, where both the reverse-water-gas-shift (RWGS)
and the methanol synthesis were far from equilibrium (see calculations of approach to equilibrium
in Table S1). Results with/without pre-reduction of the catalyst with hydrogen showed that the
effect of this pre-treatment was negligible (see Fig. S2). Next, the effect of the feed gas composi-
tion was investigated, and it was found that the partial pressures of CO. and H> were crucial for
the methanol synthesis activity over ZnO supported on zirconia. Shifting from a feed of CO/H; to
CO2/H:z increased the activity dramatically (Fig. S3 and Fig. S5). Co-feeding or partially replacing
CO2 with CO did not improve the catalytic activity (Fig. S4), suggesting that the primary carbon
source for methanol formation is CO, as also seen for Cu/ZnO based catalysts [29]. Increasing the

H2/COx ratio also increased the rate of methanol synthesis (Fig. S5).

The oxygenate (methanol + dimethyl ether (DME)) formation rate (Eq. (3)) and selectivity (Eq.(4))
over supported zinc oxide catalysts at 320 °C are shown in Fig. 1. The results reveal a clear support
effect in the ZnO catalysed methanol synthesis. Supporting zinc oxide on anatase titania or mon-
oclinic- and tetragonal zirconia significantly increased the oxygenate formation rate compared to
bulk zinc oxide. This improvement was partly due to an increase in the CO. conversion, but mostly
due to the enhanced oxygenate selectivity, which increased from 34 % for ZnO to 68-80 % for
supported zinc oxide. The DME selectivity was lower than 0.5% on the zirconia supports, showing
that these catalysts were highly selective towards methanol. Silica had a detrimental support effect
on the methanol formation rate, which primarily resulted from a drop in the total CO, conversion
compared to bulk ZnO. This silica support has previously shown a similar negative effect on the
turn-over frequency for the methanol synthesis over Cu/SiO2 compared to pure Cu (i.e. Raney Cu)
[29]. Infrared spectroscopy of CO on Cu/SiO, showed a blueshift in the C-O frequency, hence the
silica exerted an electron withdrawing effect upon Cu [30], which correlated to low activity of
Cu/SiOo. It is hypothesised that similar electronic interactions between SiO2 and ZnO might cause

the loss in activity when zinc oxide is supported on silica.
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Fig. 1. The oxygenate (CH3OH+ CH3sOCHs) formation rate for ZnO supported on different metal oxides (Zn mol% = 13) compared
to the co-precipitated ZnO-ZrO; and pure ZnO. Conditions: 320 °C, 50 barg, 15 NL/h, catalyst loading of 300 mg, feed gas com-
position of CO2/H2/Ar 20/60/20.

As illustrated in Fig. 1, the mass-based activity and oxygenate selectivity for zinc oxide supported
on titania and monoclinic zirconia showed similar results, all exerting a beneficial support effect.
It was, therefore, necessary to clarify whether the beneficial supports indirectly affected an active
ZnO phase on the surface or created particularly beneficial Zn?* sites that are part of a solid solu-
tion with the support.

3.2 The importance of a ZnO surface phase for the catalytic activity
To elucidate the support effects, several samples with zinc oxide impregnated on tetragonal zirco-

nia were prepared to understand the relation between zinc loading, activity and selectivity as illus-
trated in Fig. 2.
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Fig. 2. (@) The oxygenate (CHsOH+ CH3sOCHzs) formation rate against mol% of Zn for ZnO supported on t-ZrO2 based on catalyst
mass (black) and surface area (red). (b) The CO2 conversion (left axis), CH3OH, CH3OCHzs and CO selectivity (right axis) against
the mol% of Zn supported on tetragonal zirconia. Conditions: 320 °C, 50 barg, 15 NL/h, catalyst loading of 300 mg, feed gas
composition of CO2/H2/Ar 20/60/20.

In Fig. 2 (a) the oxygenate formation rate was improved when increasing the Zn loading from 13
to 18 mol%, due to enhanced CO> conversion. Further increasing the Zn loading reduced the CO>
conversion while maintaining the high selectivity towards methanol (Fig. 2 (b)). The major
changes in catalytic properties with ZnO loading reflected changes in physical properties of the
samples. The BET surface area, the amount of crystalline ZnO determined by Rietveld refinement
of the XRD data, and the elemental bulk and surface composition from ICP-OES and XPS analysis
are summarized in Table 1. The XRD patterns for the impregnated and co-precipitated samples are

shown in Fig. 3.
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Table 1. Specific surface area (BET), bulk Zn mol%, surface Zn mol%, the weight% of crystalline hexagonal ZnO, and the amount
of surface oxygen vacancies relative to the total amount of oxygen. Numbers in parentheses represent analysis of spent samples.

Catalyst BET Bulk Crystalline Surface OJ/0Or¢
Zn/(M+Zn)? ZnQOP Zn/(Zr+Zn)°
name [m?/g] [mol%)] [wt%] [mol%)] [%]
ZnO 49.9 100 100 100 29
(0.13)ZnO/t-Zr0O; 118 13.4 0 (0) 23 42
(0.18)ZnO/t-Zr0O; 105 17.9 0.7 (0.9) 30 (32) 43 (37)
(0.29)ZnO/t-ZrO, | 97.4 29.3 11 (7.9) 32 49
(0.44)ZnO/t-ZrO, | 82.1 44.2 21 (20) 38 39
ZnO/t-Zr02-CeO; | 77.3 13.4 2.2 (2.4) - -
Zn0O/m-ZrO; 44.8 135 5.4 (5.1) - -
ZnO/[TiO; 103 13.3 5.3(6.5) - -
ZnO/SiO; 165 13.0 1(1.1) - -
Zn0-ZrO; 40.3 10.7 0 (0) 33 (31) 45 (30)
Zn0-Zr0,-100 145 12.0 0 (0) 22 37
t-ZrO, 145 0 0 0 43

adetermined by ICP-OES, Pdetermined by Rietveld refinement of XRD data, cdetermined by XPS
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S (029200020, \ 1 Fe Ak = £
E |01szronzo, | Ny . |8 100
e :
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Fig. 3. (a) XRD patterns of ZnO supported on ZrOzsamples, bare t-ZrO2 support and ZnO. (b) Zoom in on the (101) Bragg reflection
of the fresh (solid line) and spent (dotted line) impregnated ZnO/t-ZrO2 (13 mol%), co-precipitated ZnO-ZrO2 at 70 °C and the
co-precipitated ZnO-ZrO2 at 100 °C. The arrow visualizes the (101) Bragg reflection movement from fresh to spent sample. The
green boxes represent ZnO placed on the ZrOz surface or in the ZrOz structure, represented as blue box. (c) The unit cell volumes
calculated from the lattice parameters obtained by Rietveld refinement and the spent to fresh reaction rate ratio at 300°C and 50
bar, after exposure for 42 hours to temperatures between 300 to 400 °C at 20 °C intervals.
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Fig. 3 (a) shows that with increasing zinc loading by impregnation, the tetragonal (101) Bragg
reflection, observed at 26 = 30.2°, did not shift to higher angles, which is typically observed for
ZnO in ZrO; solid solutions [9]. This shows that the tetragonal zirconia was unaffected and that
no Zn was incorporated into the lattice. Furthermore, the high surface zinc fraction determined by
XPS compared to the bulk zinc fraction suggests that zinc oxide was mainly deposited on the
zirconia surface for the impregnated samples (Table 1). The fact that a comparatively high activity
was achieved with the impregnated ZnO/t-ZrO, samples (Fig. 1 and Fig. 2) which on the basis of
XPS/XRD did not show any sign of Zn incorporated as solid solution with the ZrO, support, sug-

gests that the catalytic activity arised from a ZnO-type surface layer.

An increase from 13 to 18 mol% zinc enhanced the activity (Fig. 2 (a)) reflected in an increased
CO- conversion at similarly high methanol selectivity (Fig. 2 (b)). At 18 mol% zinc, small amounts
of crystalline ZnO were visible by XRD and the amount rose as the zinc loading increased (Fig. 3
(@)). Assuming an atom density like the bulk ZnO(0001) facet, ~19 mol% Zn would saturate the
surface of the t-ZrO. support, with a specific surface area of 145 m?/g, with a ZnO monolayer.
Thus, it was consistent that this level marks the transition from a 2D ZnO surface phase to 3D ZnO
nanoparticles. Scanning transmission electron microscopy with EDX of the impregnated sample
with 13 mol% Zn (i.e. in the range of a 2D ZnO phase) showed well dispersed ZnO (Fig. S13).
Fig. 4 (a) illustrates that the ZnO surface layer was in the form of surface domains with a diameter
of ~5 nm. High-resolution transmission electron microscopy in Fig. 4 (b) showed a lattice spacing
of 2.98A, similar to the lattice spacing of the (101) Bragg reflection of tetragonal zirconia (Fig.
S14). No evidence of any crystalline structure of ZnO was found, which supports that the ZnO

surface layer is an amorphous phase without an ordered 3D structure.
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10 nm

Fig. 4. (a) EDX element map of Zn and Zr of the image area in (b) high-resolution STEM image (bright field) of the (0.13)ZnO/t-
ZrO2 sample. The EDX quantification showed a mole fraction of Zn/(Zn+Zr) = 0.044 in this particular image area.

Fig. 2 (a) shows that the evolution of a 3D ZnO structure above 18 mol% Zn, did not improve the
mass-based activity, but the activity per total catalyst surface area increased before dropping for
bulk ZnO. The relative surface area occupied by crystalline ZnO nanoparticles increased as the
zinc loading increased (Table 1), but the catalytic activity decreased, suggesting that the surface
of the crystalline ZnO was less active. This shows that crystalline ZnO was of considerable activity
on its own, but also that the ZnO surface layer dispersed on ZrO, was higher in activity, by a factor
of at least 2 according to Fig. 2 (a). For the impregnated catalysts, XRD analyses of the spent
samples showed a higher crystallinity, but no shift in the (101) Bragg reflection or changes in the
tetragonal unit cell volume (Fig. 3 (a-c)), which remained close to the parent t-ZrO, support. This
shows that the Zn in the samples remained as a ZnO surface phase during the reaction and did not
migrate into the support, which was consistent with their activity being unaffected by the exposure

to reaction conditions (Fig. 3 (c)).

The conclusion that activity arises from a ZnO surface layer and not from Zn?* ions part of a solid
solution with ZrO- is further substantiated by the behaviour of the co-precipitated ZnO-ZrO, sam-
ples. For the co-precipitated ZnO-ZrO, samples, the tetragonal zirconia unit cell volume was sig-
nificantly lower than that for the impregnated samples (Fig. 3 (c)), suggesting that Zn?* ions were
present in the zirconia lattice, and this uptake of dopants that stabilized the tetragonal structure at
temperatures below 1170 °C [13]. TEM analysis of the ZnO-ZrO, sample (Fig. S15) also supported
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that Zn was present as a mixture of both a highly dispersed Zn phase, consistent with isolated Zn?*
in a solid solution, and the ~5 nm ZnO surface domians seen for the impregnated samples. The co-
precipitated samples thus had some zinc arranged inside the zirconia structure, as has also been
observed in several other studies [9,14-16]. The ZnO-ZrO»-100 sample, co-precipitated at 100 °C,
had a particularly low unit cell volume (Fig. 3 (c)) and a relatively low surface ZnO content, close
to the bulk composition (Table 1), which shows that this sample had a high degree of its Zn incor-
porated as solid solution. Two observations for the ZnO-ZrO,-100 sample showed that Zn in the
solid solution was not of particularly high catalytic activity. Firstly, Fig. 5 shows that ZnO-ZrO»-
100 had much lower initial activity than ZnO-ZrO., which had a higher surface enrichment of
ZnO, although ZnO-Zr0,-100 had a higher surface area. Secondly, the ZnO-Zr0O,-100 sample un-
derwent a pronounced activation during the exposure to reaction conditions and after stabilization,
the rate doubled compared to the initial level (Fig. 3 (c)). Analysis of the spent sample showed that
this was mirrored by a downshift in the (101) Bragg reflection (Fig. 3 (b)) and a clear increase in
unit cell volume (Fig. 3 (c)), which clearly shows that the increased activity occurred when Zn
segregated out of the solid solution and formed a ZnO surface layer. Fig. 3 (b) shows an intensity
increase in the XRD pattern for the t-ZrO> in ZnO-Zr0O>-100 during reaction. Possibly due to t-
ZrO, becoming more crystalline or/and that the average crystallite size increased from about 100
to 186 A according to Rietveld analysis, which would also result in a significant reduction of the

specific surface area.

Changes in the crystalline phase of the zirconia have previously resulted in an effect on the meth-
anol synthesis performance [31,32]. However, these effects are not comparable with the substantial
improvement (a factor of >2) in the oxygenate formation rate observed from the fresh to the spent
Zn0O-Zr0,-100 in Fig. 3 (c). These findings are summarized in Fig. 5, which clearly shows that it
is the surface ZnO layer and not Zn?* ions in a solid solution, which is responsible for catalysing

the methanol synthesis.
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Fig. 5. The oxygenate (CHsOH + CHsOCHs) formation rate against the mol% of ZnO supported on the ZrO2 surface. Conditions:
320 °C, 50 barg, 32.1 NL/h, catalyst loading of 750 mg, feed gas composition of CO2/CO/H2/Ar 29/4/64/3.

3.3 Local Zinc Oxide Environment on the Zirconia Surface

Due to the amorphous nature of the ZnO surface domains on the ZrO; surface, XAS was conducted
to characterize and quantify these species and evaluate their relation to the catalytic activity. The
Zn K-edge X-ray absorption near edge structure (XANES) and the k3-weighted Fourier-trans-
formed extended X-ray absorption fine structure (FT-EXAFS) spectra of the as-prepared ZnO on
ZrO, catalysts, Zn foil, and bulk ZnO are presented in Fig. 6(a) and (b), respectively. The XANES
spectra (Fig. 6 (a)) shows the absorption edge at 9662 eV for the all ZnO/ZrO, samples, the same
as bulk ZnO (9662 eV) rather than metallic Zn (9659 eV) [15,21]. The absence of a signal related
to metallic Zn (Zn-Zn at approximately 2.2 A) in the FT-EXAFS spectra (Fig. 6 (b)) confirmed
that Zn?* was the only oxidation state present in all the catalysts. At low Zn loadings < 18 mol%,
trends associated with ZnO were observed in the shape of the XANES spectra, but no signal related
to the backscattering of the next nearest neighbour Zn-Zn was visible in the FT-EXAFS spectra.
This indicated that the ~5 nm ZnOx surface domains were a defective ZnO-phase with no repeating
crystalline structure. As mentioned, the XPS evidence for surface enrichment of Zn (Table 1) re-
vealed that these domains were present on the ZrO; surface. As the Zn loading increased > 18
mol% for the impregnated samples, the shape of the XANES spectra resembled that of bulk, hex-
agonal ZnO. This confirmed that an increasing fraction of the Zn created crystalline ZnO nanopar-
ticles, as also detected with XRD. The co-precipitated ZnO-ZrO, sample showed similar trends as
the Zn impregnated samples, but with more features in the XANES spectrum (Fig. 6 (a)). The
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combination of XRD (Fig. 3), XPS (Table 1) and TEM (Fig. S15) suggested that this sample had
most of its Zn in the form of ZnO surface domains and a minority of its Zn in solid solution, where
different atomic positions may not result in regular Zn-Zr distances. Therefore, no clear Zn-Zr

backscattering at distance = 3.5 A was observed for this sample [33].

Fitting the EXAFS spectra (reported in Table S2) resulted in an interatomic distance of Zn-O =
1.98 A and of Zn-Zn = 3.23 A (only for Zn loadings > 18 mol%), similar to the distances observed
for these two shells in pure hexagonal ZnO. Coordination numbers for the first Zn-O shell for the
impregnated samples were close to 4, similar to bulk ZnO. A higher Zn-O coordination number
would be expected if Zn?* was incorporated into the zirconia lattice [34] or if the ZnO was hy-
drated. A decrease in the coordination number was seen with increasing Zn loading, which was
caused by the strong correlation with the refined mean square deviation of interatomic distances
(6?). The coordination number fit of the co-precipitated ZnO-ZrO, sample was lower. However,
the standard deviation did not suggest any significant difference from the impregnated samples,

suggesting that most of the Zn in this sample was in the presence of ZnO surface domains.
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Fig. 6. (a) Zn K-edge XANES and (b) Fourier-transformed k3-weighted EXAFS spectra of ZnO supported on zirconia catalysts with
Zn foil and ZnO as references. (c) The fraction of surface ZnO determined by linear combination fitting and by the coordination
number of the Zn-Zn second shell using Eq.(5). (d) The CO2 conversion and CO selectivity against the calculated amount of surface
Zn0 species from Eq. (6). Reaction conditions: 320 °C, 50 barg, 15 NL/h, catalyst loading of 300 mg, feed gas composition of
CO2/H2/Ar 20/60/20.

The fractions of Zn in the disordered ZnO domains and in crystalline 3D ZnO, respectively, were
estimated by Eq. (5) using the coordination number of the Zn-Zn shell and by linear combination
fitting of the XANES spectra between samples having only isolated domains (here (0.13)ZnO/t-
Zr0») and bulk ZnO. Fig. 6 (c) shows the fraction of Zn in ZnO surface domains using both meth-
ods, which yielded in similar results. With increasing Zn loading, more crystalline ZnO was

formed, but a significant amount of the Zn was still present as ZnO surface domains. The amount
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of Zn present as ZnO surface domains was thus be determined from the results in Fig. 6 (c) and
the total Zn loading of the sample using Eq. (6). On this basis, Fig. 6 (d) shows the CO- conversion
and CO selectivity as function of the amount of surface ZnO. This illustrate that the surface ZnO
was highly selective towards methanol formation and that the amount controlled the CO> conver-
sion. Crystalline ZnO showed methanol formation activity, but, as illustrated in Fig. 6 (d), these
sites had lower selectivity towards methanol. Assuming that the ZnO domains are 2D structures
with all Zn-atoms exposed and that their site density was that of the crystalline ZnO(0001) facet,
the results in Fig. 6 (d) show that the turnover frequency per Zn surface atom was 17 h™* for ZnO
domains and 4 h** for crystalline ZnO, respectively. Other Zn-containing catalysts have been pre-
pared for other catalytic processes, where similar surface or isolated Zn?* sites have been con-
cluded to be the main active site [35-38], supporting the conclusion that supported ZnO provided
the active sites for methanol synthesis.

As discussed in Section 3.3 the 18 mol% Zn sample contained an appropriate amount of Zn to
cover the available ZrO, surface area, and above this value 3D ZnO nanoparticles of lower activity
began to occupy part of the surface. Fig. 6 (d) illustrates that this sample was also the most active
as it maximized the amount of ZnO surface sites. The results in Fig. 1 and Fig. 6 (d) thus reveal
that activity of ZnO based methanol synthesis catalysts was maximized by choosing the optimal
support, of which t-ZrO» was the best tested here, and loading with Zn to the maximal level at
which a 2D ZnO surface layer could be maintained.
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Fig. 7. (a) Zn K-edge XANES spectra of the (0.13)ZnO/t-ZrO, sample for cycles 1 to 9, where the gas was switched between O2/He
and syngas. (b) MS signal for the first 4 cycles showing the switch between gasses and the methanol formation. (c) The phase-
resolved spectra obtained by Eq. (7) at different phase angles. (d) Comparison between the phase-resolved spectrum with the
highest intensity (150°) with the difference spectrum of (0.13)ZnO/t-ZrO2 minus Zn foil. Reaction conditions: 400 °C, 15 barg, 50
NmL/h, catalyst loading of ~2.5 mg (diluted 1:4 in inert a-Al203), feed gas composition of CO2/CO/H2/He 12/5/37/46.

3.4 State of the ZnO surface domains and the nature of the support effect

Time resolved QEXAFS, coupled with modulation excitation spectroscopy (MES) to amplify
spectral changes, was conducted to investigate the stability of the catalysts and to determine minute
changes in the Zn oxidation state under methanol synthesis conditions. An initial dehydration step

in Oz/He did not show any changes for the Zn oxidation state, but changes in the Zn K-edge
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XANES when switching to syngas could suggest partial Zn reduction (Fig. S10). To amplify this
effect, MES experiments with periodic switching between a syngas mixture of CO2/CO/H; (reduc-
ing gas) and an O»/He mixture (oxidizing gas), with simultaneous measurements of spectra, were
conducted. To conduct the MES analysis, the changes that occur when modulating the gas phase
composition must be reversible. However, irreversible formation of crystalline ZnO was observed
when switching between reducing and oxidizing atmospheres for the (0.18)Zn0O/t-ZrO; and ZnO-
ZrO, samples, which resulted in reduced methanol synthesis activity (Fig. S11). For the
(0.13)Zn0/t-ZrO. sample, the first cycle resulted in an irreversible change in the XANES spectra,
which stabilized from cycles 2 to 9, as illustrated in Fig. 7 (a), which shows the averaged time
resolved spectra for 9 periods. The catalytic performance was stable throughout the 9 cycles, illus-
trated for the first 4 cycles in Fig. 7 (b), showing stable methanol synthesis activity (MS signal at
m/z = 31, due to mass overlap O also showed intensity at this mass). The averaged time resolved
intensity at 9660 eV (for cycles 2 to 9) showed clear reversible changes in the intensity going from

reducing to oxidizing conditions (Fig. S12). This allowed for the phase-domain analysis.

The phase-resolved spectra as obtained from averaged time resolved spectra shown in Fig. S12
(averaging cycles 2-9) are given in Fig. 7(c) at selected phase angles. The maximum intensity of
phase resolved spectra was obtained at 150°, which was used for further comparison. The decreas-
ing intensity at 9658-9660 eV, the edge position of metallic zinc, indicated reversible changes in
the Zn oxidation state. In Fig. 7 (d), the phase-resolved spectrum at 150° phase angle scaled by a
factor of 50 is compared to the difference spectrum between the as prepared sample and Zn foil.
This shows a reversible partial reduction of Zn under reaction conditions, where approximately 1
out of 50 Zn atoms was reduced to a state closer to metallic Zn°than to Zn?*. Thus, under reaction
conditions, the ZnO surface species were partly reduced ZnOy species with x approximately equal
to 0.98. The partially reduced ZnOx likely played an important role for the methanol synthesis
activity. The thermodynamic reduction potentials of bulk ZnO to metallic Zn° from H, (AG = 78.5
kJ/mol) and CO (AG = 63.8 kJ/mol) show that this reaction is unlikely for bulk ZnO. The MES
results thus indicated that the ZnO surface phase had an increased reducibility compared to crys-
talline bulk ZnO.
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Fig. 8. XPS spectra of (a) Zr 3d, (b) Zn 2p and (c) O 1s. Solid lines represent fresh catalysts samples, ZnO and bare t-ZrO2 support,
while dotted lines represent spent samples.

Fig. 8 shows the Zr 3d, Zn 2p and O 1s XPS spectra for selected samples. In Fig. 8 (a), the spin-
orbit doublet of the Zr 3d core level into Zr 3ds2 and Zr 3ds2 with binding energy around 182.5
and a splitting of ~2.5 eV, shows that the oxidation state was Zr** [39]. The impregnation of ZnO
onto the zirconia support resulted in a shift for the Zr 3ds/, to lower binding energies, indicating a
charge enrichment of the ZrO> phase. In Fig. 8 (b), a spin-orbit doublet of Zn 2pz,, and Zn 2py, for
pure ZnO were found at 1021 and 1044 eV, which shifted to higher binding energy when ZnO was
supported on zirconia. This shift suggested that Zn?* became more electron deficient. The position
of the Zn LMM Auger peaks (Fig. S13) confirmed that Zn?* was the only oxidation state present
for all the samples. In Fig. 8 (c), the O 1s peaks also shifted to lower binding energies compared
to the bare t-ZrO, support, which supported that Zn?* became more electron deficient. Lorentz
peak fitting to the O 1s peak for oxygen vacancies and lattice oxygen showed no relation between
surface oxygen defects and the activity of the catalysts (Table 1). However, the binding energy
values for all metals showed that there was an interaction between Zn and Zr. This interaction
created a more electron deficient ZnO. Withdrawal of electrons from Zn-O bonds in the surface
ZnO likely correlated with the increased partial reducibility of this phase to ZnOy. This is further
linked to the superior catalytic performance when ZnO was supported on ZrO», because it was
easier to abstract oxygen from a more reducible ZnOy surface and in that process oxophilic sites

were created, that activated COx.
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3.5 CO2 Hydrogenation Reaction Mechanism

In-situ DRIFTS was used to study the ZnO/t-ZrO and t-ZrO; surface reaction intermediates for
methanol formation from CO2 and H>. In Fig. 9 (a), the CO> adsorption on the t-ZrO» support lead
to observation of bicarbonate and bridging carbonate species (HCO3s*, COs* with at 1404, 1484,
1604 and 1640 cm™) [37,40—42]. When ZnO was added to the support, strong signals attributed to
bidentate formate (HCO," at 1360, 1382, 1595 and 2880 cm™) and zinc bonded carbonate (at 1508
cm™) adsorbates appeared [15,40,43]. The formation of formate species without H present in the
feed gas suggested that hydrogen was available at the zinc surface and that hydroxyl groups could
play a role in the adsorption and activation of CO> [37]. After the CO; adsorption, the feed gas
was changed to a Ho/He mixture and the intensity of the formate signal intensified and additional
formate peaks at 2734, and 2978 cm™ became visible. The carbonate signals (at 1404, 1484, 1508
and 1640 cm™) decreased, demonstrating hydrogenation of the carbonate species into formate [44].
With t-ZrO; alone, the formate signals were observed at lower wavenumbers and the carbonate
species were still visible after 60 min (Fig. S18). Thus, having ZnO on the zirconia surface pro-
vided alternative formate and carbonate binding sites and improved the hydrogenation of the car-
bonate species into formate. This shows that the surface ZnOx domains were able to bind and
activate CO2, while Zr-sites did not activate CO,. Furthermore, no correlation between surface
oxygen defects and activity was found by XPS analysis. In combination, the XPS and DRIFTS
results contradicted that Zr should provide oxygen vacancies that operate in synergy with Zn for
the formation of methanol as suggested elsewhere [33,45-47].

Fast removal of the carbonate species by hydrogenation into formate and further into methanol
occurred when switching from CO: to H at 320 °C. As the methanol formation subsided, the
intensity of the formate peaks decreased, which suggested a pathway from HCOO to CHsOH.
However, formate signals were still visible at the catalyst surface at low methanol concentration
(Fig. S17).
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Fig. 9. In-situ DRIFTS measurements. (a) CO2 adsorption on (0.13)Zn0O/t-ZrO2 and bare t-ZrO2 support at 20 bar and 320 °C. (b)
TPD in He and (c) TPR in Hz at 20 bar after steady-state methanol formation at 320 °C and 20 bar.

The (0.13)Zn0/t-ZrO; catalyst was subjected to steady-state methanol synthesis at 320 °C and 20
bar and then cooled to room temperature. Upon cooling, methoxy species (2849 and 2952 cm™)
became visible at the catalyst surface [15,43]. Fig. 9 (b) and (c) show the results when this cooled
sample was subjected to either temperature programmed desorption (TPD) in He or temperature
programmed reaction (TPR) in Hz. The methoxy signals quickly disappeared when the reactor was
heated in He or Hz, and were completely removed around 140 °C. This indicated that the pathway
to methanol proceeds via methoxy, but that the hydrogenation of such species was so rapid that
they were only visible at low temperatures. By further heating in He the carbonate species desorbed
and were removed at around 220 °C. In H, atmosphere, the removal of carbonate species occurred
at 180 °C (Fig. S19). The lower temperature for carbonate removal in the presence of H2 suggested
that carbonate was hydrogenated to formate instead of desorbing from the surface. Around 370
°C, the formate signals disappeared showing the bonding strength order of
HCO2*>CO3*/HCO3:*>CH30*. As illustrated in Fig. S19, additional carbonate signals (at 1437
and 1573 cm™) became visible after formate desorption in He. These were concluded not to be
relevant for the methanol synthesis activity as they are too strongly adsorbed on the surface, need-
ing more than 410 °C to desorb. However, these signals were not observed in the H2 atmosphere,

suggesting that these carbonate species could be important for the methane formation.

These findings lead to the proposed reaction mechanism consisting of CO2 adsorption as car-
bonate, hydrogenation into formate and further into methoxy and finally methanol. Formate was
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strongly adsorbed and accumulated on the catalyst surface. Hydrogenation of formate formed short
lived adsorbed methoxy, which rapidly hydrogenated and desorbed as methanol. The loosely ad-
sorbed methoxy and the fact that carbonate hydrogenates into formate in H> atmosphere before
desorption, suggested that the hydrogenation of formate into methoxy was the rate-determining
step, similar to that found for the Cu/ZnO/Al,Os catalyst [48].

4 Conclusions

ZnO supported on zirconia materials were highly active and selective catalysts for high tempera-
ture methanol synthesis, making them good candidates for combinations with zeolites in a bifunc-
tional process for direct conversion of COz into hydrocarbon products. Impregnated samples
showed similar selective performance towards methanol formation as the co-precipitated samples,
without any integration of Zn into the zirconia lattice as detected by XRD. Hence, a solid solution
of ZnO in ZrO2 was not important for the catalytic activity or selectivity. Both preparation methods
resulted in catalysts where ZnO was mainly present on the zirconia surface, as determined by XPS.
Furthermore, only amorphous, surface ZnO was detected by XAS at low Zn loadings. Activity
measurements of two co-precipitated samples with the same bulk Zn mol%, but with a significant
difference in the surface Zn concentration, demonstrated the importance of ZnO located on the
zirconia surface. TEM analysis showed well-dispersed ZnO as domains of ~5 nm size on the zir-
conia surface for the co-precipitated and impregnated samples, without ZnO adopting any crystal-
line structure. Modulation excitation spectroscopy coupled time resolved QEXAFS showed that
these Zn sites were capable of reversible, partial reduction under methanol synthesis conditions
forming ZnOy, where x was approximately 0.98. In-situ DRIFTS analysis of CO2 adsorption under
methanol synthesis conditions showed a shift in the formed carbonate and formate species on the
ZnO containing zirconia, compared to the bare zirconia support. Together, these findings sug-
gested that the active phase was the partly reduced surface ZnOy, which adsorbed CO2, hydrogen-

ated it into formate and further into methanol.
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4 Direct CO2 Hydrogenation to Aromatics over
Combined Catalysts Composed of Supported
ZnO with Different Zeolite Topologies

On the next page, the manuscript with the title: Direct CO, Hydrogenation to Aromatics over Com-

bined Catalysts Composed of Supported ZnO with Different Zeolite Topologies are reprinted.

This manuscript is still under preparation.

The scientist highlights:

Combining ZnO/ZrO, mixed oxide with zeolites with pores size >5.5 A enables the direct
production of aromatics from CO:..

A disconnect between the aromatic selectivity and CO> conversion to hydrocarbons was found
and high aromatic selectivity was favoured at low CO conversions obtained at low tempera-
ture and pressure.

A crucial factor for improving the aromatic selectivity was identified to be the zeolite topology
where larger pores and cages induce the benzene methylation reactions.

Kinetic analysis revealed that the activity of the bi-functional catalyst is hampered by high

production of water.
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Abstract

The potential to annually sequester approximately 170-200 million tons of CO- through the utili-
zation of captured CO- in the synthesis of aromatic-based plastic monomers, such as para-xylene,
demonstrates the huge potential for the direct hydrogenation of CO; into aromatics by bi-functional
catalysts. Here we map out the potential for the production of aromatics in CO2 hydrogenation
with combinations of a ZnO/t-ZrO, methanol synthesis catalyst and ZSM-type zeolite. The simul-
taneous methanol synthesis and subsequent dehydration allow the methanol synthesis equilibrium
to be exceeded. High hydrogen partial pressures favour the methanol synthesis equilibrium and
thus CO> conversion but lead to a high cracking and hydrogenation activity that lowers the selec-
tivity towards aromatics. Relatively low temperatures and pressures thus favour the aromatics se-
lectivity, where the conversion is low. By using H-ZSM-5 and operating at low temperature and
pressure (320 °C and 10 bar) the hydrogenation activity was moderated resulting in an aromatics
selectivity of 33.2 carbon mol%, at a CO> conversion to hydrocarbons of 4.5 %. Replacing the H-
ZSM-5 with the larger pore zeolite H-ZSM-12 resulted in an aromatics selectivity of 42.4 carbon
mol%, which was achieved by promoting the aromatic cycle and producing a more methylated
benzene product, hexamethylbenzene. This was achieved at 340 °C and 30 bar ensuring a high
CO2 to hydrocarbon conversion of 9.8 %. Kinetic analysis shows that water produced from the
RWGS, CO: hydrogenation to methanol, and methanol dehydration limit the methanol synthesis
activity even when residual methanol concentrations are exceedingly low. This represents another
intrinsic competition between conversion and aromatics selectivity in the direct reaction. An anal-
ysis based on the hydrocarbon pool mechanism suggests that the realistically achievable upper
limit on aromatics selectivity is 45-52 carbon mol%, which indicates that using a larger pore ZSM-
12 zeolite at moderate temperature and pressure leads to the realistically achievable limit of aro-

matics selectivity.
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1 Introduction

Polystyrene and polyethylene terephthalate are examples of plastic materials produced from the
aromatic monomers ethenylbenzene and para-xylene. The collective annual output of these mate-
rials approximates 50 million tons, with projections anticipating an escalation to approximately 60
million tons by the year 2030 [1]. Currently, the main production of aromatic comes from the
reforming of naphtha, a product from oil refining [2]. However, the utilization of CO2, whether
extracted from the atmosphere or generated through biomass processes, for the synthesis of these
plastic monomers holds the theoretical potential to store an estimated 170-200 million tons of CO;

on an annual basis.

Recent research has demonstrated that combining the methanol synthesis with an oxide catalyst
and the methanol-to-hydrocarbon reaction with a zeolite catalyst enables the direct conversion of
COgz into hydrocarbon products. Metal oxide catalyst such as In203[3,4], ZnO [5], Cr.0s [6,7] and
mixed oxide such as ZnO/ZrOz [8-12], ZnAl204[13,14], ZnGaz04 [15] and ZnCrO4 [16,17] have
shown promising methanol synthesis activity at elevated temperatures necessity for the methanol
dehydration over solid acids, with minimal olefin hydrogenation activity. Methanol synthesis cat-
alysts based on metallic sites such as Cu or Pd [18-21] produce methanol at a higher rate but a
high hydrogenation activity predominantly results in saturated hydrocarbon products. Thermody-

namically, the following reactions occur during syngas conversion to methanol (R1 to R3).

CO + 2H, = CH30H AHr,298K,50bar = —90.7 k]/mol R1
CO,+H, = COZ + Hzo AHr,298K,50bar = 49.8 k]/mol R2
CO,+3H, = CH30H + Hzo AHr,298K,50bar = —40.9 k]/mol R3

With the ZnO-catalysts commonly applied in the combined system, methanol can be formed in a
faster reaction from CO. and a slower reaction from CO [22,23]. Additionally, CO. can be con-
verted into CO and H20 in the endothermic reverse water-gas shift (RWGS) reaction (Eq. (2)),
and with increasing temperature the equilibrium would shift towards CO and water formation. The

water produced from this reaction will force the CO2 hydrogenation reaction (Eq. (3)) closer to
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equilibrium, which significantly reduces the thermodynamic driving force for this reaction. Fur-
thermore, more water is formed as the methanol is dehydrated over the solid acid. Therefore, it is
essential to minimize the production of water formed by the RWGS reaction to have an efficient
bi-functional catalytic CO2 hydrogenation activity.

The combination of the zeolite H-ZSM-5 together with metal oxides such as ZnO-ZrO, Cr.03,
ZnCrOg4, ZnAl204, In203 have demonstrated varying results for direct conversion of CO; into aro-
matic products [3,6-11,13,16,17]. Li et al. [8] reported a COx conversion of 7.8 % with an aro-
matic selectivity of 73 %. This was obtained using the combination of ZnO-ZrO,/H-ZSM-5 mixed
in the mass ratio 1:1 and operated at 320 °C, 40 bar and GHSV of 1200 mL g hL. This surprisingly
high selectivity towards aromatics was observed with no apparent deactivation over 100 hr on
stream. By contrast, Ticali et al. [11] studied essentially the same catalyst system and reported a
COx conversion of 4.9 % with an aromatic selectivity of 31 % obtained with a similar mixture of
catalysts, however, operated 350 °C, 30 bar and GHSV of 6695 mL g* ht. They observed a slight
deactivation with time on stream, which is an inherent feature of methanol conversion in zeolites
[24]. Ticali et al. [11] tested the influence of space time and did not find any remarkable difference,
so the discrepancies cannot be related to residence time effects. These results show great incon-
sistency in the reported aromatic selectivity over similar bi-functional catalyst components [8-11].
To properly assess the potential of the direct CO. hydrogenation into aromatics it is vital to clarify
if the wide variations in achieved selectivity arise from an incomplete understanding of the im-
portance of the various operating parameters or trivial issues such as an incomplete characteriza-

tion of the products.

Here we have used a ZnO/t-ZrO> methanol synthesis component optimized in our previous work
[23] and combined it with solid acids such as H-ZSM-5, H-ZSM-11, H-ZSM-12 and TS-1. We
have then evaluated the performance of the bi-functional system in the direct conversion of CO>
into aromatics. We have used catalytic tests, catalyst characterization and kinetic modelling in
order to map out the potential of the direct CO> conversion to aromatics and the importance of the

various operating parameters.
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2 Materials and Method

2.1 Catalyst preparation

The ZnO/t-ZrO, catalysts were prepared by the incipient wetness impregnation method on t-ZrO-
support provided by Saint-Gobain NorPro. The support was dried overnight at 120 °C as the first
step. The water uptake for the dried support was determined and a solution with the water uptake
volume of Zn(NO3),'6H-0 to produce a 18 mol% Zn/(Zr+Zn) catalyst. Hereafter, the support was

impregnated, dried overnight at 100 °C, and calcined in air at 500 °C for five hours.

NH4-ZSM-5 and NH4-ZSM-12 zeolites were obtained from Zeolyst C. V. The TS-1 and the H-
ZSM-11 sample was obtained from ACS Material®. All samples were pelletized and calcined for

three hours at 550 °C to ensure the formation of H-cation and to increase the pellet strength.

The bi-functional catalysts were physically mixed as granulates of 300-600 pm with 80 wt% metal

oxide catalyst unless otherwise stated.

2.2 Catalyst characterization

XRD analysis was conducted with a PanAlytical X'Pert Pro instrument in Bragg-Brentano Geom-
etry in reflectance mode using a Cu K, radiation source (A = 1.541 A) at ambient conditions. The
scan range was 5-70° with a step size of 0.017°. Rietveld analysis was performed using the Topas

software.

XRF was measured on a Bruker S2 Puma instrument using a silver anode and an energy dispersive
HighSense XP detector. The spot size was limited by an 18 mm mask and the powder samples
were loaded as prepared in 20 mm plastic sample cups with 4 um polypropylene foil. Quantifica-
tion was done using Bruker’s standardless methods in the Spectra Elements software.

For the NHs-TPD, the samples were first dehydrated by increasing the temperature to 550 °C for
2 hin 60 NmL/min He. Hereafter, the reactor was cooled to 100 °C and 15 NmL/min calibration
gas of 500 ppm NHz in N2 was bypassed the reactor for calibration of the MS. After the calibration,
the NH3 gas was redirected to the reactor and adsorption was performed for 1 h at the same flow,
ensuring NHs saturation by stable MS signal. Excess NHz was flushed with 60 NmL/min He for
380 min. To ensure minimal NHs adsorption to the piping, the exit pipe to the MS was heat traced
to 150 °C. The temperature of the reactor was lowered by 10 °C before the desorption to improve

the baseline. The desorption was performed in 60 NmL/min of He with a ramp of 10 °C/min until
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800 °C. The MS was tracking single ions, He (m/z = 4) and H20 (m/z = 18) on the Faraday detector
and NHz (m/z = 17) on the SEM detector. The ratio between the responses on the MS for m/z = 17
and m/z = 18 when flowing He was used to subtract the water contribution to m/z = 17. Quantifi-

cation of the ammonia desorption by integration was performed in the Origin software.

2.3 Catalytic activity evaluation

The activity tests were conducted in a high-pressure flow reactor setup using a copper-lined reactor
tube with an inner diameter of ¥ inch. For the methanol synthesis tests, typically 750 mg of the
catalyst with a grain size of 300-600 pum diluted in 750 mg inert a-Al>O3 was loaded into the re-
actor. For the bi-functional catalysts, typically a total of 2 g was loaded into the reactor. The syn-
thesis gas CO2/CO/H2/Ar with a composition of 29/4/64/3 Vol% was introduced into the reactor
at various temperatures in the range of 280-400 °C and pressures of 10-50 barg. The reaction tem-
perature was adjusted by an electric furnace controlled by a K-type thermocouple placed right
below the catalyst bed inside the reactor tube. No pre-treatment was given to the catalysts before
the catalytic testing. The internal standard, argon, was used to account for the decrease in reaction
volume. The effluent gas was analysed by an online GC (Agilent 7890B) equipped with a thermal
conductivity detector (TCD) and a flame ionization detector (FID). The GC column connected to
the flame ionization detector was RTX-DHA-150 (150m, 0.25 mmID and 1.0um df). This column
allowed for detailed analysis of oxygenates, paraffins, olefins, isoparaffins, naphthalene, and aro-
matics from Ci.13 formed from the reaction. Typically > 60 products were detected. The GC was
calibrated with DHA standards from Restek of paraffins (C1o-15, 11 components), olefins (Cs.10, 25
components), aromatics (Ce-13, 35 components) and calibration gas containing C1.s. The chroma-
tograms were analysed using the Dragon DHA software and the obtained molar flow rates of hy-
drocarbons were corrected based on known CHa, C2Hs and CsHs molar flows from gas calibration
(Eg. (6)). The piping towards the GC was heat traced to a minimum temperature of 180 °C.

A combination of Shincarbon ST and MS5A columns using helium or argon carrier gas were con-
nected to the TCD detectors for quantification of CO, CO2, Ar and Hz. The CO> conversion, oxy-
genate (CH3OH + CH30OCH3) selectivity, and oxygenate formation rate were calculated by Eq. (1)
to (4).
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Where V is the volumetric flow rate at standard conditions, V,, is the molar volume, m, is the
weight of the catalyst, and M,, is the molar mass. F; and y; is the molar flow rate and mole fraction
of component i. The hydrocarbon selectivity within hydrocarbons (oxygenates included) was cal-
culated by Eq. (5) to (8).
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Where yyc;p and Fyc; p is the mole fraction and molar flow rate found from the Dragon software
analysis of hydrocarbon (HC) i. FHC,C is the flow rate found through GC calibrations and f is the

average factor between the flow rate obtained from Dragon software and calibrations. n.; is the

number of carbon atoms within the hydrocarbon product.
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2.4 Kinetic modelling

The Kinetic rate equations are given as Eg. (9) to (10) based on the Langmuir-Hinshelwood mech-
anism proposed by Ghosh et al. [25] for CO hydrogenation and reverse-water-gas-shift over metal
oxides. EqQ. (11) defines the dehydration of methanol to hydrocarbons over the zeolite.

k, <fcoz fu, — feugoH - fH20>

Kog1: f
R1:CO, + 3H, = CH;0H + Hy0,  1gy = car J, 5 ®)
(1+ Kco, * fco, ++/Kn, 'sz)
fCH OH 'fH (0]
kz (fCOZ'fI-%Z'S_ K3 R O.E
_; B ea2 " fu, (10)
R2:CO, + Hy = CO + Hy0,  Thy = >
(1 + Kco, * fco, + Knu, 'sz)
k .
R3:CH;0H = "CH," + H,0, » Jemson (11)

Tpa =
BT+ Ku,0 * fu,0)

Where k; is the reaction rate constants for the reaction Ri, and K,, Ky, and Ky, , are the adsorp-
tion constants for CO., Hz2and HO. f; is the fugacity of component i and the equilibrium constants
K.q, are calculated based on empirical correlations of experimental equilibrium data for copper
based catalysts [26]. The hypothetical molecule “CH2” represents hydrocarbons broadly. To cor-
rect for the non-ideal behaviour of the gas mixtures, fugacity was used instead of partial pressure.
A toolbox for calculating the fugacity coefficient for each component in the gas phase was con-
structed. This toolbox was based on the Soave-Redlich-Kwong equation of state modified by cor-

rection factors for polar components introduced by Mathias [27-29].

A reparameterized form of the Arrhenius equation, as stated in Eq. (12) was used to calculate the

reaction rate constant.

. Egi/1 1
ki—ki-Exp —T ?—F (12)

Where E,; and k; are the activation energy and reference rate constant at 300 °C for the three

reactions R1 to R3, which were determined through iteration. The adsorption constants for COo,
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H> and H20 were found to be constant within the relevant temperature interval [25,30]. This re-
sulted in 6 parameters (Kco,, Ky,, Ku,o Ea1, Eaz, and E4 3) which were fitted to the experimental

data listed in Table S1.

The rates of production of methanol and hydrocarbons were calculated by Eq. (13) to (14).
Renzon = (Tr1 + Tr2) - RM — 13 - (1 — RM) (13)
Ryc =1rs - (1 —RM) (14)

Where RM is the weight ratio of metal oxide assuming uniform and ideal mixing of the two catalyst
components in the reactor. The parameter estimation was done using the built in function Isgnonlin
in MATLAB, which minimizes the sum of square errors of the objective function as stated in Eq.
(15).

i J
Fovy = ) ) (¥t =y’ (15)
1= ]j=

Where w; was the weight of each component and set to get numerical equal fitting of each com-
ponent (CO2, CO, CH3OH and “CH>”). i and j are the number of components and experiments,
respectively.

Limited data was obtained for the kinetic model parameter estimation and, therefore, a bootstrap
method was performed, where 200 synthetic data pairs were generated within the parameter un-
certainty of the initially performed sum of square error (Eq. (15)) [31].

The reactions were assumed to occur in an isothermal fixed bed reactor loaded with a fixed amount
of catalyst in each experiment. The reactor model was calculated based on the differential equation
describing the change in molar flow rate for component i (F;) through the catalyst bed weight (w)
in ideal plug flow, as stated in eqn. (16).

dF;
d_wl = R; (16)

143|217



3 Results and Discussion

3.1 Characterization of employed zeolite samples

For the direct conversion of CO; into aromatic products, the metal oxide was combined with zeo-
lite catalysts that convert methanol/DME into hydrocarbons. Prior to the catalytic tests, the struc-
ture and acid site distribution of the employed zeolite materials was characterized. In Fig. 4 (a),
the XRD patterns confirmed the presence of pure MFI structured zeolite crystals for the ZSM-5
and TS-1 samples. Furthermore, it confirmed that the ZSM-11 and ZSM-12 samples consisted of
pure MEL and MTW structures. The MFI and MEL structures are both 3D structures with pore
openings of ~5.5 A, however, the placement of the straight channels in the MEL structure results
in the creation of larger cages than observed for the MFI structure. The similarities between the
MFI and MEL structures were evident from the XRD patterns in Fig. 4 (a), where the MEL struc-
ture can be distinguished from the MFI structure by the reflections between 22.5 and 25 26 degrees
(Fig. 4 (b)) [32]. MTW is a 1D structure with a pore size of ~6 A, allowing larger molecules to
diffuse out of the channels compared to the MFI and MEL structures. Fig. 4 (c) shows the NHs-
TPD results and the Si/Al ratio for the zeolites and the amount of weak and strong acid sites are
listed in Table 2.
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Fig. 4. (a) XRD patterns and (b) NHs-TPD of the zeolite samples.
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Table 2. The Si/Al ratio, weak and strong acid density for the zeolite samples.

Catalysts Si/Al ra- Weak acid sites®, Strong acid sites®, Total acid sites®,
tio® [umol g*] [umol g*] [umol g
H-ZSM-5 (25) 22 79+13 215 +2.0 294
H-ZSM-5 (40) 30 60+2.3 198 £2.7 258
H-ZSM-5 (140) 66 5+0.3 56 + 0.7 61
H-ZSM-11 (25) 22 82+1.6 208 £ 2.1 290
H-ZSM-12 29 3025 147 £ 2 177
TS-1 97/3/1° 16+0.1 16+0.2 3.2

3determined by XRF, "determined by NHs-TPD and ¢the Si/Ti/Al ratio.

3.2 Direct CO2 hydrogenation into aromatics

The methanol activity of the ZnO/t-ZrO; catalyst was in previous work found to correlate with the
concentration of amorphous ZnO surface domains on the ZrO; surface [23]. The concentration of
the ZnO surface domains was optimized at the Zn-loading of 18 mol% and therefore used as the
methanol synthesis component in this study. Fig. 5 shows the development in conversion and se-
lectivity as a function of the accumulated methanol conversion when a physical mixture of ZnO/t-
ZrO; and H-ZSM-5(25) is used for CO2 hydrogenation into hydrocarbons. Changes in the hydro-
carbon selectivity and slight deactivation evident in decreasing CO2 conversion were observed for
the bi-functional catalyst with time on stream/accumulated methanol conversion. The fast initial
drop in the aromatics selectivity with the amount of methanol converted is believed to be caused
by carbon deposits blocking the acid sites responsible for aromatization [10,33]. Partial blockage
of the zeolite pores may also inhibit diffusion of the bulky aromatics out of the zeolite and increase
the risk of aromatics being cracked and hydrogenated into iso-paraffins in the hydrogen rich at-
mosphere. The drop in aromatics selectivity was mainly accompanied by an increase in isoparaf-
fins and naphthenes selectivity (Fig. S2). As the reaction proceeded, the selectivity towards light
olefins increased, showing that the hydrogenation activity decreased as carbon deposits blocked
access to the acid sites. This could suggest that the hydrogenation occurs at the acid sites of the
zeolite. A steady drop in the CO2 conversion occurred with increasing time on stream/accumulated
conversion, which shows a steady deactivation of the catalyst system. However, there could be
multiple parallel causes of deactivation: sintering of amorphous ZnQO into crystalline ZnO, Zn mi-

gration into the zeolite, carbon deposits blocking the active sites, and a decrease in zeolite activity
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that slows down methanol conversion and causes local equilibrium limitations on the methanol

synthesis.

An inherent feature of the methanol dehydration in zeolites is the steady deactivation caused by
carbon deposits (coke) blocking the accessibility to the Brgnsted acid sites and removing such
carbon deposits is done by oxidative treatment [24]. Surprisingly, this deactivation phenomenon
is rarely reported in literature for bi-functional catalytic systems [3,6,8,12,13,34-39]. However,
the work of Zhang et al. [10] and Ticali et al. [11] reported deactivation of their bi-functional
catalytic systems by carbon deposits. The H-ZSM-5 catalysts can typically convert ~90 gmeon pr.
Jzeolite Defore the catalyst is significantly deactivated and a fast drop in the methanol conversion
occurs [40,41]. With the high amount of zeolite in the catalyst bed when mixed 1:1 or even 1:2
(metal oxide : zeolite) and with the low CO; to hydrocarbon conversion [6,8,10,11], these systems
could operate for more than ~400 h before reaching the 90 gmeon pr. Qzeolite limit. As illustrated in
Fig. 5, no drop in the methanol conversion was observed, even at 60 gmeoH Pr. Qzeolite. The cracking
mechanism of cycloalkanes and hydrogenation activity was altered when applying high partial
pressure of hydrogen [42], which could improve the zeolite lifetime and explain the missing deac-

tivation.
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Fig. 5. CO2 conversion, CO, aromatics and olefins selectivities with the accumulated (Acc.) amount of converted methanol pr.
gram of zeolite (operated for 60 hours). Reaction conditions: 30 bar, 340°C, 20 NL h, feed composition CO2/CO/H2/Ar of
24/4164/3 vol% and catalyst loading of 4 g with 80 wt% ZnO/t-ZrO2 and 20 wt% H-ZSM-5 (25).
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3.3 Therole of bed configuration and reaction conditions

A compromise in the reaction conditions [12,43], bed configuration [3,6], and catalyst mixing
[44,45] could optimize the CO2 conversion and aromatics selectivity by enhancing the synergy
between the two catalytic systems. In Fig. 6 the hydrocarbon distribution, CO> conversion and CO
selectivity are illustrated for different bed configurations, different ratios of the two components
and different acid site densities for the H-ZSM-5 zeolite.
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Fig. 6. Hydrocarbon selectivity, CO2 conversion (CO2 con.) and CO selectivity (CO sel.) after 10 gmeon pr. gH-zsm-s over the com-
bined bed of ZnO/t-ZrO2 and H-ZSM-5: (a) mixed in different bed configurations, (b) mixed in different mass fractions (weight of
ZnO/t-ZrO2 / total catalyst weight) and (c) mixed with H-ZSM-5 with different acid site densities determined by NHs-desorption.
The notations Oxy. and Aro. describe the oxygenate (MeOH and DME) and aromatic fraction. The number subscript describes the
carbon chain length included in the fraction and for olefinic products it is followed by =. The Cs~+ fractions are without aromatics.
The bed configuration a to ¢ consists of a granulate mixtures of ZnO/t-ZrO2 and H-ZSM-5, where d consists of mortar mixed
powders pressed as pellet and sieved to granulate. Reaction conditions: 30 bar, 340°C, 10 NL h* (a and ¢) or 20 NL ht (b), feed
composition CO2/CO/H2/Ar of 24/4/64/3 vol% and catalyst loading of 2g with 80 wt% ZnO/t-ZrO2 and 20 wt% H-ZSM-5 (140)
with acid site density 65 zmol g, unless otherwise stated.

No significant change in the aromatic selectivity (<20 mol% of the carbon in hydrocarbon prod-
ucts) was observed when diluting the mixed catalytic bed in inert a-Al>O3 (configuration a), or
when decreasing the metal oxide granulate size from 300-600 um to 150-300 um (bed configura-
tion c). Mortar mixing oxide and zeolite (bed configuration d) improved the amount of olefins,
which potentially could be converted into aromatics by olefin oligomerization and aromatization
[40,46]. However, the closer proximity in the CO2 conversion into hydrocarbons demonstrated a
faster decrease in activity with time on stream (Fig S3). This can be explained by removal of CO-
hydrogenation sites caused by either Zn migration into the zeolite [47,48] or by external coke
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(poly-aromatics) molecules blocking/interfering with the active ZnO on the zirconia surface [23].
The increased olefin selectivity at closer proximity (bed configuration d) cannot be explained by
zinc migration from the metal oxide to the zeolite, as zinc in zeolites has shown improved hydro-
genation activity [47]. It is more likely that the build-up of light olefins was limited by the supply
of methanol molecules and that a greater localized concentration of methanol near the zeolite fa-

vours this initial C-C bond formation.

Increasing the weight percentage of ZnO/t-ZrO; in the catalyst mixture increased the light olefin
fraction and slightly increased the aromatics selectivity (Fig. 6 (b)). This again points to the supply
of methanol molecules as the limiting factor in the build-up of light olefins. A larger fraction of
ZnO/t-ZrO- in the catalyst mixture, and hence longer residence time over this oxide, enhanced the
CO2 conversion to hydrocarbons, which increased from 6.2 to 8.0 mol% carbon. The concurrent
increase in olefins selectivity with increasing amount of metal oxide showed that olefin hydro-
genation over the ZnO/t-ZrO. component played a secondary role, and most olefin hydrogenation
occurred over the zeolite acid sites [49]. Furthermore, Fig. 6 (c) shows that increasing the acid site
density of the zeolite component lowered the olefin selectivity greatly and increased the selectivity
towards light paraffins as result of light olefins hydrogenation in agreement with prior observations
[50]. This observation substantiates that the hydrogenation of unsaturated products over the ox-

ide+zeolite system mainly occurs at the acid sites of the zeolite.

As illustrated in Fig. 6 (c), increasing the acid site density from 65 to 258 pmol g optimized the
aromatic selectivity, showing the importance of the acid sites for the aromatization reaction (Fig.
6 (c)) [51,52]. A loss in the aromatic selectivity was observed when the acid site density was further
increased to 309 umol g . This can be attributed to the more severe hydrogenation of lighter ole-
fins, which prevents the olefin oligomerization [8,12] to ~Cs.g that is needed for the carbenium ion
cyclization [53,54]. Thus, a compromise in the acid site density is necessary for optimizing the
aromatic selectivity, since acid sites are required for the aromatization but also involved in the

hydrogenation of olefins, which interrupts the build-up of aromatics.
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Fig. 7. Hydrocarbon selectivity, CO2 conversion (CO2 con.) and CO selectivity (CO sel.) over the combined bed of ZnO/t-ZrO2 and
H-ZSM-5: (a) change in residence time with change in total catalyst loading form 2, 4 and 6 g, (b) reaction temperature and (c)
reaction pressure. Reaction conditions, unless otherwise stated: 30 bar, 340°C, 20 NL h%, feed composition CO2/CO/H2/Ar of
24/4/64/3 vol% and catalyst loading of 4g with 80 wt% ZnO/t-ZrO2 mixed with (a) H-ZSM-5(140) or (b-c) H-ZSM-5(40).

Fig. 7 (a) shows that an increased residence time increases CO conversion without altering the
CO selectivity significantly. A 4-fold increase in residence time causes the CO, conversion to
increase by a factor of only 1.8, which indicates that kinetic or thermodynamic inhibition slows
down the reaction as conversion increases. For all residence times, the methanol synthesis reaction
was far from equilibrium (Fig S4), but the RWGS reaction approached equilibrium with increasing
residence time and reached equilibrium at 1.4 s g mL™. The water produced from the formation of
methanol, methanol dehydration, and RWGS reaction created an increasing water concentration
down through the catalyst bed. The progressively increasing water concentration inhibits the meth-
anol formation thermodynamically by accelerating the reverse reaction and could also cause ki-
netic inhibition. This will be elaborated in Section 3.7. The improved yield of hydrocarbons by
increasing the residence time came with the cost of a higher hydrogenation activity, which hydro-
genated the light olefins to light paraffins (Fig. 7 (a)). No change in the aromatic selectivity was

observed, meaning that the light olefins was hydrogenated rather than oligomerized.

The selectivity towards aromatics was favoured by low temperature (Fig. 7 (b)) and low pressure
(Fig. 7 (c) and Fig S5). This can be attributed to increased hydrogenation and cracking activity at

higher temperatures and pressures [42]. The main products from the bi-functional catalyst system
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were paraffins and isoparaffins (Fig. 7 (c) and Fig S5), confirming that cracking and hydrogenation
reactions occurred in parallel to the oligomerization and aromatization reactions. Applying oper-
ating conditions that increased the CO- conversion to hydrocarbons, such as long residence time,
high temperature >360 °C (highest temperature investigated), high pressure and high hydrogen
partial pressure, increased cracking and hydrogenation activity, reducing the amount of aromatics
formed. The highest aromatic selectivity of 33.2 carbon mol% at a CO> conversion to hydrocar-
bons of 4.5 % for the ZnO/t-ZrO> + H-ZSM-5(40) catalyst mixture (Fig S6) was obtained at 320
°C, 10 bar, 10 NL/h, 2 g catalyst with 80 wt% ZnO/t-ZrO:..

3.4 Therole of zeolite topology
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Fig. 8. (a) Hydrocarbon selectivity, CO2 conversion (CO2 con.) and CO selectivity (CO sel.) over the combined bed of ZnO/t-ZrO2
and TS-1, H-ZSM-5, H-ZSM-11 and H-ZSM-5. (b) The carbon number selectivity within monoaromatics. Reaction conditions,
unless otherwise stated: 30 bar, 340°C, 20 NL h%, feed composition CO2/CO/H2/Ar of 24/4/64/3 vol% and catalyst loading of 4g
with 80 wt% ZnO/t-ZrOo.

Another strategy for optimizing the yield of aromatics could be to adjust the zeolite topology.
Zeolites with bigger intersections (H-ZSM-11) and bigger pores (H-ZSM-12) could potentially
enhance the propagation of the aromatic cycle in the dual cycle hydrocarbon pool mechanism by
allowing the production of more methylated aromatics. Fig. 8 shows that both H-ZSM-11 and H-
ZSM-12 provide a considerably increase in the aromatic selectivity in the form of poly-methylated
C7-Ca2 species. The bigger pore of the H-ZSM-12 allows the formation of hexamethylbenzene,
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which was the main product among the aromatics produced (Fig. 8 (b)). Thus, at a CO2 conversion
to hydrocarbons of 9.8 %, an aromatics selectivity of 42.4 carbon mol% was achieved at 340 °C,
30 bar, 10 NL/h, 2 g catalyst with 80 wt% ZnO/t-ZrO and 20 wt% H-ZSM-12. The zeotype TS-1
had no significant activity for hydrocarbon formation (Fig. 8 (a)) which is attributable to the near-
absence of acid sites in this material (Table 2). The zeotype does cause some methanol dehydration

to DME and shifts the equilibrium compared to the methanol synthesis alone (Fig S1) [8].

3.5 Kinetic analysis of the bi-functional catalytic system

In order to assist the optimization of the yield in the hydrocarbon synthesis a kinetic model was
developed. The kinetics of CO2 hydrogenation over the ZnO/t-ZrO, and the combined ZnO/t-ZrO-
and H-ZSM-5(40) catalysts were studied in an isothermal fixed bed reactor in a wide range of
operating conditions (Table S1). The parameters obtained from the fitting procedure described in

section 2.4 are listed in Table 3.

Table 3. Fitted kinetic parameters and adsorption constants for the kinetic model.

Parameter

Ea [kd/mol] 777+17
Eaz [kJ/mol] 98.1+4.9
Eas, [k)/mol]  38.6 +14.3
Kcoo, [bar]  0.48 +0.05
K, [bar?] 45+0.3
Krzo, [bar?] 1.9+0.64

The experimental results were described by fitting the parameters in the rate expressions (eq. (9)-
(12)) for methanol synthesis, RWGS and methanol dehydration to hydrocarbons. Parity plots of
the measured and modelled mole fractions of reactants and products can be found in Fig. S8. It
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was found that the parameters in Table 3 make a reasonable prediction, which is evident in the

relative low root mean square errors (Fig. S8).
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Fig. 9. (a) Simulated concentration profiles, (b) methanol synthesis rate and approach to equilibrium of the CO2 to methanol
reaction through the catalyst bed. (c) The calculated CO2 and COx to hydrocarbons conversion (carbon mol%) at different contact
times. Reaction conditions: 30 bar, 340°C, 10 NL h1, feed composition CO2/CO/H2/Ar = 24/4/64/3 vol% and catalyst loading of 4
g with 80 wt% ZnO/t-ZrO:s.

Fig. 9 (a & b) shows the simulated concentration profiles and methanol synthesis rate through the
catalyst bed. The results illustrate that the formation of methanol and water is very rapid in the
initial part of the bed. The model predicts that the methanol is directly converted to hydrocarbons
leaving only a small amount of residual methanol. However, with the increasing partial pressure
of water through the reaction zone, the methanol synthesis reaction approaches equilibrium, as
illustrated in Fig. 9 (b) [30]. This causes both the methanol synthesis and the overall conversion
of CO- to hydrocarbons to slow down. This model, which contains only thermodynamic re-
strictions on the methanol synthesis rate and not kinetic inhibitions is able to describe that a 4-fold
increase in residence time only results in a 1.8-fold increase in conversion (Fig. 9 (c)) as seen
experimentally (Fig. 7 (a)). This suggests that it is predominantly thermodynamic limitations,
which cause the CO> conversion to slow down as the water concentration increases. This sensitiv-
ity of the methanol synthesis component to the water concentration highlights the importance of
having a well-mixed and uniform distribution of the two catalysts and that diffusion limitations

should be avoided, otherwise local zones within the reactor could be limited by equilibrium.
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composition CO2/CO/H2/Ar = 24/4/64/3 vol% and catalyst loading of 2g with 80 wt% ZnO/t-ZrOs..

Fig. 10 (a) shows that the model predicts 340 °C as the optimal reaction temperature for the hy-
drocarbon formation rate, which represents a balance between faster kinetics and a less favourable
equilibrium at higher temperatures. However, this optimum depends on the oxide/zeolite mixing
ratio and on the residence time (Fig S9). Increasing the pressure lowers the equilibrium limitation
on the methanol synthesis and, thereby, increased the amount of CO; that can be converted into

hydrocarbons (Fig. 9). However, the selectivity to aromatics decreases with increasing pressure
(Fig. 7 (c)).

The kinetic analysis thus illustrates the inherently conflicting requirements to the hydrogenation
of CO: into aromatics. To increase reaction rate and conversion it is favourable with high pressure
and temperature (Fig. 10). However, the selectivity to aromatics oppositely benefits from low tem-
perature and pressure (Fig. 7). Thus for the bi-functional catalytic system to have a high selectivity
to aromatics, the system must operate at low CO conversions, yielding a low concentration of
products, that would be expensive to purify, and high costs of handling the high amount of gas that
would need to be recycled. However, direct CO2 conversion into an isoparaffin rich gasoline prod-
uct is possible at a higher pressure, making the bi-functional catalytic system of potential interest

for such applications.

3.6 What is the limit for aromatics selectivity with the bi-functional system
The present work achieved maximal aromatics selectivities of 33.2 carbon mol% with ZSM-5 and

42.4 carbon mol% ZSM-12, and these levels are most likely approaching the level that can be
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achieved with these systems. It is generally accepted that the methanol dehydration over zeolites
occurs through the hydrocarbon pool dual cycle mechanism, where olefins oligomerize in the ole-
finic cycle to form hydrocarbons with sizes that allow the carbenium ion cyclization [53,54]. This
is followed by hydrogen transfer reactions, which forms paraffins and aromatics. These aromatics
can react with methanol and produce methylated aromatic products, which can undergo cracking,
forming light olefins, such as ethene and propene, through the paring or/and the side-chain meth-
ylation mechanism [40,53,55]. Olefins that do not undergo carbenium ion cyclization can be
cracked through B-scission, forming light to medium olefins [56]. By assuming that the carbenium
ion cyclization results in the formation of cycloalkanes, three alkenes (mono-enes) are required for
the hydrogen transfer reaction to form aromatics. By further assuming that this alkene is ethene
and that the aromatic product is tetra-methylated to C1o (durene, a common product from methanol
dehydration over H-ZSM-5), the maximal aromatics selectivity is 62.5 carbon mol%. However, it
is unlikely that ethene participates in the hydrogen transfer reactions, as it has to go through the
formation of a very unstable primary carbenium ion and ethene is a product from the aromatic
methylation mechanism. With propene or butene as hydrogen acceptors the maximal aromatics
selectivity is 52.6 and 45.4 carbon mol% respectively and this is a more likely limit for the aro-
matics selectivity. It has been proposed that cycloalkane dehydrogenation can occur over metal
oxide sites in modified ZSM-5 catalysts to increase the aromatic selectivity in the methanol-to-
aromatics process [57,58]. However, thermodynamic equilibrium calculations of cyclohexane de-
hydrogenation to benzene showed that with the applied reaction temperature, pressure and high
hydrogen partial pressure, such reactions are thermodynamically unfavourable (Fig S7), so this
possibility can be ruled out. A carbonylation reaction between oxygenates and CO over H-ZSM-5
has showed a potential for creating new pathways for aromatics formation through acetic acid
or/and methyl acetate, with the cost of faster deactivation [59,60]. However, despite the presence
of 4 vol% of CO in the syngas in this study, this reaction pathway is unlikely to play a major role.
The 42.4 carbon mol% aromatics selectivity achieved with ZSM-12 in this study must thus be
regarded as very close to the ca. 45-52 carbon mol% level that can be regarded as the upper limit
of aromatics selectivity. The present work thus constitutes an accurate mapping of the most im-

portant parameters for maximizing the selectivity in the direct conversion of CO2 into aromatics.
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4 Conclusions

Upon combining ZnO/t-ZrO» with zeolites, it was observed that the equilibrium limit for the meth-
anol synthesis reaction was surpassed. This observation shows that localized methanol dehydration
shifts the reaction towards the formation of hydrocarbons. However, when having a high partial
pressure of hydrogen, both cracking and hydrogenation reactions limit the aromatic selectivity,
producing mainly light paraffins and isoparaffins. These cracking and hydrogenation reactions are
believed to be the primary factors contributing to the extended methanol dehydration lifespan of
the H-ZSM-5 catalyst within the bi-functional catalyst mixture, as compared to methanol-to-hy-
drocarbon processes. The main hydrogenation activity was attributed to the acid sites, as evidenced
by the higher acid site density and the longer residence time increased the selectivity towards sat-
urated hydrocarbons for the H-ZSM-5 catalyst (achieved by reducing the weight fraction of the
ZnO/t-ZrO- or the total mass loaded). Low temperature and pressure were necessary to decrease
the hydrogenation activity and an aromatic selectivity of 33.2 carbon mol% was obtained at 320 °C
and 10 bar. In contrast, the conversion for CO> to hydrocarbons exhibited an increase at higher
temperatures and pressures. Substituting the H-ZSM-5 catalyst with zeolites featuring larger inter-
secting cavities (H-ZSM-11) or pores (H-ZSM-12) amplified the aromatic selectivity by promot-
ing the methylation of aromatic products. Consequently, an aromatic selectivity of 42.4 carbon
mol% was attained at a 9.8% CO> conversion to hydrocarbons, with hexamethylbenzene emerging

as the predominant aromatic product.

The behaviour of the bi-functional catalytic system underwent evaluation through kinetic studies
revealing that the water produced from the reverse-water-gas-shift, CO2 hydrogenation to metha-
nol, and methanol dehydration limited the methanol synthesis activity even at extremely low re-
sidual concentration of methanol. Consequently, doubling the residence time did not yield a cor-
responding twofold increase in CO2 conversion, showing that the reaction was limited by thermo-
dynamics. This observation elucidated the trends observed in the experimental data. To optimize
the aromatics formation rate, it is essential to operate the process far from equilibrium. Such con-
ditions would highly limit the CO2 conversion to hydrocarbons, rendering the use of the bi-func-
tional catalyst system for aromatics production notably inefficient. However, the system could be

optimized for the production of an isoparaffin rich gasoline product.
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5 ZnO supported on Zinc Spinel Structures Ena-
bles the Direct Conversion of CO; to Olefins
when Combined with Acidic CHA Catalysts

On the next page, the manuscript with the title: ZnO supported on Zinc Spinel Structures Enables the

Direct Conversion of CO> to Olefins when Combined with Acidic CHA Catalysts are reprinted.

This manuscript is still under preparation.

The scientist highlights:

Zinc aluminate and zinc gallate with over stoichiometric Zn-loading are active for methanol
synthesis and enables the production of light olefins from CO2> when combined with SAPO-
34.

XRD and XAS identified that the methanol activity correlated with the amount of surface ZnO
supported on the spinel surfaces and was concluded to be the main active site.

In-situ XAS analysis showed that the surface ZnO was unstable and sintered into larger crys-
talline ZnO with the change from reducing to oxidising atmospheres.

In-situ DRIFT analysis showed that formation of methanol proceeds through the formate path-
way and that methanol functions as an intermediate for the production of olefins.

Co-feeding CO to the CO2/H; feed improved the CO. to hydrocarbon conversion without
altering the product selectivity and thus demonstrate a strategy to improve the activity and

selectivity limitation for bi-functional catalysts.
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Abstract

Bi-functional oxide-zeotype catalytic systems have shown promise for the selective production of
light olefins from CO>, but at low CO- to hydrocarbon conversion. Knowledge of the active sites
for methanol synthesis over the oxide and the synergy with the zeotype at different operating con-
ditions can guide future improvement of such systems. We here show that the methanol synthesis
activity for zinc aluminate and gallate (ZnAl.O4 and ZnGa»04) was dependent on the Zn-loading,
and optimized activity was obtained at loadings above stoichiometric, Zn/(Zn + M) >0.33. This
allowed for the creation of a surface supported ZnO phase, which was selective for the production
of methanol and DME. The concentration of these sites controlled the CO> conversion. However,
too high Zn-loading removed these sites, with the creation of crystalline ZnO, which had lower
activity. In-situ XAS showed that the surface ZnO sintered to form crystalline ZnO when exposed
to changing reductive and oxidative atmospheres, resulting in decreased methanol synthesis activ-
ity. Furthermore, in-situ DRIFTS analysis showed that the production of methanol proceeded
through a formate pathway, where CO> adsorbed as carbonate that hydrogenated into formate and
further into methoxy, which desorbed as methanol. Combining the Zn-spinel catalysts with H-
SAPO-34 showed a light olefin selectivity > 70 carbon mol% but at a low CO> to hydrocarbon
conversion of ~3 %. Increasing the pressure increased the CO> to hydrocarbon conversion, but this
also increased hydrogenation activity and reduced the olefin selectivity. A powerful strategy to
improve the CO: to hydrocarbon conversion without affecting the olefin selectivity was to co-feed
CO. Co-feeding CO hampered the reverse-water-gas-shift reaction rate by limiting the thermody-
namic driving force. This reduced the production of water in the reactor, which improved the ther-
modynamic driving force of the CO> to methanol reaction. Lastly, the lifetime of the ZnAl,O4 and

H-SAPO-34 outperformed the methanol-to-olefin process, but solid-state titration of Zn onto the
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solid acid and metal oxide sintering did reduce the CO> conversion and light olefin selectivity with

time on stream.

1 Introduction

Light olefins, particularly ethylene and propylene, are important chemicals used in the annual pro-
duction of around 200 million tons of plastic materials. Demands for plastic materials are fore-
casted to increase by ~20 % by 2030 [1]. Ethylene and propylene are mainly produced from steam
cracking of natural gas or naphtha and fluid catalytic cracking of heavier crude oil fractions. The
production of plastic materials generates ~1.6 billion tons of CO- equivalent, which accounts for
around 3 % of the global greenhouse gas emissions [1]. Thus, finding alternative ways of produc-
ing these chemicals is essential to reduce their impact. Combining captured or biomass generated
CO2 with H2 produced from water electrolysis for the production of light olefins could be an at-
tractive pathway and has received increasing interest in literature [2-5]. Two CO. utilization tech-
nologies have shown some promising performance: The combination of reverse-water-gas-shift
with Fischer-Tropsch synthesis or the combination of methanol synthesis with the methanol-to-
hydrocarbons reaction. Recent research has demonstrated that an iron based Fischer-Tropsch cat-
alyst promoted with alkaline metal enhanced the light olefin selectivity [6-9], but the polymeriza-
tion reaction followed the Anderson-Schulz-Flory distribution limiting the C..4 selectivity to ~60
% [10]. However, the combined methanol synthesis and methanol-to-hydrocarbon process showed

up to >80 selectivity towards light olefins [2,3,11].

When mixing a methanol synthesis catalyst with solid acids within one reactor, the immediate
dehydration of the methanol enables the direct conversion of CO2 into hydrocarbons [11]. The
local methanol removal ensures that the methanol equilibrium conversion can be exceeded thereby
creating a more efficient production of hydrocarbons. The local methanol removal can be achieved
by using compromised reactor conditions, compared to the high pressure and high temperatures
necessary for the methanol synthesis and methanol-to-hydrocarbon reactions, respectively [12].
High CO2 conversion, low CO selectivity and low olefin hydrogenation activity are essential for
the efficient production of light olefins. Oxide catalysts without metallic sites, such as Cu or Pd
[13-16], and CHA structured solid acids with low acid site density and strength and low H> partial
pressure are required [17,18] to ensure minimal olefin hydrogenation. For this application, a Zn-

based metal oxide catalyst combined with H-SAPO-34 has shown promising results for the direct
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conversion of CO; to olefins [3,4,19]. Lui et al. [19] reported a light olefin selectivity of 86 %,
obtained by combining ZnGa,O4 and H-SAPO-34. This high olefin selectivity was obtained at a
CO: to hydrocarbon conversion of ~6 % at 370 °C and 30 bar. A similar high olefin selectivity of
87 % was found for the combination of ZnAl.0O4 and H-SAPO-34 [4]. However, the high olefin
selectivity was achieved at low CO- to hydrocarbon conversion of ~6 % at 370 °C and 30 bar.
These results demonstrated that the Zn-spinel structure had low olefin hydrogenation activity, but
its methanol synthesis activity should be optimized. It has been suggested that the methanol syn-
thesis activity depends on the concentration of surface available oxygen vacancies, which are con-
structed when Zn is incorporated into the structure [4,19,20]. However, the methanol synthesis
activity over Zn chromate has shown to be dependent on small ZnO sites constructed on the surface
when a non-stoichiometric Zn loading was used [21-23]. The formation of surface ZnO has shown

a great impact on the methanol synthesis activity for the ZnAl>O4[24].

This study provides fundamental information about the active sites for the methanol synthesis re-
action over ZnAl>O4 and ZnGa,04 Zn-spinel catalysts. Particularly the relative importance of Zn
bound in the spinel structure and the surface ZnO. To achieve this, a series of ZnAl.O4 and
ZnGaz04 with varying Zn-loadings were prepared by co-precipitation. Furthermore, the Zn-spinel
catalysts were combined with H-SAPO-34 for the direct conversion of CO; into light olefins to
optimize reaction conditions to improve both CO, conversion and light olefin selectivity. The Zn-
spinel catalysts were characterized by X-ray diffraction (XRD), inductively coupled plasma optical
emission spectroscopy (ICP-OES), X-ray absorption spectroscopy (XAS), and N2 adsorption/de-
sorption (BET). Furthermore, the reaction species involved in the CO2 hydrogenation reaction on
the surface of the catalyst were analyzed by in-situ diffuse reflectance infrared Fourier transform
spectroscopy (DRIFTS). The changes in the structure of the supported ZnO were investigated by
in-situ XAS under reducing and oxidizing conditions. The solid acids were characterized by XRD,

X-ray fluorescence (XRF), and NHs-temperature programmed desorption.

2 Materials and Method

2.1 Catalyst preparation

A series of ZnAl>04 and ZnGax04 catalysts with different Zn loading between ~20 to ~50 mol%
were prepared by the co-precipitation method proposed by Liu et al. [19]. As an example, 500 mL
solution of 28.3 g Zn(NOs3)2'6H,0 and 55.8 g of the AI(NO3)3-9H,0 was added to a beaker for the
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ZnAl>04 with a Zn loading of 39 mol%. The prepared solution was heated to 70 °C and ammonium
hydroxide was added dropwise under vigorous stirring to reach pH 7. The mixture was aged for
120 min at 70 °C, filtered, and washed with demineralized water. The collected solid was dried at
100 °C overnight and calcined in air at 500 °C for five hours.

The NHs-SAPO-34 sample was obtained from ACS Material®. Zn-SAPO-34 was prepared by
incipient wetness impregnation with a Zn(NOs)2'6H20 solution to prepare ~1 wt% Zn onto the
NH4-SAPO-34. Afterwards, the impregnated sample was dried overnight at 100 °C. The zeotypes

were calcined at 550 °C for 3 hours to convert the ammonium-cation to a proton.

The bifunctional catalysts were physically mixed as granulates of 150-300um with 80 wt% metal
oxide to 20 wt% H-SAPO-34.

2.2 Catalyst characterization

XRD analysis was conducted with a PanAlytical X'Pert Pro instrument in Bragg-Brentano Geom-
etry in reflectance mode using a Cu K, radiation source (A = 1.541 A) at ambient conditions. The
scan range was 5-70° with a step size of 0.017°. The Rietveld analysis was performed using the
Topas software. ICP-OES analysis was conducted on an Agilent 700 Series instrument using argon
as plasmogene to analyze the elemental composition. The specific surface area of the metal oxide
was analyzed with the 3P instrument Sync440 and the N> adsorption isotherm was analyzed by the
Brunauer-Emmett-Teller method. Details of the NHz-TPD procedure can be found in previous
work [25].

XRF was measured on a Bruker S2 Puma instrument using a silver anode and an energy dispersive
HighSense XP detector. The spot size was limited by an 18 mm mask and the powder samples
were loaded as prepared in 20 mm plastic sample cups with 4 um polypropylene foil. Quantifica-

tion was done using Bruker’s standardless methods in the Spectra Elements software.

Ex-situ X-ray absorption spectroscopy (XAS) of the Zn K absorption edge was recorded in trans-
mission mode at the MAX 1V synchrotron at the Balder beamline. For the ZnAl,O4 and ZnGa;04,
boron nitride diluted catalyst pellets were pressed as self-sustaining wafers and scanned. These
catalyst pellets were prepared with 20 and 30 mg of ZnAl,O4 or ZnGax04, respectively, together
with 125 mg of boron nitride. The ZnO reference was prepared with 10 mg of ZnO and 125 mg of
boron nitride. After averaging 4 to 8 scans, EXAFS fitting was possible up to k = 13 to 14 A and
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R =1 to 4.5 A. Basic XAS data treatment of normalizing, background subtraction, and Fourier
transforming was done using Athena [26]. Linear combination fitting was conducted using a
(0.14)Zn0O/t-ZrO, sample with no ZnO visible from XRD and no Zn-Zn backscattering in FT-
EXAFS [27], bulk ZnO, and low Zn loading of the spinel structures (no ZnO was visible from
XRD) as references for surface ZnO sites, crystalline ZnO and Zn bound in the spinel structure,

respectively. This provided insights into the amount of zinc present in these phases.

In-situ XAS experiments were conducted at the Swiss Light Source synchrotron at the SuperXAS
beamline. Quartz capillaries (length of 80 mm, outer diameter 0.8 mm with 0.01 mm wall thick-
ness) were loaded with 100-200 pum ZnAl204 or ZnGaz04 particles diluted 1:8 in inert a-Al2Oa.
To ensure a pressure tolerance of 20 bar, the loaded capillaries were glued using Araldite Rapid
Epoxy to a sample holder and cured for several hours. Hereafter, the sample holder was connected
to the flow setup, where Hz, 10% CO/He, CO2, 10% O»/He and He gasses were connected. The
capillaries were heated by radiative heaters, proprietary to the SuperXAS beamline, and the off
gases were analyzed by a mass spectrometer. The experimental procedure included dehydration of
the catalysts in O./He with a heating ramp of 10 °C /min to 400 °C at 2 or 15 bar, followed by
cooling to room temperature. Hereafter, the gas was switched to a syngas mixture (CO/CO./H2/He
= 5/12/37/46, filtered through an active carbon filter to remove nickel carbonyls) or H.. When a
stable MS signal was achieved, the reactor was heated to 400 °C at 10 °C /min and kept at 400 °C
for 2 hours. After this, periodic switching between syngas or H» and O»/He was conducted in the
time interval of 10 min for a total of 180 min, followed by cooling to room temperature. Time
resolved spectra were continuously recorded in fluorescence mode in the middle of the catalytic
bed through all the above-mentioned steps. The spectra were recorded in QEXAFS mode at 1 Hz
oscillation of the monochromator. Data importing, energy calibration, rebinning, averaging, and
exporting were done using the ProQEXAFS software proprietary to the beamline. Further details
can be found in [27].

The reaction mechanism of the methanol synthesis over (0.39)ZnAl>O4 and (0.37)ZnGa>04 was
investigated by CO; adsorption and He temperature-programmed-desorption with the use of in-
situ diffuse reflectance infrared Fourier transform spectroscopy (DRIFTS). A Harrick High Pres-
sure Praying Mantis cell equipped with pure ZnSe windows was placed in a Vertex 70 infrared
spectrometer with a liquid nitrogen cooled LN-MCT VP detector. The catalysts were diluted in
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CaF; to achieve a 10 wt% mixture to improve the signal and scanned with a resolution of 4 cm™
from 650 to 4000 cm™. Every measurement was achieved by averaging 200 scans. The sample was
pretreated under He flow at 400 °C and 20 bar for 2 hours and then cooled to the reaction temper-
ature, where a background spectrum was acquired. For the CO> adsorption experiment, the gas
was switched to CO2/He where the development of peaks was continuously monitored for 60 min.
Hereafter, the gas was switched to H./He, and the change and disappearance of surface species
were continuously monitored for 60 min. The He and H2 TPD/TPR experiments were conducted
after steady-state methanol synthesis at 320 °C and 20 bar (260 °C for the H>-TPR). For the He-
TPD, the reactor was cooled to room temperature and the pressure was relieved to atmospheric
pressure. Only the temperature was lowered for the H>-TPR. When a stable MS signal was
achieved, the temperature was increased to 460 °C by ~6 °C/min, where the disappearance and

development of peaks were continuously monitored.

2.3 Catalytic activity evaluation

The measurements of the methanol synthesis activity were conducted in a high-pressure flow re-
actor setup using a copper-lined reactor tube with an inner diameter of % inch. Typically, 750 mg
of the catalyst with a grain size of 300-600 pum diluted in 750 mg inert a-AlO3z was loaded into
the reactor. Synthesis gas CO2/CO/H2/Ar with the composition 29/4/64/3 vol% was introduced
into the reactor at various temperatures in the range of 280-400 °C and 50 barg. The reaction tem-
perature was adjusted by an electric furnace controlled by a K-type thermocouple placed right
below the catalyst bed inside the reactor tube. The effluent gas was analyzed by an online GC
(Agilent 7890B) equipped with a thermal conductivity detector (TCD) and a flame ionization de-
tector (FID). The GC column connected to the flame ionization detector was RTX-DHA-150
(150m, 0.25 mmID, and 1.0um df). A combination of Shincarbon ST and MS5A columns using
helium or argon carrier gas were connected to the TCD detectors for quantification of CO, COx,
Ar, and Ho.

A similar reactor setup was used for the bi-functional catalyst activity measurements. These were
conducted in a quartz-lined reactor tube with an inner diameter of 4 mm. Typically, 500 mg of
total catalyst, 400 mg metal oxide, and 100 mg zeotype with both components sieved to a grain
size of 150-300 um, was loaded into the reactor tube. The activity measurements were conducted
using a synthesis gas CO2/H2/Ar with the composition 23/69/8 vol% at 10 barg and 400 °C. The
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reaction temperature was controlled by a N-type thermocouple placed right above the catalyst bed
inside the reactor tube and an electric furnace with three heating zones. No pre-treatment was
performed on the catalysts before the catalytic testing. The internal standard, argon, was used to
account for the decrease in reaction volume. The carbon balance closed at an average of 99.7 % +
0.5 % for all the experiments. The effluent gas was analyzed by an online GC (ThermoFisher Trace
1300, assembled by Global Analyzer Solutions) equipped with a thermal conductivity detector
(TCD) and a flame ionization detector (FID). The GC column connected to the flame ionization
detector was Rt-Q-bond (30m, 0.32 mmID, and 10um df), which separated the formed hydrocar-
bon products from Cy to Ce. A combination of Hayesep N, XL Sulfur, and Molsieve 5A columns
were connected to the TCD detectors for quantification of CO, CO2, and Ar. The CO2 conversion,
oxygenate (CH3OH + CH3OCHpg) selectivity, and oxygenate formation rate were calculated by Eq.
(1) to (4).

YAr,in

Fi,out = Vip - Varout *Yiout V't (1)
FCO ,out

XCOZ =1—-—— 2 (2)
FCOz,iTl

F +2-F
SOxy — CH30H,out CH30CH3,0ut -100% (3)

FCOZ,in - FCOZ,out

FCHOH +2.FCH0CH M CH30H
Rateoxy — ( 3 ,out ’rn::; 3,0ut) w, 3 (4)
C

Where V is the volumetric flow rate at standard conditions, V,, is the molar volume, m, is the
weight of the catalyst, and M,, is the molar mass. F; and y; are the molar flow rate and molar
fraction of component i. The hydrocarbon selectivity within hydrocarbons (oxygenates included)

was calculated by Eq. (5) to (6).

Nei - FHC,' (5)
SHC,i = N C;l . Fl ' . 100%
i=1"c,t HC,i
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(FCZHG,Out + FC3H8,Out + FC4H10,0ut) ’ MW,CHZ (6)
Ratec, ,_ =
“lC

Where n.; is the number of carbon atoms within the hydrocarbon product. The hydrogen index

was calculated by Eq. (7).

(=1 P )
Hydrogen index = = i=1HU _HCt
FCOz,iTl : XCOZ : (1 - Sco) . 2

Where ny, ; is the number of hydrogen atoms within the hydrocarbon product. The conversion to
CH:2 was calculated by the CO, conversion to hydrocarbons multiplied by 2. This demonstrates
the amount of hydrogen coming from the hydrocarbon pool species generated from methanol de-
hydration. If no gaseous hydrogen was incorporated into the product, the hydrogen index should
be 1, and net hydrogenation or dehydrogenation resulted in a hydrogen index >1 or <1, respec-

tively.

3 Results and Discussion

3.1 The methanol synthesis activity of the supported ZnO

Prior research conducted by our group has demonstrated that the primary active sites within the
ZnO-ZrO- catalyst are supported surface ZnO species, rather than Zn integrated as a solid solution
within the tetragonal ZrO- lattice or crystalline ZnO [27]. In order to enhance the methanol syn-
thesis activity and discern the active sites associated with Zn-spinel structures, a series of catalysts
with different Zn loadings were prepared and tested in a fixed bed reactor. The methanol synthesis
rate depended on the Zn-loading of the Zn-spinel structures, as demonstrated in Fig. 1 (a). Exceed-
ing the spinel stoichiometric Zn-loading of 33 mol% (ZnMe>O4) improved the methanol synthesis
rate significantly. This improvement was due to the increase in CO, conversion and oxygenate
selectivity (Fig. 1 (b)). The XRD patterns of the catalysts mainly showed the spinel structure as
illustrated in Fig. 1 (c) and Fig S1. As the Zn loading further increased beyond stoichiometric Zn,
crystalline ZnO became visible by XRD. This caused the methanol synthesis rate to decline (Fig.
1 (a)) due to a decrease in the CO, conversion. This suggests that the sintering of the ZnO phase
led to the elimination of the active surface area, where the active sites might consist of small, well-

dispersed, supported ZnO particles [28], or a more amorphous phase in which the ZnO phase did
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not adopt a repetitive crystalline structure [24]. Together, these results suggest that the active phase
was not inherent to the spinel structures themselves [4,19,29], nor the crystalline ZnO, but rather

to a ZnO phase that formed on the surface of the spinel structure [21-24,30].
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Fig. 1. (@) The oxygenate formation rate and (b) the oxygenate selectivity and CO2 conversion to hydrocarbons (COx con.) against
the Zn loading within the spinel structures. (c) The XRD pattern of the as prepared ZnAl.04 catalyst with different Zn loading from
0.31 to 0.51 mol fraction (1 for pure ZnO). Reaction conditions: 320 °C, 50 bar, 31.2 NL/h, 0.75 g catalyst, gas composition of
CO2/CO/H2/Ar 29/4/64/3 Vol %.

XAS analysis of the Zn K-edge was conducted to further investigate the nature of the ZnO phase
present in the spinel catalysts. The X-ray absorption near edge structure (XANES) and the Fourier-
transformed k3-weighted extended X-ray absorption fine structure (FT-EXAFS) spectra of the as-
prepared ZnAl>O4 catalysts and ZnO are presented in Fig. 2 (a) and (b). A similar analysis for the
ZnGa>04 was conducted and can be found in Fig. S1. Fitting the two nearest neighbor shells to the
FT-EXAFS spectrum of the under stoichiometric ZnAl,O4 sample, using paths calculated for
ZnAl,04 (ICSD 196109), found Zn-O at 1.96 A, Zn-Al at 3.34 A, and Zn-Zn at 3.50 A. When
using similar paths calculated for ZnGaO. (ICSD 81108) to fit the under stoichiometric ZnGazO4
sample found Zn-O at 1.98 A, Zn-Ga 3.44 A, and Zn-Zn 3.57 A. This confirmed that most Zn in
these samples was present in the spinel structure, where Zn atoms are tetrahedrally coordinated
within the octahedrally coordinated aluminum oxide or gallium oxide structure. Changes in both
the XANES (Fig. 2 (a)) and EXAFS (Fig. 2 (b)) spectra were observed as the Zn-loading increased.
Signals associated with crystalline ZnO (ICSD 57450) became visible at high Zn-loadings, in
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agreement with the observations from the XRD analysis (Fig. 1 (c)). The EXAFS fits of the stand-
ards and the Zn-O, Zn-Zn (Zn0O), and Zn-Al, Zn-Zn (ZnAl;O4) contribution to the fitted curve are
visualized in Fig. S2. Similar fits for the ZnGazO4 catalyst can be found in Fig S3.
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Fig. 2. (a) Zn K-edge XANES and (b) Fourier-transformed k3-weighted EXAFS spectra, ZnAl>O4 catalysts with varying Zn loading
from 0.31 to 0.51 mol fraction and ZnO (1) as references. The contribution of the ZnAl.04 and ZnO phases on the EXAFS spectra
were identified by 1 and 2" shell EXAFS fitting with the ICSF 196109 and ICSD 57450 standard, respectively. (c) The oxygenate
formation rate against the calculated amount of the surface ZnO species from linear combination fitting [27]. Reaction conditions:
320 °C, 50 bar, 31.2 NL/h, 0.75 g catalyst, gas composition of CO2/CO/H2/Ar 29/4/64/3 Vol%.

Table 1. Specific surface area (BET), bulk metal loading, the weight percentage of crystalline, hexagonal ZnO determined by XRD,
and the Zn percentage present as surface ZnO or crystalline ZnO determined by XANES.

Catalyst BET Bulk Zn/(Me+Zn)2  Cryst. ZnO®  Surface ZnO°¢  Cryst. ZnO°¢
[m?/g] [mol%] [wit%] [mol%] [mol%]
(0.31)ZnAl04 167 311 n.d. 0 0
(0.32)ZnAl04 135 324 nd. 58+0.8 3.3+0.9
(0.39)ZnAl04 133 39.3 12.3 14+0.8 14+11
(0.51)ZnAl04 96.3 50.8 25 6 10+05 19+0.7
(0.23)ZnGa,0, | 107 23.2 n.d. 0 0
(0.33)ZnGa;0, | °0.7 32.8 nd. 2+0.8 49+1.0
(0.37)ZnGa;04 96 37.4 nd. 24+6.0 35+7.8
(0.38)ZnGa,0, | 863 37.9 0.4 16+4.2 9.2+23
(0.48)ZnGa,0, | 722 41.7 7 15+2.6 26 +2.0

adetermined by ICP-OES, Me denotes the support metal (Al or Ga), °determined by Rietveld refinement of XRD data, °determined

by linear combination fitting of XANES data. n.d. denotes not detected.
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Linear combination fitting of the XANES spectra was conducted to further understand the changes
in ZnO phases present in the catalysts between low and high Zn-loadings. In previous work, sur-
face, amorphous ZnO was observed at low Zn loadings for ZnO supported on alumina stabilized
tetragonal zirconia catalysts [27]. This catalyst was used as a spectral reference for supported
amorphous ZnO. The spectra of the under stoichiometric spinel catalysts and ZnO were used as
references for the spinel bound Zn and crystalline ZnO respectively. Good fits were obtained by
using these three references (Fig S2 and S3), showing that the changes in the spectra were caused
by the formation of an amorphous, surface ZnO phase that at high Zn loadings formed crystalline
ZnO. The outcomes of linear combination fitting, as presented in Table 1, indicate that methanol
synthesis activity increased associated with the formation of the amorphous ZnO phase, while it
declined with the formation of crystalline ZnO (Fig. 1 (a) and Table 1). By utilizing the bulk con-
centration determined from ICP analysis and the fraction of Zn present as the surface ZnO phase
(Table 1), the amount of the surface ZnO phase in the catalysts was estimated [27]. The estimated
amount exhibited a strong correlation with the methanol synthesis rate, as depicted in Fig. 2 (c).
This finding shows that the surface ZnO phase was the primary active site for methanol synthesis
and that improving the amount of this phase, e.g. by increasing the surface area available for its
support, will enhance the methanol synthesis activity [24,27]. The spinel phases themselves did
show methanol synthesis activity, as the correlation in Fig. 2 (c) does not show zero rate if no
surface ZnO was present, but they became more selective towards oxygenates rather than CO with

the formation of surface ZnO Fig. 1 (a).
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3.2 Changes in the ZnO phase under reducing and oxidizing atmospheres
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Fig. 3. (a) Zn K-edge XANES and (b) the Fourier-transformed k3-weighted EXAFS spectra of the (0.39) ZnAl.O4 obtained at room
temperature after the dehydration step and periodic switching between the syngas mixture or Hz and O2 through 18 switches. (c)
The normalized CH3zOH formation rate for the first cycle (initial) and the 9™ cycle (end) determined from the MS signal at m/z =
31. Reaction conditions: 400 °C, 2 or 15 barg, 50 NmL/h, catalyst loading of ~2.5 mg (diluted 1:8 in inert a-Al20z3), feed gas
composition of CO2/CO/H2/He 12/5/37/46 or O2/He of 10/90.

In-situ XAS analysis at the Zn K-edge was conducted on the most active spinel catalysts under
methanol synthesis conditions and under changing reducing and oxidizing atmospheres, simulat-
ing catalyst regeneration in a bi-functional catalyst system. The XANES and EXAFS spectra ob-
tained at room temperature after the dehydration step and after the periodic switching between H>
or syngas and O are illustrated in Fig. 3 (a) and (b) for the (0.39)ZnAl,O4 catalyst. The dehydra-
tion step did not change the structure of the catalysts compared to the as-prepared state (Fig. 2 (a-
b)). However, the periodic switching between reducing and oxidizing gasses caused the formation
of crystalline ZnO, which deactivated the catalyst (Fig. 3 (c)). Using both H, and a syngas mixture
as the reducing gas gave similar results (Fig. 3 (a-b)). Thus, the sintering of the surface ZnO phase
into crystalline ZnO under oscillating conditions led to catalyst deactivation, providing additional
confirmation that the primary methanol synthesis activity did not stem from the crystalline ZnO.
A similar experiment was conducted for the (0.37)ZnGaz0O4 catalyst as shown in Fig S6. Linear
combination fitting of the (0.37)ZnGa>04 revealed that the crystalline ZnO fraction doubled after
oscillating between syngas and O, as illustrated in Fig S6. The instability of the surface ZnO phase

under the oscillating conditions indicates that Zn became mobile and sintered. It is plausible that
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Zn exhibits mobility under reducing conditions, as these conditions may contribute to a partial
reduction of the surface ZnO [27]. Shifting to oxidizing conditions reoxidizes the more sintered
ZnO. Such mobility of the ZnO under reducing conditions could be important for the observed
solid-state titration of ZnO into zeolite components in bi-functional catalytic systems [31-33].
Furthermore, zinc mobility under reducing atmospheres is debated in literature to have an im-
portant effect on copper based methanol synthesis catalysts as well [34-36]. The deactivation be-
havior of the metal oxide catalysts under alternating reducing-oxidizing conditions could be a sig-
nificant drawback when used together with H-SAPO-34. H-SAPO-34 deactivates fast due to car-
bon deposits hindering access to the acid sites under methanol-to-olefins conditions [37]. Oxida-
tive removal of such carbon deposits when using the bi-functional catalytic system would deacti-
vate the methanol synthesis catalyst. However, great stability has been demonstrated when com-
bining metal oxides solid with CHA acids [2—4,18,19,38], so oxidative regeneration may be un-

necessary.

3.3 The CO2 hydrogenation to methanol synthesis mechanism

To investigate the CO2 hydrogenation reaction over the Zn-containing spinel structures in-situ
DRIFTS was employed to monitor the evolution of surface species during CO2 adsorption, fol-
lowed by H> treatment, and He-TPD after reaching a steady state in methanol synthesis. In Fig. 4
(@), the initial CO> adsorption on the ZnAl>O4 catalyst shows the formation of carbonate (*COz3)
at 1371 and 1552 cm™ [39-42]. The surface carbonate rapidly hydrogenated into formate
(*HCOO), observed at 1363, 1375, 1598, and 2850 cm™, when the CO gas was changed to H;
(Fig. 4 (a-b) and Fig. S7) [40,43,44]. At constant H> flow, the formate signals started to disappear
with concurrent formation of water and CHys, as detected in the gas phase as the “hedgehog” signal
due to water rotational modes around 1300-2000 cm, and peak at 1306 cm™, respectively (Fig. 4
(@)). Both the ZnAl>,O4 and ZnGaO4 catalysts showed low selectivity towards CHs under the meth-
anol synthesis conditions, but the high IR absorption cross-section for CHs is believed to be the
reason for the strong signal observed. CH4 formation was observed by Ye et al. [45] over a similar
ZnAl>04 catalyst. Repeating this experiment at 260 °C showed the formation of carbonate, which
again rapidly hydrogenated into formate. However, the fast removal of formate peaks by further
hydrogenation in constant H> flow was not observed (Fig S7). This could indicate that formate
hydrogenation proceeds much slower and requires more energy to overcome the activation energy

barrier than carbonate hydrogenation.
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Fig. 4. In-situ DRIFTS measurements. (a) CO2 adsorption followed by H: treatment on (0.39)ZnAl204 at 20 bar and 320 °C. (b)
The initial change in IR signals for the Hz treatment after CO2 adsorption (c) TPD in He at 1 bar after steady-state methanol
formation at 320 °C and 20 bar.

Ye et al. [45] investigated methanol adsorption on the ZnAl>O4 catalyst and found signals for
methoxy at 2982 and 2891 cm™. These signals only appeared at 2823 and 2924 cm™ after the
ZnAl>04 was subjected to steady-state methanol synthesis at 320 °C and 20 bar and then cooled to
room temperature (Fig. 4 (b)). The methoxy signals quickly disappeared upon heating in He.
Hence, the formation of methanol could proceed through a methoxy intermediate, which rapidly
hydrogenated and desorbed as methanol, and thereby only visible at low temperatures. By further
heating in helium, the formate signal disappeared at around 300 °C, showing that formate was
strongly adsorbed to the surface (Fig. 4 (c)). The same analysis was conducted for the ZnGaO4
catalyst, which showed similar behavior as to the ZnAl,O4 catalyst and can be found in Fig. S8. A
notable difference was that the formate signals for the ZnGa>O4 were removed at 324 °C (Fig S8).
In previous work, similar experiments for the ZnO/t-ZrO, catalysts showed that the formate signals
disappeared at 370 °C [27]. The stronger adsorption of the formate on the ZnO/t-ZrO; could be
responsible for its superior methanol selectivity since both methanol selectivity and formate de-

sorption temperature followed the order ZnO/t-ZrO>>ZnGax04>ZnAl20a.

Overall, it is proposed that the CO> hydrogenation into methanol over non-stoichiometric Zn-spi-
nel structures occurred through CO, adsorption as carbonate followed by fast hydrogenation into
formate. Formate hydrogenation into methoxy occurred at a slower rate and appeared as the rate

determining step, while formed methoxy rapidly hydrogenated and desorbed as methanol [45].
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3.4 Direct CO; hydrogenation into olefins

The measurements of direct CO> hydrogenation to olefins activity were conducted by physical
mixing of granulates of the metal oxide and H-SAPO-34 within one reactor. By combining the
(0.39)ZnAl>04 with H-SAPO-34, a light olefin selectivity of 80 mol% on a carbon basis at 10 bar
and 400 °C was obtained (Fig. 5 (a)). This light olefin selectivity was achieved with a CO> to
hydrocarbon conversion (COx conversion) of 2.9 mol%. By changing the metal oxide component
to the (0.37)ZnGax04 or the (0.18)Zn0O/t-ZrO: catalyst, the COx conversion increased to 3.8 and
5.4 mol%, respectively. Detailed analysis of the methanol synthesis activity of the ZnO/t-ZrO-
catalyst is published elsewhere [27]. The improvements in the COx conversion were achieved with
the drawback of a decrease in light olefin selectivity to 72 and 67 mol%. However, due to the
enhanced COy conversion, the light olefin formation rates were 22 and 11 gcz-4= kgt ht for the
ZnO/t-ZrO- and the ZnAl>Oq4 catalyst (Fig S9).
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Fig. 5. The CO2 conversion (con.), CO selectivity (sel.), and the hydrocarbon selectivity (a) for different metal oxide catalysts with
H-SAPO-34 and (b) for different pressures over ZnAl.04+H-SAPO-34. (c) The hydrogen index with increasing pressure. Reaction
condition: 400 °C, 10 bar (unless else stated), 2.5 NL/h, and catalyst loading of 500 mg.

Increasing the reactor pressure improved the COx conversion for the ZnAl.O4 catalyst, as illus-
trated in Fig. 5 (b). In Fig. 5 (c), the calculated hydrogen index as a function of pressure for all

three catalyst combinations is visualized. A hydrogen index of one corresponds to no incorporation
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of gaseous Hy into the product, meaning that all hydrogen stored in the product came from meth-
anol dehydration, forming the “CHx* hydrocarbon pool specie. A hydrogen index above or below
one corresponds to hydrogenation or dehydrogenation, respectively. The result in Fig. 5 (c) shows,
that the catalyst mixture of the metal oxide and H-SAPO-34 all resulted in net hydrogenation. As
the pressure increased, the incorporation of gaseous Hy increased, which explains the decreased
light olefin selectivity with increasing pressure observed in Fig. 5 (b). At low pressures, the
ZnAl>Oq4 catalyst had a hydrogen index closer to one, compared to the other catalysts, showing
less hydrogenation activity. However, similar hydrogen activity was observed for all three catalyst

mixtures when the pressure increased to >20 bar.

To investigate how performance changes with the presence of CO in the feed gas, CO co-feeding
experiments were conducted, which mimic the process of recycling unconverted gas back to the
reactor. The CO co-feeding was conducted according to two different strategies. The results rep-
resented in Fig. 6 were obtained by replacing CO with CO while keeping the total amount of
carbon constant. Experiments where the CO or the CO; partial pressures were kept constant while

co-feeding of either CO2 or CO can be found in Fig. S10.
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Fig. 6. (a) The CO2 conversion (con.), CO selectivity (sel.), and the hydrocarbon selectivity with change in the amount of CO and
CO: in the feed gas. (b) The light olefins formation rate with increased CO concentration in the feed. (c) The approach to equilib-
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As depicted in Fig. 6 (a), having more CO in the feed gas led to a decrease in both CO selectivity
and CO; conversion. The CO selectivity dropped from 91 to 35 %, where the CO conversion only
decreased from 27 to 15 %, resulting in an increased overall COx conversion from 2.3 to 9.5 %.
This was achieved without affecting the olefin selectivity, which remained constant at 79 mol%
(Fig. 6 (2)). Therefore, the increased presence of CO in the feed resulted in an enhanced rate of
light olefin formation, rising from 10 to 18 gco-2- kg™ h?, as illustrated in Fig. 6 (b). These results
demonstrate a powerful strategy to minimize the CO selectivity and improve the light olefin for-
mation rate for the bi-functional catalytic system, which could be achieved by recycling gas to the
reactor [4,46].

Several factors may account for the enhanced COx conversion observed during CO co-feeding.
Firstly, CO could potentially serve as the primary carbon source for the initial methanol synthesis.
Also, CO may aid in the removal of water, an inhibitor of the metal oxide that slows the methanol
synthesis activity [47]. Additionally, CO may generate oxygen vacancies that boost the CO; hy-
drogenation rate [48]. Lastly, CO may facilitate the carbonylation of hydrocarbon pool species
[49]. The DRIFTS data in Section 3.3 together with the fact that ZnAl.O4 catalysts have demon-
strated great reverse-water-gas-shift activity [50], and as the rate of this reaction is much faster
than CO or CO- hydrogenation into methanol, it is unlikely that CO is the primary carbon source
for methanol synthesis. Previous kinetic analysis of a bi-functional catalytic system showed that a
small amount of residual methanol together with a high amount of water, produced from the re-
verse-water-gas-shift, methanol synthesis, and methanol dehydration reactions, reduced the ther-
modynamic driving force by approaching the methanol equilibrium if immediate methanol con-
version did not occur [25]. Fig. 6 (c) shows that the reverse-water-gas-shift reaction reached equi-
librium when a high amount of CO was co-fed. Therefore, the production of water from this reac-
tion was reduced and the total amount of water in the reactor was significantly reduced (water
outlet mol% decreased from 7.1 to 2.0). Thus, the enhanced activity could be due to the improved
thermodynamic driving force for the CO- to methanol hydrogenation reaction. Attenuation of the
H-SAPO-34 acidity has been observed due to competitive water adsorption. Thus, high water con-
centration decreased the dehydration activity of the solid acid and thereby increased the residual
methanol concentration, forcing the methanol synthesis reaction closer to equilibrium [51]. How-
ever, as illustrated in Fig. 6 (c), the outlet gas was far from CO> to methanol equilibrium, but this
could be misguiding if the catalyst bed was not perfectly mixed. Lastly, incorporation of CO into
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the hydrocarbon pool species within the solid acid pores cannot be excluded [49,52], but it seems

unlikely as no significant change was observed in the hydrocarbon distribution (Fig. 6 (a)).

The effect on the hydrocarbon distribution and light olefin formation rate with the change of resi-
dence time in the reactor when feeding CO2/H> over the ZnAl>04 and H-SAPO-34 is illustrated in
Fig. 7. Short residence time allows unconverted methanol and dimethyl ether to pass through the
reactor. At longer residence time, the oxygenates were converted and an increase in the light olefin
selectivity was observed (Fig. 7 (a)). With extended residence time, the olefin selectivity began to
decline, attributed to the hydrogenation of olefins into paraffins. The optimum olefin selectivity
was obtained when all oxygenates were converted into olefins where the residence time remained

sufficiently short to prevent olefin hydrogenation.
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Fig. 7. (a) The hydrocarbon selectivity with change in the residence time. (b) The CO2 conversion (con.), CO selectivity (sel.), and
light olefins formation rate with the change in residence time. Reaction condition: 380 °C, 10 bar, 2.5, 3.5, 5.2, and 7 NL/h at the
catalyst loading of 700 mg and repeated at 1.8, 2.7, 3.5, 5.3, 6.2 and 7 NL/h at the catalyst loading of 350 mg.

As illustrated in Fig. 7 (b), the CO selectivity did not change with the change in residence time
staying at ~90 %. However, the CO> conversion increased from 12.7 to 27.5 % with a 5.7-time
increase in the residence time. Previous work has revealed that this trend in CO conversion can
be attributed to the approach to equilibrium for the CO, to methanol reaction as more water is
formed at a longer residence time [25]. The optimum light olefin formation rate was achieved at

the residence time where all the oxygenates were converted and where the CO, hydrogenation
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reaction was far from equilibrium, as depicted in Fig. 7 (b). The cause of the approach to equilib-
rium could be the effect of water attenuation of the acid sites, causing an increase in residual meth-
anol within the reactor [51]. Hence, the breakthrough for the bi-functional catalyst systems for
direct syngas to hydrocarbons may necessitate a reconsideration of reactor design to eliminate the

high concentration of water[53].

The stability of the ZnAl,O4+H-SAPO-34 catalyst mixture was investigated and the results are
illustrated in Fig. 8. A slow but steady deactivation was observed for the CO2 conversion over 100
hours on stream. Greater changes were observed for the CO, light olefin, and light paraffin selec-
tivity, mainly within the first 10 hours on stream. The decline in light olefin selectivity was at-
tributed to an increase in hydrogenation activity, resulting in an elevated paraffin selectivity. Ad-
ditionally, the CO selectivity increased showing a decrease in CO2 converted into hydrocarbons
within the initial 10 hours. After the first 10 hours, stable selectivities were observed for more than
90 hours. These results demonstrated a stable catalytic system, in sharp contrast to the methanol-
to-olefins process. Similar trends with time on stream have been reported for bi-functional cata-
lysts [3,18], but the cause of the stable performance is still not fully known.
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Fig. 8. (a) The CO2 conversion (con.), CO selectivity (sel.), and the hydrocarbon selectivity with time on stream. (b) The oxygenate
conversion (CH3OH + CH3OCHSa) at accumulated (acc.) methanol conversion pr. gram of H-SAPO-34. Reaction conditions:
400 °C, 10 bar, 2.5 NL/h, and catalyst loading of 500 mg.

The results in Fig. 8 (b) show that more than 18 gmeon pr gsaro-3s was converted without a signif-
icant drop in the methanol conversion. This surpasses the methanol-to-olefin process where the

CHA structure is prone to fast deactivation by internal coke formation. Bleken et al. [37] showed
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that SAPO-34 can convert approximately 20 gmeoH Pr gsapo-3s before the methanol conversion
dropped to 20 %. The combination of the metal oxide, the solid acid, and the reaction atmosphere
has an enhancing effect on the solid acid's lifetime. Improved lifetime for the methanol-to-olefins
process has been demonstrated by co-feeding methanol with high partial pressure of Hz [54-56].
This enhancement was attributed to a decrease in the rate of coke formation, resulting in smaller
coke molecules, primarily mono- and diaromatics, as opposed to the tri- and tetraaromatic species
typically formed during the methanol-to-olefins process [13,55]. Zhao et al. [56] proposed that
hydrogenation of heavy aromatic deposits reactivates these aromatic species for the hydrocarbon
pool mechanism and thus slows down the evolution of coke species. Furthermore, studies have
shown that high partial pressures of water together with Hy further reduce the amount of coke
formed [51,56].

It has been proposed that when combining a Zn-based methanol synthesis catalyst
with a solid acid catalyst, titration of acidic sites by Zn ion exchange into the solid acid can take
place [31,32]. To simulate this, a SAPO-34 sample was impregnated with a small amount of Zn,
denoted Zn-SAPO-34. This catalyst was combined with ZnAl,QOg, tested for its direct CO. hydro-
genation to olefin abilities, and compared to H-SAPO-34, as illustrated in Fig. 9 (a-b).
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Fig. 9. (a) The COz2 conversion (con.), CO selectivity (sel.), and light olefins selectivity, and (b) the hydrogen index with time on
stream for the ZnAl204 mixed with H-SAPO-34 and Zn-SAPO-34. (c) The XRD patterns of the as-prepared catalysts and after
exposure to the COz to olefin reaction (the mixture of the metal oxide phase and the solid acid phase). Reaction conditions: 400 °C,
10 bar, 2.5 NL/h, and catalyst loading of 500 mg.
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XRF analysis revealed the presence of 1.5 wt% Zn in the Zn-SAPO-34 sample, leading to a reduc-
tion in acid site density from 516 to 403 pumol/g, as determined by NHs-TPD (Table S1). XRD
analysis did not detect the presence of any crystalline ZnO in the Zn-SAPO-34 sample (Fig. 9 (c)),
showing the absence of large ZnO clusters. Consequently, it was inferred that the Zn was well
dispersed and occupied acid sites within the SAPO-34 crystals. Upon combination with ZnAl20a,
the CO, conversion and CO selectivity were identical to those observed with the ZnAl>O4/H-
SAPO-34 catalyst (Fig. 9 (a)). However, the hydrogenation activity of the Zn-SAPO-34 catalyst,
illustrated in the hydrogen index in Fig. 9 (b), was significantly higher yielding a higher selectivity
towards paraffins. This suggests that Zn migration from ZnAl;O4 into H-SAPO-34 was responsible
for the decrease in olefin selectivity, where the greatest change happens within the first 10 hours
on stream (Fig. 9 (a-b)). Zn migration further altered the active site for the methanol synthesis
reaction, which could explain the initial changes in the CO2 and CO selectivity (Fig. 9 (a)).

XRD analysis of the catalysts after being exposed to CO2 to olefins conditions (from experiments
visualized in Fig. 5 (b) and S9) showed that both the ZnAl>O4 and ZnO crystals sintered, with an
increase in particle size from 33 to 72 A and from 109 to 230 A, respectively. Similar sintering
was observed for ZnGa;O4, where the particle size increased from 79 to 137 A. Crystalline ZnO
was not visible by XRD for the ZnGa O catalyst. This demonstrated that the metal oxide candidate
lost active surface area with time on stream and explained the slow and steady loss in the CO>
conversion. Overall, this suggested that two deactivation phenomena occurred: Zn migration,
which occurred initially, increasing the hydrogenation activity of the solid acid, and metal oxide

sintering, which steadily removed the methanol synthesis active surface area.

4 Conclusions

To improve the methanol synthesis activity for ZnAl>O4 and ZnGa 04, the Zn loading should ex-
ceed the stoichiometric spinel loading. Exceeding the stoichiometric loading created ZnO sites on
the spinel structure’s surface, which were quantified by XAS analysis. These sites had superior
oxygenate selectivity and the concentration of such sites controlled the CO. conversion. However,
at high Zn loading, the formation of crystalline ZnO removed these amorphous ZnO sites, resulting
in a decrease in the methanol synthesis activity. In-situ XAS analysis confirmed that the primary

active sites were the amorphous, surface ZnO since deactivation occurred with the formation of
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crystalline ZnO when oscillating between reducing and oxidizing conditions. In-situ DRIFTS anal-
ysis showed that the CO> to methanol reaction over Zn containing spinel catalyst occurred through
a formate pathway, where CO> adsorbed as carbonate, hydrogenated into formate, and further into
methoxy, which desorbed as methanol. Fast hydrogenation of carbonate into formate was observed
at both 260 and 320 °C, while formate hydrogenation was mainly observed at 320 °C, suggesting

that formate hydrogenation was the rate-determining step.

When the Zn spinel catalysts were combined with H-SAPO-34 solid acid, a high olefin selectivity
was observed. ZnGa>04 had higher methanol synthesis activity and higher hydrogen index, show-
ing a higher olefin hydrogenation activity than the ZnAl,O4 catalyst. By increasing the pressure,
higher hydrocarbon yields were obtained at the expense of an increase in paraffin selectivity. This
demonstrated a trade-off between the CO. conversion to hydrocarbons and the olefin selectivity.
A strategy to improve the CO2 conversion to hydrocarbons without affecting the olefin selectivity
was to co-feed CO. Co-feeding CO decreased the rate of the reverse-water-gas-shift reaction by
limiting the thermodynamic driving force. This caused minimal production of water in the reactor,
which improved the thermodynamic driving force for the CO> to methanol reaction. Combining
the ZnAl,O4 and H-SAPO-34 showed stable production of olefins for around 100 hours on stream,
and showed that more than 18 gmeon pr gsaro-34 could be converted without any reduction in the
methanol conversion. However, solid-state migration of Zn onto the solid acid and metal oxide
sintering caused the slow deactivating trends observed. When Zn was impregnated on the solid
acid, increased olefin hydrogenation was observed, explaining the initial decrease in the olefin

selectivity observed within the first 10 hours on stream.
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6 Deactivation Phenomena for Bi-functional Cat-
alysts Composed of ZnO/ZrO, and CHA To-
pology Solid Acid

On the next page, the manuscript with the title: Deactivation Phenomena for Bi-functional Catalysts

Composed of ZnO/ZrO, and CHA Topology Solid Acid are reprinted.

This manuscript is still under preparation.
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1 Materials and Method

1.1 Catalyst preparation

The ZnO/t-ZrO- catalyst was prepared by the incipient wetness impregnation method. Before impreg-
nation, the t-ZrO> support was dried overnight at 120 °C and the precise water uptake was determined
of the dried support. A solution of Zn(NOs3).'6H20 with the volume determined by the water uptake
was prepared to achieve 18 mol% Zn/(Zr+Zn). The prepared solution was then added to the t-ZrO-
support and the impregnated catalyst was dried overnight at 100 °C. Finally, the dried catalyst was
calcined in air at 500 °C for five hours. The t-ZrO- support had a surface area of 145 145 m?/g (sta-
bilized by Al>03) and was provided by Saint-Gobain NorPro.

The NH4-SAPO-34 samples were obtained from ACS Material®. The NHs-SAPO-34 was calcined

at 550 °C for 3 hours to convert the ammonium-cation to a proton.

The bifunctional catalysts were physically mixed as granulates of 150-300um with 80 wt% metal
oxide to 20 wt% H-SAPO-34.

The spent bi-functional catalyst was obtained from an experiment where the pressure was changed
from 10 to 30 bar in 5 bar intervals and afterwards returned to 10 bar at 400 °C and 5000 mL/g/h. The
total hours on stream for this experiment was 21 hours. The second spent bi-functional catalyst was
obtained after 80 hours on stream at constant conditions (400 °C, 10 bar and 5000 mL/g/h) which was
then treated in an oxidative regeneration environment and finally used for activity test at the same

conditions for 38 hours.

1.2 Catalyst characterization
XRD analysis was conducted with a PanAlytical X'Pert Pro instrument in Bragg-Brentano Geometry

in reflectance mode using a Cu K, radiation source (A = 1.541 A) at ambient conditions. The scan
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range was 5-70° with a step size of 0.017°. The Rietveld analysis was performed using the Topas

software.

Transmission electron microscopy imaging of the catalysts was performed on a Thermo Fisher Spec-
tra 200 X-CFEG (S)TEM microscope equipped with Dual-X EDS detectors. The catalyst samples
were crushed in a mortar and dispersed in absolute ethanol (99.9%) before drop casting on a Cu-TEM
grid covered with lacey carbon film (SPI supplies). Images and energy dispersive X-ray (EDX) spec-
troscopy maps were acquired in scanning transmission mode (STEM) with a probe current of 0.2 nA
and a probe convergence angle of 30 mrad. Detector collection angles of 0-22 mrad and 56-200 mrad
were applied for the bright-field (BF) and high-angular annular dark field (HAADF) detector, respec-
tively. The EDX maps were acquired continuously scanning for >10 minutes to obtain decent signals
and were post-processed in Velox 3.8 to generate element composite images with pixel-averaged

smoothing.

In-situ XAS experiments were conducted at the Swiss Light Source synchrotron at the SuperXAS
beamline. Quartz capillaries (Ilength of 80 mm, outer diameter 0.8 mm with 0.01 mm wall thickness)
were loaded with 100-200 pm ZnAl204 or ZnGa 04 particles diluted 1:8 in inert a-Al,O3. To ensure
a pressure tolerance of 20 bar, the loaded capillaries were glued using Araldite Rapid Epoxy to a
sample holder and cured for several hours. Hereafter, the sample holder was connected to the flow
setup, where H, 10% CO/He, CO», 10% O./He and He gasses were connected. The capillaries were
heated by radiative heaters, proprietary of the SuperXAS beamline and the off gases were analyzed
by a mass spectrometer. The experimental procedure included dehydration of the catalysts in O2/He
with a heating ramp of 10 °C /min to 400 °C at 2 or 15 bar, followed by cooling to room temperature.
Hereafter, the gas was switched to a syngas mixture (CO/CO2/Hz/He = 5/12/37/46, filtered through
an active carbon filter to remove nickel carbonyls) or H2. When a stable MS signal was achieved, the
reactor was heated to 400 °C at 10 °C /min and kept at 400 °C for 2 hours. After this, periodic switch-
ing between syngas or H2 and O2/He was conducted in the time interval of 10 min for a total of 180
min, followed by cooling to room temperature. Time resolved spectra were continuously recorded in
fluorescence mode in the middle of the catalytic bed through all the above-mentioned steps. The
spectra were recorded in QEXAFS mode at 1 Hz oscillation of the monochromator. Data importing,
energy calibration, rebinning, averaging and exporting was done using the ProQEXAFS software

proprietary of the beamline. Further details can be found in [1].
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1.3 Catalytic activity evaluation and oxidative regeneration

A high-pressure flow reactor setup was used for the bifunctional catalyst activity measurements.
These were conducted in a quartz-lined reactor tube with an inner diameter of 4 mm. Typically,
500 mg of total catalyst, 400 mg metal oxide and 100 mg zeotype with both components sieved to a
grain size of 150-300 um, was loaded into the reactor tube. The activity measurements were con-
ducted using a synthesis gas CO2/H2/Ar with the composition 23/69/8 vol% at 10 barg and 400 °C.
The reaction temperature was controlled by a N-type thermocouple placed right above the catalyst
bed inside the reactor tube and an electric furnace with three heating zones. No pre-treatment was
performed to the catalysts before the catalytic testing. The internal standard, argon, was used to ac-
count for the decrease in reaction volume. The effluent gas was analyzed by an online GC (Ther-
moFisher Trace 1300, assembled by Global Analyzer Solutions) equipped with a thermal conductiv-
ity detector (TCD) and a flame ionization detector (FID). The GC column connected to the flame
ionization detector was Rt-Q-bond (30m, 0.32 mmID and 10um df), which separated the formed
hydrocarbon products from C; to Cs. A combination of Hayesep N, XL Sulfur and Molsieve 5A
columns were connected to the TCD detector for quantification of CO, CO3, and Ar. The CO; con-
version, oxygenate (CH3OH + CH3OCHj3) selectivity, and oxygenate formation rate were calculated
by Eqg. (1) to (3).

: - YVar,i —
Fiout = Vin - Ya . YViout le (1)
r,out
CO,,0ut
CO,,in

Fergonout + 2 Feryochs out

Soxy = -100% 3)

FCOZ,in - FCOZ,out

Where V is the volumetric flow rate at standard conditions, V,,, is the molar volume, m, is the weight
of the catalyst, and M,, is the molar mass. F; and y; are the molar flow rate and molar fraction of

component i. The hydrocarbon selectivity within hydrocarbons (oxygenates included) was calculated
by Eq. (4).
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n " * FHC,' (4)
Shci = NC;'__F‘ -+ 100%
i=1"%c,1 HC,i

Where n. ; is the number of carbon atoms within the hydrocarbon product.

For the oxidative regeneration, the reactor was heated with a temperature ramp of 5 °C/min to 500°C
in a gas flow of 100 mL/min of 5 vol% oxygen diluted in nitrogen at 1 atm for the first 185 min.
Hereafter, a 10 vol% oxygen mixture was applied at 500 °C to ensure complete carbon removal. The
setup was connected to an FT-IR, in which it was possible to monitor the amount of CO, and CO

formed during oxidative regeneration.

2 Results and Discussion

2.1 Bi-functional catalyst activity and selectivity

ZnO supported on tetragonal zirconia (t-ZrO2) was shown to selectively produce methanol form CO»
at elevated temperatures, making them promising candidates when combined with solid acids, for the
combined methanol synthesis and methanol dehydration reaction. The methanol synthesis rate for the
ZnO/t-ZrO- correlated with the amount of ZnO surface domains on the t-ZrO- surface and the optimal
catalyst was obtained with a Zn-loading for 18 mol% for the used t-ZrO; support with an SSA of 145
m?/g [1]. Fig. 1 show the results for direct conversion of CO- into light olefins when combining the

optimized ZnO/t-ZrO2 and SAPO-34 catalyst at different reaction conditions.
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Fig. 1. CO2 conversion and CO and hydrocarbons selectivities at different (a) temperatures, (b) residence times and (c) H2/COz ratios.
Reaction conditons: 10 bar, 5000 mL/g/h, (c) 7500 mL/g/h, (b-c) 380 °C, CO2/H2/Ar = 23/69/8 vol%, and catalyst ZnO/t-ZrO2 + SAPO-
34 mixed 4:1.
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Operating the bi-functional catalysts at 360 °C resulted in low methanol dehydration activity over the
SAPO-34 catalyst, as evident form the significant amount of unconverted oxygenates (mostly meth-
anol) leaving the reactor, as illustrated in Fig. 1 (a). The high concentration of unconverted methanol
in the reactor inhibited the CO, hydrogenation reaction, as this reaction approached equilibrium (Fig.
S1). Furthermore, most of the converted CO» formed CO through the reverse-water-gas-shift reaction
yielding a high CO selectivity. Upon increasing the temperature by 20 °C, the methanol dehydration
activity improved, now converting all the oxygenates to hydrocarbons. This also improved the CO>
hydrogenation, because the methanol partial pressure was reduced, ensuring that the CO, hydrogena-
tion reaction was further from equilibrium. Furthermore, the rate of the reaction increased with tem-
perature. More importantly, the CO selectivity decreased, showing that more of the converted CO>
formed hydrocarbons. As the reverse-water-gas-shift reaction is endothermic, it could at first seem
counter-intuitive that the CO selectivity decreased with increasing temperature. However, the pro-
duction of water from the CO2 hydrogenation and the methanol dehydration reactions forced the re-
verse-water-gas-shift reaction closer to equilibrium and thereby limited the CO formation rate. As
shown in Fig. 1 (b), a similar trend in the CO selectivity was observed when going from short resi-
dence time, where there was unconverted oxygenates in the reactor outlet, to longer residence time
where complete oxygenate conversion was achieved. This change in the thermodynamic driving force
for the reverse-water-gas-shift reaction, thus explains the improved CO selectivity. As the reverse
water gas shift equilibrium constant increased at higher temperatures, the CO selectivity again in-
creased when increasing the reaction temperature to 400 °C, as illustrated in Fig. 1 (a). Going from
380 to 400 °C did not significantly change the light olefin selectivity, which stayed above 70 % on
carbon basis. The highest selectivity was obtained at residence times allowing for complete oxygenate
conversion, but at even longer residence times, the light olefin selectivity decreased, likely due to
hydrogenation reactions forming light paraffins (Fig. 1 (b)). At complete oxygenate conversion, the
COz conversion increased with increasing residence time, revealing a trade-off between CO. conver-
sion and light olefin selectivity [2,3]. In Fig. 1 (c), the results for increasing the CO2/H> ratio in the
feed show improved CO: to hydrocarbons conversion from 0.7 to 2.2 %, at the expense of a slightly
more hydrogenated product causing the light olefin selectivity to decrease from 79 to 76 %. Operating
the bi-functional catalysts with a H2/CO. ratio of four increased the olefin yield by a factor of three.

Similar improvement was also found for the In203-ZrO2/SAPO-34 catalyst by increasing the H2/CO>
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ratio, but by increasing the pressure the hydrogen incorporation increased exponentially [3]. There-
fore, this strategy is only applicable at low-pressure operation, where the CO> to hydrocarbon con-

version is low.

2.2 Bi-functional catalysts stability and oxidative regeneration

The results shown in Fig. 1, demonstrate that it was possible to produce light olefins with a selectivity
above 70 % on carbon basis at a CO conversion to hydrocarbons of ~3 %. When converting methanol
over solid acids with the chabazite topology in the methanol-to-olefin process, fast deactivation oc-
curs [4,5]. This deactivation occurs due to the formation of coke precursors (methylated aromatics
and/or poly-aromatic species) within the cages of the chabazite crystal, which cannot diffuse out
through the small pore openings connecting the cages [4,6]. Therefore, it is of great interest to inves-
tigate the stability of bi-functional catalysts composed of metal oxides and chabazite solid acids. In
Fig. 2 (a) the results from stability measurement of the bi-functional catalyst conducted over 80 hours
on stream are illustrated. The results showed a minor drop in the CO, conversion and a minor increase
in the CO selectivity during the 80 hours on stream. The accumulated amount of methanol converted
per g of SAPO-34 reached 22 g, which indicate a superior stability compared to the methanol-to-
olefin reaction, where significant deactivation occurs within 18 g methanol converted per g SAPO-
34 [5]. Thus, the coking mechanism for the SAPO-34 catalyst under the reaction conditions applied
to the bi-functional catalysts changed, which improved the catalysts lifetime. The retained coke pre-
cursor molecules observed in SAPO-34 catalysts, used in similar bi-functional catalyst experiments,
was smaller and consisted mostly of mono- and diaromatics, as compared to tri- and tetraaromatic
species for the methanol-to-olefins reaction [7]. The change in the nature of the coke species could
be explained by induced cracking reactions at the high hydrogen partial pressure [8], and/or that hy-

drogenation of aromatic molecules slowed down the evolution of coke species [9].
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Fig. 2. (a) CO2 conversion and CO and hydrocarbons selectivities with time on stream before and after catalyst regeneration. (b) and
(c) Concentration of CO2 and CO in the effluent gas and the temperature with time on stream for the oxidative regeneration of the
ZnO/t-ZrO2+SAPO-34 catalyst. Reaction conditions: (a) 400 °C, 10 bar, 5000 mL/g/h, CO2/H2/Ar = 23/69/8 vol%, and catalyst ZnO/t-
ZrO2 + SAPO-34 mixed 4:1. (b-c) 1 atm, 100 mL/min, 5 vol% oxygen in nitrogen.

As shown in Fig. 2 (a), the CO, conversion to hydrocarbons decreased slowly with time on stream,
which indicated that a slower deactivation occurred. Coking, formed at a rate lower than expected for
methanol to olefins, could be responsible for the change in activity, as the formation of carbon de-
posits was evident from the color of the SAPO-34 grains after reaction, which had turned from white
to gray/black. Therefore, it is likely that the bi-functional catalysts would need to be regenerated at
some point. Normally, regeneration of methanol to hydrocarbons solid acid catalysts occurs through
oxidative treatment, where the carbon deposits are oxidized with air or diluted air at high temperature.
To investigate the effect of such treatment, an oxidative regeneration of the bi-functional catalysts
operated for more than 80 hours was conducted. It is clear from the CO2 and CO concentration pro-
files in Fig. 2 (a) and (b) that carbon deposits were retained in the SAPO-34 catalyst. Most bi-func-
tional catalysts reported in the literature have only been tested for < 100 hours on stream and with
high amount of SAPO-34 in the catalyst mixture, which likely masks deactivation by coking, as only
a fraction of the loaded SAPO-34 needs to be active to achieve full conversion of the intermediate
methanol [10-12]. Since coke molecules were retained in the SAPO-34 catalyst, regeneration would
most likely be necessary at some point. However, the oxidative regeneration resulted in an even less
active bi-functional catalyst than immediately before the regeneration, as evident from the drop in
COz conversion after regeneration, as illustrated in Fig. 2 (a). Furthermore, the regeneration induced
the olefin hydrogenation activity, causing higher light paraffin selectivity.
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As shown in Fig. 2 (a), the initial CO selectivity was low, both for the fresh and the regenerated
catalyst, but it increased rapidly within the first 10 hours, before it stabilized and showed slower
increase with time on stream. The initial low CO selectivity could be the result of a highly active
SAPO-34 catalyst that efficiently dehydrated the methanol, which formed water that inhibited the
reverse-water-gas-shift reaction. The initial rapid increase in the CO selectivity could be the result of
the formation of carbon deposits within the cages, but due to hydrogenation the evaluation of larger
coke species was slow [9]. The opposite trend was observed for the light paraffins selectivity, which
decreases rapidly within the first 10 hours. It is well established that a high acidity of the solid acid
applied in bi-functional catalysts results in high hydrogenation activity [5,13,14]. The attenuation of
acid sites by carbon deposits formed initially explained both the decrease in paraffins selectivity and
the increase CO selectivity. Since this was observed both before and after the regeneration, suggests
that the activity of the SAPO-34 catalysts was regained. Thus, the cause of the decrease in CO2 con-

version was most likely due to changes occurring to the metal oxide component.

2.3 The stability of the surface ZnO phase in reductive and oxidative atmospheres

To investigate the changes occurring for ZnO/t-ZrO; catalyst under operation, operando XAS at the
Zn K-edge was conducted during catalyst dehydration, methanol synthesis conditions, and by switch-
ing between syngas and O exposure for 9 cycles. The XANES and FT-EXAFS spectra illustrated in
Fig. 3 (a) and (b) were obtained at room temperature after each treatment, all performed at 400 °C.
The absorption edge at 9662 eV for the ZnO/t-ZrO: in the XANES spectra (Fig. 3 (a)) shows that the
oxidation state was Zn?* and did not change during the experiments. The adsorption edge for metallic
Zn lies at 9659 eV, thus significant Zn reduction would be visible by a shift of the adsorption edge,
which was not observed [15,16]. The dehydration and steady state methanol synthesis did not change
the EXAFS spectra, as illustrated in Fig. 3 (b). The low Zn-Zn backscattering amplitude at 2.9 A
observed in the EXAFS spectra after these two treatments indicated that the ZnO was present as the
highly active surface ZnO phase [1]. This shows that under catalyst dehydration and steady state

methanol synthesis the main active sites were maintained [1].
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Fig. 3. (a) Zn K-edge XANES and (b) the Fourier-transformed k3-weighted EXAFS spectra of the ZnO/t-ZrO. catalyst obtained at
room temperature after the dehydration step, steady state methanol synthesis in syngas and periodic switching between the syngas
mixture and Oz/He through 9 cycles. (c) The normalized CH3OH formation rate for the first cycle (initial) and the 9™ cycle (end)
determined from the MS signal at m/z = 31. Reaction conditions: 400 °C, 15 barg, 50 NmL/h, catalyst loading of ~2.5 mg (diluted 1:4
in inert a-Al20s3), feed gas composition of CO2/CO/Hz/He 12/5/37/46 or O2/He of 10/90.

However, when the catalyst was exposed to cyclic changes between reducing and oxidizing condi-
tions, an irreversible formation of crystalline ZnO was observed from a significant increase in the Zn-
Zn backscattering amplitude (Fig. 3 (b)). The conversion of the surface ZnO to crystalline ZnO de-
activated the catalyst, as illustrated in Fig. 3 (c). Thus, the oxidative regeneration of the bi-functional
catalyst composed of ZnO/t-ZrO> could result in the sintering of the surface ZnO phase into larger
crystalline ZnO particles. This explains the observed decrease in CO, conversion after oxidative re-
generation of the bi-functional catalysts (Fig. 2 (a)), and also the increased hydrogenation activity, as
larger ZnO crystals have showed to increase the light paraffins selectivity for bi-functional catalysts
[17]. The sintering of the ZnO phase in oxygen rich atmospheres questions the ability of using Zn-
based metal oxides as the methanol synthesis component in bi-functional catalyst, if oxidative regen-

eration is necessary to regain the activity.

2.4 Deactivation by ZnO sintering and internal carbon deposition

X-ray diffraction (XRD) analysis on the pure t-ZrO2 support, the SAPO-34, the prepared ZnO/t-ZrO;
catalysts and spent bi-functional catalysts from two different experiments were conducted. In Fig. 4
(@), the XRD patterns for the SAPO-34 and t-ZrO> support confirmed that the main crystal phases
were chabazite and tetragonal zirconia. For the as prepared catalyst ~1 wt% hexagonal ZnO was
visible, but no structural changes were observed for the t-ZrO> support. This indicate that ZnO was

only present on the zirconia surface and did not migrate into the ZrO lattice. The first spent bi-

202 | 217



functional catalyst was obtained from an experiment where the pressure was changed from 10 to 30
bar in 5 bar intervals and afterwards returned to 10 bar. The total time on stream for this experiment
was 21 hours and catalytic performance can be found in Fig. S2. The second spent bi-functional
catalyst was obtained after oxidative regeneration and the activity test shown in Fig. 2 (a). The XRD
patterns, illustrated in Fig. 4 (a), for the spent bi-functional catalysts show the presence of the mixture
of t-ZrOz and SAPO-34. The t-ZrO- lattice parameters did not change during the two experiments
and Rietveld refinement showed little change to the crystallite size, which increased from 83 to 99 A,
as shown in Fig. 4 (b). If the Zn migrated into the t-ZrO; structure, a systemic peak shift to higher
angles should be visible in Fig. 4 (a), which was not the case [18]. These results show that the t-ZrO>
structure was stable under the CO, conversion to olefins conditions and that the Zn did not interfere
with the t-ZrO; lattice.
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Fig. 4. (a) XRD patterns of t-ZrOz, ZnO/t-ZrO2, SAPO-34, and spent bi-functional catalysts composed of ZnO/t-ZrO; and SAPO-34
mixed 4:1. (b) The ZrO2 and ZnO crystallite size and the unit cell volume of the SAPO-34 catalyst from fresh and spent bi-functional
catalysts after experiments 1 and 2. Experiment 1 was operated at increasing pressures from 10 to 30 bar at 5 bars interval at 400 °C
for a total of 21 hours on stream. Experiment 2 was the stability test before and after the oxidative regeneration (Fig. 2 (a)). (c) The
fresh and spent CO2 conversion and CO selectivity predicted against the ZnO crystal size. Reaction conditions: 400 °C, 10 bar, 5000
mL/g/h, CO2/H2/Ar = 23/69/8 vol%, and the catalyst ZnO/t-ZrO2 + SAPO-34 mixed 4:1.

Rietveld refinement showed that the small amount of h-ZnO did not change significantly and was
maintained at ~1 wt%. However, the ZnO sintered under reaction conditions creating larger ZnO
crystals, as shown in Fig. 4 (b). The initial and final CO2 conversion and CO selectivity for the two
experiments in Fig. 4 (c), show that the sintering of the ZnO phase may be one reason for reduced
CO: to hydrocarbons conversion. By estimating the ZnO surface area from the crystallite size, the
surface area decreased from 8 to 7 m?/g. This extremely low surface area will result in negligible

methanol synthesis activity showing that these crystals cannot be the main active sites. The loss of
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ZnO crystal surface area can thereby not explain the change in the activity alone (Fig. 4 (c)). However,
the creation of these larger ZnO crystals could reveal a loss of the highly active surface ZnO domains,
which were not detected by XRD as they were not present in a repeated crystalline structure. Thus,
the decrease in activity was most likely related to the loss of these sites, as they sinter into larger ZnO
crystals. This loss in activity with the formation of more crystalline ZnO was in line with the obser-
vations for the in-situ XAS analysis in Fig. 3. However, an increase in the amount of h-ZnO detected
by XRD as the surface ZnO sinter would be expected, but was not observed. The ZnO/t-ZrO- dilution
in SAPO-34 increased the complexity of the diffraction patterns and the overall small amount of h-

ZnO could explain that changes in the amount of h-ZnO were difficult to observe.

The unit cell volume of the SAPO-34 crystals increased for the spent bi-functional catalysts. This
suggest that carbon deposits were formed within the SAPO-34 cages that increased the strain on the
lattice, which slightly increased the unit cell volume [19]. The formation of carbon deposits would
affect the methanol dehydration rate, while could change the thermodynamic driving force, explain-
ing the loss in activity shown in Fig. 4 (c). This makes it difficult to decouple the deactivation effect
caused by carbon deposits and/or by surface ZnO sintering, but indicates that both deactivation phe-

nomena occurred for bi-functional catalysts.

2.5 Zinc migration

For further clarification of the deactivation phenomena occurring for the bi-functional catalysts, high-
resolution transmission electron microcopy (HR-TEM) was conducted on the spent bi-functional cat-
alysts, the SAPO-34, and the ZnO/t-ZrO; catalyst. The images and the EDX spectroscopy maps ac-
quired in scanning transmission mode of multiple particles for the ZnO/t-ZrO, and the spent bi-func-
tional catalyst are illustrated in Fig. 7 (a) and (b), respectively. The mapping of Zn, Zr, and Al were
chosen as Zn and Zr show the metal oxide component, while Al comes from the SAPO-34 crystals,
making them clearly distinguishable. The results in Fig. 7, show that the Zn was well dispersed on
the t-ZrO> support on the as-prepared ZnO/t-ZrO; catalyst, but after the CO> conversion to olefins
reaction, larger surface domains of Zn were visible. This demonstrates that Zn became mobile under
reaction conditions and sintered into larger particles rich in Zn. This sintering resulted in a less active
methanol synthesis catalyst and may explain some of the deactivation observed with time on stream
(Fig. 2 (a)). Zooming in on a ZnO/t-ZrO, particle for the spent bi-functional catalyst showed that
smaller ZnO surface domains were still present (Fig. S3), which are believed to be the main active

sites and their presences was the reason of the remaining CO2 hydrogenation activity [1].
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Fig. 5. TEM-EDX element map of Zn, Zr and Al of the (a) as prepared ZnO/t-ZrO: catalyst and (b) the spent ZnO/t-ZrO2+SAPO-34
bi-functional catalyst.

Large surface Zn particles were also observed for the regenerated bi-functional catalyst as illustrated
Fig. S4. The ZnO/t-ZrO, component in the regenerated bi-functional catalyst showed evidence for
ZnO lattice fringes (~2.60 A) in the HR-TEM image in Fig. 6 [13]. Thus, the exposure to high tem-
perature and oxygen sintered the ZnO into larger particles and formed ZnO crystals, which was in
line with the results observed from the in-situ XAS analysis. This formation of crystalline ZnO in-

hibited the methanol synthesis activity.
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Fig. 6. (a) High-resolution transmission electron microscopy image (bright field) of the ZnO/t-ZrO2 competent of the regenerated bi-
functional catalyst. (b) The intensity against the lattice spacing from the XRD analysis and the comparison with the observed lattice
spacing from electron diffraction obtained from the Fourier transformed HR-TEM image (a).

The Zn mobility was not only evident form the sintering of the ZnO surface domains, Zn was found
to migrate into the SAPO-34 catalyst as well [20,21]. The EDX spectroscopy maps at the interface
between the ZnO/t-ZrO, and SAPO-34 components shown in Fig. 7, demonstrate that Zn was not
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only present on the t-ZrO- surface, but had also migrated into the SAPO-34 catalyst. A steady de-
crease in the olefin selectivity was observed in Fig. 2 (a) from 10 to 85 hours on stream, after the
initial carbon deposit formation within the first 10 hours on stream. Zn migration into SAPO-34 cat-
alysts have shown to increase the olefin hydrogenation activity [21], and could thereby explain the
steady decrease in the light olefins selectivity and the corresponding steady increase in light paraffins
selectivity as Zn migrates into the SAPO-34 catalyst. The methanol synthesis activity for Zn contain-
ing SAPO-34 is unknown but believed to be negligible compared to the activity of the ZnO/t-ZrO-
catalyst. Thus, Zn migration from the ZnO/t-ZrO, component to the SAPO-34 would result in a de-
crease in the methanol synthesis rate.

(a) (b) (c) (d)

100 nrm

00 nm

Fig. 7. High-angle annular dark field transmission electron microscopy image of (a) spent bi-functional catalyst and (e) spent oxidative
regenerated bi-functional catalyst. EDX element map of Al, Zr and Zn of the spent bi-functional catalyst (b-d) and spent oxidative
regenerated bi-functional catalyst (f-h).

As shown in Fig. 8 (a) and (b), the SAPO-34 was present as well-defined, box shaped crystals, easily
distinguished from the more random structured metal oxide. The EDX intensity through a SAPO-34
crystal, through the path highlighted with the green arrow in Fig. 8 (b), showed that the migrated Zn
was mostly present close to the periphery of the SAPO-34 crystal. This was evident by the high Zn
intensity close to the SAPO-34 edges, while the intensity decreased at the crystal centre, as shown in
Fig. 8 (c). The increase in the Zn and Zr intensities near the middle of the crystal was due to the

presences of ZnO/t-ZrO; particles lying on top of the SAPO-34 crystal. However, the decrease in the
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Zn intensity through the SAPO-34 crystal suggested that diffusion limitations limited the Zn migra-
tion into the centre of the crystal. Similar intensity profile was obtained from zooming in on a small
Zn0/t-ZrO2 particle located at the edge a SAPO-34 crystal, clearly showing highest Zn intensity in
the edge of the crystal (Fig. S5).
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Fig. 8. (a) High-angle annular dark field transmission electron microscopy image and (b) EDX element map of Al, Zr and Zn of the

spent bi-functional catalyst. (b) The green arrow highlights the path for which the intensities of Zn, Al and Zr were recorded. (c) The
intensity of the Al, Zn and Zr through the SAPO-34 crystal.
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3 Conclusions

The combination of the mixed oxide ZnO/t-ZrO, and SAPO-34 enabled the direct conversion of CO-
into light olefins. Temperatures above 360 °C were necessary to ensure complete oxygenate conver-
sion over the SAPO-34 catalyst. Complete oxygenate conversion significantly altered the thermody-
namic driving force for the reverse-water-gas-shift and the CO2 hydrogenation reactions. For max-
imizing the selectivity towards light olefins, it was necessary to operate the reactor at low CO: to
hydrocarbon conversions, using low pressure and a residence time just long enough to allow complete
oxygenate conversion. Increasing the Ho/CO: ratio increased the CO- to hydrocarbons conversion

without dramatically reducing in the light olefins selectivity at low operating pressure.

Great stability of the bi-functional catalyst was observed for over 80 hours on stream yielding a meth-
anol conversion capacity above 22 g per g SAPO-34. This conversion capacity was superior to the
methanol-to-olefins process. However, some deactivation occured with time on stream evident from
the decreasing CO2 conversion and changes in the product selectivities. Oxidative regeneration of the
bi-functional catalyst confirmed the presence of carbon deposits. This treatment regained the activity
of the SAPO-34 catalyst, but altered the metal oxide component, causing a lower CO hydrogenation

to methanol rate.

Operando XAS showed that in an oxygen rich atmosphere, ZnO sintering formed more crystalline
ZnO, which showed lower methanol formation activity. HR-TEM analysis confirmed the presence of
crystalline ZnO after the oxidative regeneration, as ZnO lattice fringes were identified. Thus, oxida-
tive regeneration of the bi-functional catalyst negatively affect the Zn-based metal oxide’s activity.
XRD analysis of spent bi-functional catalysts indicated ZnO sintering and SAPO-34 unit cell expan-
sion, as internal carbon deposits were formed, which explained the immediate loss in activity within
10 hours on stream. The TEM-EDX spectroscopy maps acquired for the spent bi-functional catalysts
showed evidence for ZnO sintering and Zn migration into the SAPO-34 catalyst. The loss of Zn by
migration and the sintering of the ZnO surface domains negatively affected the CO2 hydrogenation
rate and explained the steady decrease in olefin selectivity observed after 10 hours on stream. Three
deactivation phenomena for the bi-functional catalysts were thus identified: carbon deposition in
SAPO-34, surface ZnO sintering to crystalline h-ZnO and Zn migration from the metal oxide to
SAPO-34. If the SAPO-34 catalyst needs regeneration, an oxidative regeneration method will result

in formation of crystalline ZnO, which will cause further deactivation of the ZnO/t-ZrO; catalyst.
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7 Conclusions

The development of sufficient technologies are imperative for replacing the current production meth-
odologies, which rely on fossil resources, in the manufacturing of vital chemicals, including plastic
monomers, ethylene, propylene, and aromatic compounds. A promising route for the production of
plastic monomers is the combination of the methanol synthesis and the methanol-to-hydrocarbon re-
action within one reactor. However, it is still a challenge to achieve high selectivity for unsaturated
hydrocarbons at high CO> conversion. Synthesizing a metal oxide catalyst, with high methanol syn-
thesis activity at methanol dehydration relevant temperatures with minimal olefin hydrogenation ac-

tivity, could potentially close the activity and selectivity gab.

The synthesis of supported ZnO on different oxides, TiO2, m-ZrOz, and t-ZrO. with the incipient
wetness impregnation method showed that the t-ZrO> support allowed for creation of highly active
ZnO surface domains for the methanol synthesis reaction. A lower activity of the m-ZrO2 and TiO>
support correlated with higher amount of hexagonal ZnO forming on their surfaces. Adding more
ZnO on the t-ZrO> support initially improved the methanol synthesis activity and the best activity
was achieved with a Zn-loading of 18 mol%. This Zn-loading was equivalent with the saturation of
the t-ZrO; surface with a monolayer of the ZnO(0001) facet. The methanol synthesis activity declined
as the Zn-loading increased beyond this saturation, as more hexagonal ZnO was replacing the mono-
layer. Comparing the performance of the ZnO/t-ZrO; prepared by impregnation and co-precipitation
revealed a similar selective production of methanol. The impregnated sample did not show any inte-
gration of Zn into the ZrO> lattice by XRD analysis. Hence, a solid solution of ZnO in ZrO, was not
important for the catalytic activity or selectivity. XPS analysis revealed that the co-precipitation and
the impregnation methods resulted in catalysts where ZnO was mainly present on the zirconia surface.
XAS analysis showed that only amorphous surface ZnO was present at the ZrO; surface at low Zn
loadings. Comparing the methanol synthesis activity and the amount of surface ZnO determined from
linear combination fitting revealed that these sites are the main active sites. TEM analysis confirmed
that at low Zn-loadings, the ZnO was not adopting any crystalline structure and showed well-dis-
persed ZnO as domains of ~5 nm size on the ZrO> surface. This was observed for both the co-precip-
itated and impregnated samples. Activity measurements of two co-precipitated samples with the same
bulk Zn mol%, but with a significant difference in the surface Zn concentration, demonstrated the
importance of ZnO located on the zirconia surface. Modulation excitation spectroscopy coupled time

resolved QEXAFS showed that these Zn sites were capable of reversible, partial reduction under
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methanol synthesis conditions forming ZnOy, where x was approximately 0.98. An interaction be-
tween ZnO and ZrO, was by XPS found to create a more electron deficient ZnO and the withdrawal
of electrons from the Zn-O bonds likely induced the partial reducibility of this phase. The superior
catalytic performance of the ZnO/t-ZrO, was linked to its ability to abstract oxygen from the ZnO
surface domains, creating oxophilic sites that activates CO.. In-situ DRIFTS analysis of CO; adsorp-
tion under methanol synthesis conditions showed a shift in the formed carbonate and formate species
on the ZnO containing zirconia, compared to the bare zirconia support. Together, these findings sug-
gested that the active phase was the partly reduced surface ZnOx, which adsorbed CO., hydrogenated
it into formate and further into methanol.

Other interesting metal oxides for the production of methanol was ZnAl,O4 and ZnGa,O4 oxides. The
methanol synthesis activity of the Zn-based spinel catalysts was linked to the Zn-loading. Exceeding
the stoichiometric spinel loading created ZnO sites on the surface of the spinel structure which re-
sembles the surface ZnO domains forming on the ZrO; surface. This resemblance enabled the quan-
tification of the amount of these sites on the spinel structure’s surface by XAS analysis and linear
combination fitting. The amount of these ZnO surface sites correlated with the methanol synthesis
rate and these sites had superior oxygenate selectivity. At high Zn-loadings, these sites were removed
as more crystalline ZnO were formed. The combination of EXAFS fitting and linear combination
fitting of the Zn k-edge XANES spectra of the Zn-spinel structures with different Zn-loading con-
firmed the presence of the spinel structure, amorphous surface ZnO and crystalline ZnO at high Zn-
loadings. Spinel structures with under stoichiometric Zn-loading resulted in the formation of the pure
spinel structure. In-situ XAS analysis confirmed that the primary active sites were the amorphous,
surface ZnO since deactivation occurred with the formation of crystalline ZnO when oscillating be-
tween reducing and oxidizing conditions. Similar to the ZnO/t-ZrO; catalyst, the methanol synthesis
mechanism over the Zn-spinel catalyst occurred through a formate pathway, identified by in-situ
DRIFTS. In this mechanism, CO> adsorbed as carbonate, hydrogenated into formate and further into
methoxy, which desorbed as methanol. Fast hydrogenation of carbonate into formate was observed
at both 260 and 320 °C, while formate hydrogenation was mainly observed at 320 °C, suggesting that
formate hydrogenation was the rate-determining step.

The bi-functional catalysts composed of ZnO/t-ZrO; with ZSM-5, ZSM-11, and ZSM-12 enabled the
direct conversion of CO; into hydrocarbons with substantial amount of aromatics. The local dehydra-

tion of the methanol ensured that the CO2 hydrogenation equilibrium was exceeded showing higher
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conversion of CO> than expected from equilibrium calculations at these reactor conditions. High tem-
peratures, pressure, and hydrogen partial pressure induced the hydrogenation and/or the cracking re-
actions, revealing the main hydrocarbon product to be light paraffins and isoparaffins. However, these
reactions could explain the improved lifetime observed for the H-ZSM-5 catalyst as cracking and
hydrogenation reactions could remove and/or slow the evolution of deactivating carbon deposits. The
hydrogenation activity of the ZnO/t-ZrO»+ZSM-5 was concluded to occur over the Brensted acid
sites, as the increase in the Si/Al ratio induced the hydrogen incorporation. The highest aromatic
selectivity for the ZnO/t-ZrO»+ZSM-5 catalyst was obtained at low temperature and pressure to min-
imize the hydrogenation, but a low hydrocarbon yield was obtained at these conditions. When replac-
ing the ZSM-5 zeolite with ZSM-11, and ZSM-12, the larger cages and pores induce the benzene
methylation reactions and improve the aromatic selectivity. A 9.8 % CO_ conversion to hydrocarbons
with an aromatic selectivity of 42.4 carbon mol% was achieved when combining the ZnO/t-ZrO, and
ZSM-12 zeolite.

The behaviour of the ZnO/t-ZrO, system was evaluated through kinetic studies showing that the water
produced from the reverse-water-gas-shift, CO2 hydrogenation to methanol, and methanol dehydra-
tion limited the methanol synthesis activity even at very low residual concentration of methanol. This
explains the not linear increase in the CO2 conversion at longer residence time, which was observed
in the experimental data. The higher water content at higher residence time would inhibit the CO;
hydrogenation reaction by thermodynamics. The kinetic model also found that to optimize the aro-
matics formation rate, the process should be operated far from equilibrium. Such conditions would
highly limit the CO> conversion to hydrocarbons, resulting in a very ineffective process. However,

the system could be optimized for the production of an isoparaffic rich gasoline product.

When combing the ZnO/t-ZrO., ZnAl>Oa4, or ZnGa;04 with H-SAPO-34, the direct conversion of
CO:z into light olefins, rich in ethylene and propylene, was possible. The bi-functional catalyst activity
order was ZnO/t-ZrO, > ZnGa204 > ZnAl,04 showing higher hydrocarbon yields for the ZnO/t-ZrO,
+ SAPO-34 combination. However, the higher methanol synthesis activity also revealed high hydro-
gen index numbers, showing that the ZnO/t-ZrO, and ZnGa»O4 had higher olefin hydrogenation ac-
tivity as well. When increasing the reaction pressure, a better compromise between the reverse-water-
gas-shift and the CO, hydrogenation reaction improved the hydrocarbon yield but at the expense of
induced olefin hydrogenation. These results highlight the gap between activity and selectivity be-
tween bi-functional catalysts. Changing the CO2/H> feed ratio showed improved hydrocarbon yield
for the ZnO/t-ZrO, +SAPO-34 catalyst but at the expense of a slightly higher hydrogen incorporation
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in the hydrocarbon product. It is believed that this strategy is only applicable at low operating pressure
as the increase in pressure showed a great increase in hydrogenation activity which is supposed to be
induced at higher hydrogen partial pressures. Another strategy to improve the hydrocarbon yield
without affecting the olefin selectivity was to co-feed CO over the ZnAl,04+SAPO-34 catalyst.
Higher CO concentration in the feed changed the thermodynamic driving force for the reverse-water-
gas-shift reaction causing less production of water from this reaction. The lower water content im-
proved the CO> hydrogenation activity significantly, which improved the hydrocarbon yield of light

olefins.

The ZnAl;O4 and ZnO/t-ZrO,, and SAPO-34 combination showed a stable production of olefins for
over 80 hours on stream. This stability was found superior to the methanol-to-olefins process as the
methanol conversion capacity reached 18 g methanol per g SAPO-34 without any loss in the methanol
conversion. However, a deactivation phenomenon was observed for the bi-functional catalyst as the
hydrocarbon yield and the light olefin selectivity decreased with time on stream. Investigation of
spent ZnO/t-ZrO, and SAPO-34 by XRD and TEM showed that three deactivation phenomena oc-
curred under the CO> to light olefins conditions. It was found that the surface ZnO sinters into larger
ZnO crystals causing a decrease in the methanol synthesis activity. Furthermore, the mobility of Zn
was visible by Zn migration into the SAPO-34 catalyst. When Zn was impregnated on the SAPO-34,
increased olefin hydrogenation was observed, which could be the reason for the induced hydrogen
incorporation with time on stream. At last, coke molecules were forming in the SAPO-34 crystals
expanding the unit cell volume. It was not possible to decouple the effect of these deactivation phe-
nomena on the stability of the bi-functional catalyst. However, if oxidative regeneration is required
to regain activity by removeing deactivating carbon deposits, it would result in sintering and for-
mation of crystalline ZnO, as identified by in-situ XAS and ex-situ TEM analysis. This will cause a
decline in the methanol synthesis activity for the metal oxide and thereby hamper the activity of the

bi-functional catalyst.
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8 Future work

In this project, it was found that Zn-based mixed oxides were capable of producing methanol at ele-
vated temperatures, making them good candidates for the bi-functional catalytic system. However,
one unanswered question was where the primary olefin hydrogenation occurred. Results suggested
that the highly active methanol synthesis catalysts, the ZnO/t-ZrO, and ZnGa>Os, also induced the
hydrogen incorporation, compared to the more inactive ZnAl>O4 oxide. Changing the acid site density
for the ZSM-5 zeolite had great influence on the saturation degree of the hydrocarbon product ob-
tained. Therefore, it was planned to conduct propene hydrogenation experiments over the metal oxide
and zeolite/zeotype catalysts in relevant atmospheres present in the bi-functional catalytic conversion
of CO>. These experiments could clarify the precise origin of the olefin hydrogenation activity and
may provide further insights for improving the synthesis of the catalysts to obtain a bi-functional

catalyst with the best compromise between activity and selectivity.

The activity measurement of the ZnO/t-ZrO,+ZSM-5 catalyst indicated that the primary hydrogen
activity stems from the acidity of the zeolite. Altering of the acidity of shape selective solid acids
could be obtained by synthesizing new materials where alternative T-atoms (section 2.2.1) is incor-
porated into the structure. Reducing the acid site density and its strength are important to achieve a
bi-functional catalyst that can be operated at conditions improving the hydrocarbon yield without

saturating the product.

The kinetic modelling of the bi-functional catalyst showed that the optimal mixing ratio of the catalyst
components were dependent on the methanol synthesis activity and the methanol dehydration activ-
ity. If the reaction was limited by the methanol dehydration, a higher zeolite content would be neces-
sary to optimize the hydrocarbon yield and vice versa. Experimental confirmation of this model in-
sight would be valuable for guiding future research on the bi-functional catalyst and may explain the
inconsistency in the reported performance of the bi-functional catalyst.

CO co-feeding experiments showed that minimizing the water constitution form the reverse-water-
gas-shift reaction had great impact on the CO2 hydrogenation activity. Research in alternative reactor
designs, such as membrane reactors, where water formed from all the reactions could be removed
along the catalyst bed could reveal an optimized bi-functional catalytic concept. Such reactors could
further minimize the activity and selectivity gap, as they could be operated at milder conditions with-

out reaching thermodynamic limitations. Another alternative could be the discovery of metal oxides
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that are highly active for CO hydrogenation to methanol reactions, similar to the Cu/MgO catalyst.
With methanol forming form CO hydrogenation would minimize the production of water allow the
use of a dry synthesis gas feed. However, for this to be successful, the formed water must not have

an inhibiting effect on such “theoretical” oxide materials.
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9 Appendix

9.1 Supporting information: Surface ZnOx on Zirconia is Highly
Active for High Temperature Methanol Synthesis
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Table S1. Approach to equilibrium calculated as the percentage ratio between the reaction coefficient and the equilibrium constants
for the reverse-water-gas-shift and the CO2 hydrogenation to methanol reactions. The equilibrium constants used were calculated
with the empirical correlations published by Graaf et al. [1].

Approach to equilibrium, Q/Keq

Catalysts T,[°C] P, [bar] CO.+Hy— CO+H,O CO,+3H;— CH30H+H0
ZnO 320 50 0.49% 2.61%
(0.13)Zn0/SiO; 320 50 0.06% 0.70%
(0.13)Zn0O/m-ZrO, 320 50 0.41% 9.87%
(0.13)ZnO/TiO> 320 50 0.63% 14.36%
(0.13)Zn0O/t-Zr0,-Ce0; 320 50 0.28% 12.26%
(0.13)ZnO/t-Zr0O; 320 50 0.36% 16.19%
(0.18)Zn0O/t-Zr0O; 320 50 0.46% 21.25%
(0.29)ZnO/t-Zr0O; 320 50 0.53% 29.16%
(0.44)ZnO/t-Zr0O; 320 50 0.44% 24.70%
(0.11)Zn0O-Zr0, 320 50 0.12% 4.65%
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Fig. S1. The oxygenate (CHsOH+ CHsOCHz3) formation rate for ZnO supported on different metal oxides compared to the co-
precipitated ZnO-ZrO2. Conditions: 50 barg, 15 NL/h, catalyst loading of 300 mg, feed gas composition of CO2/Hz/Ar 20/60/20.
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Fig. S2. The oxygenate (CHsOH+ CH3OCHSs) formation rate with and without pre-reduction of the co-precipitated ZnO-ZrOz in
CO/H2/Ar.* represent data when returned to 300 °C after reaction at 400°C. Conditions: 50 barg, 15 NL/h, catalyst loading of
300 mg, feed gas composition of CO2/H2/Ar 20/60/20.
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Fig. S3. The oxygenate (CHsOH+ CH3OCHSs) formation rate when shifting between CO2/H2, CO/H2z and back to CO2/H2. Condi-
tions: 320 °C 50 barg, 15 NL/h, catalyst loading of 300 mg, feed gas composition of CO2/Hz/Ar 20/60/20 or CO/H2/Ar 20/60/20.
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Fig. S4. Relative oxygenate (CH3OH+ CH3OCHz3) formation rate at different feed compositions. Black squares represent data
where the CO+CO2 was kept constant (Crota/H2 1/3). Red circles represent data where CO2 was kept constant (CO2/H2 1/3). Red
triangle represent data when only CO and Hz (1/3) are fed. Conditions: 320 °C 50 barg, 15 NL/h, catalyst loading of 300 mg.
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Fig. S5. The oxygenate (CHsOH+ CH3OCHz3) formation rate at different feed compositions. Conditions: 320 °C 50 barg, 15 NL/h,
catalyst loading of 300 mg with the CO2 vol% fixed at 20% or CO vol% fixed at 18%.
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Fig. S6. XRD patterns of ZnO impregnated on different supports. All catalysts were prepared with ~13 mol% Zn/(Zn+M), where
M is the supporting metal.
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Fig. S7. (a) Zn K-edge XANES and (b) Fourier-transformed k3-weighted EXAFS spectra of ZnO supported on different supports
with Zn foil and ZnO as references.

Table S2. Results from the fitting of coordination number (CN), interatomic distances (R), energy shift (4Eo), and mean square
deviation of interatomic distances (¢2) for the first and second shell of ZnO on the catalyst samples. The fraction of surface ZnO,
x, calculated from Eq. (5).

Catalysts ¥ [%] shell CN R [A] 6’[10%A%]  AE,[eV] R-factor

Zn0-ZrO; 100 Zn-O0 32+04 198+0.00 79+138 1.61+1.60 0.029
(0.13)ZnO/t-Zr0O; 100 Zn-O  3.8+x05 198+0.00 75+18 0.59+1.72 0.031

Zn-O0 37x02 197+0.01 72+0.7
(0.18)ZnO/t-ZrO: 73+18 Zn-Zn  33+22 3.24+001 17 +57 0.88+0.76 0.004

Zn-0  32+02 197+0.00 5.2+0.7
(0.29)ZnO/t-ZrO: 44 +9 ZnZn  68+11 3.23+001 10 +11 2.80+0.58 0.003

Zn-O0 28+x06 197+0.01 5009
(0.44)ZnO/t-Zr0O; 3211 7n-Zn  81+13 323+001 11 +11 3.49+0.70 0.004

Zn-O0 35+x05 197+0.01 49+10
ZnO/t-Zr02-Ce0; 75+11 7n-7Zn 30+13 324 +001 13 + 14 3.91+0.78 0.005

Zn-0 32+03 197+0.01 6.5+17
ZnO/m-ZrO; 6+18 ZnZn 11 +21  3.21+001 6.6+27 1.12+142 0.022

. Zn-O0 3503 197+0.01 59+12
ZnO/[TiO, 53+15 Zn-Zn  57+18 3.23+001 12 +24 1.12+1.42 0.022

. Zn-O  37+£02 195+0.01 6.4+0.7
ZnO/SiO; 56 + 27 7n-7n 50+33 327 +0.01 18 +59 1.14 +£0.80 0.005
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Fig.S 8. Linear combination fitting results with (0.13)ZnO/t-ZrO: as reference for surface ZnO and ZnO as reference for crystalline
ZnO0. (a) (0.18)Zn0/t-ZrO2, (b) (0.29)Zn0O/t-ZrOz, (c) (0.44)Zn0O/t-ZrO2, (d) ZnO/t-ZrO2-CeO2, and (e) ZnO/m-ZrO2. Dashed dot-
ted lines represent the references used and the contributions are summed to give fitted model (dotted line). Green solid line repre-
sents the residual from the model fit and the data (solid red line).

kex(k),[A]

Fig. S9. The first and second shell fitting of the wurtzite ZnO structure model (ICSD 67849) on the Zn K-edge Fourier-transformed
k3-weighted EXAFS spectra of ZnO on ZrO: catalysts.
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Fig. S10. In-situ (a) Zn K-edge XANES and (b) Fourier-transformed k3-weighted EXAFS spectra of ZnO on ZrO- catalysts after
dehydration, methanol synthesis in syngas and MES experiments. Spectra recorded at 15 bar and ~40 °C.
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Fig. S11. MS signal ion current for m/z = 31 for MES cycle 1 and 9.
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Fig. S12. (a) The periods 2-9 averaged time resolve Zn K-edge XANES spectra. (b) The intensity change at 9660 eV with the change
from oxidizing and reducing atmospheres.

The thermodynamic reduction potential for bulk ZnO

By assuming that the reverse-water-gas-shift reaction is in equilibrium at 400 °C, the thermody-

namic reduction potential for bulk ZnO can be calculated using Egs. (39) and (40).

Zn0(s) + H, —» Zn(s) + H,0, AG; 400°c = 78.5 kJ /mol (39)

Zn0(s) + CO — Zn(s) + CO,, AGy 400°c = 63.8 kJ /mol (40)
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The large positive Gibbs free energy shows no potential for bulk crystalline ZnO reduction to
metallic Zn at the conditions applied in the modulation excitation spectroscopy experiment. The
partial reduction of ZnO observed was therefore concluded to happen only for the surface ZnOx
sites. The oxide-oxide interaction between the ZnO and ZrO- is hypothesised to stabilize and ena-
ble the ZnO reduction, which promotes the CO2 hydrogenation activity.
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Fig. S13. XPS Zn LMM Auger peak for (a) (0.13)Zn0O/t-ZrOz, (b) (0.18)Zn0O/t-ZrO2, (c) (0.29)Zn0O/t-ZrOz, (d) (0.44)ZnO/t-ZrO,
(e) ZnO-ZrOz, (f) ZnO-ZrO2-100 and (g) ZnO. The shape and position of the LMM Auger peak confirmed the oxidation state of Zn

in the catalysts was Zn?*,
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Fig. S14. EDX maps of the Zn and Zr locations of the (0.13)ZnO/t-ZrO2 sample.
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Fig. S15. Comparison of XRD results of ZnO and ZnO/t-ZrO2 with Fourier transformed high-resolution TEM image.
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(a) (b)

Fig. S16. (a) EDX maps of Zn and Zr location and (b) high-resolution STEM image (bright field) of the ZnO-ZrO2 sample. The
EDX quantification showed a mole fraction of Zn/(Zn+Zr) = 0.073 from this particular image area.
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Fig. S17. In-situ DRIFTS measurement of hydrogen treatment after CO2 adsorption for the (0.13)ZnO/t-ZrO, sample at 20 bar and
320 °C (a) 0 to 12 min and (b) 12 to 60 min. The ZnO/t-ZrO2 show very low selectivity towards CHa4 formation, but strong vibra-
tional signals of gaseous CHa4 were observed at 1300 and 3016 cm™ caused by continuous CH4 accumulation in the large IR

chamber dead volume.
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Fig. S18. In-situ DRIFTS measurements of Hz treatment after CO2 adsorption on (0.13)ZnO/t-ZrO2 and bare t-ZrO2 support at 20
bar and 320 °C.
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Fig. $19. In-situ DRIFTS measurements of (0.13)Zn0O/t-ZrO2 (a) TPD in He and (b) TPR in H2 at 20 bar after steady-state methanol
synthesis.

[1] G.H.GraafandJ. G. M. Winkelman, “Chemical Equilibria in Methanol Synthesis Including
the Water — Gas Shift Reaction : A Critical Reassessment,” Ind. Eng. Chem. Res., vol. 55,
pp. 5854-5864, 2016.
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9.2 Supporting information: Direct CO, Hydrogenation to Aromat-
ics over Combined Catalysts Composed of Supported ZnO with
Different Zeolite Topologies

XV | XXXV



Supporting Information: Direct CO2 Hydrogenation to Aromatics over Combined Catalysts
Composed of Supported ZnO with Different Zeolite Topologies

M. T. Nikolajsen!, Eva S. Kold!, Amalie B. Mgller!, N. C. Schjgdt?, U. V. Mentzel?, J. Sehe-
sted?, R. Y. Brogaard?, J. M. Christensen® and M. Hgj'"

! Department of Chemical Engineering, Technical University of Denmark (DTU), Kgs. Lyngby, 2800 (Denmark).

2 Topsoe A/S, Kgs. Lyngby, 2800 (Denmark).
*Corresponding author: mh@kt.dtu.dk

1 Eg. without RWGS

Eq. with RWGS

TS-1 H-ZSM-5 H-ZSM-11

Fig. S1. The oxygenate formation rate for bifunctional catalyst compose of ZnO/t-ZrO2 and zeolites. Green and red dashed lines
represent the CO2 hydrogenation to methanol equilibrium of no RWGS reaction occurs and if RWGS is in equilibrium. The oxy-
genate formation rate is based in the loaded amount of ZnO/t-ZrOz. Reaction conditions: 30 bar, 340°C, 10 nL h-, feed composition

CO2/CO/H2/Ar of 24/4/64/3 vol% and catalyst loading of 2g with 80 wt% ZnO/t-ZrOs..
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Fig. S2. Hydrocarbon (PIONA) selectivity with the accumulated (Acc.) amount of converted methanol pr. gram of zeolite. Reaction
conditions: 30 bar, 340°C, 20 nL ht, feed composition CO2/CO/H2/Ar of 24/4/64/3 vol% and catalyst loading of 4 g with 80 wt%
ZnO/t-ZrO2 and 20 wt% H-ZSM-5 (25).
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Fig. S3. CO2 conversion, CO and Aromatic selectivity with time on stream mixed in different bed configurations. The bed configu-
ration a to ¢ consist of granulate mixing of ZnO/t-ZrO2 where d consist of mortar mixed powders pressed as pellet and sieved to
granulate. Reaction conditions: 30 bar, 340°C, 10 nL h%, feed composition CO2/CO/H2/Ar of 24/4/64/3 vol% and catalyst loading
of 2 g with 80 wt% ZnO/t-ZrOz and 20 wt% H-ZSM-5 (140).
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Fig. S4. The approach to equilibrium as a function of residence time over the bifunctional catalyst. Reaction conditions: 30 bar,
340°C, 10 nL h1, feed composition CO2/CO/H2/Ar of 24/4/64/3 vol% and catalyst loading of 1, 2 or 4 g with 80 wt% ZnO/t-ZrO-
mixed with H-ZSM-5(140).
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Fig. S5. The Hydrocarbon selectivity at different (a) temperatures and (b) pressure. Reaction conditions if not else are stated: 30
bar, 340°C, 20 nL h', feed composition CO2/CO/H2/Ar of 24/4/64/3 vol% and catalyst loading of 4g with 80 wt% ZnO/t-ZrO:
mixed with H-ZSM-5(40).
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Fig. S7. Thermodynamic equilibrium conversion of cyclohexane to benzene at relevant bifunctional catalyst conditions.
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Table S1. Data used for the parameter estimation.

Reaction conditions

Qutlet flow rates

Inlet molar fration

Ex no

L =T IR I = I T )

- O v e,

=B = -

513.00
533.00
553.00
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393.00
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593.16
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613.14
633.16
593.10
613.18

T[K] P[bar] Zn0-Zr02[g] Si/Al H-ZSM-5[s] Vin [nl/h]

[F COmolh F CO.molh F CH:OH molh F H,molh FH.Omolh FCH molh v CO v CO, vCH;0H vH, vH.O vCH,
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Fig. S9. The hydrocarbon formation rate (a) as a function of temperature and pressure, and (b) as a function of weight percentage
of ZnO/t-ZrOz2 in the catalyst mixture and GHSV. Reaction conditions if not else stated: 30 bar, 340°C, 10 nL h-1, feed composition

CO2/CO/H2/Ar of 24/4/64/3 vol% and catalyst loading of 2g with 80 wt% ZnO/t-ZrOx.
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Fig. S10. NHs desorption rate against the temperature from the NHs-TPD (a) ZSM-5 (25), (b) ZSM-5 (40), (c) ZSM-5 (140), (d)
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Supporting Information: ZnO supported on Zinc Spinel Structures Enables
the Direct Conversion of CO- to Olefins when Combined with Acidic CHA
Catalysts
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Fig. S1. (@) Zn K-edge XANES and (b) Fourier-transformed k3-weighted EXAFS spectra, ZnGa204 catalysts with varying Zn load-
ings. (c) The XRD pattern of the as prepared ZnGa204 catalyst with different Zn loading from 0.23 to 0.48 mol fraction (1 for pure
Zn0).The contribution of the ZnGa204 and ZnO phases on the EXAFS spectra were identified by EXAFS fitting with the ICSD
81108 and ICSD 57450 standard, respectively.
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Fig. S2. The contribution of the ZnAl.O4 and ZnO phases on the EXAFS spectra with 1t and 2™ shell EXAFS fitting of (a)
(0.32)ZnAl204, (b) (0.39)ZnAl204, and (0.51)ZnAl204 with the ICSF 196109 and ICSD 57450 standard, respectively.
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Fig. S3. The contribution of the ZnGa204 and ZnO phases on the EXAFS spectra with 15t and 2™ shell EXAFS fitting of (a)
(0.23)ZnGa204 and (0.48)ZnGa204 with the ICSD 81108 and ICSD 57450 standard, respectively.
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Fig. S4. Linear combination fitting of Zn K-edge XANES of the (a) (0.32)ZnAl204, (b) (0.39)ZnAl204, and (0.51)ZnAl204 using the
references ZnO, (0.31)ZnAl204 and (0.14)Zn0O/t-ZrOs.
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Fig. S5. Linear combination fitting of Zn K-edge XANES of the (a) (0.33)ZnGaz204, (b) (0.37)ZnGa204, (c) (0.38)ZnGa204, and
(0.48)ZnGaz04 using the references Zn0O, (0.23)ZnGa204 and (0.14)ZnO/t-ZrOx.
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Fig. S6. (a) Zn K-edge XANES and (b) the Fourier-transformed k3-weighted EXAFS spectra of the (0.37) ZnGaz04 obtained at
room temperature after the dehydration step and periodic switching between the syngas and Oz through 18 switches. Linear com-
bination fitting of Zn K-edge XANES of the (c) after dehydration, (d) after the switching between syngas and Oz, (c) using the
references ZnO, (0.23)ZnGa204 and (0.14)Zn0O/t-ZrO2. Reaction conditions: 400 °C, 15 barg, 50 NmL/h, catalyst loading of ~2.5
mg (diluted 1:8 in inert a-Al203), feed gas composition of CO2/CO/H2/He 12/5/37/46 or O2/He of 10/90.
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Fig. S7. (a) Contour plot for the In-situ DRIFTS measurements for CO2 adsorption followed by Ha treatment on (0.39)ZnAl204 at
20 bar and 320 °C. (b-c) In-situ DRIFTS measurements for CO2 adsorption followed by H2 treatment on (0.39)ZnAl204 at 20 bar
and 260 °C.
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Fig. S8. (a-b) In-situ DRIFTS measurements for CO2 adsorption followed by Hz treatment on (0.37)ZnGa204 at 20 bar and 340 °C.
TPD in He at 1 bar after steady-state methanol formation at 320 °C and 20 bar for (c) (0.37)ZnGaz204 and (b) ZnO/t-ZrO2. Blue
numbers are peaks dedicated to formate and red numbers are peaks dedicated to methoxy.
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Fig. S9. The CO2 conversion (con.), CO selectivity (sel.), and the hydrocarbon selectivity for different pressures over (a)
ZnGaz04+H-SAPO-34 and (b) ZnO/t-ZrO2+H-SAPO-34. (c) The approach to equilibrium for the reverse-water-gas-shift and the
methanol synthesis reaction with the change in Pressure. (d) The initial and spent (after the pressure experiment) light olefin
formation rate, CO2 conversion, CO and light olefin selectivity for the ZnAl204+H-SAPO-34, ZnGa204+H-SAPO-34, and ZnO/t-
ZrO2+H-SAPO-34 bi-functional catalysts. Reaction conditions: 400 °C, 10 bar (unless else stated), 2.5 NL/h and catalyst loading
of 500 mg.
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Fig. S10. The CO2 conversion, CO selectivity and hydrocarbon selectivity with change in the inlet concentration of (a) CO at
constant CO2 concentration and (b) CO: at constant CO concentration. Reaction conditions: 380 °C, 10 bar, 3.5 NL/h and catalyst
loading of 700 mg

Table S1. The Si/Al/P/Zn weight percentages and weak and strong acid densities for the zeolite samples.

Catalysts Si/Al/P/Zn? Weak acid sites®?,  Strong acid sites®, ~ Total acid sites®,
[wt%o] [umol g*] [umol g [umol g

H-SAPO-34 40.4/10.1/49.5/0 98+9.8 418 +4.5 516

Zn-SAPO-34 40.7/10.1/47.7/1.5 38+£23 365+ 2.7 403

adetermined by XRF, "determined by NHs-TPD.
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Fig. S11. NHs desorption rate against the temperature from the NHs-TPD (a) SAPO-34 and (b) Zn-SAPO-34.
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9.4 Supporting information: Deactivation Phenomena for Bi-func-
tional Catalysts Composed of ZnO/ZrO2 and CHA Topology
Solid Acid
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Supporting Information: Deactivation Phenomena for Bi-functional Catalysts Composed of
Zn0O/ZrO2 and CHA Topology Solid Acid

M. T. Nikolajsen!, N. C. Schjgdt?, U. V. Mentzel?, J. Sehested?, R. Y. Brogaard?, J. M. Christen-
sen! and M. Hgj'"

! Department of Chemical Engineering, Technical University of Denmark (DTU), Kgs. Lyngby, 2800 (Denmark).
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Fig. S1. The approach to equilibrium at different temperatures over ZnO/t-ZrO,+H-SAPO-34. Reaction conditions: 400 °C, 2.5
NL/h, metal oxide:zeolite mixing mass ratio 4:1 and catalyst loading of 500 mg.
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Fig. S2. The CO2 conversion (con.), CO selectivity (sel.), and the hydrocarbon selectivities for different pressures over ZnO/t-
ZrO2+H-SAPO-34. Reaction conditions: 400 °C, 2.5 NL/h, metal oxide:zeolite mixing mass ratio 4:1 and catalyst loading of

500 mg.

Fig. S3. TEM-EDX element map of Zn, Zr and Al of the ZnO/t-ZrO2 component of the spent bi-functional catalyst.
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Fig. S4. TEM.-EDX element map of Zn, Zr and Al for the regenerated bi-functional catalyst.
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Fig. S5. TEM.-EDX element map of Zn, Zr and Al for the spent bi-functional catalyst and the element intensity profile through the
path highlighted with the green arrow.
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