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Abstract

The viscosity is an important property in many engineering disciplines such as the

design of transport equipments or the simulation of production profiles for petroleum

reservoirs. Due to this, reliable and accurate viscosity models, which can be applied

over wide ranges of temperature, pressure, and composition, are required. An evaluation

of five currently used viscosity models applicable to hydrocarbon and petroleum fluids

has been performed using a database containing 35 pure hydrocarbons, carbon dioxide,

nitrogen, and 39 well-defined hydrocarbon mixtures, being very simple representations

of petroleum and reservoir fluids. This evaluation showed that a more accurate and

reliable viscosity model has to be developed in order to be able to predict the viscosity

accurately over wide ranges of temperature, pressure, and composition.

Recently, starting from basic principle of mechanics and thermodynamics

Quiñones-Cisneros et al. (2000) developed the friction theory (f-theory) for viscosity

modeling. In thef-theory, the viscosity of dense fluids is approached as a mechanical

property rather than a transport property. Thus by linking the Amontons-Coulomb

friction law to the van der Waals attractive and repulsive pressure terms of a simple

cubic EOS, such as the SRK or the PR EOS, highly accurate viscosity modeling has

been obtained for n-alkanes over wide ranges of temperature and up to high pressure.

The f-theoryhas been further developed into a general model based on a corresponding

states behavior and with only one adjustable parameter – a characteristic critical

viscosity. The general one-parameterf-theory models have been derived using a

database containing smoothed tabulationsof the viscosity versus temperature and

pressure for n-alkanes, ranging from methane to n-octadecane. These smoothed

viscosity data have been estimated by modeling experimental viscosities using thef-

theory.

The general one-parameterf-theory model has been extended to the viscosity

prediction and modeling of real reservoir fluids. In case of light reservoir oils the

general one-parameterf-theory can predict the fluid viscosity with good accuracy.

However, for reservoir oils in general, a more accurate modeling can be obtained by

means of a simple tuning procedure. A tuned generalf-theorymodel can deliver highly

accurate viscosity modeling above the saturation pressure and good predictions of the
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liquid phase viscosity at pressures below the saturation pressure. The tuning of the

generalf-theory models requires the solving of a simple linear equation. Thus, the

simplicity and stability of the generalf-theory models make them a powerful tool for

applications such as reservoir simulations, between other. Further, the concepts of thef-

theory have also been applied to the viscosity prediction of natural gases, mixtures

composed of hydrogen and natural gas (hythane), and the accurate modeling of light

gases at supercritical conditions, such as argon, hydrogen, nitrogen, and oxygen.

In addition, since experimental data are required in order to evaluate and test

viscosity models, a comprehensive experimental study has been carried out for 21

ternary mixtures composed of 1-methylnaphthalene + n-tridecane + 2,2,4,4,6,8,8-

heptamethylnonane in the temperature range 293.15 K to 353.15 K and up to 1000 bar.

These ternary mixtures should represent some simple petroleum distillation cuts at

510 K. The viscosity measurements have been performed using a falling body

viscometer, except at atmospheric pressure, where an Ubbelohde viscometer has been

used. Since the working equations for these viscometers require the density of the

studied fluids, density measurements have also been carried out at the same conditions

as for the viscosity measurements. The measured viscosities of the ternary mixtures

along with the already reported experimental values for the pure compounds and their

binary mixtures of this ternary system have been used in order to evaluate the

performance of different viscosity models, ranging from empirical expressions to

models with a physical and theoretical background. These models have all been derived

for hydrocarbon fluids. The best performance is obtained by the free-volume model and

the friction theory, which have a physical and theoretical background. For these two

viscosity approaches, the AAD is within or close to the experimental uncertainty (2%),

whereas the LBC model, which is widely used in the oil industry, does not give very

satisfactory viscosity predictions.
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Abstract in Danish 

Viskositeten af væsker og gasser er af stor betydning indenfor mange ingeniørmæssige 

discipliner, som f.eks. design af transportudstyr eller simulering af produktionsprofiler 

for oile- og gasreservoirer. Derfor er det nødvendigt at have pålidelige og akkurate 

viskositetsmodeller, der kan bruges både til væsker og gasser over store temperatur- og 

trykintervaller. En evaluering af fem eksisterende viskositetsmodeller, der ofte benyttes 

til beregning af viskositeten af kulbrinter og reservoirolier, viste, at det er nødvendigt at 

udvikle en mere nøjagtig og akkurat viskositetsmodel til beregning af viskositeten som 

funktion af temperturen, trykket, og sammensætningen. Evalueringen er blevet foretaget 

på basis af viskositetsdata for 35 rene kulbrinter, kuldioxide, kvælstof og 39 

veldefinerede kulbrinteblandninger. 

 Med udgangspunkt i klassisk mekanik og termodynamik udviklede og 

introducerede Quiñones-Cisneros et al. (2000) friktionsteorien (f-teorien) for 

viskositetsmodellering. I f-teorien betragtes viskositeten af en fluid som en mekanisk 

egenskab, i stedet for en transportegenskab. En meget præcis viskositetsmodellering af 

n-alkaner over store temperatur- og trykintervaller kan opnås med f-teorien ved at 

sammenkæde Amontons-Coulomb´s friktionslov med van der Waal´s attraktive og 

repulsive trykled, der kan fås fra en simpel kubisk tilstandsligning som f.eks. SRK eller 

PR tilstandsligningen. f-teorien er yderligere blevet videreudviklet til en generel model 

baseret på de korresponderende tilstandes principper og med en parameter – en 

karakteristisk kritisk viskositet. Modellen er blevet udviklet ved at bruge en database 

med anbefalede viskositetsværdier som funktion af temperaturen og trykket for n-

alkaner, fra methane til n-octadecane. Disse anbefalede viskositeter er blevet estimeret 

ved at modellere eksperimentelle værdier ved hjælp af f-teorien. 

 Den generelle en-parameter f-teori model er blevet anvendt til 

viskositetsberegning og modellering af reservoirolier. For lette olier kan den generelle  

f-teori model beregne viskositeten med god nøjagtighed. Men for tunge olier kan en 

nøjagtig modellering opnås ved en meget simple tuningsprocedure. En tunet f-teori 

model kan give meget nøjagtige viskositetsberegninger over damptrykket, mens en god 

beregningsnøjagtighed opnås for væskefasen under damptrykket af olien. En tuning af f-

teori modellen kræver kun, at en lineær ligning løses. Simpliciteten og stabiliteten af de 
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generelle f-teori modeller gør, at disse modeller kan blive et stærkt redskab indenfor 

f.eks reservoirsimulering. Endvidere er konceptet i f-teorien blevet anvendt til 

viskositetsberegning af naturgas, blandinger af hydrogen og naturgas (hythane), samt til 

en meget nøjagtig viskositetsmodellering af gasser, som f.eks. argon, hydrogen, 

kvælstof og ilt, ved superkritiske temperaturer og op til høje tryk. 

 Endvidere, da eksperimentelle målinger er nødvendige for at udvikle og teste 

viskositetsmodeller, er et meget stort eksperimentelt studie af 21 ternære blandinger af 

1-methylnaphthalene + n-tridecane + 2,2,4,4,6,8,8-heptamethylnonane blevet udført ved 

at måle viskositeten op til 1000 bar i temperaturintervallet 293.15 K – 353.15 K. Disse 

ternære blandinger skulle repræsentere nogle simple petroleumdistillationsfraktioner 

ved 510 K. Viskositetsmålingerne er blevet udført med et faldlegemeviskometer, 

undtagen ved 1 atm, hvor et Ubbelohde viskometer er blevet benyttet. Da 

arbejdsligningerne for de benyttede viskometre er funktioner af densiteten af den 

studerede blanding, er densitetsmålinger også blevet udført. De målte viskositeter for de 

ternære blandinger er sammen med de allerede målte viskositeter for de rene stoffer og 

de binære blandinger blevet brugt til at evaluere forskellige viskositetsmodeller. De 

evaluerede modeller spænder lige fra empiriske ligninger til modeller med en fysisk og 

teoretisk baggrund. De bedste resultater opnås med viskositetsmodellerne baseret på det 

fri volumen og f-teorien, der begge har en fysisk og teoretisk baggrund. For disse to 

modeller er den absolute gennemsnitlige afvigelse (AAD) tæt på den eksperimentelle 

usikkerhed (2%), hvorimod LBC modellen, der er en meget brugt viskositetsmodel 

indenfor olieindustrien, ikke giver særligt tilfredstillende viskositetsberegninger.  
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Introduction 

Since petroleum and reservoir fluids, such as crude oils and natural gases, are of 

significant importance, accurate and reliable fluid properties are required. One of these 

properties is the viscosity, which is an important property required in many engineering 

disciplines ranging from the design of transport equipments, such as pipelines or 

compressors, to the simulation of production profiles of oil and gas reservoirs, enhance 

oil recovery, or the storage of natural gas. The reason is that flow models, such as the 

Navier-Stoke´s model or Darcy´s law, require the viscosity, since it is related to the 

mobility of the fluid. In spite of this importance, the general understanding of the 

viscosity along with the other transport properties (the thermal conductivity and the 

diffusion coefficient) is inferior to that of thermodynamic and equilibrium properties, 

because transport properties are non-equilibrium properties.  

 The viscosity of a fluid can be obtained in two ways, either by carrying out 

experimental measurements or estimated by a proper model. However, it is impossible 

to measure the viscosity of all fluids at all temperatures, pressures, and compositions, 

because it is very expensive and time consuming to carry out viscosity measurements. 

This has led to the requirement of accurate and reliable models.  

 In case of petroleum and reservoir fluids, which are multicomponent fluids 

mainly consisting of hydrocarbons, compositional and phase changes can undergo in the 

reservoir or through the transportation system and in the process equipments in the 

refinery. Therefore, the petroleum and oil industry requires reliable and accurate 

viscosity models, applicable to both liquids and gases over wide ranges of temperature, 

pressure, and composition. Although that a tremendous number of viscosity models 

have been derived for the viscosity prediction of hydrocarbon fluids, these models are 

mainly only suitable at low to moderate pressures, up to a few hundred bar, 

corresponding to normal reservoir conditions. However, new offshore reservoirs are 

located at higher depths, where the pressure and the temperature are significantly higher 

than at normal reservoir conditions (150 – 250 bar). In these deep-water reservoirs the 

temperature can reach 500 K and the pressure can be higher than 1000 bar, see Ungerer 

et al. (1995). Because of this, a demand for a new and accurate viscosity model 

applicable to high pressure and able to describe compositional changes over wide ranges 
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of temperature has risen. This has been the subject of the European project Extended 

Viscosity and Density Technology (EVIDENT), which this ph.d. project has been a part 

of. The objective of the EVIDENT project has been to develop predictive models for the 

viscosity of reservoir fluids at high pressure and high temperature (HP/HT) conditions. 

 Thus, since reservoir fluids are not suitable in order to derive compositional 

dependent viscosity models, experimental viscosity measurements of well-defined 

mixtures, being simple representations of petroleum and reservoir fluids, are required 

covering wide ranges of temperature and pressure. In spite that these systems are only 

simple representations of real reservoir fluids, they can be used to evaluate the 

performance of viscosity models for the potential extension to real reservoir fluids and 

the application within the oil industry. However, it should be stressed that most of the 

reported viscosity measurements in the literature are for pure compounds and binary 

mixtures versus temperature, whereas measurements versus pressure are less frequent. 

Thus, viscosity studies of binary mixtures have been carried out versus pressure, but for 

multicomponent mixtures being simple representations of reservoir and petroleum fluids 

particularly no systematic study of the viscosity versus pressure has been carried out.  

 In general, the viscosity is a very important fluid property within the oil as well 

as other industries, but less frequently studied compared to thermodynamics properties. 

Because of this, the main object and aim of this project has been to study the viscosity 

of hydrocarbon fluids versus temperature, pressure, and composition in order to develop 

a new and accurate viscosity model applicable to high-pressure reservoir fluids. In 

addition, since there is a lack of experimental studies of the viscosity of well-defined 

mixtures versus temperature, pressure, and composition, a comprehensive experimental 

study of the viscosity and density on ternary mixtures composed of 1-

methylnaphthalene + n-tridecane + 2,2,4,4,6,8,8-heptamethylnonane up to 1000 bar and 

in the temperature range 293.15 K – 353.15 K has been carried out. These ternary 

mixtures should represent some simple petroleum distillation cuts at 510 K. Since the 

techniques used in order to measure the viscosity require the knowledge of the density 

of the fluid, density measurements have also been carried out at the same conditions as 

the viscosity measurements. This thesis has been divided into a modeling part (Part I) 

and an experimental part (Part II). These parts can be read independently of each other. 



PART I

VISCOSITY MODELING AND PREDICTION
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I.1 Viscosity Definitions 

In this chapter, some general viscosity definitions and concepts are reviewed. The 

viscosity of a fluid is related to the internal resistance or friction and is therefore related 

to the mobility of the fluid. The most common way to introduce the fluid property 

viscosity is by considering a fluid placed between two large parallel plates of area A 

with a distance h between them, see Figure I.1. At a given time t = 0 a force F is applied 

to the upper plate, and a shear stress �  = F/A is exerted on the fluid. The upper plate will 

start moving until it reaches a steady state velocity U. The fluid in direct contact with 

the upper plate will have the velocity U, whereas the velocity of the fluid in immediate 

contact with the lower plate will be zero. If the distance h is very small, experiments 

show that the velocity distribution from the lower to the upper plate will increase 

linearly from zero to U, as illustrated in Figure I.1. The velocity at a given distance y 

from the lower plate is given by u(y) = U y/h, Thus, for many fluids the force F required 

in order to maintain the motion of the upper plate is proportional to the area A and the 

velocity U and inversely proportional to the thickness h, resulting in the following 

expression 

  
h
U

A
F

�� ��  (I.1.1) 

where �  is the dynamic viscosity. Further, it is assumed that the flow of the fluid is 

laminar and free of turbulence. In a more explicit way Eq.(I.1.1) can be expressed as 

  
dy
du

�� �  (I.1.2) 

which is Newton´s law of viscosity and where du/dy is the local velocity gradient 

orthogonal to the direction of flow or the shear rate �� . Fluids, which obey Newton´s 

Figure I.1 A fluid between two plates under shear stress. F is the force acting on the upper plate, U the

speed at which the upper plate moves, h the thickness between the plates, and u the velocity of the fluid. 

 U 

u

F 

h
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law, are called Newtonian fluids. To these fluids belong all gases and many simple

liquids such as water and hydrocarbons. The viscosity of these fluids is independent of

the shear stress and the velocity gradient (shear rate), but depends on conditions of state

(pressureP, volumev, and temperatureT). However, some fluids called non-Newtonian

do not obey Newton´s law, and the viscosity depends on the shear stress and the shear

rate. Non-Newtonian fluids may be classified as Bingham plastic, dilatant, and pseudo-

plastic fluids. Bingham plastic fluids such as drilling mud and tooth pasta require a

punch in order to move, because the shear stress needs to exceed a certain minimum

value. Pseudo-plastic fluids such as polymer melts, gelatine, and mayonnaise become

less viscous with increasing shear rate and shear stress. The reason is that long

molecules become better oriented at high shear rates, resulting in a reduction of the

viscosity (higher mobility). For dilatant fluids the opposite happens – the fluid becomes

more viscous with increasing shear rate. Slurries and suspensions with a high

concentration of particles belong to the dilatant fluids. For dilatant fluids, at low shear

rates the liquid will have a lubricating effect between the particles, but at high shear

rates this effect is reduced and the internal friction between the particles is increased.

The behavior of the shear stress as a function of the shear rate (velocity gradient) is

shown in Figure I.2 for both Newtonian and non-Newtonian fluids. However, in spite

Shear Rate (� )

S
he

ar
S

tr
es

s
( �)

Bingham plastic

Pseudo plastic

Newtonian

Dilatant

Figure I.2 Shear stress versus shear rate (velocity gradient) for Newtonian and non-Newtonian fluids.
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non-Newtonian fluids are also of great interest for many industrial applications, they

will not be discussed further, since the fluids considered in this work are assumed to

behave as ideal Newtonian fluids. Further, the dynamic viscosity� will in the rest of the

text be referred to as the viscosity. It has the scientific unit [Pa s] but the engineering

unit [P] (Poise) is also used commonly; e.g. 1 mPa s� 1 cP. In addition, the kinematic

viscosity� with the unit [St] (Stoke) is defined as� = � /� where� is the density.

I.1.1 Viscosity Behavior Versus Temperature, Pressure, and Composition

The viscosity of a fluid changes with temperature, pressure and composition. In the

gaseous state the viscosity is much lower than in the liquid state. The reason is that the

distance between the molecules in the gas phase is greater than in the liquid phase. In

the liquid phase, the transfer of momentum is mainly due to intermolecular effects

between the dense packed molecules, whereas in the gaseous phase the momentum is

transferred by collisions of the freely moving molecules.

Figure I.3 shows a qualitative representation of the viscosity behavior of pure

fluids as a function of the reduced pressure for various isotherms. At the saturation

pressure, a jump in the viscosity is observed for reduced temperatures below 1.0, when

going from the vapor phase to the liquid phase. Further, when the pressure approaches

zero for a given temperature, the viscosity approaches the dilute gas limit. In general,

the viscosity of a fluid in the gaseous phase increases with increasing temperature,

whereas the viscosity of liquids decreases with increasing temperature. In all cases, the

viscosity increases with increasing pressure. However, for dense supercritical fluids at a

constant reduced pressure above 1.0, the viscosity decreases with increasing

temperature down to a minimum and then increases with the temperature, see Figure I.3.

As the pressure is increased this minimum is shifted towards higher temperatures. At

very high temperatures, the viscosity of dense supercritical fluids will only be slightly

higher than the value at the dilute gas limit. Further, when the critical point is

approached the derivative of the viscosity with respect to the pressure diverges. In

addition, it should be mentioned that in the vicinity of the critical point an abnormal

viscosity behavior is observed, when the viscosity is plotted against the density for

different isotherms very close to the critical temperature. This is illustrated in Figure I.4
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for ethane (Iwasaki and Takahashi 1981) and the similar behavior has been found and

observed for nitrous oxide (Yokoyama et al. 1994), carbon dioxide (Iwasaki and

Takahashi 1981), nitrogen (Zozulya and Blagoi 1975), and xenon (Strumpf et al. 1974).

The abnormal viscosity behavior disappears with increasing temperature and it is only

important very close to the critical isotherm. Thus, it should be mentioned that for the

thermal conductivity, this abnormal critical behavior is much more pronounced than for

the viscosity.
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Figure I.3 General illustration of the reduced viscosity� r = � /� c versus reduced pressurePr = P/Pc for

various reduced temperaturesTr = T/Tc. CP is the critical point.
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 For mixtures the viscosity behavior versus temperature, pressure, and 

composition is more complex than for pure fluids. Generally, the viscosity of mixtures 

does not vary linearly with composition at constant temperature and pressure. For 

gaseous mixtures composed of very dissimilar molecules, such as hydrogen and 

hydrocarbons, a maximum is observed at low pressures, when the viscosity is plotted as 

a function of the composition at constant temperature. This is illustrated in Figure I.5a, 

where the dilute gas viscosity of the binary mixture composed of hydrogen and methane 

is shown as a function of the composition. Generally, the maximum disappears with 

increasing temperature and pressure. However for gaseous mixtures composed of very 

similar compounds, such as hydrocarbons, a monotonical viscosity behavior is observed 

versus the composition, as illustrated in Figure I.5b. In this figure, the dilute gas 

viscosity is shown for the binary mixture composed of methane and n-butane.  

 Non-monotonical viscosity behaviors may also be observed for liquid mixtures, 

when the viscosity is plotted versus the composition at constant temperature and 

pressure. This is the case for liquid mixtures composed of polar and associating fluids. 

For such mixtures a maximum is observed, as shown in Figure I.6 for the binary

Figure I.4 Viscosity behavior of ethane in the vicinity of the critical point for different isotherms very

close to the critical isotherm Tc = 305.43 K. Points represent experimental data taken from Iwasaki and

Takahashi (1981). 
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mixture water + 2-propanol. The reason for this non-monotonical behavior is due to the

intermolecular and associating effects between polar and associating molecules. The

maximum decreases with increasing temperature, but the maximum can still be

observed at high pressure, see Figure I.6b. Also for non-polar liquid mixtures it is

possible to observed non-monotonical viscosity behaviors versus composition, but it is

not very common. Generally, this non-monotonical viscosity behavior versus

composition is observed as a minimum at 1 bar and may be the effect of repulsive

interactions or structural effects. This is shown in Figure I.7 for the non-polar binary

system 1-methylnaphthalene + 2,2,4,4,6,8,8-heptamethylnonane (Canet et al. 2001). A

similar behavior has been observed by Zhang and Liu (1991) for the binary system

benzene + cyclohexane and by Zéberg-Mikkelsen et al. (2001) for the ternary system 1-

methylnaphthalene + n-tridecane + 2,2,4,4,6,8,8-heptamethylnonane. However, for non-

polar mixtures the minimum disappears with increasing temperature and pressure, see

e.g. Figures I.7a and I.7b.

Figure I.8 shows the viscosity behaviorof a reservoir oil with compositional

changes as a function of the pressure at constant temperature. In principle, Figure I.8
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Figure I.5 Illustration of the dilute gas viscosity behavior for two binary mixtures versus composition for

various temperatures. a) hydrogen + methane, and b) methane + n-butane.
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illustrates what will happen with the viscosity of the oil when the pressure in the

reservoir decreases due to the depletion of the oil reservoir. Generally, the temperature

of the reservoir is approximately constant during the depletion. The production of the

oil reservoir is started at the initial reservoir pressurePres, and as the pressure is reduced

the viscosity decreases until the saturation pressure is reached. In case the pressure in

the oil reservoir drops below the saturation pressure, the viscosity of the oil (liquid

phase) is increased (lower mobility), resulting in a lower production. The reason is that

the oil separates into a liquid phase and a gaseous phase below the saturation pressure.

This phase split will result in changes in the composition of both the gas and the liquid

as the pressure is further reduced, because the volatile or light hydrocarbons go into the

gaseous phase, whereas the heavy hydrocarbons are left behind in the liquid phase,
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Figure I.7 Viscosity versus composition for the binary system 1-methylnaphthalene + 2,2,4,4,6,8,8-

heptamethylnonane (Canet et al. 2001) at a) 1 bar and b) 323.15 K.

Figure I.6 Viscosity versus composition for the binary mixture water + 2-propanol (Moha-Ouchane et al.

1998) at a) 1 bar and b) 303.15 K.
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leading to an increase in the viscosity of the liquid as the pressure is reduced, see 

Figure I.8. Therefore, it is important to keep the pressure in the reservoir above the 

saturation pressure of the oil. Even if the oil is produced from the reservoir as a single 

phase, the oil will undergo compositional changes during the pressure and temperature 

reductions occurring through the required transport and separation equipments from the 

wellhead to the refinery. 
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13

I.2 Viscosity Models

Viscosity models are important tools in order to describe the viscosity of a fluid as a

function of temperature, pressure, and composition. The literature contains many

different viscosity models and every year new models or modifications of existing

models are derived and proposed. A critical review of existing viscosity models suitable

for practical engineering applications can be found in Monnery et al. (1995), Mehrotra

et al. (1996), and Reid et al. (1987). The available viscosity models range from highly

theoretical models to simple empirical correlations. Many of these models are only

suitable for predicting either the liquid or the gas phase viscosity. The kinetic theory of

gases and the Chapman-Enskog theory have formed the basis of achieving accurate

semi-theoretical models for predicting the viscosity of gases at low pressure. Thus, for

dense fluids the complexity of the intermolecular forces resulting from short range

forces, such as repulsion and hydrogen bonding, wide range electrostatic effects, and

long range attractive forces makes a semi-theoretical description based on concepts of

statistical mechanics extremely difficult. According to Monnery et al. (1995) the only

methods, which can be applied to both liquids and gases, are semi-theoretical methods

based on either the corresponding states principle, the hard-sphere theory, the modified

Chapman-Enskog theory, or the empirical residual concept. Viscosity models based on

cubic equations of state (EOS), see e.g. Guo et al. (1997) have also been introduced.

These models are also suitable for estimating the viscosity of gases and liquids.

Most of the viscosity models presented in the literature have been derived for

hydrocarbon fluids due to their importance in the petroleum industry. The viscosity

models and methods considered and discussed in this work are those currently used by

the petroleum industry and applicable to both the gaseous and liquid phases. Thus, the

models should also be applicable to wide ranges of temperatureT, pressureP, and

compositionx. The reason is that production processes related to the petroleum industry

are carried out at differentT,P conditions for fluids having different compositions.

Further, it would be preferred to evaluate the performance of existing viscosity models

related to petroleum engineering, since a fragmental part of the EVIDENT project is

related to the development of a new viscosity model suitable for hydrocarbon and

reservoir fluids. Currently, the models used in petroleum engineering are based on
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either the corresponding states principle or the empirical residual concept such as the

well-known Lohrenz-Bray-Clark (LBC) model (Lohrenz et al. 1964). These models

have been implemented into reservoir simulators. Thus, viscosity models based on cubic

EOS are currently been implemented in reservoir simulators. Based on the above-

mentioned remarks, the viscosity models considered in this work are based on the

empirical residual concepts of Lohrenz et al. (1964), the corresponding states principle

with one reference fluid (Pedersen and Fredenslund 1987) and with two reference fluids

(Aasberg-Petersen et al. 1991), and the viscosity model based on a cubic EOS (Guo et

al. 1997). In addition, the estimation of the dilute gas viscosity is also discussed.

I.2.1 The Dilute Gas Viscosity

The dilute gas viscosity is defined as the viscosity at the zero density limit and is related

to the kinetic theory of gases and the Chapman-Enskog theory. These theories have

been described in details by e.g. Hirschfelder et al. (1967) and Chapman et al. (1970).

Thus, it should be stressed that the dilute gas viscosity contribution to the total viscosity

of a fluid will only be important, when predicting the viscosity of vapors or dense fluids

at high temperatures, see Figure I.3.

By considering a low-density gas consisting of rigid, non-interacting spherical

molecules with a diameterd and a massm, the simplest viscosity model based on the

kinetic gas theory can be derived, see e.g. Hirschfelder et al. (1964) or Bird et al. (1960)

22/30
3

2

d

Tkm B

�
� = (I.2.1)

using the additional assumptions that the motion of the molecules is randomly directed

with a mean velocity! = (8 kB T/(� m))1/2, obtained from kinetic theory, and that the

collisions between molecules occur after they have moved a distance defined as the

mean free path. Here,kB is Boltzmann´s constant andT the temperature.

Independently of each other Chapman and Enskog extended the simple kinetic

gas theory for transport properties by considering the potential energy of interaction

between pairs of molecules, which is related to the attractive and repulsive interaction

forces. The Chapman-Enskog expression for the dilute gas viscosity of monatomic

molecules is given by
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where	 is a characteristic collision diameter defined as the distance where the energy

potential between two molecules is zero. The reduced collision integral� * is related to

a potential energy function. A fairly good empirical potential energy function is the

Lennard-Jones (12-6) potential, which Neufeld et al. (1972) used to derive an empirical

expression for the reduced collision integral. Based on the Chapman-Enskog theory and

the empirical expression for the reduced collision integral (Neufeld et al. 1972), Chung

et al. (1984, 1988) derived an empirical dilute gas viscosity model incorporating

structural effects in order to apply the model to polyatomic, polar, and hydrogen

bonding fluids over wide ranges of temperature. This model is applicable of predicting

the dilute gas viscosity of several polar and non-polar fluids within an uncertainty of

1.5%. The model is given by
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with

cT
T.

T
25931* = (I.2.5)

The dilute gas viscosity obtained by Eq.(I.2.3) has units of microPoise [µP], when the

temperatureT is in [K] and the critical volumevc in [cm3/mole]. Mw is the molecular

weight andTc the critical temperature. The best performance of this model is obtained

when the real critical volume of the fluidvc is used. The empirical expression for theFc

factor is defined as

�µ� ++Š= 40.0590352756.01 rcF (I.2.6)
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where� is the acentric factor,µr a dimensionless dipole moment, and� a correction

factor for the hydrogen bonding effects in associating substances, such as alcohols.

However, since the fluids considered in this work are non-polar hydrocarbons Eq.(I.2.6)

reduces to

2756.01 �Š=cF (I.2.7)

Curtiss and Hirschfelder (1949) extended the Chapman-Enskog theory to multi

component gas mixtures at low densities. Thus, the final expressions are quite complex

and rarely used to calculate the viscosity of mixtures. However, simple and adequate

models exist for estimating the dilute gas viscosity of multicomponent mixtures. Wilke

(1950) derived the following mixing rule based on the kinetic gas theory with several

simplifications in order to estimate the dilute gas viscosity of a mixture
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This mixing rule is totally predictive in the sense that it only requires the molecular

weight, the dilute gas viscosity, and the mole fraction of the pure compounds. Further, it

should be mentioned that the Wilke mixing rule is capable of describing the right

viscosity behavior of gas mixtures showing a nonlinear and non-monotonical behavior

or attaining a maximum, see Figure I.5, when the viscosity is plotted versus the

composition at constant temperature. This kind of viscosity behavior is common for gas

mixtures composed of compounds with large differences in size and shape, such as

mixtures composed of hydrogen and hydrocarbons, see Nabizadeh and Mayinger

(1999), or a polar and a non-polar compound.

Another, simple mixing rule is the calculation procedure proposed by Herning

and Zipperer (1936)
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which has been found suitable for estimating the dilute gas viscosity of hydrocarbon

mixtures.

I.2.2 The Residual Viscosity Concept

By subtracting the dilute gas viscosity� 0 from the total viscosity of a fluid� the

residual viscosity term� res is obtained

0��� Š=res (I.2.11)

The residual viscosity is defined as the viscosity in excess of the dilute gas viscosity.

This concept is common both for empirical models and models considered to have a

theoretical background. Normally, the dilute gas viscosity contribution first becomes

important, when the zero density limit is approached, unless the studied fluid is a

supercritical fluid at a relative high reduced temperature.

I.2.2.1 The LBC model

Within the petroleum industry a widely usedempirical viscosity correlation based on

the residual viscosity concept is the correlation of Jossi et al. (1962), because it can be

applied to both gases and liquids. This correlation is used in many compositional

reservoir simulators and is generally referred to as the Lohrenz-Bray-Clark (LBC)

model (Lohrenz et al. 1964) due to the fact that Lohrenz et al. (1964) introduced a

procedure for calculating the viscosity of hydrocarbon mixtures and reservoir fluids

using the same equation derived by Jossi et al. (1962) for pure fluids. This equation is a

sixteenth degree polynomial in the reduced density and is shown below

( )[ ] 4
4
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3
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1/44
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where � 0 is the dilute gas viscosity,� the viscosity reducing parameter, and� r the

reduced density of the fluid defined as

c
r �

�
� = (I.2.13)
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where� c is the critical density of the fluid. Thedi coefficients in Eq.(I.2.12) are

d0 = 0.1023 d3 = -0.040758
d1 = 0.023364 d4 = 0.0093324
d2 = 0.058533

These coefficients were adjusted by Jossi et al. (1962) by applying Eq.(I.2.12) to the

following 11 pure compounds: argon, nitrogen, oxygen, carbon dioxide, sulfur dioxide,

methane, ethane, propane, i-butane, n-butane, and n-pentane, for reduced densities

between 0.02 and 3.0.

In order to apply the method of Jossi et al. (1962) to mixtures, Lohrenz et al.

(1964) introduced the following mixing rules in order to estimate the dilute gas

viscosity and the viscosity reducing parameter of the mixture
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whereTc,i is the critical temperature,Pc,i the critical pressure,Mw,i the molecular weight,

andxi the mole fraction of componenti in the mixture. The mixing rule for the dilute

gas viscosity is the mixing rule proposed by Herning and Zipperer (1936), see

Eq.(I.2.10). The dilute gas viscosity of the pure components is obtained with the

following expressions proposed by Stiel and Thodos (1961) and adapted by Jossi et al.

(1962)
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where Tr,i is the reduced temperature, and� i is the viscosity reducing parameter of

componenti. The calculated viscosity will have the unit [cP], if the pressure is in [atm]
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and the temperature in [K]. The general expression proposed by Lohrenz et al. (1964)

for estimating the critical density of a well-defined mixture or a reservoir fluid is
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wherevc,i is the real critical molar volume of componenti and subscript C7+ refers to the

heptane plus fraction of the reservoir fluid. The critical volume of the C7+ fraction in

[ft 3/lb mole] is obtained from the expression
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whereSGC7+ is the specific gravity of the C7+ fraction.

In addition, it should be stressed that the viscosity calculations with the LBC

model are very sensitive to the estimated densities, since the model is a sixteenth degree

polynomial in the reduced density. This can lead to large errors for highly viscous

fluids, but also because the adjustment of thedi coefficients was based on light

hydrocarbons, normally found in natural gas mixtures. A common procedure, when the

LBC model is applied to real reservoir fluids, is to optimize the critical volume of the

plus fraction in order to improve the viscosity calculations. The calculation procedure

presented here is the procedure originally suggested by Lohrenz et al. (1964). Further,

the residual viscosity term is expected to be only a function of the reduced density. This

is also correct for low and moderate reduced densities, but for reduced densities above 3

a temperature dependency is observed, as shown for propane in Figure I.9. It should be

stressed that a similar behavior has been observed for methane, n-hexane, and n-decane.

I.2.2.2 The LABO Model

Et-Tahir (1993) readjusted thedi coefficients in the LBC model, Eq.(I.2.11), using

experimental viscosity and density data in the temperature range 150 K – 520 K and up

to 1000 bar for methane, ethane, propane, i-butane, n-pentane, n-octane, n-decane,

toluene, benzene, o-xylene, and 2,2-dimethylpropane in order to improve the viscosity

calculations of hydrocarbon fluids. This model is referred to as the LABO model, and
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the calculation procedure is similar to the procedure outlined for the original LBC

model, described in Section I.2.2.1. Thedi coefficients in the LABO model are

d0 = 0.1019346 d3 = -0.0326267
d1 = 0.024885 d4 = 0.00758663
d2 = 0.0507222

In case, experimental densities are not available, Et-Tahir (1993) and Alliez et

al. (1998) investigated the performance of the LABO model by comparing the

experimental viscosity values with the calculated values, when the densities are

estimated by four different EOSs. They found that the best results are obtained when the

density is estimated with the method of Lee-Kesler (1975), whereas the use of the cubic
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EOS by Peng and Robinson (1976) is not recommended. Further, they also investigated

ten different mixing rules in order to obtain the critical temperature and critical pressure

of mixtures. A detailed description of this study is given by Et-Tahir (1993). In case the

experimental density is known, the best viscosity predictions with the LABO model are

obtained when the calculation procedure described for the LBC model is used, see

Section I.2.2.1. Otherwise, the mixing rules proposed by Pedersen et al. (1984a) can be

applied among others. These mixing rules are used in the corresponding states models

by Pedersen and Fredenslund (1987) and Aasberg-Petersen et al. (1991) and they are

presented in connection with these models, see Section I.2.3.1

I.2.3 The Corresponding States Models

Viscosity models based on the corresponding states principle are common and generally

either based on one to three reference fluids. The basic idea of the corresponding states

principle is that the same functional behavior for a given reduced property e.g. the

reduced viscosity, expressed in terms of other reduced properties, is obtained for a

group of fluids. This means that at the same reduced conditions the same reduced

viscosity value is obtained for any of the fluids in the group. When the corresponding

states principle is applied to the reduced viscosity� r, it can be related to two of the

following reduced properties:Tr (reduced temperature),Pr (reduced pressure),� r

(reduced density) andvr (reduced volume). The functional dependency of the reduced

viscosity can for example be expressed as

( ) ( ) ( ) ( )rrrrrr ,TPfP,T,Tf,T == ���� or (I.2.21)

When a group of fluids obeys the corresponding states principle, only comprehensive

viscosity data are required for some of the fluids in the group. These fluids or

compounds are then used as reference fluids. The general expression for estimating the

viscosity of a fluid by the corresponding states principle is shown below.

( ) ( )P,T
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K

P,T ref
ref

x
x �� = (I.2.22)

where subscriptsx and ref refer to the considered fluid and the reference fluid,

respectively. TheK factors are related to the “critical viscosity”.
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I.2.3.1 The Corresponding States Model with One Reference Fluid

The corresponding states viscosity model with one reference fluid specifically derived

for hydrocarbon fluids by Pedersen et al. (1984a) is based on the approach of

Christensen and Fredenslund (1980). The reference fluid is methane and was chosen

because methane is one of the most studied fluids with respect to viscosity and density

in the liquid and the gaseous phases. In order to improve the viscosity prediction of

fluids with a reduced temperature below 0.4 (the freezing point of methane) Pedersen

and Fredenslund (1987) modified the approach by Pedersen et al. (1984a). This

modified approach by Pedersen and Fredenslund (1987) is referred to as the CS1 model

in this work and presented below for ann component mixture
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The structure of this model is similar to that proposed by Ely and Hanley (1981), who

used the reduced density as one of the corresponding states parameters instead of the

reduced pressure. The advantage of using the pressure instead of the density is that the

density of the considered fluid does not have to be estimated. Thus, at the saturation line

problems may be encountered due to the discontinuity in the viscosity.

In the CS1 model the critical properties of the considered mixture are estimated

with the following mixing rules
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These mixing rules are the van der Waals one-fluid approximations (Leland et al. 1968).

The molecular weigth of the mixture is estimated with the empirical expression
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where Mww is the weight average molecular weight andMwn is the number average

molecular weight. The reason for using this expression in order to estimate the

molecular weight of a mixture is related to the fact that the heavier compounds have a

larger influence on the mixture viscosity than the lighter compounds (Pedersen et al.

1984a).

The� parameters are given by
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where� r is the reduced density of methane defined by
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The density of methane� ref is estimated by the modified Benedict-Webb-Rubin (BWR)-

EOS proposed by McCathy (1974).

In order to ensure continuity in the viscosity estimations of the reference

viscosity � ref above and below the freezing point of methane (TF = 95.0 K)

corresponding to a reduced temperature of 0.4, Pedersen and Fredenslund (1987)

modified the viscosity expression derived for methane by Hanley et al. (1975) by

introducing a fourth viscosity term. The expression is
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with

FTTT Š=� (I.2.36)

The dilute gas viscosity expression� 0(T) for methane shown in Eq.(I.2.37) has been

derived by Hanley et al. (1975) using values derived from the kinetic theory of gases
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and theGVi coefficients are given in Table I.1.

The first density correlation term above the dilute gas viscosity� 1(T) is given by
2
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In the dense liquid region Eq.(I.2.33) is mainly governed by the term�� ’(� ,T)

expressed as

!!
"

#
$$
%

&
Š(

)

*
+
,

-
!
"

#
$
%

& +++!
"

#
$
%

& +()

*
+,

- +=� 01expexp
2
76

5
50

23
3

2
104

1 .
T

j
T
j

j
T

j
j

T
j

j .
/

. ����� (I.2.39)

and where
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= (I.2.40)

The ji coefficients are reported in Table I.2 and have been determined by Hanley et al.

(1975).

GV1 = -2.090975·105 GV4 = 4.716740·104 GV7 = -9.627993·101

GV2 = 2.647269·105 GV5 = -9.491872·103 GV8 = 4.274152·100

GV3 = -1.472818·105 GV6 = 1.219979·103 GV9 = -8.141531·10-2

Table I.1 Coefficients used in Eq.(I.2.37) for estimating the dilute gas viscosity of methane.
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j1 = -10.35060586 k1 = -9.74602 

    
j2 = 17.571599671 k2 = 18.0834 

    
j3 = -3019.3918656 k3 = -4126.66 

    
j4 = 188.73011594 k4 = 44.6055 

    
j5 = 0.042903609488 k5 = 0.976544 

    
j6 = 145.29023444 k6 = 81.8134 

    
j7 = 6127.6818706 k7 = 15649.9 

    
Table I.2 Coefficients for methane used in the CS1 model, Eqs.(I.2.39) and (I.2.41). 

 

For reduced temperatures below 0.4, the term ��  (� ,T) secures continuity between 

viscosities above and below the freezing point of methane, and it is given by 

��
�

�
��
�

�
�

�

	


�

�
�
�

�
�
�

� ����
�

�
�
�

� ���

	

�

� ���� 01expexp
2
76

5
5.0

3/2
3

2
1.04

1 .
T

k
T
k

k 
T

k
k  

T
k

k �����  (I.2.41) 

The ki coefficients are given in Table I.2 and have been determined by Pedersen and 

Fredenslund (1987). 

 The unit of the reference viscosity is [� P], when the density is in [g/cm3], the 

temperature in [K] along with the reported coefficients for the CS1 model. When the 

viscosity of an unknown fluid is calculated by the CS1 model, the required density of 

methane is estimated at two different sets of T,P conditions. The density required in 

Eq.(I.2.33) is estimated at the T,P conditions defined in Eq.(I.2.24), whereas the T,P 

conditions used in order to estimate the density in Eqs.(I.2.30) and (I.2.31) are defined 

in Eq.(I.2.32). This has also been stressed by Aasberg-Petersen (1991), who concluded 

that this might be inconvenient and a short-come of the CS1 model. Further, according 

to Aasberg-Petersen et al. (1991), the CS1-model will yield reliable viscosity 

predictions for reservoir fluids, but the CS1-model may overestimate the viscosities of 

pure hydrocarbons and well-defined hydrocarbon mixtures. 

 



 26

I.2.3.2 The Corresponding States Model with Two Reference Fluids 

Aasberg-Petersen et al. (1991) proposed a viscosity model based on the corresponding 

states principle with two reference fluids (CS2) applicable to hydrocarbon fluids in the 

liquid and gaseous phases. The reference fluids are methane and n-decane. They choose 

n-decane as the second reference compound, because it is the largest alkane for which 

sufficient amount of experimental viscosity data is known. The CS2 model is described 

below for an n component mixture 
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where KCS is an interpolation parameter related to the molecular weight 
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Subricpt mix refers to the mixture, while subscipts 1 and 2 refer to the reference fluids 

methane and n-decane, respectively. The functional structure of the CS2 model was 

originally introduced by Teja and Rice (1981) for viscosity calculations of liquids. Teja 

and Rice (1981) used the acentric factor in the interpolation parameter. 

 The critical viscosity of either the considered fluid or the two reference fluids is 

estimated with the following equation 

  613221 / -
c

/
c

/
wc  T PMC���  (I.2.44) 

where C  ́ is a constant, which cancels out, when the critical viscosities are inserted in 

Eq.(I.2.42). The structure of the critical viscosity equation is similar to that introduced 

by Uyehara and Watson (1944). The critical temperature and the critical pressure of the 

mixture are estimating with the same mixing rules used in the CS1 model, see 

Eqs.(I.2.25) and (I.2.26). The molecular weight of the mixture is obtained using 

Eq.(I.2.45), which has the same structure as the equation used in the CS1 model, see 

Eq.(I.2.27). 

  � �    008673580 560791560791
,

. 
wn

. 
wwwnmixw MM. MM ��  (I.2.45) 

where Mww and Mwn are calculated according to Eqs.(I.2.28) and (I.2.29). 

 The viscosity of the two reference fluids (� 1 and � 2) is evaluated at T,P 

conditions corresponding to the reduced temperature and reduced pressure of the
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mixture 
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using the following expression  
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The coefficients in Eqs.(I.2.49) – (I.2.53) are reported in Table I.3 for each reference 

fluid. The coefficients for n-decane were determined using viscosity data in the 

temperature range 240 K to 478 K and up to 1000 bar. For methane the coefficients 

were determined using viscosity data in the temperature range 91 K to 523 K and up to 

690 bar, except the GVi coefficients, which were determined by Hanley et al. (1975). 

Using these coefficients along with the density in [g/cm3] and the temperature in [K] the 

reference viscosity has the unit [� P]. The density of each reference fluid is calculated by 

the procedure proposed by Knudsen (1992) based on the Jensen (1987) modification of 

the Adachi-Lu-Sugie (ALS) EOS Adachi et al. (1983). 

 However, Aasberg-Petersen et al. (1991) mentioned in their paper that the CS2 

model is not suitable for mixtures with large concentrations of naphthenic compounds. 
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Methane

GV1 = -209097 B = 343.79
GV2 = 264727 C = 0.4487
GV3 = -147282 F = 168.0
GV4 = 47167 j1 = -22.768
GV5 = -9491.9 j2 = 30.574
GV6 = 1220.0 j3 = -14929
GV7 = -96.28 j4 = 1061.5
GV8 = 4.274 j5 = -1.4748
GV9 = -0.0814 j6 = 290.62

A 100 = 23946 j7 = 30396

n-Decane

GV1 = 0.2640 B = 81.35
GV2 = 0.9487 C = 5.9583
GV3 = 71.0 F = 490.0
GV4 = 0.0 j1 = -11.739
GV5 = 0.0 j2 = 16.092
GV6 = 0.0 j3 = -18464
GV7 = 0.0 j4 = -811.3
GV8 = 0.0 j5 = 1.9745
GV9 = 0.0 j6 = 898.45

A 100 = 0.00248 j7 = 119620

Table I.3 Coefficients for the reference fluids in the CS2 model, Eqs.(I.2.49) – (I.2.53).

I.2.4 Viscosity Models Based on Cubic EOS

By plotting the temperatureT versus the viscosity� for different isobars, as shown in

Figure I.10 for propane, a similarity to thePvTrelationship is found. This similarity was

observed by Phillips (1912). Based on this similarity, Little and Kennedy (1968)

derived the first EOS based viscosity model from the van der Waals EOS by

interchangingP andT, replacingv with � , and the gas constantR along with thea andb

parameters were replaced by empirical constants for each pure compound. Recently,

Guo et al. (1997) used the same procedure in order to derive two new viscosity models

based on cubic EOSs; one model is based on the Patel-Teja EOS (Patel and Teja 1982)

and the other is based on the Peng-Robinson (PR) EOS (Peng and Robinson 1976). In

this work the modified PR viscosity model by T.-M. Guo (1998) is presented and will
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be referred to as the PRVIS model. For ann component mixture the PRVIS model is

given by
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where subscriptmix refers to the mixture. Theamix, bmix, b(T)mix, andr(T)mix parameters

are determined using the following mixing rules:
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Figure I.10 Temperature versus viscosity at various isobars (� � ) and at the saturation line (!! ) for

propane. Data (€) taken from Vogel et al. (1998).
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whereTc,i, Pc,i, andZc,i are respectively the critical temperature, the critical pressure, and

the critical compressibility factor of the pure compounds. The critical viscosity� c,i is

obtained by the Uyehara and Watson equation (Uyehara and Watson 1944)
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The unit of� c,i is [Pa s}, when the temperature is in [K] and the pressure in [atm]. The� i

and the� i parameters are estimated using the following expressions
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and theQ parameters are determined in the following way:
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where� i is the acentric factor of componenti.

The calculated viscosity by the PRVIS model will have the unit [Pa s], when the

pressure and the critical pressure are in [Pa], except in the estimation of the critical

viscosity by Eq.(I.2.64). An advantage of the PRVIS model is that the density of the

considered fluid is not required in order to perform viscosity calculations. The only

required data are the composition of the mixture, the pressure, the temperature, along

with the acentric factor and the critical properties of the pure compounds. The PRVIS

model has been derived for viscosity predictions of hydrocarbon fluids at high

pressures.

I.2.5 Critical Viscosity

By considering the viscosity at the critical point from a kinetic gas theory point of view

Uyehara and Watson (1944) suggested the following expression

3/2
c

cw
c

v

TM
k�=� (I.2.69)

where� c is the critical viscosity,k´ a constant, andvc the molar volume. By combining

Eq.(I.2.69) with the gas law Uyehara and Watson (1944) obtained
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Using the critical compressibility factorZc = 0.275, and based on experimental viscosity

data for 60 compounds Uyehara and Watson (1944) determined an average value of

k´ = 61.2, when the viscosity is in [µP], the temperature in [K], and the pressure in

[atm], leading to
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7.7
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This equation is commonly used to estimate the critical viscosity of fluids and it is e.g.

used in the corresponding states model with two reference fluids (CS2) by Aasberg-

Petersen et al. (1991), the viscosity model based on the PR EOS (PRVIS) by Guo et al.

(1997) and Guo (1998), and as the viscosity reducing parameter� in the LBC model

(Lohrenz et al. 1964).
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I.3 Density Models

In spite that the viscosity is normally required for a given temperatureT and pressureP,

most viscosity models are instead related to the density or molar volume, see e.g.

Monnery et al. (1995). However in most cases the density (molar volume) of the

considered fluid is not known for a givenT,P condition and therefore reliable and

accuratePvT models are required, applicable to both liquids, gases and dense fluids

over wide ranges of temperature, pressure, and composition. Figure I.11 shows thePvT

behavior of a pure fluid. At the critical point (Pc,vc) the critical isotherm exhibits a

horizontal inflection, resulting in the following mathematical conditions
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whereCP refers to the critical point. In Figure I.11, the full line to the left of the critical

point represents saturated liquid, whereas the full line to the right of the critical point

represents saturated vapor. The area lying inside the full lines is the two phase region,

whereas only one phase, liquid or gas, exists outside for a given temperature and

pressure. As the pressure goes to infinity the isotherms approach an asymptotic value,

which can be interpreted as the hard-core volume. Further, it can be seen from

Figure I.11 that liquids are almost incompressible for temperatures below the critical

temperature. The ideal gas state is approached for temperatures significantly higher than

Figure I.11 PressureP versus volumeV of a pure fluid at different temperatures.
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the critical temperature and at low pressures.

PvT models, which in addition also can represent the thermodynamic functions

derived from integration and differentiation of thePvT relation, are referred to as

equations of state (EOS) (Jensen 1987). The literature contains many different types of

EOSs. In the remaining of this chapter, the EOSs used in this work for estimating the

molar volume (density) are presented. These EOSs are all pressure explicit and can be

separated into two categories:

€ Cubic EOS.

€ Non-cubic EOS of the Benedict-Webb-Rubin (BWR) type.

In spite that the more complex BWR type of EOSs have been found to deliver more

accurate density estimations, especially for pure compounds, cubic EOSs are the most

popular and commonly used models in compositional simulators within the chemical

and petroleum industry. This is due to their simplicity and that they can be solved

easily. Further, cubic EOSs can also easily be applied for accurate estimations of

vapor/liquid equilibria of pure fluids and mixtures. This is generally not the case for the

BWR models due to the empirical mixing rules associated with the different parameters.

I.3.1 Cubic EOS

In 1873 van der Waals introduced the first cubic EOS

2v

a
bv

RT
P Š

Š
= (I.3.2)

where v is the molar volume,b the covolume or the hard core volume, anda the

intermolecular attraction parameter. The first term in Eq.(I.3.2) is defined as the

repulsive pressure, while the last term is the attractive pressure term also referred to as

the internal pressure. The first accepted modification of the van der Waals EOS for

engineering applications was the Redlich-Kwong (RK) EOS by Redlich and Kwong

(1949), who multiplied the attractive part byv(v + b)-1T -0.5, but still kept the a

parameter constant. Since the RK EOS was introduced, a tremendous number of cubic

EOSs have been derived and every year new cubic EOSs or modifications of existing

cubic EOSs are proposed. Thus, for most of the derived cubic EOSs the main

modifications have been performed on the attractive pressure contribution. In spite new
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cubic EOSs are proposed, the simple and well-known Soave-Redlich-Kwong (SRK)

EOS (Soave 1972) or the Peng-Robinson (PR) EOS (Peng and Robinson 1976) are still

very common and widely used within the chemical and petroleum industry.

I.3.1.1 The SRK and PR EOS

The SRK and PR EOS are referred to as two-parametric cubic EOSs and the general

expression for both EOSs can be written as
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whereu andw are integers dependent on the cubic EOS, see Table I.4. Theb anda(T)

parameters are defined as
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with

( ) ( )( )25.011 rTmT Š+=� (I.3.6)

whereTr is the reduced temperature defined asT/Tc. This alpha function was proposed

by Soave (1972) for the SRK EOS in order to improve the vapor/liquid equilibrium

pressure compared to the original RK EOS (Redlich and Kwong 1949). Peng and

Robinson (1976) adapted the structure of the Soave alpha function for the PR EOS.

For the SRK EOS

2176.0574.148.0 �� Š+=m (I.3.7)

u w � a � b Zc

SRK 1 0 0.427480 0.086640 1/3

PR 2 -1 0.457236 0.077796 0.307401

Table I.4 Parameters for the SRK and PR EOS.
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while for the PR EOS 

  226992.054226.137464.0 �� ��m  (I.3.8) 

where �  is the acentric factor. Further improvements of the alpha function have 

extended the application of cubic EOSs to many polar and nonpolar fluids, as it is the 

case with e.g. the Mathias (1983) modification of the SRK EOS (SRKM) or the Stryjek 

and Vera (1986) modification of the PR EOS (PRSV). For the SRKM EOS 

  1for156136.0555191.148508.0 2 ��� rTm ��  (I.3.9) 

whereas at supercritical temperatures the expression proposed by Boston and Mathias 

(1980) is used 
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and where p is a characteristic parameter related to each polar fluid. In Eq.(I.3.11) m is 

obtained by Eq.(I.3.9). 

 For the PRSV EOS 
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with 

 32
0 0196554.017131848.04897153.1378893.0 ���' ���  (I.3.13) 

and ' 1 is an adjustable parameter characteristic of each pure compound reported by 

Stryjek and Vera (1986).  

 However, since the Soave alpha function Eq.(I.3.6) was originally intended for 

improving vapor/liquid equilibrium calculations some remarks should be stressed, when 

this function is applied at supercritical temperatures. At high reduced temperatures, 

cubic EOSs should approach the ideal gas limit. However, neither the alpha function in 

the PR or the SRK EOS does decrease monotonically to zero, but instead the alpha 

function passes through a minimum located at 
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followed by an increase withTr
2, as shown in Figure I.12. In this figure the behavior of

the alpha function in the SRK EOS is shown as a function of the reduced temperature

for positive acentric factors� . For fluids, which have an acentric factor close to zero

such as methane (Tc � 190.6 K) or nitrogen (Tc � 126.1 K) the alpha function decreases

monotonically up to around 1800 K for methane and 1200 K for nitrogen. For n-octane

(� � 0.40 andTc � 568.7 K) the monotonical decrease of the alpha function continues

up to around 2100 K. So generally for all possible temperature ranges of industrial

interest, the performance of the Soave alpha function for hydrocarbon fluids will be

adequate. However, for some fluids such as neon, helium, and hydrogen the Soave

alpha function may not be adequate. One way to correct this problem is to use a

different alpha function for the supercritical region, as e.g. the alpha function suggested

by Boston and Mathias (1980).

For the two-parametric cubic EOSs, the prefactors� a and � b along with the

critical compressibilityZc have been determined using the critical point criteria given in

0

2
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6

8

0 5 10 15 20

Reduced Temperature

�

� = 0.0

� = 0.4

� = 1.0

Figure I.12 Behavior of the alpha function in the SRK EOS as a function of the reduced temperature for

various acentric factors� .
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Eq.(I.3.1). These values are reported in Table I.4 for the SRK and the PR EOS,

respectively. It should be stressed that the EOS determinedZc is not equal to the value

obtained from experimental measurements.

In order to apply the SRK and the PR EOS to mixtures, the requireda andb

parameters of the mixture have to be estimated. In this work, in order to keep the EOS

as simple as possible, the regular van der Waals mixing rules are used. These mixing

rules are given by
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i
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n

j
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wherekij is the binary interaction parameter between compoundi and compoundj in the

mixture. These binary interaction parameterskij are determined by optimizing the

performance of the EOS to experimental VLE measurements, and values have been

reported by Knapp et al. (1982) for the SRK and the PR EOS, respectively.

I.3.1.2 The Peneloux Correction

Peneloux et al. (1982) introduced a simple method based on the volume translation

principles in order to improve the estimation of the liquid molar volume by cubic EOSs.

With this procedure the volumes of the liquid and the gas phase are changed, but the

phase equilibrium conditions are preserved according to the unmodified EOS, as shown

by Knudsen (1992). The volume correction by Peneloux (1982) was introduced for the

SRK EOS by using the following relation between the SRK volumev~ and the Peneloux

volumev

cvv Š= ~ (I.3.17)

By inserting Eq.(I.3.17) into the SRK EOS leads to
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( ) ( )cbvcv
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bcv
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P

+++
Š
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= (I.3.18)

For ann compound mixture thec parameter is obtained using a linear mixing rule
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with
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and whereZRA is the Rackett compressibility factor. An approximate value forZRA can

be obtained by

iiRAZ �08775.029056.0, Š= (I.3.21)

The Peneloux correction improves the estimated liquid volumes, except in the vicinity

of the critical point and at very high pressures (Peneloux et al. 1982). Further, it should

be stressed that the principles of the volume translation can also be applied to other

cubic EOSs, if the constants in Eq.(I.3.20) are readjusted.

I.3.1.3 Density Estimation of the Reference Fluids in the CS2 Model

The general method used to estimate the density (molar volume) of the reference fluids

(methane and n-decane) in the CS2 model (Aasberg-Petersen et al. 1991) is described

below. Knudsen (1992) found that the optimal expression for estimating the molar

volume of the reference fluids is given by

))(( 2211

213

dkdk
kkdD

cvv c
ALS ++

ŠŠ= (I.3.22)

with

exp,, cALScc vcvD ŠŠ= (I.3.23)

and wherevc,expis the real critical molar volume. The molar volumevALS and the critical

molar volumevc,ALS are determined by the Jensen (1987) modification of the Adachi-

Lu-Sugie (ALS) EOS (Adachi et al. 1983). The ALS EOS is given by
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The perfactors� have been determined by applying the critical point criteria
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and where

3/234 aad �� Š= (I.3.28)

The � (T) function in Eq.(I.3.26) is equal to the Soave alpha function presented in

Eq.(I.3.6), but with

22933.03787.14070.0 �� Š+=m (I.3.29)

Thec parameter in Eq.(I.3.23) is a Peneloux type correction defined as

c
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P
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c
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= (I.3.30)

The d1 parameter is evaluated at the saturated liquid condition for subcritical

temperatures, and for supercritical temperatures at the critical isochore, as suggested by

Chou and Prausnitz (1989)
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whereas thed2 andd3 parameters are evaluated at the actual temperature and pressure

with the aid of the following expressions
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and using the following criteria:
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Methane n-Decane

k1 0.3695 0.0001665

k2 0.4669 0.6376

� c -0.000122 0.000970

Table I.5 Constants in Eqs.(I.3.22) and (I.3.30) for methane and n-decane, respectively.

The fluid constants in Eqs.(I.3.22) and (I.3.30) are given in Table I.5 for both methane

and n-decane, respectively. In order to estimate the coefficients for methane, Knudsen

(1992) used calculated densities obtained by the 33-parameter modified BWR EOS

derived for methane by McCarty (1974) as “experimental” density data. In addition, the

n-decane coefficients were estimated using experimental densities in the temperature

range 283 K to 673 K and up to 1000 bar.

I.3.2 Non-cubic EOS

In addition to the cubic EOSs, the literature also contains many non-cubic EOSs. One

family of these non-cubic EOS is the BWR type. As previously mentioned, the BWR

type of EOSs calculates the density of especially pure fluids better than cubic EOSs.

The BWR EOS
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was introduced by Benedict et al. (1940) and is an extension of the virial equation. In

order to apply the BWR EOS, the eight coefficients have to be estimated for each fluid.

Since the BWR EOS was introduced, many different modifications have been proposed

mainly focusing on the parametric expressions or the mixing rules. One of these models

is the 33 parameter modification of the BWR EOS (MBWR) derived by McCarty

(1974) for very accurate density calculations of methane. This equation is used in the

CS1 viscosity model (Pedersen and Fredenslund 1987) in order to estimate the density
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of the methane reference fluid. In addition, the concepts of the MBWR EOS have also

been applied by Younglove and Ely (1987) in order to estimate recommended densities

for methane, ethane, propane, n-butane, and isobutane over wide ranges of temperature

and pressure. However for most fluids it is impossible to determine all 33 parameters

due to few experimentalPvT data covering wide ranges of temperature and pressure.

This obstacle has led to the development of BWR models based on the corresponding

states principle, such as the well-known Lee-Kesler method (Lee and Kesler 1975), but

also to the development of more general models, such as the Soave (1995) modification

of the BWR EOS (SBWR). However, before continuing describing the BWR based

EOSs used in this work, it should be stressed that the exponential term in the BWR

based EOSs is active at intermediate densities and it improves the prediction of the

critical isotherm of pure compounds compared to cubic EOSs.

I.3.2.1 The Lee-Kesler Method

In the 1950s Pitzer and coworkers found that for a constant reduced temperature and

pressure, the compressibilityZ of a fluid could be adequately represented by a linear

function of the acentric factor�

( ) ( )10 ZZZ �+= (I.3.35)

HereZ(0) is the compressibility factor of a simple fluid (� = 0) and� Z(1) is the deviation

of the compressibility factor fromZ(0). By applying the corresponding states principle

and the context of the Pitzer´s three parameter correlation for the compressibility factor,

Lee and Kesler (1975) suggested to express the compressibility factorZ of a real fluid

as

( )
( )

( ) ( )( )00 ZZZZ r
r

Š+=
�
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(I.3.36)

where superscript (0) and (r) refer to the two reference fluids, and� is the acentric

factor of the real fluid. The first reference fluid denoted with superscript (0) is the

simple fluid, while the second reference fluid is n-octane for which� (r) = 0.3978.

For a given temperatureT and pressureP, the compressibility factor of a

considered fluid is calculated by estimating the compressibility factors of the two
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reference fluids at the corresponding reduced temperature (Tr = T/Tc) and reduced

pressure conditions (Pr = P/Pc), whereTc and Pc are related to the properties of the

considered fluid. Generally, the compressibility factor can be expressed as

r

rr

T
vP

Z = (I.3.37)

when reduced properties are used.

The compressibility factor of each reference fluid is estimated by Eq.(I.3.37),

when the following reduced form of the Lee and Kesler (1975) modification of the

BWR based EOS is solved with respect to the reduced molar volumevr.
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The constants in Eqs.(I.3.38) and (I.3.39) are reported in Table I.6 for the simple

reference fluid and the second reference fluid, n-octane.

Generally, the Lee-Kesler method has been found to deliver accurate density

calculations within 2% for hydrocarbons in the liquid and the gaseous phases (Reid et

al. 1987). The method has been derived for reduced temperatures ranging from 0.3 to

4.0 and reduced pressures ranging from 0 to 10.

In addition, it should be mentioned that mixing rules have been proposed by Lee

and Kesler (1975) in order to estimate the critical properties of mixtures. However,

these mixing rules are not used in this work, because the Lee-Kesler method is only

used to estimate the densities of fluids in the LABO viscosity model. The reason is that

Et-Tahir (1993) and Alliez et al. (1998) found that the best viscosity estimations are

obtained with the LABO model, when the Lee-Kesler method is used compared with

other EOSs. In addition, they also found that the Pedersen et al. (1984a) mixing rules
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Simple Fluid n-Octane

b1 0.1181193 0.2026579
b2 0.2657280 0.3315110
b3 0.1547900 0.0276550
b4 0.0303230 0.0313385
c1 0.0236744 0.0313385
c2 0.0186984 0.0503618
c3 0.0000000 0.0169010
c4 0.0427240 0.0415770

d1 104 0.1554880 0.4873600
d2 104 0.6236890 0.0740336

� 0.6539200 1.2260000
� 0.0601670 0.0375400

Table I.6 Constants for Eqs.(I.3.38) and (I.3.39) in the Lee-Kesler method.

(Eqs.(I.2.25) and (I.2.26)) are adequate for estimating the critical temperature and

critical pressure of mixtures.

I.3.2.2 The SBWR EOS

Recently, based on the BWR EOS, Soave (1995) and (1996) derived a new general

model (SBWR) for the accurate estimation of the densities of pure non-polar fluids,

primarily hydrocarbons, and their mixtures. In addition, it should be stressed that the

SBWR EOS also reproduces VLE data accurately. The only properties required in order

to calculate the density of a fluid for a given temperature and pressure are the critical

temperature, the critical pressure, and the acentric factor of the pure compounds, along

with the composition. The general expression for the SBWR EOS is

( ) ( )������ 22242 exp11 FFEDCB
TR
vP

Z Š+++++== (I.3.40)

The structure of this expression is similar to that of Lee-Kesler (Eq.I.3.38)), except that

exponent 5 has been changed to 4 in Eq.(I.3.40). The reason is that the densities at the

critical isotherm are reproduced more accurately (Soave 1995).

However, Soave (1995) found it more convenient to transform Eq.(I.3.40) into

adimensional quantities
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The parameters in Eq.(I.3.41) are defined as 
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where subscript c refers to the critical point. Generally, the bi, ci, and ei parameters in 

Eq.(I.3.43) can be expressed by the following equation: 

  2
3,2,1, �-�-�� iiii ���  (I.3.44) 

The ��i,j parameters used to obtain the bi, ci, and ei parameters by Eq.(I.3.44) are given in 

Table I.7. 

 The critical parameters have been determined by using the critical constraints 

(forcing the critical isotherm through the critical point with zero slope and zero 

 

i,j bi,j ci,j ei,j 

1,1 0.4220 -0.02663 0.1087 
1,2 0 0.06170 0.2154 
1,3 0 0.00779 -0.0591 
2,1 0.2971 0.00605 0.0705 
2,2 0 0.07544 0.3007 
2,3 0 -0.06134 0.4948 
3,1 0 0.1087 -0.0068 
3,2 0 0.2154 0.1858 
3,3 0 0.01191 -0.1157 

Table I.7 Constants for estimating bi, ci, and ei using Eq.(I.3.44). 
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curvature, see e.g. Figure I.11). The critical parameters are given by
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where theb, c andd parameters are defined in Eq(I.3.46).
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By modeling the critical isotherm Soave (1995) found that it was appropriate to set

2
06.0

and5.0
cZ

fe == (I.3.47)

The critical compressibility factorZc used in the SBWR model is related to the

Rackett compressibility factorZRA, which was calculated by the Rackett equation

(Rackett 1970)
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using the critical properties and saturated liquid densities,vL
sat. The estimated values for

ZRA were correlated against the acentric factor obtaining the following expression

204.0099.02908.0 �� +Š== RAc ZZ (I.3.49)

When the SBWR EOS is applied to mixtures, the critical temperature, critical

pressure, and the acentric factor of the mixture are required. In order to determine these

mixture properties Soave (1995) derived the following mixing rules for the SBWR EOS

based on an analogy with the usually applied regular van der Waals mixing rules of

cubic EOSs for thea andb parameters of the mixture, see Eqs.(I.3.15) and (I.3.16).

For a cubic EOS
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where 
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with 
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and where m is a function of the acentric factor. By combining Eqs.(I.3.50) – (I.3.52) 

leads to  
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Since this equation should be valid for all temperatures, the following equations can be 

derived  
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Further for a cubic EOS 
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and by combining Eqs.(I.3.56) and (I.3.57) leads to 
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 The following mixing rules are obtained for the critical parameters of the 

mixture, when Eqs.(I.3.54), (I.3.55), and (I.3.58) are combined 
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Thus, these mixing rules do not lead to the acentric factor of the mixture, but to mmix, 

which is a function of the acentric factor. Based on VLE data for alkane systems Soave 

(1995) obtained the following relationship between m and the acentric factor �Z. 

  �Z4.1� m  (I.3.62) 

which is valid for both pure compounds and mixtures. This leads to 

  
4.1

mix
mix

m
� �Z  (I.3.63) 

 In addition, Soave (1995) also found that it is appropriate to set the binary 

interaction parameters kij  = 0 for alkane systems. For other systems, the binary 

interaction parameters determined for cubic EOSs can be applied, but care most be 

taken, since binary interaction parameters are generally related to a specific EOS model.  

 

I.3.3 Comparison of Different EOSs 

The performance of the SBWR EOS has been evaluated by comparing calculated 

densities with experimental values reported in the literature. In addition, the 

performance of commonly used cubic EOSs has also been evaluated. The investigated 

cubic EOSs are the PR, the SRK, and the PRSV along with the SRK using a Peneloux 

correction. The evaluation has been performed on three fluids for which sufficient 

experimental data exist over wide ranges of temperature and pressure. The three fluids 

are methane, n-hexane, and n-decane, since this work is related to hydrocarbon fluids, 

but also because these fluids may be of interest for corresponding states models for 

viscosity estimations. For each fluid the references are given in Appendix A1 along 

with the number of points (NP), the temperature and pressure ranges. It should be 

mentioned that some of the references for methane contain measurements of liquid and 

gaseous densities close to saturation conditions and in the vicinity of the critical point. 

 In order to evaluate the performance of the investigated density models, the 

quantities defined in Appendix A2 are used. The calculation of the densities has been 
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performed using the critical properties and constants reported by Stryjek and Vera

(1986). The obtained absolute average deviation (AAD) and absolute maximum

deviation (MxD) are given in Table I.8. A comparison of the deviations obtained by the

five density models shows that the SBWR model predicts the density of the investigated

fluids significantly better than the four cubic EOSs, also close to the saturated

conditions studied for methane. For the SBWR EOS the MxD for methane and n-

hexane is around 10%, while the MxD is around 20% for the four cubic EOSs. The

largest deviations are obtained in the critical region. For n-decane a closer look showed

that the largest deviations (25%) obtained with the SBWR EOS are coming form the

isochoreV0 = 723.67 cm3/mole corresponding to a density of 0.1966 g/cm3 (Gehrig and

Lentz 1983) (6 points). The temperature and pressure ranges for this isochore are

respectively 623.15 – 673.15 K and 22.7 – 35.8 bar. These large deviations obtained for

this isochore are not in agreement with the deviations obtained for the other data given

by Gehrig and Lentz (1983) or the rest of the evaluated data for n-decane, see

Methane n-Hexane n-Decane

T-range [K] 91 – 623 298 – 548 283 – 673
P-range [bar] 0 – 1111 1 – 5640 1 – 3021

NP 1353 387 563

AAD% 0.76 1.23 1.75SBWR
MxD% 12.0 7.45 25.1

AAD% 3.78 2.65 5.42PR
MxD% 23.8 18.7 16.8

AAD% 3.25 2.63 5.40PRSV MxD% 23.8 18.4 16.6

AAD% 3.89 9.87 14.46SRK MxD% 23.9 25.4 22.9

AAD% 3.65 3.61 6.04SRK-Peneloux
MxD% 23.4 21.7 18.3

Table I.8 Performance of five density models.
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Figure I.13. By neglecting this isochore the maximum deviation for the SBWR EOS

reduces to 10.3% at 613.15 K and 19.4 bar. This point lies in the critical region and the

MxD is of the same order as the MxD obtained for methane and n-hexane.

Figure I.14 shows how the SBWR and the PRSV EOS predict the critical

isotherm of methane (Tc = 190.555 K). The critical isotherm is satisfactorily predicted

by the SBWR EOS, while the PRSV EOS has some problems predicting the dense site

close to the critical point. This has also been observed for the other cubic EOSs. For the

evaluated cubic EOSs it has been observed that the gas phase density is predicted better

than the liquid density. In order to improve the density prediction of liquids a Peneloux

correction can be introduced without changing the VLE performance of the EOS. By

introducing the Peneloux correction in the SRK EOS much better liquid density

predictions are obtained compared with the original SRK EOS, resulting in a lower

AAD, see Table I.8. This is especially the case for n-hexane and n-decane, since the

evaluatedT,P conditions for these compounds correspond primarily to the liquid phase

or the dense region. For methane, the introduction of the Peneloux correction is not so

pronounced due to the fact that a large number of the evaluated data points are located

either near saturation conditions or in the vicinity of the critical point.
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Figure I.13 Deviations between calculated densities by the SBWR EOS for n-decane and experimental

values, references reported in Appendix A1, Table A1.3.



50

0

10

20

30

40

50

60

70

80

90

0.00 0.05 0.10 0.15 0.20 0.25 0.30

Density [g/cm3]

P
re

ss
ur

e
[b

ar
]

a) SBWR EOS

� c

0

10

20

30

40

50

60

70

80

90

0.00 0.05 0.10 0.15 0.20 0.25 0.30

Density [g/cm3]

P
re

ss
ur

e
[b

ar
]

b) PRSV EOS

� c

Figure I.14 Comparison of predicted (� � ) densities of methane at the critical isotherm

(Tc = 190.555 K) using a) the SBWR EOS and b) the PRSV EOS with experimental values (€) by

Kleinrahn et al. (1986) and Händel et al. (1992).� c is the critical density of methane (0.16266 g/cm3).
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I.4 Characterization of Petroleum Reservoir Fluids 

For compositional dependent viscosity and density models, such as those presented in 

Chapters I.2 and I.3, it is necessary to know the composition of each compound along 

with the critical temperature, the critical pressure, the acentric factor, and the molecular 

weight. However, for petroleum and reservoir fluids it is impossible to determine the 

exact composition of all compounds in these fluids, since petroleum and reservoir fluids 

are multicomponent mixtures composed of hydrocarbons, carbon dioxide, nitrogen, and 

hydrogen sulfide and sometime small amount of helium. It is only the composition of 

the light components up to C7 in petroleum and reservoir fluids, which are determined 

exactly. This is done by a gas chromatographic analysis. For these compounds the 

properties are well-defined. Generally, the C6 paraffins are lumped into a C6 fraction. 

The heavy hydrocarbon fraction of the mixture is fractionated by distillation into 

different cuts based on their true boiling point (TBP). The TBP fractions are then related 

to different carbon numbers and the amount of each fraction is determined. Thus due to 

cracking of the heavy molecules, it is impossible to distil the entire heavy fraction into 

TBP fractions. The distillation residue is referred to as the plus fraction. For each of the 

TBP fractions and the plus fraction the average molecular weight and the specific 

gravity are determined. These properties have become very important in the numerical 

characterization of the residue and the calculation of the critical temperature, the critical 

pressure, and the acentric fraction of each carbon fraction. A more detailed description 

of the procedure and the equipments used in the compositional analysis of petroleum 

reservoir fluids is given by Pedersen et al. (1989).  

 Generally depending on the used TBP distillation equipment, the plus fraction 

may contain hydrocarbons from C11 or C20 and up. In order to achieve a more proper 

description of the fluid for calculation purposes, such as PvT behavior, the plus fraction 

is separated into additional carbon groups or subgroups. In order to estimate the 

composition of these subfractions Pedersen et al. (1984b) proposed a procedure based 

on a logarithmic distribution of the mole fraction x versus the carbon number C, leading 

to the following expression 

  ii CAAx 21ln ��  (I.4.1) 
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where A1 and A2 are adjustable constants related to the considered fluid. These constants 

can be determined from the mole fraction and the molecular weight of the plus fraction, 

assuming that the plus fraction can contain subfractions up to C80. The molecular weight 

of each subfraction is given by 

  414, �� iiw CM  (I.4.2) 

In addition, the specific gravity (SG) of each subfraction is given by  

  ii CBBSG ln21 ��  (I.4.3) 

where B1 and B2 are adjustable constants related to the considered fluid. These constants 

can be determined from the measured specific gravity of the plus fraction and the last 

defined TBP fraction.  

 Since, the EOSs and viscosity models require the critical temperature, the 

critical pressure, and the acentric factor of each compound, different methods have been 

proposed for obtaining these properties, see e.g. Pedersen et al. (1989). In this work, the 

method proposed by Aasberg-Petersen and Stenby (1991) is used in order to obtain the 

critical temperature, the critical pressure, and the acentric factor of each carbon fraction 
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The values of these twelve parameters depend on the EOS, which has been chosen for 

the PvT calculations. 

 However, the characterized reservoir fluid will then contain more than 80 

components, when the above-mentioned characterization procedure is used. This will in 

generally be too many. Therefore a lumping procedure is introduced in which the 

carbon fractions are divided into groups having approximately the same weight in order 

to ensure that each group contribute equally in the PvT calculations. Generally, this 

procedure is applied to the TBP fractions and the plus fraction. The critical temperature, 

the critical pressure, and the acentric factor of these groups are obtained by 
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The characterization and lumping procedures described above are the procedures used

in the in-house software program SPECS, and which will be used in this work in order

to characterize petroleum and reservoir fluids. The required twelve parameters in

Eqs.(I.4.4) – (I.4.6) are given for the ALS, the SRK, and the PR EOS in the software

program SPECS.
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I.5 Evaluation of Existing Viscosity Models

The performance of the compositional dependent viscosity models presented in

Chapter I.2, which have all been derived for hydrocarbon fluids, have been evaluated

using viscosity data of pure compounds and well-defined mixtures covering wide ranges

of temperature and pressure. In this way, it is possible to investigate the performance of

the models and their mixing rules on well-defined fluids in order for the possible

extension to real reservoir fluids. This will not be the case, if real reservoir fluids are

used, because their composition of the different compounds are not exactly known.

Therefore, the characterization of the fluid will have an important dependency on the

density and viscosity results obtained. Further, it will also be impossible to investigate

the performance of the mixing rules in the compositional dependent viscosity models. In

addition, it should also be stressed that generally for reported viscosity data of reservoir

fluids in the open literature not enough information is given in order to perform a proper

characterization.

I.5.1 Evaluation Procedure

A database has been established in order to evaluate the different viscosity models. For

this purpose tabulations of recommended viscosities versus temperature and pressure

have been found to be very useful. In this way, a more equal distribution of the data

points is obtained over wide ranges of temperature and pressure compared with

experimental data taken from different sources. Due to their importance in the

petrochemical industry some of the better-investigated fluids in terms of viscosity

versus temperature and pressure are the hydrocarbon fluids, along with nitrogen, carbon

dioxide, and water. By smoothing experimental viscosity measurements, temperature

and pressure tabulations of recommended viscosities have been obtained. Stephan and

Lucas (1979) presented tabulations of the viscosity versus pressure and temperature for

approximately 50 different pure fluids, primarily hydrocarbons. But, because of new

measurements, especially up to high pressures, new tabulations of recommended

viscosities have been reported for e.g. methane (Younglove and Ely 1987), ethane

(Friend et al. 1991), propane (Vogel et al. 1998), nitrogen (Stephan et al. 1987), carbon

dioxide (Fenghour et al. 1998), and water (Wagner and Kruse 1998). However,
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tabulations of recommended viscosities generally only exist for pure fluids, and

therefore experimental data for well-defined hydrocarbon mixtures have been

implemented in the database. The database contains viscosity data for 35 pure

hydrocarbons, hydrogen sulfide, nitrogen, carbon dioxide, and water along with

viscosity data for 39 well-defined mixtures over wide ranges of temperature and

pressure. Since most industrial processes are carried out for pressures below 1000 bar,

only data up to 1000 bar have been used, although that some references contain data up

to very high pressures. In addition, also data below 200 K have not been used. Thus, it

should be mentioned that viscosity data up to 1400 bar have been included for the two

binary mixtures methane + toluene (Canet 2001), and methane + methylcyclohexane

(Tohidi et al. 2001), which have been measured within the framework of the EVIDENT

project.

Since the LBC model (Lohrenz et al. 1964) is a sixteenth degree polynomial in

the reduced density, an accurate calculation of the viscosity depends strongly on the

accuracy of the models used for the density estimations. For the required density

estimations in the LBC model the SRK EOS (Soave 1972) with a Peneloux correction

(Peneloux et al. 1982), described in Section (I.3.1.2), has been used in order to obtain

the LBC-SRK results. However, to improve the predictions the actual critical molar

volume reported by Reid et al. (1987) has been used in order to estimate the reduced

densities. In case of mixtures, the regular van der Waals mixing rules, Eqs.(I.3.15) and

(I.3.16), have been used. In addition, in order to obtain an optimal performance of the

LBC model and for comparison reasons, the highly accurate noncubic SBWR EOS

(Soave 1995) has been used to obtain the LBC-SBWR results. Since the SBWR EOS

also predicts the critical molar volume accurately, the reduced densities used in the

LBC-SBWR model have entirely been predicted by the SBWR EOS. In case of

mixtures, the density predictions have been performed using the mixing rules derived by

Soave (1995) for the SBWR EOS. These mixing rules are described in Section I.3.2.2.

The LABO model (Alliez et al. 1998) has the same structure as the LBC model.

In the viscosity calculations with the LABO model, the density of the considered fluids

has been estimated by the Lee-Kesler method (Lee and Kesler 1975), as recommended

by Alliez et al. (1998). For mixtures, the required critical temperature and critical
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pressure have been estimated by Eqs.(I.2.25) and Eq.(I.2.26), which are also used in the 

CS1 model (Pedersen and Fredenslund 1987) and the CS2 model (Aasberg-Petersen et 

al. 1991). For the two corresponding states models, CS1 and CS2, their respective 

original procedure, described by Pedersen and Fredenslund (1987) and Aasberg-

Petersen et al. (1991), have been used. This is also the case for the PRVIS model (Guo 

1998). For all viscosity and density calculations, the required pure compound properties 

have been taken from Reid et al. (1987), and no binary interaction parameters have been 

used in the density estimations of the mixtures.  

 

I.5.2 Results and Discussion 

The calculated viscosities have been compared with the reported values in the literature 

and the obtained average absolute deviation (AAD) and maximum absolute deviation 

(MxD) are given in Table I.9 for the pure compounds and in Table I.10 for the mixtures. 

In addition and for comparison purposes, Figures I.15 to I.24 show the performance of 

the evaluated viscosity models for different pure compounds and mixtures.  

 As mentioned previously, the calculated viscosities with the LBC model will 

strongly depend on how accurate the density is estimated. The reason is that the 

parameters in the LBC model have been derived using experimental viscosity and 

density data. In Table I.9 and I.10 it can be seen by comparing the LBC-SRK and the 

LBC-SBWR results that much better viscosity predictions are obtained with the LBC 

model, when a highly accurate density model, such as the SBWR EOS, is used. With 

the LBC-SBWR model, the best results for pure fluids are obtained for light 

hydrocarbons, carbon dioxide, and nitrogen, see e.g. Figures I.15 and I.20. But the 

LBC-SBWR model also gives satisfactory results for heavy hydrocarbons up to high 

pressure taking into account that the LBC model was not derived using heavy 

hydrocarbons, see Figure I.16 and I.17. This is also the case for olefinic compounds. 

However for naphthenic compounds, the viscosity is not properly and satisfactorily 

predicted with the LBC-SBWR model. This is also the case for 1-methylnaphthalene, 

see Figure I.19, but for the rest of the aromatic hydrocarbons used in the evaluation, the 

resultant deviations can be considered satisfactorily, taken into account that the LBC 

model has not been derived for such fluids. In case of mixtures, the LBC-SBWR model
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Table I.9 Performance of viscosity models for pure compounds. NP is the number of data points.

1) Younglove and Ely (1987), 2) Friend et al. (1991), 3) Vogel et al. (1998), 4) Stephan and Lucas

(1979), 5) Gonzales and Lee (1968), 6) Agaev and Golubev (1963), 7) Lee and Ellington (1965),

8) Ducuolombier et al. (1986), 9) Baylaucq et al. (1997a), 10) Roetling et al. (1987), 11) Fenghour et al.

(1998), 12) Stephan et al. (1987), 13) Monteil et al. (1969), and 14) Wagner and Kruse (1998).

T-range P-range
[K] [bar] AAD% MxD% AAD% MxD% AAD% MxD%

Methane 1 2112 200 - 600 1 - 1000 2.45 43.7 2.71 29.5 3.19 31.8
Ethane 2 341 200 - 500 1 - 600 6.66 50.2 4.01 11.5 5.13 26.7
Propane 3 682 200 - 600 1 - 1000 9.10 61.4 6.63 15.7 5.41 22.0
i-Butane 4 416 310 - 850 1 - 500 10.1 29.3 12.5 29.9 4.37 19.3
n-Butane 1 1561 200 - 600 1 - 700 6.30 47.2 5.24 18.0 2.76 36.5
i-Pentane 4 354 320 - 750 1 - 600 15.4 34.4 14.3 30.8 7.23 30.8
neo-Pentane 5 46 311 - 444 7 - 552 36.9 49.6 37.0 45.2 32.9 46.1
n-Pentane 4 322 320 - 850 1 - 500 13.2 42.3 10.2 34.6 8.52 28.6
n-Hexane 6 265 289 - 548 1 - 507 16.3 50.7 12.0 34.3 6.01 35.3
n-Heptane 4 357 300 - 620 1 - 500 19.0 73.1 12.8 27.9 5.98 29.4
i-Octane 4 258 290 - 540 1 - 500 17.8 41.3 24.6 32.9 15.5 29.0
n-Octane 4 228 320 - 670 1 - 500 21.8 73.4 13.1 23.7 4.75 17.9
n-Nonane 4 281 300 - 470 1 - 500 34.2 81.1 7.71 26.6 4.29 13.5
n-Decane 7 136 311 - 511 14 - 551 24.7 74.9 10.3 27.5 7.45 16.0
n-Undecane 4 206 300 - 520 1 - 500 31.3 91.3 6.97 24.1 5.55 20.2
n-Dodecane 4 206 300 - 520 1 - 500 17.7 64.8 8.36 22.4 20.8 40.2
n-Tetradecane 8 28 293 - 373 1 - 1000 51.7 113 20.9 54.9 16.7 42.8
n-Pentadecane 8 24 313 - 373 1 - 1000 29.1 68.8 17.2 48.8 18.5 44.2
n-Hexadecane 8 24 313 - 373 1 - 1000 21.7 53.3 19.6 53.2 39.8 64.1
n-Octadecane 8 24 313 - 373 1 - 1000 79.9 89.5 21.3 52.1 83.2 91.4

Cyclohexane 4 283 290 - 520 1 - 500 41.7 57.6 49.6 65.0 43.4 62.9
Methylcyclohexane 4,9 290 290 - 530 1 - 1000 32.9 50.0 38.0 42.2 33.1 45.3
Ethylcyclohexane 4 252 290 - 530 1 - 500 21.3 37.9 31.4 41.5 24.9 37.8
Benzene 4 258 290 - 550 1 - 400 13.3 26.8 19.1 34.7 11.4 31.5
Toluene 4 268 295 - 550 1 - 400 8.59 27.3 5.97 15.0 4.47 14.2
Ethylbenzene 4 188 300 - 560 1 - 400 12.1 38.6 10.4 25.9 4.98 16.8
Butylbenzene 8 30 293 - 373 1 - 1000 42.4 98.0 10.9 29.9 16.8 38.8
Naphthalene 10 23 375 - 454 1 - 1013 42.4 65.9 5.34 13.3 15.9 30.2
1-Methylnaphthalene9 18 303 - 343 1 - 1000 68.6 82.9 45.9 65.4 68.2 81.2
Phenanthrene 10 19 396 - 573 1 - 1013 99.5 187 13.7 33.9 50.4 81.3

Ethylene 4 380 300 - 700 1 - 800 4.31 16.9 2.79 7.89 2.85 10.1
Propylene 4 575 290 - 650 1 - 900 10.8 39.3 9.98 36.5 4.74 37.9
1-Hexene 4 149 280 - 375 1 - 450 19.4 60.0 12.6 47.5 9.29 30.6
1-Heptene 4 200 300 - 490 1 - 500 127 228 9.15 21.7 72.3 117
1-Octene 4 202 300 - 490 1 - 500 16.0 44.0 10.2 36.0 30.1 9.54

Carbon Dioxide 11 1000 200 - 1000 1 - 1000 5.05 24.7 4.95 24.4 3.13 9.42
Nitrogen 12 1287 200 - 1000 1 - 1000 2.84 7.10 2.23 7.95 3.00 9.18
Hydrogen Sulfide 13 33 388 - 413 100 - 500 45.3 69.9 42.6 69.1 36.1 69.6
Water 14 6885 273 - 1073 1 - 1000 21.5 71.0 35.2 137 22.2 80.6

NPRef.
LBC-SRK LBC-SBWR LABO
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Table I.9 Continued.

1) Younglove and Ely (1987), 2) Friend et al. (1991), 3) Vogel et al. (1998), 4) Stephan and Lucas

(1979), 5) Gonzales and Lee (1968), 6) Agaev and Golubev (1963), 7) Lee and Ellington (1965),

8) Ducuolombier et al.(1986), 9) Baylaucq et al. (1997a), 10) Roetling et al. (1987), 11) Fenghour et al.

(1998), 12) Stephan et al. (1987), 13) Monteil et al. (1969), and 14) Wagner and Kruse (1998).

T-range P-range
[K] [bar] AAD% MxD% AAD% MxD% AAD% MxD%

Methane 1 2112 200 - 600 1 - 1000 0.61 5.40 1.45 13.7 7.07 41.1
Ethane 2 341 200 - 500 1 - 600 3.24 77.3 8.67 84.6 5.82 60.8
Propane 3 682 200 - 600 1 - 1000 5.82 71.5 16.9 91.6 10.1 73.3
i-Butane 4 416 310 - 850 1 - 500 13.2 78.2 18.9 80.1 8.90 43.9
n-Butane 1 1561 200 - 600 1 - 700 16.9 86.9 24.0 79.8 11.6 75.8
i-Pentane 4 354 320 - 750 1 - 600 16.5 79.6 15.1 73.7 8.24 56.9
neo-Pentane 5 46 311 - 444 7 - 552 19.2 78.8 24.7 42.9 30.7 67.5
n-Pentane 4 322 320 - 850 1 - 500 14.1 80.8 16.7 77.1 6.34 48.6
n-Hexane 6 265 289 - 548 1 - 507 21.4 81.0 17.8 77.0 23.0 96.4
n-Heptane 4 357 300 - 620 1 - 500 25.5 79.2 22.6 76.7 25.8 104
i-Octane 4 258 290 - 540 1 - 500 16.1 80.7 9.74 70.8 15.4 63.7
n-Octane 4 228 320 - 670 1 - 500 26.7 79.1 23.0 82.0 14.5 84.2
n-Nonane 4 281 300 - 470 1 - 500 29.0 73.7 3.55 9.30 5.20 24.6
n-Decane 7 136 311 - 511 14 - 551 27.9 70.2 5.51 23.2 6.22 30.1
n-Undecane 4 206 300 - 520 1 - 500 31.9 84.7 5.90 23.2 7.06 28.3
n-Dodecane 4 206 300 - 520 1 - 500 33.0 89.1 6.88 23.7 7.27 28.5
n-Tetradecane 8 28 293 - 373 1 - 1000 46.2 76.9 24.4 31.1 15.5 37.8
n-Pentadecane 8 24 313 - 373 1 - 1000 45.9 70.9 24.9 30.9 15.9 45.7
n-Hexadecane 8 24 313 - 373 1 - 1000 49.2 76.3 30.2 38.9 16.4 49.7
n-Octadecane 8 24 313 - 373 1 - 1000 60.9 85.5 47.2 70.3 16.3 36.3

Cyclohexane 4 283 290 - 520 1 - 500 29.2 48.4 41.0 59.7 50.0 74.0
Methylcyclohexane 4,9 290 290 - 530 1 - 1000 7.74 17.6 21.6 35.7 42.2 68.3
Ethylcyclohexane 4 252 290 - 530 1 - 500 10.2 38.7 9.92 19.4 37.6 68.8
Benzene 4 258 290 - 550 1 - 400 13.2 38.1 15.2 33.9 20.0 57.4
Toluene 4 268 295 - 550 1 - 400 32.5 61.6 11.2 31.8 11.8 44.7
Ethylbenzene 4 188 300 - 560 1 - 400 30.6 59.2 10.7 24.5 8.87 46.1
Butylbenzene 8 30 293 - 373 1 - 1000 45.6 82.9 17.4 29.4 20.6 53.6
Naphthalene 10 23 375 - 454 1 - 1013 58.2 78.5 21.4 40.5 11.4 28.6
1-Methylnaphthalene9 18 303 - 343 1 - 1000 30.2 37.7 24.0 39.8 53.1 73.8
Phenanthrene 10 19 396 - 573 1 - 1013 98.3 125 54.1 75.0 21.4 48.6

Ethylene 4 380 300 - 700 1 - 800 1.51 7.90 5.12 27.3 4.83 26.8
Propylene 4 575 290 - 650 1 - 900 3.61 74.2 8.26 79.2 6.49 37.0
1-Hexene 4 149 280 - 375 1 - 450 41.6 103 13.1 45.0 6.85 36.2
1-Heptene 4 200 300 - 490 1 - 500 41.1 77.7 13.2 31.0 14.3 61.2
1-Octene 4 202 300 - 490 1 - 500 37.1 74.6 7.34 24.2 11.9 52.0

Carbon Dioxide 11 1000 200 - 1000 1 - 1000 9.44 50.2 17.3 56.7 11.2 44.8
Nitrogen 12 1287 200 - 1000 1 - 1000 27.2 17.2 18.8 53.8 51.8 271
Hydrogen Sulfide 13 33 388 - 413 100 - 500 36.4 69.0 37.8 66.1 36.5 65.5
Water 14 6885 273 - 1073 1 - 1000 21.7 87.3 20.9 85.5 ----- -----

CS2 PRVIS
Ref. NP

CS1
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T-range P-range
[K] [bar] AAD% MxD% AAD% MxD% AAD% MxD%

Methane + Ethane 1 250 120 - 300 15 - 349 11.0 34.6 2.87 11.9 17.8 40.8
Methane + Propane 2 282 311 - 411 1 - 552 3.55 20.3 3.51 16.7 4.01 28.2
Methane + n-Butane 3 104 278 - 478 1 - 358 8.53 20.7 9.58 16.0 8.68 18.1
Methane + n-Hexane 4 53 295 - 451 150 - 428 8.49 33.7 10.9 18.6 20.9 31.8
Methane + n-Decane 5 96 292 - 431 98 - 419 11.3 46.7 17.8 25.9 25.5 40.0
n-Pentane + n-Octane 6 295 298 - 373 1 - 250 16.0 53.9 8.85 23.1 6.39 17.4
n-Pentane + n-Decane 7 312 298 - 373 1 - 250 11.8 62.1 9.70 23.7 9.82 20.1
n-Hexane + n-Heptane 8 53 303 - 323 1 - 717 44.1 67.9 5.98 16.7 13.0 19.2
n-Hexane + n-Hexadecane 9 93 298 - 373 1 - 1039 20.0 74.3 13.4 46.9 30.5 59.9
n-Heptane + n-Octane 10 172 293 - 471 1 - 491 41.0 86.1 9.32 26.7 11.2 28.2
n-Heptane + n-Nonane 8 57 303 - 323 1 - 718 46.6 79.0 5.42 14.9 11.6 18.7
n-Heptane + n-Decane 11 12 293 - 313 1 - 1000 51.8 72.6 14.7 31.7 17.3 24.9
n-Heptane + n-Undecane 12 27 303 - 323 1 - 719 40.6 66.5 4.49 13.1 5.94 14.9
n-Octane + n-Decane 13 324 298 - 373 1 - 250 23.4 47.1 6.18 14.9 3.95 15.4
Isooctane + Ethylene 14 28 298 - 453 500 - 800 17.2 40.3 15.6 27.5 11.5 31.4
n-Decane + n-Hexadecane 11 54 313 - 353 1 - 1000 17.6 49.7 10.5 30.5 26.5 51.5
n-Pentane + n-Octane + n-Decane 15 530 298 - 373 1 - 250 19.3 47.3 4.93 13.9 3.09 13.5
n-Decane + n-Dodecane
+ n-Tetradecane + n-Hexadecane

Methane + Carbon Dioxide 16 132 323 - 474 34 - 692 2.79 12.7 3.59 12.5 4.46 16.9
Ethane + Carbon Dioxide 17+18 362 210 - 500 17 -614 10.4 58.9 8.89 59.7 20.2 56.6
n.Decane + Carbon Dioxide 19 57 311 - 403 67 -347 37.3 67.1 5.38 17.3 36.9 69.2
n-Pentane + n-Decane + CO2 20 10 354 - 401 25 - 49 4.19 7.14 10.6 15.8 12.9 23.1

n-C4 + n-C6 + n-C10 + CO2 20 10 324 - 395 25 - 49 13.3 32.6 9.32 23.4 25.0 56.0

n-C5+n-C6+n-C7+n-C10+CO2 20 8 360 - 395 25 - 49 4.58 8.99 12.1 16.6 14.5 28.2

Methane + Benzene 4 102 293 - 433 125 - 475 4.83 18.9 13.9 24.5 11.4 29.2
Methane + Cyclohexane 4 57 295 - 443 102 - 407 22.8 39.0 32.2 49.4 12.4 35.2
Methane + Methylcyclohexane 21 101 323 - 423 207 - 1393 6.78 25.2 8.01 26.2 10.9 21.7
Methane + Toluene 22 280 293 - 373 200 - 1400 19.0 44.0 6.57 17.1 20.8 41.2
Ethylene + Ethylbenzene 14 26 298 - 453 500 - 800 26.3 56.4 9.67 23.6 19.6 43.2
n-Hexane + Cyclohexane 23 47 298 - 373 1 - 1000 24.0 66.3 20.8 49.5 18.6 50.8
n-Hexane + Toluene 24 60 298 - 373 1 - 1019 28.9 72.0 7.73 27.6 6.55 17.5
n-Heptane + Methylcyclohexane 25 126 303 - 343 1 - 1000 26.0 88.4 14.5 33.9 13.9 35.6
n-Heptane + 1-Methylnaphthalene 25 126 303 - 343 1 - 1000 31.5 75.2 14.4 49.2 24.9 70.1
n-Octane + Cyclohexane 26 86 298 - 348 1 - 1039 22.3 69.6 21.7 49.4 16.4 48.0
n-Dodecane + Cyclohexane 26 65 298 - 348 1 - 1020 22.5 44.3 27.8 53.5 38.5 53.9
n-Hexadecane + Cyclohexane 26 55 298 - 348 1 - 1017 31.0 49.9 33.9 56.7 54.8 67.9
Me-cyclohexane + 1-Me-naphthalene 25 126 303 - 343 1 - 1000 41.6 76.8 28.7 56.5 45.4 74.8
Toluene + 1-Methylnaphthalene 27 90 298 - 363 1 - 1000 29.4 69.9 15.5 46.7 31.7 66.9
n-Heptane + Methylcyclohexane
+ 1-Methylnapthalene

NPRef.
LBC-SRK LBC-SBWR LABO

20.3 65.4 12.328 378 303 - 343 1 - 1000 42.1 22.4 63.8

11 18 313 - 353 1 - 1000 16.4 40.0 10.5 28.3 23.3 36.8

Table I.10 Performance of viscosity models for mixtures. NP is the number of data points.

1) Diller (1984), 2) Giddings et al. (1966), 3) Carmichael et al. (1967), 4) Berstad (1989), 5) Knapstad et

al. (1990), 6) Barrufet et al. (1999), 7) Estrada-Baltazar et al. (1998b), 8) Assael et al. (1992), 9) Dymond

et al. (1980), 10) Aleskerov et al. (1979), 11)Ducoulombier et al. (1986), 12) Assael et al. (1991),

13) Estrada-Baltazar et al. (1998a), 14) Krahn and Luft (1994), 15) Iglesias-Silva et al (1999), 16) de Witt

and Thodos (1977), 17) Diller et al.(1988), 18) Diller and Ely (1989), 19) Cullick and Mathis (1984),

20) Barrufet et al. (1996), 21) Tohidi et al. (2001), 22) Canet et al. (2001), 23) Isdale et al. (1979),

24) Dymond et al. (1991), 25) Baylaucq et al. (1997a), 26) Tanaka et al. (1991), 27) Et-Tahir et al.

(1995), 28) Baylaucq et al. (1997b).
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T-range P-range
[K] [bar] AAD% MxD% AAD% MxD% AAD% MxD%

Methane + Ethane 1 250 120 - 300 15 - 349 8.72 87.2 4.35 17.7 22.1 76.9
Methane + Propane 2 282 311 - 411 1 - 552 6.96 78.8 6.53 32.9 20.6 67.4
Methane + n-Butane 3 104 278 - 478 1 - 358 5.65 21.6 8.22 38.9 16.6 50.9
Methane + n-Hexane 4 53 295 - 451 150 - 428 11.5 23.2 9.27 24.8 35.5 80.0
Methane + n-Decane 5 96 292 - 431 98 - 419 6.83 32.2 9.51 23.4 14.0 41.1
n-Pentane + n-Octane 6 295 298 - 373 1 - 250 16.6 46.2 7.73 18.2 9.80 66.7
n-Pentane + n-Decane 7 312 298 - 373 1 - 250 14.2 36.7 9.51 18.3 12.7 59.5
n-Hexane + n-Heptane 8 53 303 - 323 1 - 717 39.1 63.6 3.76 11.1 3.11 12.5
n-Hexane + n-Hexadecane 9 93 298 - 373 1 - 1039 22.0 58.5 7.50 18.9 8.95 36.0
n-Heptane + n-Octane 10 172 293 - 471 1 - 491 30.3 72.1 5.91 16.0 11.0 49.6
n-Heptane + n-Nonane 8 57 303 - 323 1 - 718 36.1 57.3 3.98 11.2 7.03 16.8
n-Heptane + n-Decane 11 12 293 - 313 1 - 1000 45.5 65.2 9.16 14.6 7.00 21.6
n-Heptane + n-Undecane 12 27 303 - 323 1 - 719 32.0 53.1 3.65 11.9 8.05 21.6
n-Octane + n-Decane 13 324 298 - 373 1 - 250 18.0 42.3 6.47 12.8 5.69 8.06
Isooctane + Ethylene 14 28 298 - 453 500 - 800 7.16 23.2 12.2 19.7 12.9 38.3
n-Decane + n-Hexadecane 11 54 313 - 353 1 - 1000 33.0 57.7 8.16 19.3 15.3 43.2
n-Pentane + n-Octane + n-Decane 15 530 298 - 373 1 - 250 21.4 48.1 5.20 12.4 7.41 40.6
n-Decane + n-Dodecane
+ n-Tetradecane + n-Hexadecane

Methane + Carbon Dioxide 16 132 323 - 474 34 - 692 7.13 19.1 10.5 22.6 3.80 18.6
Ethane + Carbon Dioxide 17+18 362 210 - 500 17 -614 15.8 81.0 14.4 64.9 12.9 48.2
n.Decane + Carbon Dioxide 19 57 311 - 403 67 -347 24.5 51.0 4.76 12.9 5.37 17.8
n-Pentane + n-Decane + CO2 20 10 354 - 401 25 - 49 15.1 20.5 5.73 10.8 2.52 6.57

n-C4 + n-C6 + n-C10 + CO2 20 10 324 - 395 25 - 49 17.8 29.8 5.61 12.9 7.68 13.8

n-C5+n-C6+n-C7+n-C10+CO2 20 8 360 - 395 25 - 49 15.3 25.7 6.27 11.2 4.36 12.4

Methane + Benzene 4 102 293 - 433 125 - 475 9.76 25.4 8.77 26.3 24.5 58.4
Methane + Cyclohexane 4 57 295 - 443 102 - 407 11.7 33.2 18.7 44.7 18.9 51.2
Methane + Methylcyclohexane 21 101 323 - 423 207 - 1393 7.87 88.6 7.57 21.5 18.1 51.8
Methane + Toluene 22 280 293 - 373 200 - 1400 12.5 31.2 4.39 16.5 15.2 47.6
Ethylene + Ethylbenzene 14 26 298 - 453 500 - 800 28.8 86.9 11.2 19.6 21.9 55.5
n-Hexane + Cyclohexane 23 47 298 - 373 1 - 1000 16.0 43.5 22.3 50.7 31.8 69.2
n-Hexane + Toluene 24 60 298 - 373 1 - 1019 38.7 71.7 3.80 9.51 18.6 61.2
n-Heptane + Methylcyclohexane 25 126 303 - 343 1 - 1000 28.5 70.3 10.9 27.9 30.8 69.4
n-Heptane + 1-Methylnaphthalene 25 126 303 - 343 1 - 1000 53.6 81.4 25.8 42.0 16.2 61.5
n-Octane + Cyclohexane 26 86 298 - 348 1 - 1039 17.4 50.6 22.3 47.8 38.4 69.1
n-Dodecane + Cyclohexane 26 65 298 - 348 1 - 1020 16.6 36.9 24.6 49.1 48.2 70.1
n-Hexadecane + Cyclohexane 26 55 298 - 348 1 - 1017 19.7 42.0 26.1 52.7 49.3 77.9
Me-cyclohexane + 1-Me-naphthalene 25 126 303 - 343 1 - 1000 24.5 50.8 14.1 34.4 46.2 78.8
Toluene + 1-Methylnaphthalene 27 90 298 - 363 1 - 1000 41.0 75.5 17.1 42.0 37.2 70.9
n-Heptane + Methylcyclohexane
+ 1-Methylnapthalene

PRVIS
Ref. NP

CS1 CS2

28 70.7 11.8 35.9378 303 - 343 1 - 1000 26.3 71.638.0

18 313 - 353 1 - 100011 17.2 41.831.8 55.2 7.83 14.0

Table I.10 Continued.

1) Diller (1984), 2) Giddings et al. (1966), 3) Carmichael et al. (1967), 4) Berstad (1989), 5) Knapstad et

al. (1990), 6) Barrufet et al. (1999), 7) Estrada-Baltazar et al. (1998b), 8) Assael et al. (1992), 9) Dymond

et al. (1980), 10) Aleskerov et al. (1979), 11)Ducoulombier et al. (1986), 12) Assael et al. (1991),

13) Estrada-Baltazar et al. (1998a), 14) Krahn and Luft (1994), 15) Iglesias-Silva et al (1999), 16) de Witt

and Thodos (1977), 17) Diller et al.(1988), 18) Diller and Ely (1989), 19) Cullick and Mathis (1984),

20) Barrufet et al. (1996), 21) Tohidi et al. (2001), 22) Canet et al. (2001), 23) Isdale etal. (1979),

24) Dymond et al. (1991), 25) Baylaucq et al. (1997a), 26) Tanaka et al. (1991), 27) Et-Tahir et al.

(1995), 28) Baylaucq et al. (1997b).
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Figure I.15 Deviations in viscosity predictions for propane using different viscosity models compared

with literature data (Vogel et al. 1998) versus pressure at 200 K (+), 300 K (� ), 400 K (×), 500 K (! ), and

600 K (" ).
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Figure I.16 Deviations in viscosity predictions for n-heptane using different viscosity models compared

with literature data (Stephan and Lucas 1979) versus pressure at 300 K (� ), 400 K (×), 500 K (! ), and

600 K (" ).
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Figure I.17 Deviations in viscosity predictions for n-octadecane using different viscosity models

compared with literature data (Ducoulombier et al. 1986) versus pressure at 313.15 K (� ), 333.15K (+),

353.15 K (×), and 373.15 K (! ).
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Figure I.18 Deviations in viscosity predictions for toluene using different viscosity models compared

with literature data (Stephan and Lucas 1979) versus pressure at 300 K (� ), 400 K (×), and 500 K (! ).
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Figure I.19 Comparison of experimental viscosities of 1-methylnaphthalene (Baylaucq et al. 1997a) with

viscosities calculated by different models in the temperature range 303 – 343K and for pressures ranging

from 1 to 1000 bar.
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Figure I.20 Deviations in viscosity predictions for carbon dioxide using different viscosity models

compared with literature data (Fenghour 1998) versus pressure at 300 K (� ), 400 K (×), 600 K (" ), and

1000 K (+).
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Figure I.21 Deviations in viscosity predictions for binary mixtures composed of methane + propane

using different viscosity models compared with all 282 literature data (Giddings et al. 1966) in the

temperature range 311 – 411 K and for pressures ranging from 1 – 552 bar..
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Figure I.22 Deviations in viscosity predictions for binary mixtures composed of methane + n-decane

using different viscosity models compared with all 96 literature data (Knapstad et al. 1990) in the

temperature range 292 – 431 K and for pressures ranging from 98 – 419 bar.
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Figure I.23 Comparison of experimental viscosities (530 data points) for the ternary mixtures composed

of n-pentane + n-octane + n-decane (Iglesias-Silva et al. 1999) with viscosities calculated by different

models in the temperature range 298 – 373 K and for pressures ranging from 1 to 250 bar.
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Figure I.24 Comparison of experimental viscosities (378 data points) for the ternary mixtures composed

of n-heptane + methylcyclohexane + 1-methylnaphthalene (Baylaucq et al. 1997b)with viscosities

calculated by different models in the temperature range 298 – 373K and for pressures ranging from 1 to

1000 bar.
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also gives the best results for mixtures composed of light compounds, see Table I.10 

and Figures I.21 – I.24, because the constants in the LBC model have been derived 

using only light compounds. But also satisfactory overall results are obtained for 

mixtures being simple representations of petroleum fluids, such as the ternary system n-

pentane + n-octane + n-decane or the ternary n-heptane + methylcyclohexane + 1-

methylnaphthalene system, with the LBC model when the accurate SBWR EOS is used. 

However, in spite that the overall results obtained with the LBC model for the ternary 

mixtures composed of n-heptane + methylcyclohexane + 1-methylnaphthalene can be 

considered satisfactory, it can be seen from Figure I.24 that as the viscosity exceeds 

� 1.5 cP, the LBC model starts to underestimate the viscosity and the deviations increase 

with increasing viscosity. Similar tendencies have been observed for other fluids (pure 

and well-defined hydrocarbon mixtures) having viscosities higher than 1 – 1.5 cP. 

 For the LABO model, which has a similar structure as the LBC model, very 

satisfactory results are obtained for pure fluids such as carbon dioxide, nitrogen, and 

primarily paraffinic hydrocarbons up to C11, except neopentane, see e.g. Figures I.15, 

I,16, and I.20. Above C11 the LABO model gives similar results, as those obtained with 

the LBC-SRK model, see Table I.9 and Figure I.17 and I.19. The reason for these large 

deviations obtained with the LABO model for heavy hydrocarbons, in spite that the 

constants in the LABO model have been readjusted using heavier hydrocarbons than in 

the original LBC model, is due to the less accurate density estimations of heavy 

hydrocarbons with the Lee-Kesler model. This density model is based on the 

corresponding states principle and it uses a simple fluid (acentric factor equal to zero) 

and n-octane as reference fluids. If, the SBWR EOS had been used instead, similar 

results for heavy hydrocarbons as those obtained with the LBC-SBWR model would be 

expected. It may even be the fact that the LABO model would give better results, since 

the constants have been adjusted using heavier hydrocarbons. By comparing the AAD 

obtained for mixtures (Table I.10) by the LABO model and the LBC-SBWR model, it 

can be seen that the performance of the LBC-SBWR model is better than for the LABO 

model, see also Figures I.21 – I.24. But as mentioned above, if the same density model 

and mixing rules had been used, similar results would have been obtained with the two 

viscosity models. 
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 The performance of the CS1 model for viscosity estimations of pure fluids is 

only satisfactory for very light hydrocarbon fluids, such as methane and ethylene. As 

the compounds become heavier the deviations obtained with the CS1 model increase. 

The CS1 model over predicts the viscosity of pure compounds, see Figure I.15 to I.20. 

This has also been stressed by Aasberg-Petersen et al. (1991). Generally, as it can be 

seen from Figure I.15 to I.20, the deviations in the viscosity calculations with the CS1 

model increase with increasing pressure. Also around saturation conditions large 

deviations have been found. This may be linked to the fact that the CS1 model 

Eq.(I.2.23) is related to the pressure instead of the density. Because of this, a 

discontinuity in the viscosity can be obtained at the saturation line, as mentioned in 

Section I.2.3.1. But the large deviations can also be a result of the fact that the required 

density in order to determine the reference viscosity in the CS1 model is estimated at 

two different T,P conditions, as pointed out by Aasberg-Petersen et al. (1991) and 

mentioned in Section I.2.3.1. For mixtures, the performance of the LBC-SBWR model 

is significantly better than the performance of the CS1 model, see Table I.10 and 

Figures I.21 to I.24. For some of the binary mixtures containing methane + propane 

(Giddings et al. 1966) experimental values have been reported at T,P conditions 

corresponding to the vicinity of the critical point of the mixtures. At these conditions 

large deviations are obtained between the calculated viscosities with the CS1 model and 

the reported values for the binary system methane + propane, see Figure I.21d. Outside 

the critical region the CS1 model gives similar deviations as those obtained by the other 

evaluated models. Thus generally, the viscosity of the tested well-defined hydrocarbon 

mixtures is over predicted by the CS1 model and the deviations increase with pressure. 

 For the pure fluids, the best results with the CS2 model are obtained for methane 

and n-alkanes ranging from C9 – C12. This is not strange, since the CS2 model uses 

methane and n-decane as reference fluids. Generally, the viscosity of pure compounds is 

over predicted with the CS2 model, see e.g. Figures I.15 to I.20, but as the pressure 

increases the performance of the CS2 model becomes better. In spite of the less 

satisfactory performance of the CS2 model for pure fluids compared with the LBC-

SBWR model, better results are obtained with the CS2 model for the well-defined 

mixtures compared with the LBC-SBWR model, especially for mixtures with high 
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viscosities, see Table I.10 and Figures I.21 – I.24. Also for mixtures composed of 

hydrocarbons and carbon dioxide the obtained deviations with the CS2 model are 

satisfactorily. The good overall performance obtained with the CS2 model for well-

defined mixtures, being very simple representations of petroleum and reservoir fluids, 

shows the potential of extending this model to real reservoir fluids. 

 The PRVIS model is the viscosity model giving the best predictions for heavy 

hydrocarbons, see Figures I.17 and I.19. However, for n-hexane and n-heptane the 

performance of the PRVIS model is not very satisfactory, as shown in Figure I.16. For 

these compounds the deviations increase with increasing pressure. Also for nitrogen at 

high temperatures and high pressures the performance of the PRVIS model is not very 

satisfactory. In case of mixtures, relative large deviations are obtained with the PRVIS 

model for methane containing mixtures at low to moderate pressures compared with the 

other evaluated models, see Figure I.21 and Table I.10. However, for mixtures 

composed of heavier hydrocarbons the performance of the PRVIS model is of the same 

order of magnitude as for the LBC-SBWR model and the CS2 model, but generally 

larger deviations are obtained with the PRVIS model for mixtures composed of alkanes 

and aromatic hydrocarbons or naphthenic hydrocarbons. For hydrocarbon + carbon 

dioxide mixtures, the viscosity predictions with the PRVIS model is very satisfactory 

and better than the results obtained for the other evaluated models. This shows the 

potential application to viscosity predictions of carbon dioxide enhance oil recovery. 

Thus, it should be stressed that for fluids having viscosities above 1 – 1.5 cP, the PRVIS 

model under predicts the viscosity and the deviations increase with increasing viscosity. 

This tendency is similar to that observed for the LBC model.  

 Generally, in case of naphthenic fluids all of the evaluated models have 

problems predicting the viscosity. For the two binary systems methane + toluene (Canet 

2001) and methane + methylcyclohexane (Tohidi et al. 2001) the best performance is 

obtained by the CS2 model and the LBC-SBWR model. The AAD and MxD with the 

CS2 model is 4.39% and 16.5% for the binary system methane + toluene, whereas for 

the binary system methane + methylcyclohexane the AAD and MxD are 7.57% and 

21.5%, respectively. For the binary system methane + toluene an AAD of 6.57% and an 

MxD of 17.1% are obtained with the LBC-SBWR model. The AAD and MxD are 
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8.01% and 26.2%, respectively for the binary system methane + methylcyclohexane 

using the LBC-SBWR model.  

 In addition and in spite none of the evaluated viscosity models have been 

derived for the accurate viscosity prediction of water, the overall AAD obtained with 

the LBC-SRK, LABO, CS1 and CS2 models is around 21 – 22%, whereas an AAD = 

36% is obtained for the LBC-SBWR model. No AAD and MxD are reported in 

Table I.9 for the PRVIS model. The reason is that this model does not predict the 

viscosity of water properly, because very large deviations are obtained compared with 

the other models. In general, it can not be recommended to use any of the evaluated 

models to calculate the viscosity of water, since the models have not been derived for 

associating and polar fluids. Water has only been included in the database in order to 

see the performance of the evaluated viscosity models on a strong polar compound. 

 

I.5.3 The Dilute Gas Viscosity 

In addition, the performance of the dilute gas viscosity model by Chung et al. (1988), 

Eq.(I.2.3), has been evaluated by comparing the calculated dilute gas viscosities with 

values reported in the literature for alkanes ranging from methane through n-hexane, 

cyclohexane, benzene, toluene, p-xylene, ethylene, carbon dioxide, and nitrogen over 

wide ranges of temperature - all these compounds are found in petroleum fluids. The 

required properties in Eq.(I.2.3) have been taken from the DIPPR Data Compilation 

(Daubert and Danner 1989). The obtained AAD and MxD, together with the 

temperature range and the uncertainty in the reported literature values are given in 

Table I.11. Further, the percentage deviation of the predicted dilute gas viscosities for 

each fluid as a function of the reduced temperature between 0.5 and 3.0 is shown in 

Figure I.25 and I.26. Comparing the uncertainty of the reported literature values with 

the AAD given in Table I.11 and the percentage deviation shown in Figures I.25 and 

I.26, a good agreement between the Chung et al. dilute gas viscosity model and the 

reported literature values is found, except for neopentane. Overall, the obtained results 

are satisfactory for a general model developed for calculations of dilute gas viscosities 

of different fluids over wide temperature ranges, where a difference of 1 � P can easily 

correspond to a deviation of 1 – 1.5% due to the low value of the dilute gas viscosity.
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Ref. NP
T-range

[K] AAD% MxD%
Reported

uncertainty

a 31 100 – 400 0.56 2.97 3.0% T < 270 K
0.5% 270K < T < 400 KMethane

b 95 110 – 600 1.00 3.02 2.0%

c 41 100 – 500 1.54 6.21
5.0% 100K < T < 250 K
1.5% 250K < T < 300 K
1.0% 300K < T < 375 KEthane

d 12 293 – 633 0.74 1.39 0.3%

Propane e 14 297 – 625 1.29 1.53 0.3%

i-Butane f 10 298 – 627 1.35 1.89 0.4%

n-Butane g 14 298 – 626 0.76 1.25 0.4%

n-Pentane h 7 323 – 623 0.65 0.93 0.3%

neo-Pentane i 10 298 – 633 8.10 10.0 0.3%

n-Hexane j 9 363 – 623 0.52 0.72 0.3%

n-Heptane h 7 353 – 623 0.19 0.63 0.3%

Ethylene k 51 180 – 680 1.71 3.27 2.0%

Cyclohexane i 11 323 – 623 2.87 4.93 0.3%

Benzene l 9 333 – 623 1.52 2.75 0.3%

Toluene m 11 353 – 633 1.63 3.08 0.3%

p-Xylene m 10 383 – 633 3.13 4.12 0.3%

Carbon Dioxide b 71 200 – 600 1.67 2.41 2.0%

Nitrogen n 87 120 – 600 1.41 2.90 2.0%

Table I.11 Performance of the dilute gas viscosity model, Eq.(I.2.3) (Chung et al. 1988).

a) Friend et al. (1989); b) Trengove and Wakeham (1987); c) Friend et al. (1991); d) Hendl and Vogel

(1992); e) Vogel (1995); f) Küchenmeister and Vogel (1998), g) Küchenmeister and Vogel (2000);

h) Vogel and Holdt (1991); i) Vogel et al. (1988); j) Vogel and Strehlow (1988); k) Holland et al. (1983);

l) Vogel et al. (1986); m) Vogel and Hendl (1992); n) Cole and Wakeham (1985).














































































































































































































































































































































































































































































































































































